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Abstract 

The increasing issues of water scarcity and food insecurity highlight the necessity to utilise 

water and produce food more efficiently. Agriculture, which accounts for 70% of global water 

usage, is related to both these issues. Controlled-environmental greenhouses have been 

investigated as a potential solution, with liquid desiccant air-conditioning showing promising 

results. However, controlled-environmental greenhouses face challenges in hot climates. This 

is because conventional liquid desiccant air-conditioning utilises thermal energy-intensive 

liquid desiccant regenerators, highlighting the need for an alternative regenerator with lower 

energy requirements. Thus, a comparison of six membrane-based desalination technologies 

was conducted, and multi-stage nanofiltration was identified as the most promising for use as 

a liquid desiccant regenerator (Chapters 1 and 2). After conducting a steady-state 

investigation on multi-stage nanofiltration regeneration combined with liquid desiccant air-

conditioning for greenhouse applications, it was found that the proposed system could achieve 

better indoor conditions for crops compared to thermal regenerators and conventional cooling 

technologies (Chapter 3). Consequently, the practical feasibility of nanofiltration regeneration 

was demonstrated through dead-end filtration experiments using a 1-stage regenerator 

(Chapter 4) and cross-flow filtration experiments using a 2-stage regenerator (Chapter 5). 

Additionally, a 2-stage regenerator model was developed and verified with errors below 11% 

compared to the experimental data (Chapter 5). The verified model was then applied to a 

dynamic simulation of a greenhouse using the proposed system (Chapter 6). The proposed 

system enables year-round cultivation and saves 50% of water in desert and semi-arid 

climates where crop production is challenging, and 30% in tropical climates where agriculture 

typically overuses water. By reducing water demand and enabling year-round cultivation, the 

proposed system addresses the issues of water scarcity and food insecurity in hot climates. 
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1.1 Background on liquid desiccant air-conditioning 

World population, estimated at 7.7 billion in 2019, is expected to grow to 8.5 billion by 

2030 and 9.7 billion by 2050 [1]. Consequently, food production will have to address a 

greatly increasing demand. A strategy to meet this demand is to cultivate crops in controlled-

environment greenhouses which boost productivity and extend cultivation period [2, 3]. Crop 

cultivation in large-scale greenhouses have been successfully implemented in Mediterranean 

climates where conventional evaporative cooling is usually adequate. However, hot climates 

of the tropics and subtropics face design challenges due to high external temperatures and 

humidities that occur during summer [4]. These extreme conditions limit the cooling and 

dehumidification effectiveness of evaporative coolers in such climates. Moreover, 

greenhouses cooled with evaporative coolers consume large quantities of freshwater [5, 6], 

between 50 and 80% of their total water consumption [7, 8]. The high water requirement also 

limits the utilisation of evaporative cooling in arid climates where water is typically scarce. 

Liquid desiccant air-conditioning (LDAC) was proposed to mitigate the high-water 

requirement and low-effectiveness of evaporative cooling in hot climates [9]. Advantages of 

LDAC include high effectiveness when processing large air quantities, prospects to store and 

utilise the liquid desiccant (LD) on demand, and indoor humidity and temperature control. 

LDAC depends on constant availability of a low vapour pressure LD, which must be 

continually reconcentrated or cooled at a substantial energy cost. Compared to evaporative 

cooling, LDAC achieves lower indoor temperatures in humid climates [10-13] and deals more 

efficiently with latent loads [14-16]. 

The LDAC cycle is composed of three components (Figure 1-1A): a dehumidifier (a heat 

and mass exchanger, HMX), a LD regenerator, and a heat-exchanger (HX). Thus, three 

processes take place, i.e., dilution (air dehumidification), regeneration, and cooling of the LD 
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(Figure 1-1B). Air dehumidification represents the moisture transfer from the hot and humid 

air to the LD, driven by the liquid/air vapour pressure difference [17, 18]. As the LD absorbs 

vapour, it becomes diluted and must be reconcentrated to its initial state [5]. The LD 

reconcentration takes place in a process called regeneration. The regeneration process is the 

opposite compared to vapour absorption during which water is removed from the LD. The LD 

temperature may increase during the regeneration process, especially when the LD is 

reconcentrated through thermally driven technologies, meaning a cooling process is typically 

necessary to restore the LD temperature. 

 

 
Figure 1-1. A) Schematic of a simplified LDAC system. The regenerator requires energy (such us thermal, 

pressure, etc). B) Graphical representation of the LD properties in a simplified LDAC system. Isothermal lines 

are represented in blue. Numbers in A) correspond to those in B). 

 

LDAC employs a LD that is in direct contact with the air that needs to be cooled [19]. 

LDAC may also employ evaporative cooling which can either be indirect or direct type. On 

the one hand, indirect evaporative coolers remove sensible heat from the air stream without 

increasing the absolute humidity of the air [20]. On the other hand, direct evaporative coolers 

cool the air by spraying water and increase the absolute humidity [20]. Typical efficiency for 

the indirect type ranges between 60–70% [20] while the efficiency of direct cooling depends 

on the wet-bulb temperature, with efficiencies reaching 85% [21]. Direct coolers are preferred 

in hot and dry climates, while indirect coolers in hot and humid climates [20]. Indirect 
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evaporative cooling reaches lower temperatures compared to direct evaporative cooling. 

Ideally, the lowest achievable temperature for both types is reached when the relative 

humidity (RH) becomes 100% (i.e., with an efficiency of 100%). 

To further decrease the temperature, air must be dehumidified before being directed to an 

evaporative cooler. Considering air at 25 °C and RH of 80%, which are average desired 

indoor conditions for greenhouses [22, 23], the lowest achievable temperature using direct, 

indirect, and dehumidification combined with direct evaporative cooling are 22.7, 22.6, and 

19.7 °C, respectively (Figure 1-2 is based on the previously mentioned efficiencies of the 

coolers). These values respectively change to 20.2, 19.6, and 16.8 °C when starting from 25 

°C and RH of 60% (Figure 1-3 is also based on the previously mentioned efficiencies). 

Figures 1-2 and 1-3 show that direct and indirect evaporative coolers achieve similar 

temperatures due to having different efficiencies. The addition of dehumidification always 

reaches lower temperatures compared to only direct or indirect evaporative cooling. 

 

 
Figure 1-2. Psychrometric chart showing examples of three cooling methods, starting from temperature (T) of 

25 °C and relative humidity (RH) of 80%. Points 1, 2, and 3 represent the temperature when air is cooled using 

direct evaporative cooling, indirect evaporative cooling, and dehumidifier coupled with direct evaporative 

cooling, respectively. 
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Figure 1-3. Psychrometric chart showing examples of three cooling methods, starting from temperature (T) of 

25 °C and relative humidity (RH) of 60%. Points 1, 2, and 3 represent the temperature when air is cooled using 

direct evaporative cooling, indirect evaporative cooling, and dehumidifier coupled with direct evaporative 

cooling, respectively. 

 

LDAC systems can operate in three air modes: open ventilation, closed recirculation, and 

semi-closed recirculation (which is a combination of the other two categories). These modes 

work at atmospheric pressure by changing the moisture content of the air. Open ventilation 

cools a conditioned space by cooling and drying an external air stream. The ‘open’ term 

indicates that air is taken from (and rejected to) the external environment [19]. Open 

ventilation requires a constant supply of fresh air which must be provided to the conditioned 

space. 

The requirement of external air in open ventilated greenhouses makes the system 

vulnerable to the external air conditions. Newer configurations employ closed or semi-closed 

recirculation which operate without or with less external air. Thus, ambient vulnerability can 

be overcome by operating with closed/semi-closed recirculation. Closed/semi-closed 

greenhouses achieve further water savings compared to open greenhouses and have the 
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advantage of CO2 enrichment [24]. This is because CO2 control is easier as Closed/semi-

closed greenhouses have zero to low CO2 losses. Moreover, closed and semi-closed 

recirculation require fewer equipment (see Figure 1-4). Figure 1-4 depicts air psychometrics 

for open ventilation, semi-closed, and closed recirculation. Figures 1-5 and 1-6 show a 

greenhouse operating with open ventilation and semi-closed/closed recirculation, respectively, 

based on the psychrometric chart in Figure 1-4. In Figures 1-5 and 1-6, The LD is 

reconcentrated via a generic technology, which separates the LD from the absorbed vapour. 

Conventional thermal regenerators waste the absorbed vapour by vaporising it into the 

environment. 

 

 
Figure 1-4. Psychrometric chart showing examples of the three ventilation methods, considering external 

temperature of 28 °C and relative humidity of 65%. Every line represents a component; therefore, open 

ventilation requires four components while both semi-closed and closed recirculation require only two 

components. The initial point (i.e., 1) of each ventilation type is not top of the black line. 
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Figure 1-5. Schematic of a greenhouse operating with open ventilation and two dehumidification stages. 

 

 
Figure 1-6. Schematic of a greenhouse operating with semi-closed (in blue) and closed (in dark orange) 

recirculation using one dehumidification stage. 
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1.2 Liquid desiccants and their properties 

The LD properties can significantly affect the LDAC cycle. Thus, an overview of typical 

LD used in LDAC applications is provided, together with their key properties. An ideal LD 

should have: high specific heat capacity to avoid high temperature gradient [17], low viscosity 

and density to decrease the electric consumption [17, 25], no crystallisation tendency at high 

concentrations to allow employment of highly concentrated solutions, low to zero toxicity 

[17, 25], low cost [17, 25], and low to zero corrosivity [25]. 

Common LDs can be divided into two groups, organic and inorganic. Organic desiccants 

include glycols such as diethylene (DEG), triethylene (TEG), tetraethylene (TREG), 

dipropylene (DPG), and propylene (PG); while inorganic desiccants include halide salts, such 

as lithium chloride (LiCl), lithium bromide (LiBr), magnesium chloride (MgCl2) and calcium 

chloride (CaCl2) [17]. Glycols volatilise due to their low surface vapour pressure which leads 

to contamination and desiccant losses in the conditioned space, which consequently increases 

the overall system costs and makes glycols unsuitable for LDAC applications [18, 26]. 

Inorganic solutions are preferred because they do not volatilise under typical LDAC operating 

conditions [17]. Among the halide salts, the best are LiBr, LiCl, CaCl2, and MgCl2 due to 

their low vapour pressures [27]. Several studies [22, 28-35] can be found employing LiBr, 

LiCl, CaCl2, or MgCl2 for LDAC applications. Among the halide salts, LiCl is the most stable 

and efficient [36]. LiBr is the second-best, with slightly lower dehumidification efficiency, 

but with a 20% lower cost than LiCl [37]. CaCl2 and MgCl2 achieve lower dehumidification 

efficiencies compared to LiCl and LiBr [25], but are even less expensive [38]. MgCl2 is less 

efficient compared to other desiccants and crystallises at lower concentrations [38] but has 

other advantages, such as availability and low toxicity [25]. CaCl2 is the most inexpensive 

halide salt, making it the most readily available choice [37]. However, CaCl2 properties vary 
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significantly with the inlet air conditions and the LD concentration [37]. Sodium chloride 

(NaCl) and zinc chloride (ZnCl2) have not been investigated as LDs because they have lower 

dehumidification efficiencies than the other halide salts [25]. 

Conventional LDs are corrosive to metals with severe drawbacks regarding the reliability 

and longevity of the LDAC system [39, 40]. For this reason, alternatives have been proposed 

such as potassium formate (HCO2K) [40-42], potassium acetate (CH3CO2K) [10], sodium 

formate (HCO2Na) [10], and sodium acetate (CH3CO2Na) [43]. These alternatives have high 

solubility and low crystallisation temperature, low density, low corrosivity, low toxicity, and 

low volatility [37, 44]. Additionally, alternative LDs are more environmentally safe [37]. 

Among the alternatives, HCO2K is preferred due to additional benefits, such as lower 

manufacturing cost and higher vapour pressure, which reduces the energy requirement of the 

regeneration process [45]. However, high vapour pressure negatively affects the 

dehumidification process where low vapour pressures achieve high dehumidification 

efficiency. A drawback of these alternatives is that they achieve the same dehumidification 

efficiency as conventional LDs at higher concentrations. For example, Zhang et al. [40] found 

that a concentration of 62 wt.% (880 g/L) HCO2K was needed to achieve the same 

dehumidification as 40 wt.% (510 g/L) of CaCl2 and 32 wt.% (380 g/L) of LiCl. 

The dehumidification efficiency of LDs is measured based on their equilibrium relative 

humidity (ERH), which must be low to achieve an efficient dehumidification [17, 25]. The 

ERH is proportional to the vapour pressure difference between the air and the LD, which is 

the driving force for moisture transfer [35]. This means that the ERH is directly proportional 

to the dehumidification effectiveness of the system. The ERH also represents the minimum 

RH to which air can be dried when air and LD are at the same temperature [25]. 
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A lower ERH, reached at a lower desiccant temperature or higher LD concentration, 

achieves a higher dehumidification efficiency [18, 46]. Different studies have investigated the 

ERH of LDs. Davies and Knowles [25] showed that open ventilated greenhouses in hot 

climates, such as Tunis, Jeddah, Abu Dhabi, Mumbai, and Bangkok, require an ERH below 

50% to achieve an efficient dehumidification. 

Since the properties of the LDs depend on several factors, equations have been developed 

to predict their properties. For example, Conde [47] reviewed different studies and developed 

interpolating equations for the properties of LiCl and CaCl2. Lychnos and Davies [22] 

developed equations to calculate the vapour pressure of MgCl2 depending on the LD 

temperature and concentration. Bouzenada et al. [46] developed a mathematical correlation to 

calculate the vapour pressure of CaCl2 based on the LD concentration. Regarding LiCl, CaCl2 

and their mixtures, Yao et al. [48] experimentally investigated the accuracy of the simple 

mixing rule and the non-random two-liquid models. Their findings showed that the simple 

mixing rule is more accurate compared to the non-random two-liquid when the weight 

concentration of the LD is below 10 wt.% (105 g/L), while the non-random two-liquid model 

becomes is preferred for weight concentrations above 30 wt.% (350 g/L). Moreover, the 

authors proposed improvements for the two models to increase their accuracy. Artificial 

neural networks (ANNs) have also been investigated by Gandhidasan [49] who developed an 

ANNs model to determine the vapour pressure of CaCl2, LiCl, and LiBr. 

 

1.3 Previous studies on liquid desiccant air-conditioning for greenhouses 

The above-mentioned equations have been introduced into models to accurately simulate 

the LDAC cycles for residential buildings. However, greenhouses have special requirements 

distinct from those of human residences. While humans require a temperature of 23 °C and 
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RH of 50% [50], crops require variable temperature according to species. For example, 

lettuces have an optimal temperature of 17–23 °C, tomatoes and cucumbers of 27–29 °C, and 

soya beans of 25–30 °C [22]. Compared to humans, crops are less tolerant to a sudden drop of 

temperature, which can decrease their growth. Moreover, crops are negatively affected by 

high temperature differences between day and night [23]. Regarding the RH in greenhouses, 

RH above 94% results in lower transpiration and in turn in lower yield, while RH below 70% 

can lead to a lower number of fruits per crop and lower growth [23]. Another difference 

between human residences and greenhouses is their structure. Greenhouses need to admit high 

amounts of solar radiation as required for photosynthesis. This higher incoming radiation 

leads to higher thermal loads which must be removed by the cooling system. Moreover, 

greenhouses operate with air changes of 20–40 times higher than human residences, leading 

to an increased cooling load to cool a larger volume of air. The high solar load, high cooling 

load, high moisture removal rate, and small allowable ranges of both temperature and RH 

make LDAC in greenhouses more challenging than in residential buildings. 

Consequently, LDAC studies for greenhouse applications are limited. These studies 

include Davies [9] who theoretically evaluated the temperature reduction in a greenhouse 

resulting from the integration of open solar collectors, LDAC, and cooling pads for an open 

ventilated greenhouse. The evaluated system, designed for the Gulf region, achieved an 

additional 5 °C reduction in indoor temperature compared to conventional evaporative 

cooling. This extended the optimal growing season for temperate and tropical crops from 3 to 

6 and 7 to 12 months per year, respectively. Moreover, Lychnos et al. [33] simulated the 

cooling performance of a LDAC system using MgCl2 and predicted a temperature drop of 

3.4–4.2 °C higher than that achieved with evaporative cooling. This system was further 

investigated by Lychnos and Davies [22] who theoretically and experimentally investigated a 
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solar-powered LDAC system using MgCl2 and predicted a temperature drop of 5.5–7.5 °C 

higher than evaporative cooling. 

Closed recirculated greenhouses have also been studied for greenhouse LDAC 

applications. Lefers et al. [5] were the first to propose a closed greenhouse using LDAC. The 

authors conducted experiments using hollow fibre vacuum membrane-distillation membranes 

and MgCl2. 

 

1.4 Limitations of conventional liquid desiccant air-conditioning and alternatives 

Although LDAC has advantages over conventional technologies used for cooling in 

greenhouses, LDAC faces many limitations. These include droplet carryover, corrosiveness, 

poor wettability, large temperature change, and large heat requirement [17]. When poor 

wettability occurs, dry zones are formed which limit the heat and mass transfer and reduce the 

dehumidification performance [51]. These limitations in greenhouses imply that the LDAC 

must be highly efficient and conventional LDAC do not meet this requirement, making it a 

necessity to address these limitations. The main components of a LDAC system are the 

dehumidifier and the LD regenerator; thus, new types of dehumidifiers and regenerators have 

been proposed, as well as alternative ways to power the system. 

Regarding the dehumidifiers, the most common direct contact type is the spray tower 

where the LD is sprayed to increase the heat exchange surface, which in turn increases the 

efficiency of the regeneration process [52]. Other direct contact types are the packed bed and 

the falling film [52]. These direct contact types are thermally driven, making them energy-

intensive. Newer direct contact dehumidifiers exist, such as the ultrasonic atomisation 

desiccant regenerator which utilises ultrasounds [53, 54]. Other types of dehumidifiers have 

been developed, such as the membrane liquid desiccant air dehumidifiers (MLDAD), to 

mitigate droplets carryover [39]. MLDAD utilises membranes which allow only water vapour 
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to pass through, thus avoiding that the LD contaminates or corrodes the MLDAD components 

[39]. 

Regarding the LD regenerators, conventional types consist of packed beds powered by 

thermal energy or open-solar collectors [17]. As a result of being thermally-driven, these 

regenerators have high energy demands [55], and in turn low coefficient of performance 

(COP). Based on an experimental study [56] investigating different external dry-bulb 

temperatures and humidities, the COP varied from 0.2 to 0.9. Another study [57] evaluated 

the efficiency of different solar collectors for various climates and found that hotter and more 

humid locations could produce a maximum COP of only 0.51. These COP values are low 

compared to other systems, such as heat pumps which have an average COP of 2.5 [58]. 

Other packed-bed regenerators have been powered by heat pumps, which allow 

simultaneous heating and cooling, which decrease the amount of equipment needed [59]. Heat 

pumps can be coupled with liquid-to-air membrane energy exchangers which are not affected 

by droplet carryover as other dehumidifiers [59]. Although heat pumps can produce both 

heating and cooling, the matching of the produced heating/cooling to the heating/cooling 

requirements is a challenging task [59]. A novel matching capacity method was proposed 

which achieved a maximum COP of 5 [60]. Although a high COP can be achieved using heat 

pumps, these do not solve the high-water requirement of greenhouses. Moreover, heat pumps 

may contribute to global warming due to the high global warming potential of conventional 

refrigerants. Instead, newer refrigerants such as hydrocarbons may be used which have a very 

low global warming potential [61]. However, compared to systems using conventional 

refrigerants, systems using hydrocarbons need to be designed more carefully with better 

safety controls due to the high flammability of hydrocarbons [61]. 
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Regarding newer types of regenerators, investigations on membrane-based separation 

processes found higher COP values than conventional regenerators [17, 18]. Membrane-based 

separation processes also have the advantage that the absorbed moisture can be re-utilised for 

irrigation (e.g., the “absorbed moisture” in Figure 1-6 is rerouted as to “irrigation and water 

requirements”). A comparison of six desalination technologies – membrane distillation, 

reverse osmosis, nanofiltration, forward osmosis, thermoresponsive solutions and 

electrodialysis – was conducted in Chapter 2. 

  In summary, Chapter 2 found that the high water and energy requirement of greenhouses 

in hot countries suggests that membrane-based technologies, rather than thermal-based, are 

more efficient. Membrane-based technologies are promising because they have a lower 

energy consumption than conventional regeneration methods and simultaneously decrease the 

irrigation requirements of greenhouses. Forward osmosis, reverse osmosis, and electrodialysis 

are the least suitable desalination technologies for LD regeneration. The regeneration of the 

draw solution in forward osmosis is energy intensive when operated with concentrated feed 

solutions [62]. Moreover, forward osmosis requires another desalination technology to 

concentrate the LD. Reverse osmosis has burst pressures of 70–80 bar [63] which limit the 

LD concentration to 70 g/L [55]. As a result, reverse osmosis is not suitable for LDAC 

applications that require LDs with higher concentrations. Electrodialysis achieves a limited 

concentration difference between the inlet and outlet LD. This difference cannot exceed a 

certain limit, otherwise the LD will be diluted instead of concentrated [64]. Another 

disadvantage of electrodialysis is that it involves three separate liquid flows, namely electrode 

solution, concentrated, and diluted solutions. While the LD is concentrated, the diluted 

solution is diluted and needs to be re-concentrated, highlighting the necessity of another 

desalination technology. 
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The most promising technologies for LD regeneration are thermoresponsive solutions, 

membrane distillation, and nanofiltration. Although thermoresponsive solutions have potential 

due to their rapid change of ERH (which can lead to a higher COP), investigations are still in 

a preliminary stage of research and have considered only low concentrations [65]. Membrane 

distillation can operate with concentrated solutions but their drawback is the high expected 

energy consumption due to the involvement of phase transition [55]. Theoretically, membrane 

distillation resisting 100 °C could increase the efficiency of multi-stage membrane distillation 

systems, but commercial membrane distillation membranes only resists 80 °C [66-72]. Lastly, 

theoretical nanofiltration studies [73] show potential for high concentration applications when 

operated in multi-stage systems because the energy consumption decreases as the number of 

stages increases. Since nanofiltration membranes are readily available, multi-stage 

nanofiltration for LD regeneration was identified as the most promising and practical option 

to investigate in this PhD project. 

 

1.5 Aims and structure of thesis 

To help addressing the challenges of increasing water scarcity and food demand in hot 

climates where horticultural greenhouses are used, the concept of a greenhouse LDAC system 

using a multi-stage nanofiltration as the LD regenerator, namely NF-LDAC, was designed 

and assessed (Chapter 3). Then, samples of four commercial nanofiltration membranes were 

investigated to evaluate the practicality of regenerating concentrated LDs in 1-stage dead-end 

filtration experiments (Chapter 4). It was found that LD regeneration through nanofiltration 

membranes is possible, but 1-stage does not achieve high concentration differences. Thus, a 

2-stage regenerator was built consisting of a nanofiltration membrane and a reverse osmosis 

membrane operating in cross-flow filtration (Chapter 5). Because NF-LDAC is a novel 

process introduced in this PhD thesis, there is no existing literature to compare against the 
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obtained results. Since the multi-stage nanofiltration regenerator is a modification of another 

multi-stage nanofiltration system used for zero liquid discharge (ZLD), Chapter 5 also 

investigated multi-stage nanofiltration systems for ZLD. This provides additional validation 

of the PhD thesis, allowing for a critical comparison to be made between the experimental 

data and existing literature. The 2-stage regenerator model was verified with errors below 

11%. The final aim was to integrate the verified model (including energy and pressure losses), 

experimental data, datasheets, and realistic operating conditions into a dynamic simulation of 

a greenhouse using NF-LDAC (Chapter 6). The findings of this PhD thesis provide insights 

into practical aspects that need to be considered when designing NF-LDAC systems. A 

general discussion (Chapter 7) concludes this PhD thesis with a summary of the research, 

limitations encountered, and future research for NF-LDAC, as well as a summary of the main 

conclusions. 

  



   

 

17 

 

Chapter 2: Comparative review to choose a desalination technology 

for use as a regenerator1 

 

Title of published paper: Comparative review of membrane-based desalination technologies 

for energy-efficient regeneration in liquid desiccant air conditioning of greenhouses. 

 

Paper information: Renewable and Sustainable Energy Reviews, 2022. 154: p. 111815. 
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visualisation 

- R. Lefersb: review 

- S. Mahmouda: review 

- P.A. Daviesa: conceptualisation, review and editing 

 

a School of Engineering, University of Birmingham, Edgbaston, Birmingham B15 2TT, UK. 

b King Abdullah University of Science and Technology (KAUST), Water Desalination & 
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1  The published paper contains additional figures that were excluded from Chapter 2 due to copyright 

considerations. Subsections 2.7.1 and 2.7.3 were presented in conferences and are not part of the published 

paper. 
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LDAC in greenhouses is an emerging technology that could maintain optimal growing 

conditions for crops while also being self-sustained by solar energy. However, this is not 

achieved because the regeneration of the LD is a bottleneck in LDAC. This highlights the 

need for alternative regeneration technologies. Studies using membrane-based separation 

processes such as membrane distillation (MD), reverse osmosis (RO), and electrodialysis 

(ED) have already been conducted for LDAC systems [17, 18]. There are also other 

membrane-based separation processes such as nanofiltration (NF), forward osmosis (FO), and 

thermoresponsive (TR) solutions that have not been investigated for LDAC. 

Thus, a comparative review was conducted for these six desalination technologies – MD, 

RO, NF, FO, TR solutions, and ED – which may be employed for LD regeneration. The 

technologies were evaluated and compared based on criteria including achievable LD 

concentration, energy requirements, system efficiency, and availability of the technology. 

This comparative review presents the state-of-the-art of these six technologies and studies 

using them for desalination applications. To date, only MD, RO, and ED have been 

investigated for LDAC application. Therefore, studies using LDAC are presented only for 

these three technologies. 

A comparison of RO, NF, and ED for agriculture has already been done by Burn et al. 

[74]. However, the authors focused on the economic feasibility of the technologies. There has 

been increasing research in membrane-based technologies after the publication of Burn et al. 

work, as well as research in new technologies that were not covered in their comparison. 

Since the economic aspect can be found in [74], the focus of the comparison here is regarding 

the limitation of the membrane-based technologies, with the aim to provide suggestions that 

could improve their usage as LD regenerators in greenhouse LDAC applications. The 

comparison includes 29 peer-reviewed selected studies, each investigating one of the 
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technologies for desalination applications. Among them, 7 are for MD, 4 for RO, 3 for NF, 3 

for FO, 6 for TR solutions, and 6 for ED. A second comparison was also performed for 11 

studies investigating desalination technologies for LD regeneration. Specifically, 5 studies are 

for MD, 1 for RO, and 5 for ED. The LD regeneration studies were selected based on the date 

of publication being in the last decade, with 8 studies being published after 2016. Another 

requirement for selecting these studies was to treat highly concentrated LD solutions, required 

for an effective dehumidification. 

 

2.1 Membrane distillation 

MD combines thermal evaporation and membrane separation [75]. Partial water vapour 

pressure is the driving force of the process, driven by a temperature difference between feed 

side and condensation surface [75]. An aqueous solution is in contact with a microporous 

hydrophobic membrane that allows only vapour to pass through, which creates a vapour-

liquid interface [76]. Vapour is released, due to the heat provided to the feed solution, which 

diffuses through the membrane pores and condensates on the cooler permeate side. 

 

2.1.1 Types 

Direct contact MD (DCMD) is the basic MD configuration, employed in the past to 

concentrate aqueous solutions in food industries [77, 78] and manufacture acids [79]. 

However, DCMD drawback is the heat lost by conduction [80]. Other configurations (Figure 

2-1 Shows four configurations) include an air gap (AGMD), a sweep gas (SGMD), or a 

vacuum gap (VMD) on the permeate side to minimise the conduction losses. In AGMD, a 

portion of the vapour condenses on a condensation surface while the remaining portion is 

condensed by an external condenser [81]. Similarly to AGMD, the permeate of SGMD is 
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condensed by an external condenser, required to be of large dimensions due to the small 

permeate volume that evaporates in a large sweep gas volume [80]. In VMD, vacuum is 

applied using a vacuum pump. An advantage of VMD is that the temperature of the 

evaporating fluid can be lower due to the additional driving force of the vacuum applied on 

the permeate side [82]. Likewise in other MD configurations, vapour in VMD is condensed 

by an external condenser [75]. More membrane modules can be placed in multi-stage 

configurations to increase the system efficiency, with decreasing temperature and pressure 

levels from stage to stage. 

 

 
Figure 2-1. Schematic of four membrane distillation (MD) configurations. 

 

VMD performs better compared to the other MD configurations. A comparison between 

DCMD and VMD was carried out using highly concentrated LiCl solutions as the feed [70]. 

However, only VMD could operate with positive flux at concentrations approaching 

saturation. For greenhouse LDAC, Lefers et al. [34] showed that VMD operating with 

concentrated MgCl2 maintained the greenhouse below 23 °C and the RH within 70–90%. 

The drawback of MD regeneration is that it requires more energy compared to other 

membrane-based desalination technologies [83]. This is because MD is a thermally driven 

process with higher irreversible losses due to the evaporation and condensation of the LD 

[55]. Consequently, MD has a high thermal specific energy consumption (SECth). For 
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example, an AGMD solar desalination system had SECth of 900–2600 kWhth/m
3 when 

treating a feed containing 35 g/L of NaCl [84]. The SECth of AGMD can decrease by 

employing multi-staging. In fact, the SECth of single-stage AGMD decreased from 1800 

kWhth/m
3 to 290 kWhth/m

3 when employing a 3-stage AGMD [85]. To decrease the SECth 

even further, VPD systems must be used which have SECth of 150–400 kWhth/m
3 when 

treating a feed containing 35 g/L of NaCl [86]. VMD may be able to have less heat losses and 

a lower thermal consumption compared to the other MD configurations, but the applied 

vacuum represents an additional electric consumption. Therefore, when both thermal and 

electric consumptions are considered, VMD may have a higher overall energy consumption, 

compared to the other MD configurations. 

 

2.1.2 Membrane distillation for water desalination 

MD for water desalination can be operated as DCMD, AGMD, SGMD, or VMD, but the 

most investigated configurations are DCMD and VMD. Studies regarding DCMD have been 

conducted by Tun et al. [71] who investigated a DCMD crystallisation process using two 

aqueous salt solutions: sodium sulphate (Na2SO4) and NaCl. The purpose of their study was 

to recover water and produce salt crystals. The experiments were carried out with feed 

temperatures of 50 and 60 °C, permeate temperatures of 20 and 30 °C and feed concentrations 

up to 284 and 263 g/L of Na2SO4 and NaCl, respectively. The utilised hydrophobic PVDF 

membranes were produced from Millipore. The flux gradually decreased due to vapour 

pressure suppression and concentration polarisation up to a critical point, with rapid vapour 

flux decline beyond that point. Before saturation, permeate flux between 11.5 and 21 L/(m2 h) 

and 14.5 and 20 L/(m2 h) were reported for Na2SO4 and NaCl, respectively. The cases with 

NaCl feed concentration of 263 g/L and feed/permeate temperatures of 50/30 °C and 60/20 °C 
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achieved recoveries (R) of 18 and 20%, respectively. For the same feed/permeate 

temperatures, Na2SO4 achieved r of 20 and 32%. Vapour flux was predicted by a heat and 

mass transfer model, but the authors did not provide information regarding model 

performance compared to experimental results. 

Another study employing concentrated NaCl for a DCMD application was conducted by 

Yun et al. [72]. Permeate flux was measured depending on different feed concentrations (187–

285 g/L), feed flow velocities, feed and permeate temperatures. The tested membranes were 

fabricated by Perspex. A mathematical model was developed to compare with experimental 

results; the experiments were initially executed using distillate water, with error between 

calculated and measured vapour fluxes lower than 5%. The results showed the permeate flux: 

1) increased exponentially with feed temperature, 2) had small variations with different 

permeate temperatures and feed flow velocities and 3) decreased sharply when NaCl 

concentration reached 302 g/L (saturation concentration). When operating with feed/permeate 

temperatures of 70/20 °C and NaCl feed of 285 g/L, permeate flux over time formed an 

inverse “S” shape. Permeate flux decreased from 7 to 0.5 L/(m2 h) when saturation was 

reached. The model predictions and experimental results were in good agreement with error 

lower than 10%. 

Continuing with DCMD, Chen et al. [68] investigated crystallisation kinetics using NaCl in 

a PVDF hollow-fibre module (not commercially available) to quantify scaling formation. A 

model was developed to compare with experimental results. High permeate flux decline was 

observed associated with a critical crystal deposition point on the membrane surface, which 

occurred when the crystal size reached 26 µm. The experiments were carried out with NaCl 

concentration of 199 g/L, initial feed mass solution of 1200 g, permeate temperature of 19 °C, 

feed and permeate flowrates of 48 and 12 L/h, respectively. When using feed at 67 °C, the 



   

 

23 

 

critical point was observed after 6.6 hours with almost null flux after 8 hours. Crystal median 

size increased from 11.4 μm (at 6.5 hours) to 349.2 μm (at 7.5 hours), corresponding to a flux 

drop from 9.58 to 1.95 L/(m2 h). The authors reported an error below 10% between 

experimental and simulation results. 

Besides DCMD, VMD is also widely used in MD desalination applications. A study 

regarding VMD employing concentrated solutions was performed by Mericq et al. [69] who 

simulated an industrial scale VMD coupled with reverse osmosis process to improve r. The 

plant was simulated with a feed flowrate of 4167 m3/h and r of 40%. A model was developed 

and tested to measure temperature and concentration polarisation for three synthetic 

concentrated solutions containing NaCl with total dissolved solids of 94 (SW95), 149 

(SW150) and 291 g/L (SW300). The study also considered an actual brine with concentration 

of 64 g/L. A PTFE flat-sheet membrane, namely Fluoropore (produced by Millipore, France) 

was used for the experiments. Super-saturation of salts led to their precipitation and thus 

crystallisation was observed, but these phenomena were not taken into consideration by their 

model. Temperature polarisation effect on flux reduction was higher compared to 

concentration polarisation, with temperature polarisation contribution being more than 88% 

for SW95, SW150 and the actual brine. Temperature polarisation had a reduced impact of 

62% for SW300, showing that concentration polarisation becomes more relevant for highly 

concentrated solutions. Permeate flux reduction, due to both polarisations, was higher than 

94% for all cases. Scaling occurred mainly due to calcium precipitation at high salt 

concentrations, with a flux reduction of 24% being reported by the authors. 

Mericq et al. [69] also observed that the feed temperature significantly influenced the 

permeate flux, increasing SW300 from 20 to 70 °C increased permeate vapour flux from 1.33 

to 22.3 L/(m2 h). It must be noted that higher feed temperatures increase permeate flux at the 
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expense of higher energy consumption because more energy is required to increase the feed 

temperature to a higher value. To concentrate the brine to 300 g/L under optimal operating 

conditions, the permeate flux ranged from 7 to 17 L/(m2 h). The coupling of VMD with the 

desalination plant increased the r from 40% to 89%. Based on mass balance equations 

considering a flowrate of 4167 m3/h and feed concentration of 39 g/L, the system produced 

1667 m3/h of permeate (r of 40%) with a permeate concentration of 0.06 g/L. The VMD unit 

produced 2047 m3/h of permeate (r of 82%) with a concentration of 13.3 g/L, which is 

unsuitable for drinking purposes. This study reports higher permeate flux and lower flux 

declines compared to previous studies [68, 71, 72], related to the investigation of lower feed 

concentration. 

Another study regarding VMD was conducted by Andrés-Mañas et al. [66] who 

theoretically investigated a multi-stage VMD unit powered by flat plate collectors to 

desalinate seawater. The model incorporated solar collectors, thermal storage, a control 

system, and the VMD unit considering typical weather conditions of Almería (Spain). The 

thermal storage was integrated to guarantee permeate production during days with unstable or 

absent solar radiation. A control system was modelled using valves which regulated the 

flowrates of the system. The solar collectors and the thermal storage were simulated using 

differential equations. The storage equations considered a thermal stratification of two layers 

inside the buffer. Although it is a simple model easily integrated in the model, a realistic 

configuration should consider more layers depending on the height of the storage. The VMD 

unit model provided outputs via interpolations, based on experimental studies previously done 

by the authors [67] using a MDS-40B membrane (assembled and manufactured by Aquaver 

BV). The R2 deviation of the interpolation equations were low when considering low output 
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temperatures. For the calculated distillate production, a R2 deviation of 2.4 L/h was reported, 

resulting in errors of 5–15% depending on the operating conditions. 

The system performance was measured for three VMD feed set-point temperatures (SPT) 

of 60, 70, and 80 °C. During optimal weather conditions (solar irradiance higher than 1000 

W/m2) at 80 °C SPT, the system produced 7.2 L/(m2 h) of distillate water. The energy 

produced by the solar collectors was higher than the energy requirement by the MD and the 

remaining energy (34% of total energy collected) was stored in the thermal buffer. During 

limited weather conditions (solar irradiance lower than 300 W/m2) at 60 °C SPT, the system 

produced 2.4 L/(m2 h) of distillate water for 4.5 hours using energy from the thermal storage. 

The results showed that higher SPT allowed the system to utilise more efficiently the solar 

collectors. At 60 °C SPT, the temperature of the collector would exceed the maximum value 

of 115 °C, pausing their operation and decreasing the solar input energy to the system. For 

feed seawater flux of 120 L/h, the annual water productions were 41.7, 68.4, and 70.5 m3 for 

the 60, 70, and 80 °C SPT, respectively. An average flux of 5.5±1 L/(m2 h) was reported for 

70 and 80 °C SPT, which corresponds to r of 29.5±5.5%. An average permeate flux of 3±1 

L/(m2 h) was reported for the 60 °C SPT. The 80 °C SPT was difficult to maintain and was 

only possible for 2.6% of the operating time during the year. For this reason, the 70 °C SPT 

was considered the best solution. Higher feed temperatures exponentially increase the 

permeate flux compared to lower temperatures which is not observed in this study since the 

80 °C SPT was not maintained for an extended period. The study included some energy 

considerations which are not enough to determine the system energy consumption. In another 

experimental study done by the authors [67] considering the same VMD unit, a SECth of 

207.7 kWhth/m
3 and SECel varying from 5 to 20 kWhel/m

3
 were reported; operated with feed 

seawater flux of 150.1 L/h and 75 °C SPT. 
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Regarding MD using solutions containing different salts than NaCl, a comparison between 

DCMD and VMD was carried out by Quist-Jensen et al. [70] who investigated the feasibility 

of simultaneous water recovery and crystal formation from highly concentrated LiCl 

solutions. The membrane modules were purchased from Microdyn-Nadir (MD020CP2N) and 

Membrana (Accurel S6/2) which were used for the DCMD and the VMD, respectively. LiCl 

precipitation from single salt solutions requires salinities above 593.5 g/L. Since osmotic 

pressure is proportional to concentration, high concentration values result in osmotic effects 

that can overcome the thermal ones, leading to a negative flux. Between DCMD and VMD, 

only VMD achieved positive flux, approximately 1 L/(m2 h) for LiCl concentrations higher 

than 593 g/L while DCMD could not operate with concentrations above 297 g/L. The authors 

attributed the success of VMD to the minimum temperature polarisation and the reduced 

resistance to vapour transport within the membrane pores. The reported LiCl production cost 

of 2.182 $/kg approaches the production cost of 2$/kg from lake water brines. Although an 

economic analysis was included, no information was presented regarding the energy 

performance of the system. 

In summary, only VMD could operate at high feed concentrations with positive flux for 

NaCl concentrations approaching saturation. A flux drop due to scaling was observed by most 

authors [68-72], meaning scaling must be expected in high salinity applications. Nevertheless, 

scaling in VMD had a limited effect on the flux reduction [70], making it potentially 

compatible for greenhouse applications. Although, salt precipitations still occurred in VLD, 

implying the need for cleaning procedures. DCMD studies at high concentration showed rapid 

flux decline making them unsuitable for greenhouse applications. Most authors [68-72] did 

not provide the energy consumption, which is expected to be high since MD is a thermally 

driven separation process [87]. Even though MD can be powered by solar energy, the high 
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energy consumption would require a high solar collectors’ area to produce high feed 

temperatures, making MD technologies problematic in self-sustainable greenhouse 

applications. Table 2-1 summarises the selected studies in MD for water desalination 

considering important parameters, necessary to compare results from different desalination 

technologies and to evaluate compatibility for greenhouse applications. 

 

Table 2-1. Summary of selected MD studies for desalination applications. 

Study Solute 
Concentration 

[g/L] (wt.%) 

Molar 

fraction 

SEC 

[kWh/m3] 

Recovery 

[%] 

Experimental 

or 

theoretical 

MD 

technology 

[71] 
NaCl 

Na2SO4 

263 (23) 

284.1 (24.15) 

0.085 

0.039 

 18–20 

20–32 
Both DCMD 

[72] NaCl 284.5 (24.68) 0.092 
  

Both DCMD 

[68] NaCl 199.3 (18) 0.063 
  

Both DCMD 

[69] NaCl 64 (6.2) 0.020 
 

82 Theoretical 

VMD 

coupled 

with RO 

[66, 67] NaCl 35 (3.44) 0.011 
208 (Thermal) 

5–20 (Electrical) 
29.5±5.5 Theoretical 

Multi effect 

VMD 

[70] LiCl 593.5 (45.4) 0.261   Both 
DCMD 

VMD 

 

The main parameters affecting MD performance for water desalination are feed 

temperature (Tin), permeate temperature (Tp), and feed concentration (Cin). The effects of 

these parameters on COP, permeate flux (Jv), power requirement (Power), and recovery (r) 

are summarised in Table 2-2. 
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Table 2-2. Main parameters affecting MD performance in desalination applications based on the selected 

studies2 

Operating parameter COP Jv Power r 

↑ Tin ↑ [66] ↑ [66, 69, 72] ↑ [69, 72] ↑ [71] 

↑ Tp  ~ [72]   

↑ Cin  ↓ [68, 69, 71, 72]   

 

2.1.3 Membrane distillation for liquid desiccant regeneration 

Few studies can be found employing MD for LD regeneration in LDAC systems. The 

selected studies utilise a MD technology as the LD regenerator to treat highly concentrated 

desiccants and have been published in the last decade. Regarding DCMD, Duong et al. [88] 

studied theoretically and experimentally a DCMD process to reconcentrate LiCl. At a feed 

temperature of 55 °C, the calculated permeate flux varied from 12 to 2.5 L/(m2 h) when the 

LiCl concentration increased from 20 to 30 wt.% (from 220 to 355 g/L). The feed temperature 

was highly affected by the permeate flux, with measured flux at 65 °C being twice the flux at 

55 °C. Temperature also influenced the outlet feed concentration, with maximum outlet feed 

concentrations of 25 and 29 wt.% (of 290 and 340 g/L) at 55 and 65 °C feed temperatures, 

respectively. The power requirement increased linearly with feed concentration up to a point, 

called the deflection point, where the energy consumption started increasing almost 

exponentially. Deflection points at 55, 60, and 65 °C occurred when the outlet feed 

concentrations increased to 23, 25, and 27 wt.% (260, 290, 315 g/L), respectively. However, 

these authors did not mention the energy consumption of the system. 

AGMD has also been investigated as a LiCl regenerator, Rattner et al. [89] modelled an 

AGMD and showed that higher feed temperatures increased both the COP and the moisture 

 

2 Arrows indicate the effect on the parameters; an arrow facing upwards (↑) or downwards (↓) means the 

parameter increases or decreases, respectively. The “~” indicates the parameter has small variations. 
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removal rate, in agreement with a previous study [88]. Moreover, higher feed flowrates 

increased the moisture removal rate while the COP formed an inverted U-shaped curve. The 

maximum COP of 0.372 was measured for a feed flowrate of 3 L/h which corresponds to a 

moisture removal rate of 3.5 L/(m2 h). At a flowrate of 4.5 L/h, a COP of 0.362 and a 

moisture removal rate 5 L/(m2 h) were achieved, meaning that the COP decreased as 

dehumidification improved. The COP also increased with lower feed concentration, with a 

COP of 0.56 being reported for a feed concentration of 23 wt.% (260 g/L). The base case 

study required 0.348 kW to operate with feed concentration of 38 wt.% (470 g/L), flowrate of 

3 L/h, and temperature of 135 °C. The outputs for the base case were COP of 0.372, moisture 

removal rate of 3.45 L/(m2 h), and outlet permeate concentration of 0.4 wt.% (4 g/L). This 

high feed temperature means the feed must be pressurised to avoid boiling. 

Among the few MD studies for LDAC applications, the majority utilise VMD. Lefers et al. 

[90] tested VMD to reconcentrate MgCl2. Experiments were executed with feed concentration 

varying from 15 to 35 wt.% (from 165 to 440 g/L), vacuum pressure from 0.025 to 0.1 bar, 

and feed flowrate from 0.71 to 1.12 L/h. Similarly to the previous study [88], higher fluxes 

were obtained with higher feed temperatures, which decreased as the feed concentration 

increased. Feed velocity had low influence on flux. Specifically, flowrates of 0.71, 0.92, and 

1.12 L/h resulted in similar permeate fluxes at fixed feed concentration. In contrast, permeate 

flux was greatly influenced by the feed concentration. Feed concentrations of 20.7, 27.3, and 

31.7 corresponded to permeate fluxes of 13, 9.7, and 7 L/(m2 h), respectively. The study also 

found that higher permeate fluxes were achieved by applying more vacuum. At 26.8 wt.% 

(315 g/L) of MgCl2 concentration, vacuum-side pressures of 0.025, 0.05, and 0.1 bar achieved 

permeate fluxes of 9.7, 7, and 1 L/(m2 h), respectively. 
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Zhou et al. [91] also conducted studies regarding VMD in LDAC applications. The authors 

analysed the performance of VMD to reconcentrate LiCl. They found that feed outlet 

temperature and concentration increased linearly with feed temperature, as observed also from 

a previous study [88]. Feed temperatures of 50–100 °C corresponded to outlet temperatures, 

concentrations, and regeneration costs of 38–47 °C, 38.3–44.8 wt.% (475–580 g/L), and 

$40.5–99, respectively. Regarding the feed flowrate, increasing it from 3.6 to 111.6 L/h 

increased the feed outlet temperature from 23.2 to 59.3 °C and decreased the outlet 

concentration from 42 to 37.7 wt.% (535 to 470 g/L). When the LD inlet concentration 

increased from 30 to 40 wt.% (from 355 to 500 g/L), the outlet temperature increased from 33 

to 47 °C and the outlet concentration from 33.3 to 42.3 wt.% (from 400 to 540 g/L). A drop in 

the LD concentration difference between inlet and outlet was expected when increasing the 

feed concentration because higher concentrations result in lower ERH, which is negative for 

the regeneration process. Vacuum pressure also affected the outlet feed concentration; by 

decreasing it from 0.1 to 0.01 bar, the outlet temperature and concentration varied from 61 to 

36 °C and from 37.2 to 40.7 wt.% (460 to 515 g/L), respectively, in agreement with a 

previous study [90] stating that a higher regeneration performance is achieved at higher 

pressurisation. 

Zhou et al. [92] continued their studies by investigating, theoretically and experimentally, 

LiCl regeneration via VMD. Two outlet concentrations of 20 and 30 wt.% (220 and 355 g/L) 

were investigated; with 30 wt.% requiring an additional 7 °C for the LD regeneration than 20 

wt.%. Their findings showed that the feed temperature greatly affects the regeneration 

performance; with higher regeneration performance being achieved at higher regeneration 

temperatures [92]. Although the study was proposed for a LDAC system, it did not provide 

the energy requirements for the regeneration process. 
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In summary, MD can treat highly concentrated LD, but has high energy requirements. A 

way to decrease the energy consumption is through the feed temperature. Feed temperatures 

for all types of MD do not exceed 80 °C [66-72], but a theoretical study done by Davies and 

Zaragoza [93] suggests that feed temperature above 100 °C and more selective collectors 

could lead to a more effective multi-stage MD system for use in greenhouse cooling. Feed 

MD temperatures above 80 °C have not yet been experimentally investigated, highlighting 

potential for experimental studies. Table 2-3 summarises the selected studies showing 

important parameters necessary to compare results from different desalination technologies 

and to evaluate compatibility for greenhouse applications. 

 

 

Table 2-3. Summary of selected MD studies for LDAC applications. 

Study Solute 

Inlet 

concentration 

[wt.%] (g/L) 

Outlet 

concentration 

[wt.%] (g/L) 

Inlet 

molar 

fraction 

Outlet 

molar 

fraction 

COP 

Experimental 

or 

Theoretical 

Technology 

[88] LiCl 20 (220) 29 (340) 0.096 0.148  Both DCMD 

[89]  LiCl 38 (470) 40.5 (510) 0.207 0.224 0.37 Theoretical AGMD 

[90] MgCl2 31.7 (385) 
 

0.081 
 

 Experimental VMD 

[91] LiCl 40 (500) 42.3 (540) 0.221 0.238  Both VMD 

[92] LiCl 
 20 (220) 

30 (355) 
 0.096 

0.154 
 Both VMD 

 

2.2 Reverse osmosis 

RO is a pressure-driven membrane separation process employing membranes that allow 

water to permeate while rejecting dissolved substances. Water contained in the feed flows 

through the membrane due to an applied pressure [63], which must overcome the osmotic 

pressure difference between the brine and the permeate sides to achieve positive fluxes [94]. 

RO desalination removes most naturally occurring salts [74], which must be added back to 

produce potable and irrigation water, highlighting the necessity to include post-treatment for 
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RO applications. Moreover, RO membranes are sensitive and easily affected by particles, 

scaling, biofouling, and other foulants [95]. Therefore, pretreatment of the feed is necessary to 

prevent membrane fouling [74], which increases the lifespan of RO membranes and decreases 

the cost of the system [95]. These pre- and post- treatments hinder the use of RO in 

regeneration of hypersaline solutions. However, the main issue of hypersaline regeneration is 

due to the pressure limitations of RO membranes. 

 

2.2.1 Pressure limitations 

Typical applications of RO are in seawater desalination which require applied pressures of 

50–80 bar for feed concentrations of around 35 g/L [63]. The applied pressure must not 

exceed the membrane burst pressure, typically around 70–80 bar [63]. This imposes an upper 

limit on the feed concentration which makes RO unsuitable for hypersaline desalination [63, 

96]. Therefore, RO is efficient and economical for seawater treatment (typical concentration 

of 35 g/L) but it becomes less energy and cost efficient at concentrations above 45 g/L [97, 

98]. 

Hypersaline solutions with concentrations above 70 g/L are usually desalinated through 

thermal processes [55], because the required applied pressure in hypersaline desalination 

exceeds the maximum operating pressure of conventional RO membranes. RO membranes 

could be employed for hypersaline desalination if able to operate at higher pressures. Few 

studies can be found employing high-pressure RO applications with maximum tested pressure 

of 200 bar [99, 100]. RO membranes with burst pressure above 80 bar can be found in the 

market [101]; for example, DuPont [102] and Pall corporation [103] have produced 

membranes with maximum operating pressure of 120 and 160 bar, respectively (Table 2-4). 
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High applied pressure may lead to either severe compaction (which results in loss of 

permeability due to the formation of an impermeable film) or rupture (which decreases the 

rejection of the membrane) [101]. Although, membranes are more likely to rupture above a 

certain pressure limit [101]. High applied pressures also deteriorate the membranes and 

negatively affect the membrane transport properties [80, 100, 104-106]. 

 

Table 2-4. Maximum operating pressures and temperatures of selected commercial RO membranes. 

Company Model 
Maximum operating 

pressure [bar] 

Maximum 

operating 

temperature [°C] 

Product 

type 

DuPont [102] XUS180808 120 30 Spiral Wound 

Pall corporation [103] DTSE 75 40 Disc Tube 
 

DTSE-MP 90 40 Disc Tube 
 

DTGE 75 40 Disc Tube 
 

DTGE-MP 90 40 Disc Tube 
 

DTSE-HP 120 40 Disc Tube 
 

DTGE-HP 120 40 Disc Tube 
 

DTGE-HHP 160 40 Disc Tube 

Dow [107] TW30-1812 21 45 Spiral Wound 
 

TW30-4014 41 45 Spiral Wound 
 

TW30-4021 41 45 Spiral Wound 
 

SW30HR-380 69 45 Spiral Wound 

Hydranautics [108] SWC4 MAX 83 45 Spiral Wound 

Toray [108] TM820M 83 45 Spiral Wound 

 

The RO rejection depends on the utilised membrane, but usually ranges from 98 to 99.5% 

[109]. The drawback of RO membranes is their low life cycles between 2 and 5 years [110]. 

The advantage of RO is that it requires the lowest energy among the membrane-based 

technologies for seawater and brackish water desalination [63, 96, 111]. Including 

pretreatment, the maximum energy consumption for seawater is 12 kWhel/m
3, and 4 kWhel/m

3 

when employing an energy recovery device [112]. Typically, the SECel of RO is between 2.2 

and 2.8 kWhel/m
3 with a minimum theoretical SECel for seawater of 1.09 kWhel/m

3, calculated 
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with feed containing 35 g/L of NaCl at 25 °C [112]. Pressure driven processes are able to 

approach this minimum achievable energy requirement, while thermally driven processes 

require much higher energy requirements due to the involvement of phase transition [87]. 

This occurs because water has a latent heat of evaporation of around 2.260 kJ/kg [113], 

meaning that 2.260 kJ of heat must be provided to vaporise one kilogram of water. Pressure 

driven membrane-based technologies, such as RO, can separate water from the feed without 

requiring this extensive heat, making RO more energy efficient compared to thermally driven 

desalination technologies. However, higher feed concentrations increase the energy 

requirements of conventional single-stage RO and thus hypersaline treatment is expected to 

be more energy intensive [111]. 

These considerations show that conventional RO applications are limited by the maximum 

operating pressure of the membranes. Different technologies have emerged to address this 

limitation, such as the osmotically assisted reverse osmosis (OARO) and the cascading 

osmotically mediated reverse osmosis (COMRO) processes as developed by Bartholomew et 

al. [94] and Chen et al. [114], respectively. However, these technologies face technological 

limitations. These limitations include requirement of loose spacers in both the feed and 

permeate channels to enhance the permeate flux, which weakens the structure of the 

membrane and may lead to severe deformation [73]. To avoid deformation, denser spacers 

should be employed, resulting in large parasitic pressure losses and high energy consumption 

[73]. Moreover, OARO and COMPRO are affected by concentration polarisation on both 

sides since both sides are in contact with a concentrated solution. As a result, osmotically 

mediated processes are affected by internal and external concentration polarisation (ICP and 

ECP) which hinders their performance [73]. 
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The intensity of ICP is usually measured through the structure parameter of the support 

layer [115]. Although a low structure parameter results in more diffusion which decreases the 

ICP, it also results in less structural support which is required by the membrane [115]. 

Different options have been proposed to decrease the high ICP in forward osmosis 

membranes, such as fabrication of porous polyketone support membranes with low structure 

parameter and high pressure resistance [116], membrane chemical treatments [117], and 

system modifications like closure of the feed valve at regular intervals [115]. These options 

were investigated for forward osmosis membranes and similar approaches could be 

implemented also for RO membranes. 

 

2.2.2 Reverse osmosis for water desalination 

RO is not an efficient desalination technology for concentrations higher than 45 g/L [97, 

98]. This limitation is correlated to the maximum operating pressure of conventional RO 

membranes, around 70–80 bar [63]. A study considering membranes with higher burst 

pressure was done by Davenport et al. [101] who investigated a high-pressure reverse osmosis 

(HPRO) to desalinate hypersaline brines. HPRO is defined as a RO process operating with 

hydraulic pressures higher than 100 bar, which implies the necessity of membranes with 

equally high operational pressure. The authors modelled a hybrid HPRO coupled with 

mechanical vapour compression, operated at 150 bar treating waste seawater with 

concentration of 70 g/L. The feed was concentrated to 250 g/L, achieving a r of 72% and a 

relatively high SECel of 12 kWhel/m
3. 

Different technologies have emerged to address the pressure limitation of RO membranes. 

Park et al. [118] developed a theoretical model for a draw solution assisted reverse osmosis 

(DSARO) process. During operation, seawater was the feed to the 1st RO stage while the draw 
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solution circulated on the permeate side of the 1st RO. The draw solution was then pressurised 

and pumped on the 2nd stage (this time as feed) and fresh water was produced on the permeate 

side of the 2nd stage. 

The overall osmotic pressure difference was reduced by employing a draw solution having 

a concentration higher than pure water and lower than seawater. A compatible draw solution 

is NaCl, which was used in their study. To reach r of 40%, an applied pressure (ΔP) of 35 bar 

on the 1st stage and 30 bar on the 2nd stage were required. The energy efficiency of the 

DSARO process was lower compared to a conventional RO system, but DSARO could 

operate with lower pressures and in turn achieve lower installation and membrane 

replacement costs. The calculated specific cost to produce water with SDARO was 10% lower 

compared to a conventional RO process. 

Another draw solution assisted process was proposed by Bartholomew et al. [94] who 

developed the OARO technology to desalinate highly concentrated brines using readily 

available membranes and equipment. A series of stages were used to gradually reduce the 

feed concentration until a conventional RO stage could be utilised, requiring relatively low 

pressure and low energy to produce clean water. NaCl was used as the draw solution, 

similarly to the previous study [118]. The system was composed of closed draw solution 

circuits between the stages, with decreasing draw solution concentration from circuit to circuit 

(going toward the RO stage). The draw solutions within each circuit were pressurised when 

the draw solution was employed to reject water and depressurised when the draw solution was 

employed to absorb water. For the process to be a RO application, the feed concentration must 

be higher than the draw solution concentration. This study also considered cases with feed 

concentrations lower than the draw solution, meaning the system operated as a pressure-

assisted forward osmosis process. The cases with draw solution concentration up to 125 g/L 
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are OARO processes, while the cases with higher draw solution concentration should be 

called pressure-assisted forward osmosis, which is not mentioned by the authors. 

The case having a draw solution with zero concentration (conventional RO application) 

and feed concentration of 35 g/L had a r of 54%, in agreement with the expected performance 

of conventional RO. However, the r dropped to 4% when the feed concentration increased to 

75 g/L, showing the necessity of a saline draw solution when treating hypersaline feeds. With 

feed and first stage draw solution concentrations of 145 and 200 g/L, respectively, the r was 

higher than 30%. When considering a feed with concentration of 125 g/L, increasing the 1st 

stage draw solution concentration from 100 to 225 g/L increased the r from 17 to 42%, the 

number of modules from 3 to 7, and the energy consumption from 5.7 to 14 kWhel/m
3. A 

higher 1st stage draw solution concentration required more stages to sufficiently dilute the 

feed of the final RO stage. More stages required more energy while maintaining the same 

number of stages would result in higher feed concentration in the last RO stage, making 

permeate production more energy intensive. The estimated r ranged between 35 and 50% and 

the energy consumption between 6 and 19 kWhel/m
3 when employing a draw solution with 

concentration between 100 and 140 g/L. 

Another multi-stage process was proposed by Chen et al. [114] who developed the 

COMRO technology. To desalinate a hypersaline feed of 70 g/L, COMRO could operate with 

a pressure of 68 bar, compared to 137 bar required by a conventional RO process. The feed 

was diluted through a series of bilateral counter-current (BCC) reverse osmosis stages before 

passing through a final conventional RO stage. The diluted feed from the BCC stages was 

pressurised by a high-pressure pump before being directed to the final RO stage. The brine 

from the conventional RO stage remained pressurised in the BCC stages via booster pumps 

(one on every stage). The brine effluent became more concentrated while it absorbed water 
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from the saline feed. The effluent hypersaline brine was depressurised through an energy 

recovery device prior post-treatment to improve the energy performance of the system. 

To treat a hypersaline feed with concentration of 70 g/L and r of 50%, a conventional RO 

stage would require 3.79 kWhel/m
3. Using COMPRO, this energy decreases to 3.79, 3.35, 

3.22, and 3.16 kWhel/m
3 for one, two, three, and four BCC stages, respectively. COMRO at a 

recovery of 70% required 2.11 kWhel/m
3, which is 33% less compared to a conventional RO 

process. COMRO could also be used for higher feed concentrations, 2-stage COMRO at a r of 

20% could operate with a feed concentration up to 150 g/L, but the authors did not provide 

the energy consumption for this case. Membranes with lower salt selectivity could be 

employed in the BCC stages because the water passing through the BCC stages was not the 

final freshwater product, meaning membrane cost could be lower compared to conventional 

RO systems. 

In summary, RO used for brackish water desalination with feed concentrations ranging 

from 0.1 to 10 g/L [110] has an average SECel of 2–6 kWhel/m
3 [119]. For seawater 

desalination, RO has an average SECel of 4–8 kWhel/m
3 [120]. Davenport et al. [101] study 

was expected to be more energy intensive compared to conventional RO due to the high 

applied pressure. The maximum operating temperatures of high-pressure RO membranes 

between 30 [102] and 40 °C [103] means these applications are unsuitable, especially the first 

one, for greenhouse applications in hot climates. The most energy-intensive process is OARO 

having a SECel of 19.3 kWhel/m
3 (with feed concentration of 140 g/L and r of 50% [94]), 

while the least energy-intensive process is COMRO having a SECel of 3.16 kWhel/m
3 (with 

feed concentration of 70 g/L and r of 50% [114]). Among the selected studies, COMRO 

seems the most promising process for greenhouse applications, especially for the possibility 

to work with high concentration and low r. However, COMPRO is expected to be affected by 
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concentration polarisation on both feed and the permeate sides, which would reduce the 

permeate flux and deform the membranes [73]. Therefore, experimental validation of 

COMPRO practicality is required. 

Table 2-5 summarises the selected studies in RO for water desalination considering 

important parameters, necessary to compare results from different desalination technologies 

and to evaluate compatibility for greenhouse applications. 

 

Table 2-5. Summary of selected RO studies for desalination applications. 

Study Solute 
Concentration 

[g/L] (wt.%) 

Molar 

fraction 

SECel 

[kWhel/m3] 

Recovery 

[%] 

Experimental 

or 

Theoretical 

[101] NaCl 70 (6.75) 0.040 12 72 Theoretical 

[118] NaCl 30 (3) 0.009 3.25 40 Theoretical 

[94] NaCl 140 (13) 0.044 6–19 35–80 Theoretical 

[114] NaCl 150 (13.9) 0.047 
 

20 Theoretical 

 

The main parameters affecting RO performance for water desalination are applied pressure 

(ΔP), number of stages (Nstages), feed concentration (Cin), and DS concentration (DSconc). The 

effects of these parameters on the required applied pressure (ΔPr), Power requirement 

(Power), and recovery (r) summarised in Table 2-6. 
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Table 2-6. Main parameters affecting RO performance in desalination applications based on the selected 

studies3 

Operating parameter ΔPr Power r 

↑ ΔP  ↑ [101]  

↑ Nstages ↓ [118] ↓ [114]  

↑ Cin   ↓ [94] 

↑ DSconc  ↑ [94] ↑ [94] 

 

2.2.3 Reverse osmosis for liquid desiccant regeneration 

Only one study can be found employing RO for desiccant regeneration in LDAC systems. 

Al-Sulaiman et al. [121] modelled a 2-stage evaporative cooling system using RO for CaCl2 

regeneration. The external conditions were fixed at 40 °C and relative humidity (RH) of 60% 

with target inlet conditions of 26 °C and RH of 57%. A RO process was utilised to 

reconcentrate the desiccant at 45 wt.% (590 g/L). During the regeneration, the LD 

temperature increased to 40 °C and needed to be cooled to 30 °C before being directed to the 

dehumidification stage. The RO process operated with a r of 3%, corresponding to 56.3 L/h of 

water production. Two evaporative coolers were required which consumed 26.8 L/h of water. 

This water requirement was provided by the permeate of the RO regenerator. The authors also 

reported a COP of 1.2 for the base case study. They also reported an osmotic pressure 

difference across the membrane of 244 bar, meaning the system cannot exist in practice since 

commercially available membranes can only withstand pressures of 160 bar [103]. The 244 

bar may be a miscalculation since the osmotic pressure difference should be higher than 1500 

bar based on Gibbs energy. 

In summary, RO cannot operate in LDAC applications because the high LD concentration, 

required for the dehumidification process, increases the osmotic pressure difference to values 

 

3 Arrows indicate the effect on the parameters; an arrow facing upwards (↑) or downwards (↓) means the 

parameter increases or decreases, respectively. 
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higher than the maximum burst pressure of commercial RO membranes. Table 2-7 

summarises the study of Al-Sulaiman et al. [121] by presenting key parameters for the 

comparison of the technologies. 

 

Table 2-7. Summary of the key parameters from the selected RO study [139] for a LDAC application. 

Study Solute 

Inlet 

concentration 

[wt.%] (g/L) 

Outlet 

concentration 

[wt.%] (g/L) 

Inlet 

molar 

fraction 

Outlet 

molar 

fraction 

COP 

Experimental 

or 

Theoretical 

[121] CaCl2 44 (575) 45 (590) 0.113 0.117 1.2 Theoretical 

 

Another promising approach for hypersaline LD regeneration based on RO is the 

utilisation of low-salt-rejection reverse osmosis membranes; such membranes include end-of-

life RO membranes and nanofiltration membranes. 

 

2.3 Nanofiltration 

NF is a pressure-driven membrane separation process with higher rejection compared to 

ultrafiltration, but lower compared to RO [122]. NF membranes remove turbidity, micro-

organisms, hardness, and a fraction of dissolved salts [123]. NF membranes are distinguished 

for their low rejection of monovalent ions (around 10–50%) and high rejection of divalent 

ions (above 50%) [124-129]. The low rejection allows NF to operate at lower operating 

pressures and achieve higher COP, compared to RO. Other advantages are relatively low 

investment, operation and maintenance costs [123]. 

Interfacial polymerisation, nanoparticles incorporation, and UV treatment have improved 

NF by increasing rejection and decreasing fouling [130]. NF has mainly received attention to 

treat feeds with low concentrations, such as brackish water [131]. Aside from seawater and 
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wastewater desalination treatment, NF has been employed for applications related to 

biotechnology, food and pharmaceutical industries [130]. 

 

2.3.1 Nanofiltration for water desalination 

Theoretical studies have been proposed employing NF membranes in multi-stage systems. 

Altaee and Sharif [132] compared a dual-stage NF seawater desalination plant with a NF-

brackish water RO process. The electric specific power consumption (SECel) to treat a feed 

with a concentration of 43 g/L was 4.58, 4.2, and 3.86 kWhel/m
3 for conventional RO, NF-

NF, and NF-brackish water RO, respectively. NF-NF at feed of43 g/L achieved a permeate 

concentration of 0.359 g/L and r of 22%. When operating with feed of 35 g/L, NF-NF 

operated with pressures of 28–35 bar on the 1st stage and 14–21 bar on the 2nd stage, 

achieving a r of 30%, permeate concentration of 0.254 g/L, and SECel of 3.35 kWhel/m
3. The 

results showed that the employment of highly concentrated feeds reduced the r due to the 

increased osmotic pressure. To increase r, the operating pressure should increase up to the 

maximum operating limit. 

Moreover, Wang et al. [73] modelled an N-stage made of low-salt-rejection RO stages, i.e., 

“loose” RO or NF stages. The maximum output concentration depended on the maximum 

operating pressure of the stages. With only one RO stage, seawater was concentrated from 35 

to 82 g/L, considering a maximum operating pressure of 70 bar. It was possible to further 

increase the feed concentration by connecting more stages. The connections were done by 

recirculating and mixing the produced permeate of a stage with the input of the previous 

stage. Therefore, seawater was concentrated from 35 to 233 g/L by employing a first RO 

membrane, with 100% rejection, followed by three NF stages having rejection of 46, 29, and 

16%. To concentrate the feed to a certain concentration, the SECel decreased by employing 
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more stages. Specifically, to concentrate seawater from 60 to 233 g/L, the SECel decreases 

from 15.7 to 8 kWhel/m
3 by employing a 3-stage and a 4-stage system, respectively. This 

configuration allows the system to concentrate low concentrations feeds up to highly 

concentrated brines, but it is impractical for highly concentrated feed, required for LDAC 

applications. To overcome this limitation, the system must be modified to re-circulate the 

concentrated brines instead of the permeates and by inverting the stages so that RO is the last 

stage. 

Regarding NF investigation of single membranes, Hilal et al. [133] investigated three 

commercial nanofiltration membranes, namely NF90, NF270, N30F, to treat feed with NaCl 

concentration up to 25 g/L. The Spiegler-Kedem model was used to validate the experimental 

results, which were in good agreement for the NF90 and the NF270 membranes for all NaCl 

concentrations. However, it did not fit well with the results of the N30F membrane, especially 

for flux below 10 L/(m2 h). The authors correlated this high error with the low rejection of the 

N30F membrane and suggested using the Donnan steric-pore model for low rejections 

membranes. The experiments were carried out with applied pressures of 2–9 bar and NaCl 

concentration of 5–25 g/L. When operating with NaCl concentration of 5 g/L and 9 bar, the 

NF90 membrane achieved a rejection of 95%, which dropped to 41% when operating at NaCl 

concentration of 25 g/L and 9 bar. For NaCl concentration of 5–25 g/L, the rejections of the 

NF270 and the N30F membranes were 11–29% and 3–6%, respectively. Although the NF270 

membrane operated at lower rejection compared to NF90, NF270 achieved permeate flux 

between 20 and 100 L/(m2 h), higher than those of NF90 between 5 and 40 L/(m2 h). The 

authors did not mention the economic or energetic performance of the system. 

Regarding NF used in desalination plants, Eriksson et al. [134] reported results from a RO 

plant at Umm Lajj, Saudi Arabia coupled with NF membranes. The NF pretreatment reduced 



   

 

44 

 

total hardness from 7.5 to 0.22 g/L and feed concentration entering the RO plant from 45.5 to 

28.2 g/L. The stand-alone RO plant operated at 65 bar with a recovery of 30%. With the NF 

integration, an overall r of 36.4% was achieved. Specifically, the NF unit operated with a r of 

65% and operating pressure of 25 bar while the RO plant with a r of 56% and operating 

pressure of 54 bar. The study provided some basic economic calculations but did not mention 

the energy requirement of the system. 

In summary, the pressure limitation of RO can be mitigated by combining RO with 

multiple NF stages. RO typically has rejection near 100% while NF in the range of 10–50% 

[124-126, 128, 129]. Thus, the total osmotic pressure difference can be “divided” among the 

NF stages, resulting in lower required pressure in each NF stage. More stages result in lower 

required applied pressures and lower energy requirements. Table 2-8 summarises the selected 

studies in NF for water desalination considering important parameters, necessary to compare 

results from different desalination technologies and to evaluate compatibility for greenhouse 

applications. 

 

Table 2-8. Summary of selected NF studies for desalination applications. 

Study Solute 
Concentration 

[g/L] (wt.%) 

Molar 

fraction 

SECel 

[kWhel/m3] 

Recovery 

[%] 

Experimental 

or 

Theoretical 

[133] NaCl 25 (2.5) 0.0077   Both 

[134] NaCl 45.5 (4.45) 0.0141 
 

36.4 Experimental 

[132] NaCl 43 (4.25) 0.0133 4.2 22 Theoretical 

[73] NaCl 60 (1) 0.0181 7.98 47 Theoretical 

 

The main parameters affecting NF performance for water desalination are the number of 

stages (Nstages) and the feed concentration (Cin). The effects of these parameters on the 

rejection (R), power requirement (Power), and recovery (r) are summarised in Table 2-9. 
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Table 2-9. Main parameters affecting NF performance in desalination applications based on the selected 

studies4 

Operating parameter R Power r 

↑ Nstages  ↓ [73]  

↑ Cin ↓ [133] ↑ [132] 
↓ 

[132] 

 

2.4 Forward osmosis 

FO studies have recently increased in number, because of the potential to operate at higher 

feed concentration than conventional RO with low energy requirements [135-137]. Instead of 

using electric energy, FO exploits the natural osmotic process to draw water through a 

semipermeable membrane from a concentrated feed to a more concentrated solution, which is 

referred to as the draw solution (DS) [138]. During water permeation, the DS gets diluted as it 

absorbs water, meaning another separation process is required to reconcentrate the DS (see 

Figure 2-2) [139]. This additional process negatively affects the overall cost and increases the 

system energy demand. Consequently, the “low energy requirement” may only be suitable for 

those applications where further pretreatment or post-treatment is not required for the DS 

[140]. Common DS for FO are MgCl2, MgSO4, NaCl, KCl, KHCO3, Ca(NO3)2, and 

NH4HCO3 [141, 142]. Since the concentration difference between feed and DS is the driving 

force of FO [143], high DS concentration is required to obtain high permeate fluxes when the 

feed concentration is also high. However, high DS concentration leads to a high energy 

consumption for the DS regeneration [62] making current FO technology unsuitable for self-

sustained greenhouse applications. 

 

4 Arrows indicate the effect on the parameters; an arrow facing upwards (↑) or downwards (↓) means the 

parameter increases or decreases, respectively. 
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Figure 2-2. Schematic representation of a forward osmosis (FO) system for liquid desiccant (LD) 

regeneration. ”Feed” stands for feed and “DS” for draw solution. 

 

FO has been employed for industrial waste treatment [144], food industry [145], bioreactor 

membrane [146], concentration of digested biomasses [147], dilution of fertilisers [148, 149], 

food and beverage concentration [144], and pharmaceutical products [144]. FO has also been 

employed for energy production by exploiting the osmotic pressure difference between 

seawater and freshwater [150]. Theoretically, FO could also be used to reconcentrate LD 

solutions [18] but experimental studies are required to validate the theory. 

FO technology suffers from technological limitations, such as lack of suitable membranes 

[151]. Commercial RO membranes were proven not to be suitable for FO processes due to 

internal concentration polarisation (ICP) decreasing the efficiency [138, 152, 153]. FO is 

severely affected by ICP which lowers the permeate flux compared to the expected values 

[135, 154-157]. High DS flowrate is required to minimise ICP, but high DS flowrate increases 
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pressure drop [158]. ICP may be mitigated by a more open membrane substrate structure, but 

this also tends to reduce the allowable transmembrane pressure to avoid crushing the 

membrane. In addition to ICP, other parameters affecting the efficiency of the system are 

external concentration polarisation (ECP), scaling, hardness, and solid materials existing in 

the feed [154]. Moreover, reverse salt flux decreases the osmotic pressure difference across 

the membrane [159], and in turn the r. The r is also limited by the DS concentration and large 

amounts of DS are required to achieve high r [160]. Other limitations are related to the mass 

transfer which is more negatively affected in FO membranes compared to other types of 

membranes [161]. Additionally, reverse solute flux (going from the permeate to the feed side) 

is an Important limitation in FO [162-164]. 

Pressure-assisted forward osmosis (PAFO) is an advanced FO technology aiming to 

overcome the limitations of conventional FO. By applying pressure to the feed, PAFO aims to 

increase water permeation through the membrane using a less concentrated DS [144]. The 

permeate flux increases because it is driven by the combination of osmotic and hydraulic 

forces [154]. PAFO can either decrease the required membrane surface area or reduce the 

membrane cost, compared to conventional FO [165, 166]. However, the applied pressure 

increases fouling and energy consumption [167]. PAFO membranes must be more robust, 

compared to FO, to resist compaction due to the applied pressure. However, increasing the 

membrane support layer thickness also increases the ICP which in turn decreases the permeate 

flux, thereby contrasting the aim of PAFO to increase the permeate flux. 

Fouling has been found to be less severe in FO compared to PAFO, due to the absence of 

external pressure, resulting in a less resistant fouling layer formed under the only effect of 

osmotic pressure [168]. This layer can be partially removed through simple physical cleaning 

[168-171]. In PAFO, a more resistant fouling layer is formed due to the applied pressure 
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[168]. The membranes deteriorate under higher applied pressure which shortens their 

replacement cycle, decreases water production, and increases the overall cost [172]. 

 

2.4.1 Forward osmosis for water desalination 

Few studies can be found in the literature investigating high salinity FO or PAFO 

applications. The selected studies have feed concentrations above 2 g/L. Lee et al. [167] 

investigated an intermittent pressure-assisted forward osmosis (I-PAFO) operation for organic 

fouling mitigation. I-PAFO was compared to both FO and PAFO in terms of permeate flux, r, 

fouling propensity, energy consumption, and required membrane area. The feed contained 2 

g/L of NaCl, the foulant contained 0.25 g/L of sodium alginate, and the DS contained 35 g/L 

of NaCl. Consecutive batch tests were carried out with physical cleaning in between them. 

The utilised membrane, namely CSM FO-8040, was fabricated by Toray Chemical Korea Inc. 

The results showed that FO and PAFO had similar permeate fluxes at the end of every batch 

test, around 15 L/(m2 h), while I-PAFO around 20.8 L/(m2 h). After scaling was formed, 

permeate fluxes declined to 50% and 30% of their nominal values for FO and both PAFO 

technologies, respectively. These results agree with a previous study [168] stating that FO is 

less affected by fouling than PAFO. During PAFO operation, the r returned to approximately 

60% of the initial value after the first physical cleanings and to 50% after consecutive 

physical cleanings. During I-PAFO operation, the r returned to approximately 75% for all 

batch tests. I-PAFO displayed benefits in terms of reducing membrane area requirements 

compared to PAFO. The energy consumption of FO was zero, I-PAFO around 0.03 kWhel for 

all batch tests while PAFO consumed 0.05, 0.06, and 0.07 kWhel at the 1st, 2nd, and 3rd batch 

test, respectively. The energy consumption was provided by the authors in [kWhel] without 
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being correlated to the permeate volume, making it impossible to compare their SECel with 

those of other studies. 

More investigations on PAFO was performed by Yun et al. [173] who investigated a 

PAFO process working with synthetic seawater feed with concentration of 35 g/L, MgCl2 as 

DS, and sodium alginate and humic acid as foulants. FO-RO and PAFO performances were 

analysed using a theoretical model incorporating internal and external concentration 

polarisation. The membranes were created in a laboratory (not commercially available). A 

pure water permeability of 0.61 L/(m2 h bar) was reported with a ΔP of 13 bar. PAFO 

achieved permeate fluxes of 4–8 L/(m2 h) for ΔP of 0–9 bar, which was higher compared to 

FO-RO. These results indicate that the combined effect of the hydraulic and osmotic pressures 

in PAFO can substantially increase the flux. The authors also stated that the hydraulic 

pressure does not affect fouling in short term FO operations, adding that further investigations 

for long-term operations are required to evaluate the fouling effect of hydraulic pressure on 

FO membrane. 

FO has also been investigated for natural gas extraction operations by McGinnis et al. [62] 

who experimentally investigated FO combined with a membrane brine concentrator to 

produce water from extraction of natural gas. The system operated with average feed 

concentration of 73±4.2 g/L, average NH3/CO2 (used as the DS) concentration of 97.9±4.3 

g/L, and average CaCO3 (used as hardness) concentration of 17±3 g/L. The system produced 

an average brine concentration of 180±19 g/L and average permeate concentration of 

0.3±0.115 g/L. The brine from the system was directed to a brine stripper, which removed the 

DS that was introduced in the feed due to reverse salt flux. During a 100-hour period, no DS 

was added to the system, showing absence of DS leakage. The permeate from the system was 

directed to a conventional RO unit to produce water with a concentration lower than 0.5 g/L. 
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The system operated with an average permeate flux of 2.6±0.12 L/(m2 h) and r of 

64±2.2%. The SECth was 275±12 kWhth/m
3 (including the distillation columns and the brine 

stripper) while the pilot system required an additional electric energy of 8.5 kWhel/m
3 to 

power up the primary and supporting processes. For a similarly configured conventional 

evaporative brine concentrator, the authors state that a SECth of 633 kWhth/m
3 would be 

required, meaning 2.3 times higher than the energy consumption of FO combined with a 

membrane brine concentrator. 

In summary, FO is suitable as a pretreatment method for other desalination technologies 

[140], but not suitable for greenhouse applications which require highly concentrated 

solutions. With higher feed concentration at a fixed DS concentration, a higher applied 

pressure is required during the PAFO process, which increases concentration polarisation and 

fouling [173]. McGinnis study [62], which treated highly concentrated feed, had extremely 

high energy requirements. FO technologies could be viable only if a high thermal waste 

energy source is freely provided from a plant whose wastewater requires treatment [62], but 

this is not the case for greenhouse applications. Table 2-10 summarises the selected studies in 

FO for water desalination considering important parameters, necessary to compare results 

from different desalination technologies and to evaluate compatibility for greenhouse 

applications. 

 

Table 2-10. Summary of selected FO studies for desalination applications. 

Study Solute 
Concentration 

[g/L] (wt.%) 

Molar 

fraction 

SEC 

[kWh/m3] 

Energy 

input 

Experimental 

or 

Theoretical 

[167] NaCl 2.29 (0.5) 0.001 
 

Electrical Experimental 

[173] NaCl 35 (3.44) 0.011 
 

Electrical Both 

[62] 
Natural gas 

extraction waste 
73±4.2 

 275±12 Thermal 
Experimental 

8.5 Electrical 



   

 

51 

 

2.5 Thermoresponsive draw solutions 

The main limitation of FO/PAFO desalination is the high energy required to reconcentrate 

the DS [174]. Conventional inorganic (like NaCl, MgCl2, CaCl2, NaHCO3, KBr, K2SO4, and 

NH4HCO3) [65, 141] and organic salts (like hydroacid complexes and zwitterions) [65, 175, 

176] achieve high permeate fluxes but are energy intensive to reconcentrate [65]. Moreover, 

they exhibit high inverse salt fluxes, which negatively affects the permeate quality and 

increases the membrane replenishment cost [141, 160]. 

To overcome the limitations of FO/PAFO, TR solutions employed as DS have emerged as 

a new technology due to their unique response to temperature. TR solutions are characterised 

by their lower and upper critical solution temperature (LCST and UCST) [177]. LCST is 

defined as the temperature where the solution transmittance is below 5% [178]. Water 

rejection is observed for a TR solution when the temperature is higher/lower than the 

UCST/LCST (meaning that the TR solution has low ERH). Outside the absorption range, the 

TR solution absorbs water (meaning that the TR solution has high ERH). The following 

paragraphs discuss only LCST because few studies can be found regarding UCST. 

During heating, chemical chains become insoluble in water due to 

hydrophilic/hydrophobic transition [179]. Therefore, water is recovered by heating the diluted 

TR solution above its LCST [180]. The LCST can be controlled by modifying the chemical 

structure of the solution and thus, the energy consumption to reconcentrate the DS can 

decrease by choosing low LCST [181]. TR solutions have attracted attention due to DS 

regeneration by renewable sources, such as solar thermal energy [182]. 

Several studies [153, 180, 183-188] agree that the ideal DS should meet six requirements: 

1) high osmotic pressure below LCST to achieve high permeate flux, 2) low energy 

requirement to reconcentrate the DS, 3) low membrane diffusivity to minimise reverse salt 
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flux and in turn decrease the replenishment costs, 4) ability to maintain its properties over 

time, 5) low viscosity to decrease ICP, and 6) to be environmentally safe and non-toxic. High 

osmotic pressures can be achieved by using TR solutions with high solubility and low relative 

molecular mass [188]. Higher viscosity increases the pressure loss in the membrane module, 

therefore, TR applications require low viscosity [186]. Researchers have developed different 

TR solutions based on the above criteria, namely ionic liquids (ILs) [189, 190], hydrogels 

[191], magnetic nanoparticles [192-194], TR materials [190, 194-196], linear polyelectrolytes 

[197-200], and branched polymers [201, 202]. 

Organic Ils characteristics include high ionic conductivity [65, 203, 204], low vapour 

pressure [65, 190], and high thermal stability [65, 190, 203]. These highlight the potential for 

Ils to be employed as DS. Ils generate high osmotic pressures with low reverse salt fluxes due 

to their moderate molecular sizes [203, 204]. Ils have the drawback that they are hard to 

reconcentrate [205]. For this reason, Ils such as [P4444]DMBS, [P4444]TMBS, and [P4448]Br 

have been developed to overcome the regeneration limitation [205], but findings are in 

preliminary stages despite their potential [65]. 

Stimuli-responsive hydrogels have also been proposed for low energy desalination 

applications [206-208]. Hydrogels are polymers able to swell and shrink reversibly when 

stimulated; the stimuli can be temperature, pH, magnetic force, ions concentration, or light 

[142]. As temperature increases above the LCST, hydrogels shrink significantly [209] and 

release up to 70% of the absorbed water [142]. Although stimuli-responsive hydrogels have 

low reverse salt fluxes, the r is lower compared to other types of TR solutions, which could be 

caused due to inefficient membrane contact [210, 211]. Furthermore, hydrogels form a dense 

skin during heating which further decreases the r [212]. Composite hydrogels incorporated 

with inorganic nanoparticles have been developed to improve the hydrogel performance [142, 
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213, 214]. These composite hydrogels achieved high permeate fluxes and high r, but water is 

mostly recovered as vapour [142], meaning an additional condensation unit is required to 

reconcentrate the hydrogels, thereby increasing the overall cost of the system. 

Further developments on hydrogels shifted interest towards microgels. TR microgels have 

shown improved permeate flux, r, and permeate flux compared to hydrogels [174]. TR 

microgels achieve improved membrane contact and increased performance due to their small 

sizes and large surface area [185]. TR copolymer microgels of N-iso-propylacrylamide and 

acrylic acid have been developed to overcome limitations of TR hydrogels, with acrylic acid 

improving both permeate flux and regeneration performance [142, 185]. Although microgels 

showed improvements regarding permeate flux, their weak swelling kinetic negatively affects 

the overall performance of the process [174]. Therefore, further studies are required to 

improve the TR microgels swelling kinetic and to achieve high permeate fluxes [174]. 

Microgels can also be stimulated using gases [215]. Gas-responsive microgels have been 

investigated as DS for FO applications due to their advantage to absorb and reject water at 

room temperature [215]. This decreases the energy requirements, compared to TR solutions, 

and leads to a more energy efficient regeneration. 

Moreover, TR magnetic nanoparticles (MNPs) have been studied to produce water from 

brackish water or seawater [194]. MNPs can be efficiently reconcentrated via heat-facilitated 

magnetic separation at relatively low energy expenses [216-222] with high r [194]. Small 

MNPs with high specific surface area can absorb water more efficiently, but smaller MNPs 

(dimension <15 nm) are hard to capture using a magnetic separator [218]. To efficiently 

capture small MNPs, the small MNPs must aggregate to form “bigger” MNPs [194]. 

Reversible aggregation can be achieved by temperature-sensitive polymer functionalization 

[219, 223]. 
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TR polyelectrolyte DS have also been investigated as they absorb high quantities of water 

from seawater at high temperatures [219, 223, 224]. These polyelectrolytes have high relative 

molecular masses and achieve low reverse salt fluxes when reconcentrated by ultrafiltration or 

MD [225]. 

Other TR solutions include polyalkylene glycols [186]. Different polyalkylene glycols 

have been investigated as TR, such as polypropylene glycol (PPG400), di(ethylene glycol) n-

hexyl ether, di(propylene glycol) n-propyl ether, propylene glycol n-butyl ether, and ethylene 

oxide-propylene oxide copolymer [196, 226, 227]. 

Based on their properties, TR solutions have potential for LD regeneration due to their 

ability to rapidly change their ERH and the possibility to reach an ERH close to zero [39]. By 

changing their ERH, TR solutions work with high COP during both dehumidification and 

regeneration processes. Gas-responsive microgels also have potential due to the possibility to 

reconcentrate the LD at room temperature [215], removing the energy cost required to 

heat/cool the TR solution. However, thermo- and gas- responsive investigations are in a 

preliminary stage and more research is required in LDAC applications. 

 

2.5.1 Thermoresponsive solutions for water desalination 

The majority of TR studies are still in a preliminary stage with most researchers utilising 

distilled water as the feed [65]. Some studies with higher concentration can be found, with 

concentrations up to 45 g/L. Zhao et al. [194] experimentally investigated a multifunctional 

Fe3O4 MNPs grafted with copolymer poly(sodium styrene-4-sulfonate)-co-poly(N-

isopropylacrylamide) (PSSS-PNIPAM) used as the DS. This copolymer combines a 

poly(sodium styrene-4-sulfonate) (PSSS) polyelectrolyte that provides high osmotic pressure 

with a TR co-poly(N-isopropylacrylamide)(PNIPAM) that facilitates DS regeneration via 
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particle aggregation at temperatures above its LCST. Two MNPs sizes of 4.9 and 9.4 nm were 

investigated, namely MNP5 and MNP9, respectively. The MNPs were subsequently 

functionalized with PSSS-PNIPAM copolymers to create the MNP5-15SN and MNP9-15SN 

TR solutions. The chemicals and solvents were purchased from Sigma-Aldrich Japan Co. 

(Tokyo, Japan). The MNP5-15SN solution achieved a higher osmotic pressure compared to 

the MNP9-15SN. When using a feed with a concentration of 35 g/L, permeate fluxes of 1.7 

and 3.7 L/(m2 h) were measured using the MNP9-15SN and MNP5-15SN, respectively. The 

study did not mention their energy consumption. 

Zhao et al. [178] continued their TR studies on poly(sodium styrene-4-sulfonate-co-n-

isopropylacrylamide) (PSSS-PNIPAM) employed as DS combined with a lab-scale setup of a 

multi-bore PVDF hollow fibre MD to reconcentrate the DS. Four PSSS-PNIPAM copolymers 

were prepared with SSS contents of 5, 10, 15, and 20 wt.%, namely 5SN, 10SN, 15SN, and 

20SN, respectively. It was found that PSSS-PNIPAM copolymer with SSS content higher 

than 20 wt.% could not be used as a DS. PSSS-PNIPAM with 15 wt.% of SSS exhibited the 

best performance among the investigated SSS contents. 

Inada et al. [180] developed a series of glycerol-oligo(ethylene oxide)-block-

oligo(butylene oxide) (GEB) to utilise as the DS. The average degrees of polymerisation of 

ethylene oxide (m) and butylene oxide (n) units of GEmBn were varied to control the 

hydrophilic/hydrophobic molecule balance and in turn regulate the LCST. The materials were 

purchased from Sigma-Aldrich Japan Co. (Tokyo, Japan). Two values of 7 and 9 for “m” 

were considered; GE7Bn and GE9Bn exceeded seawater osmotic pressure at concentrations of 

50–70 wt.% (0.48–1.51 mol/kg and 0.44–1.3 mol/kg for GE7Bn and GE9Bn, respectively). An 

osmotic pressure of 74 bar was reached with GE7B3 having a concentration of 68 wt.% (which 

was the highest among the tested solutions). GE7B3 had the lowest viscosity among the 
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solutions. When heated at 60 °C, GE7B3 concentration and osmotic pressure decreased to 6.9 

wt.% (0.044 mol/kg) and 2 bar, respectively. The experiments were conducted with seawater 

as the feed for two operational modes, namely AL-FS (active layer facing feed solution) and 

AL-DS (active layer facing DS). Permeate fluxes of 1.56 and 4.81 L/(m2 h) were reported for 

GE7B3 operating with AL-FS and AL-DS, respectively. AL-DS was expected to perform 

better compared to AL-FS during FO due to less ICP effect. 

The permeate flux and inverse salt flux of GE7B3 were compared to NaCl, PPG400, 

PEG1540, and [P4444][TMBS]. The results showed higher permeate fluxes for NaCl, PPG400, 

and PEG1540 compared to GE7B3 while the reverse salt flux of GE7B3 was the lowest among 

the solutions. Even though GE7B3 was chosen based on its low viscosity, GE7B3 viscosity of 

56 mPa-s was the highest among the investigated solutions. The membrane performance, 

defined as the ratio between inverse salt and permeate fluxes (higher performance is achieved 

for lower ratio values), was measured for all DS. AL-DS GE7B3 ratio of 0.28 g/L was higher 

than NaCl of 0.2 g/L, meaning that NaCl as a DS was more efficient. Moreover, GE7B3 has a 

relative molecular mass of 1660 g/mol, which contradicts the criteria of low molecular mass 

to produce high osmotic pressure. Finally, the energy consumption of the system was not 

mentioned. 

Ahmed et al. [226] investigated the technical feasibility of a FO desalination pilot scale 

integrated with a TR ethylene oxide-propylene oxide copolymer (TL-1150-1) as a DS to 

produce 10 m3/day of pure water. The utilised spiral wound hollow-fibre FO membranes, with 

effective membrane area of 336 m2, were purchased from Toyobo (Japan) while the DS was 

developed from Trevi systems Inc. (USA) with a LCST of 85 °C. The relative molecular mass 

and LCST of the DS were chosen to decrease inverse salt flux. The DS was heated above the 

LCST to produce water and to reconcentrate the DS. The DS was then cooled to 40 °C before 
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returning to the FO membrane. During experiments, the feed was taken directly from the sea 

with an average concentration of 35.8 g/L. The r was measured for a feed flowrate of 961 L/h 

and a DS flowrate ranging from 486 to 1087 L/h. The highest r of 31.2% was achieved with a 

DS flowrate of 727 L/h. The reliability of the FO pilot plant was proved over 30 days 

continuous operation without observing any severe fouling. The plant included NF post-

treatment to produce permeate based on the WHO standards (concentration less than 0.5 g/L). 

A permeate concentration of 0.14 g/L and r of 30% were reported, meaning the system 

operated with a permeate flux of 0.37 L/(m2 h). The SECel was between 35 and 40 kWhel/m
3 

while the remaining components required an additional 2.4 kWhel/m
3. Like the previous study 

[180], a DS with high relative molecular mass and high LCST was selected to decrease the 

inverse permeate flux. 

Zeweldi et al. [65] investigated a monomeric TR ILs, namely [N4444]2,4,6-MeBnSO3 with 

LCST, relative molecular mass, density, and van ‘t Hoff factor of 57 °C, 441.07 g/mol, 1.016 

g/cm3, and 1.21, respectively. The DS with concentrations between 220.5 and 882 g/L 

generated an osmotic pressure between 14 and 59 bar. Around 98% of the dissolved solids of 

the DS were retrieved via thermal precipitation at 60 °C. The remaining 2% had to be 

recovered through RO or MD to produce water with Ils concentrations below 0.1 g/L. This 

high r is necessary due to the high DS concentration. The DS was tested with seawater as the 

feed for both AL-FS and AL-DS operational modes; AL-DS showed better performance 

compared to AL-FS. When using a DS with concentration of 882 g/L, a permeate flux of 12.3 

L/(m2 h) and a reverse salt flux of 2.65 g/(m2 h) where measured, which means a flux ratio of 

0.215 g/L. However, the flux ratio of 0.2 g/L when using NaCl as the DS shows that a 

conventional DS is more efficient. The estimated SECth for thermal precipitation was 7.7 
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kWhth/m
3 while the overall SECth was 8.8 and 9.95 kWhth/m

3 considering RO and MD post-

treatments, respectively. 

TR solutions have also been studied for non-FO seawater desalination applications. Peters 

and Hankins [188] theoretically compared FO and OARO for a zero liquid discharge process 

integrating NH3/CO2 as the DS. A parametric analysis was carried out varying FO/OARO 

membrane feed flowrate (V̇) from 3000 to 7000 L/h, membrane operating pressure (ΔP) from 

1 to 48.3 bar, draw to feed flowrate ratio from 0.3 to 0.7, seawater concentration from 25 to 

65 g/L and ammonia to carbon dioxide ratio from 2 to 2.8. The energy requirement of OARO 

increased when the feed concentration increased and remained approximately constant when 

varying the other parameters. Similarly to OARO, the energy consumption of FO increased as 

the feed concentration increased with small variations when varying the other parameters. To 

achieve a brine concentration of 245 g/L when starting with seawater at 45 g/L, the optimal 

parameters for V̇, ΔP, draw to feed flowrate ratio, and ammonia to carbon dioxide ratio were 5 

m3/h, 48.3 bar, 0.5, and 2.4, respectively. The membrane brine concentrator was composed of 

three FO/OARO stages. Average first stage permeate fluxes of 20.45 and 17.34 L/(m2 h) were 

reported for the FO and OARO cases, respectively. The permeate fluxes declined to 10 and 

5.18 L/(m2 h) for the second and third OARO stages and to 10.44 and 6 L/(m2 h) for the 

second and third FO stages. 

The optimal FO and OARO cases had SECel values of 14.5 and 12.93 kWhel/m
3, 

respectively. With low-grade waste heat integration, the SECel decreased to 4.5 and 5.2 

kWhel/m
3 with FO and OARO, respectively. Even though OARO requires high-pressure 

pumps (absent in FO), their additional energy requirement is neglected due to the highly 

energy-intensive processes of heating and cooling the DS. A higher energy consumption for 

FO was expected because it operated with a DS concentration higher than the feed solution, 
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required to produce positive permeate flux, while OARO operated with a DS concentration 

lower than the feed solution because the driving force to generate a positive permeate flux 

was obtained from the applied pressure. For this reason, OARO reconcentrated the DS at a 12 

°C lower temperature and required 23% less energy compared to FO. The system required a 

brine stripper to reduce the traces of ammonia from the brine, which inevitably increased the 

overall energy consumption. The study also included economic evaluations with OARO cost 

being 15.5% lower compared to FO. 

The FO and OARO cases were further investigated by comparing them with a low-salt-

rejection RO and a conventional NaCl OARO process to concentrate seawater from 35 to 233 

g/L. The calculated SECel of FO, TR OARO, low-salt-rejection RO, and NaCl OARO were 

11, 9.3, 5.1, and 3.9 kWhel/m
3, respectively. The low-salt-rejection RO and NaCl OARO 

cases were less energy-intensive because they do not require any cooling or heat transfer 

equipment. In case of a low-grade waste heat freely available, the energy consumptions of FO 

and TR OARO decrease to 2.9 and 3.5 kWhel/m
3, respectively, while the equivalent electric 

energy consumptions of low-salt-rejection RO and NaCl OARO remain the same because 

these processes cannot be powered by a low-grade waste heat. These results indicate that FO 

and TR OARO are better than conventional processes only when a free thermal energy is 

available. 

In summary, TR solutions need to be cooled and heated to absorb and reject water, which 

increases the energy requirement of the system. The review of TR for water desalination 

shows that TR solutions achieve lower energy consumption only when a low-grade waste heat 

is freely available [178, 188]. Although TR aims to decrease the energy consumption 

compared to conventional DS, their values are still high compared to other technologies, such 

as RO. The TR solutions require low salt fluxes to produce non-toxic water because some 
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TRs are toxic [65]. The studies [65, 180] which evaluated the FO performance by considering 

the ratio between reverse salt and permeate fluxes, minimised this ratio to achieve higher 

membrane performance by employing solutions with a high relative molecular mass and high 

LCST. Based on this ratio, however, the performance of TR solutions was lower compared to 

NaCl used as a DS. Thus, further research is required for TR solutions to be competitive 

against conventional alternatives. Most researchers have experimentally evaluated TR 

solutions mainly for FO systems. The theoretical study of Peters and Hankins [188] shows the 

potential of NH3/CO2 as DS coupled with other desalination methods, such as OARO, but 

more experimental studies are required to properly evaluate their theoretical model. 

Numerous studies employing NH3/CO2 for refrigeration can be found in the literature from the 

early 2000s [62, 228-233]. Therefore, future improvement of this study could consider more 

recent TR solutions, such as ILs or MNPs. 

TR studies until now have been employed for low salinities [65, 178, 188, 194, 226] which 

does not satisfy high feed concentration criteria of greenhouse applications. Additional 

research should be done employing higher concentrated feeds to test the concentration limits 

of TR and risk of fouling. Table 2-11 summarises the selected studies in TR used as DS for 

water desalination considering important parameters, necessary to compare results from 

different desalination technologies and to evaluate compatibility for greenhouse applications. 
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Table 2-11. Summary of selected TR studies for desalination applications. 

Study Solute 
Concentration 

[g/L] (wt.%) 

Molar 

fraction 

SEC 

[kWh/m3] 

Energy 

input 

Experimental 

or 

Theoretical 

[194] NaCl 35 (3.44) 0.0108   Experimental 

[178] NaCl 35 (3.44) 0.0108 
0.5 Electrical 

Experimental 
29 Thermal 

[180] NaCl 35 (3.44) 0.0108   Experimental 

[226] NaCl 35.8 (3.5) 0.0111 37–42 Electrical Experimental 

[65] NaCl 35 (3.44) 0.0108 8.8–9.95 Electrical Experimental 

[188] NaCl 45 (4.4) 0.014 

5.24 

109.24 

87.93 

Electrical 

Thermal 

Cooling load 

Theoretical 

 

2.6 Electrodialysis 

ED is a membrane separation process where charged species are separated from uncharged 

solutions through ion-exchange membranes (IEMs) [74]. IEMs are arranged in series between 

a cathode electrode and an anode electrode [234, 235]. Due to the applied electrical potential, 

cationic species (such as Na+, K+, and NH₄⁺) pass through cation-exchange membranes 

(CEMs) to reach the cathode electrode, while anion species (such as PO4
3-, SO4

2-, and Cl-) 

pass through anion-exchange membranes (AEMs) to reach the anode electrode [74]. CEMs 

and AEMs allow only positive and negative species to pass through, respectively [74]. AEMs 

and CEMs are arranged in an “Anode-CEM-AEM-//-CEM-AEM-Cathode” configuration 

[235]. 

 

2.6.1 Fouling mitigation and conventional use 

Like all membrane processes, ED is affected by fouling. Foulants depend on the feed 

composition, but commonly are calcium and magnesium carbonates, sulphates, or phosphates 
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[74]. Fouling occurs mainly for negative charged organic foulants that attach to the AEMs 

[236]. Thus, ED without AEMs has been studied to decrease fouling compared to 

conventional ED [236]. Moreover, electrodialysis reversal (EDR) has been adopted to reduce 

the tendency of IEMs fouling [237]. EDR consists in periodic reversal of the current direction 

through the ED stack which removes accumulated foulants from the membranes [238]. 

ED is mainly used for feeds having low concentrations, with economic advantage over 

conventional RO for concentrations below 10 g/L [234]. For example, industrial scale ED 

studies process concentrations of 2.5–3 g/L and obtain recoveries of 85% [239]. ED has also 

been employed for brackish water with concentrations above 15 g/L [240]. Other ED 

applications include chemical conversion into electricity, hydrogen production, and chemical 

synthesis [235]. 

 

2.6.2 Electrodialysis for water desalination 

Few studies can be found in literature regarding ED for water desalination with hypersaline 

feeds. The selected studies have feed concentrations between 35 and 300 g/L. Desai et al. 

[241] investigated a hybrid flow battery with reversible operation to simultaneously desalinate 

hypersaline brines and produce electrical energy. Two feeds with NaCl concentration of 35 

and 100 g/L were theoretically and experimentally investigated. The permeate had a 

concentration of 4.8 and 13.4 g/L when using a feed with 35 and 100 g/L, respectively, which 

corresponded to rejections of 85% and 86%. For feed concentrations of 35 and 100 g/L, the 

SECel was 2.1 and 12.7 kWhel/m
3, respectively, with errors between experimental and 

modelling results below 10%. Compared to a conventional one-stage RO operating at 69 bar, 

ED required the same energy to treat a feed concentration of 35 g/L, but ED required less 

energy to treat a feed concentration of 100 g/L. 
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Tian et al. [242] developed a bipolar membrane ED to treat hypersaline industrial 

wastewaters. Bipolar membrane ED is widely applied for wastewater treatment due to both 

phase change and pollution absence [243, 244]. The model was created with Aspen HYSYS 

software. Experiments were performed to compare with simulation results. A wastewater feed 

with a concentration of 87 g/L of Na2SO4 was treated by the system. The system produced 

three outputs, i.e., sodium hydroxide, sulfuric acid, and treated wastewater. Sodium hydroxide 

and sulfuric acid solutions were recycled until the Na2SO4 outlet concentration decreased to 4 

g/L. By considering an average Na2SO4
 density of 2.66 g/mL, the system had a SECel of 7.1 

kWhel/m
3 (Na2SO4

 based). 

Most hypersaline ED studies focus on economic feasibility. Kim et al. [245] investigated 

the technical and economic feasibility of ED without AEMs to treat brine with concentration 

up to 100 g/L and salt rejections up to 70%. The system removed salts and suspended solids 

while being less susceptible to membrane fouling/scaling due to operation without AEMs. 

The NaCl feed concentration varied from 6 to 100 g/L while Na2SO4 was used as the rinsing 

solution in the electrode channels. To reach a recovery of 50%, the SECel increased 

exponentially with feed concentration. Specifically, the SECel for feed concentrations of 60 

and 100 g/L were 12 and 45 kWhel/m
3, respectively. 

Further studies regarding ED without AEMs were conducted by Kim et al. [246] for partial 

desalination of hypersaline brines with concentrations of 70 g/L. A lab scale on system was 

created considering feed flow velocities of 0.24–4.0 mm/s and rejections of 10, 30, 50, and 

70%. To achieve a r of 50%, the SECel ranged from 6 to 213 kWhel/m
3 for feed flow velocities 

from 0.24 to 4.0 mm/s, respectively. The authors included economical evaluations, reporting a 

water cost production of $3.08/m3 for a r of 50%. 
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Other studies regarding ED process were performed by McGovern et al. [247] who 

investigated energy and equipment size for hypersaline desalination with seawater reaching 

concentrations up to 195 g/L. The experiment replicated the performance of a ten-stage 

continuous flow ED system which produced permeate with a concentration of 0.24 g/L. The 

cost per unit of salt removed was significantly lower when removed from a high salinity 

compared to low salinity feed, highlighting potential of partial desalination ED for highly 

concentrated solutions. However, the authors provided energy consumptions and recoveries 

for other studies without mentioning their own. 

Tufa et al. [248] investigated a conventional seawater RO (SWRO) coupled with DCMD 

and reverse electrodialysis to simultaneously produce water and electric energy. The system 

performance, based on lab-scale tests, was evaluated for three cases: without pressure 

exchanger, with pressure exchanger, and pressure exchanger combined with reverse 

electrodialysis. The system was also evaluated for three different feed temperatures, i.e., 40, 

50, and 60 °C, and r from 75 to 90%. The SWRO was design to operate at a r of 50% with a 

rejection of 100% when treating seawater with a concentration of 29 g/L. The SWRO brine 

was directed to a heating system, which raised the feed temperature to 40, 50, or 60 °C before 

been directed to the DCMD. 

For the simulations, r was fixed and independent from the feed temperature. However, a 

DCMD working with higher temperature should produce higher permeate flux and in turn 

obtain a higher r. A r higher than 80% was predicted for DCMD achieving brine 

concentrations of 175–292 g/L. The authors stated that r above 80% were calculated because 

osmotic phenomena do not limit the DCMD. Permeate fluxes of 1.4–4.3 L/(m2 h) and 0.5–2.3 

L/(m2 h) were estimated for DCMD brine concentrations of 117 and 292 g/L, respectively, at 
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different feed temperatures with higher permeate fluxes corresponding to higher feed 

temperatures. 

The SECel was evaluated for all configurations. For example, r of 90% and 60 °C DCMD 

temperature had SECel of 6.5, 5.8, and 5.5 kWhel/m
3 when operating without pressure 

exchanger, with pressure exchanger, and pressure exchanger combined with reverse 

electrodialysis, respectively. For the same r but at 40 °C DCMD temperature, SECel of 3.9, 

3.1, and 2.9 kWhel/m
3 were reported. The SECel should increase with r, however, a SECel at 

higher r indicates that the permeate volume increased faster than the required energy. The 

authors also evaluated exergetic efficiency with a maximum value of 54% for a r of 75% and 

a DCMD temperature of 40 °C. To reach a r of 90%, exergetic efficiencies of 49, 44, and 39% 

were reported for the 40, 50, and 60 °C DCMD temperatures, respectively. Finally, the 

authors provided economic considerations, showing similar membrane costs at different 

DCMD temperatures and recoveries. 

In summary, ED can be economical to treat hypersaline solutions for partial desalination 

[241, 247, 249]. Typical SECel for ED should range from 6 to 11 kWhel/m
3 according to Silva 

et al. [250] and from 1 to 12 kWhel/m
3 according to Zhao et al. [119]. The selected ED studies 

are within these ranges for typical desalination processes. However, the SECel increases 

beyond these ranges when employing hypersaline solutions [245] or high feed flow velocities 

[246]. ED is a promising technology for greenhouse application being able to operate with 

high feed concentration, limited fouling (for operations such as EDR or ED without AEMs) 

and low r requirements. However, bipolar membrane ED [242] and ED without AEMs [245, 

246] technologies produce effluents, aside from the treated solution, which derive from 

combinations between feed and rinsing solutions. The rinsing solution is required to avoid 

gasification of Cl- ions, meaning a small amount of solution is lost. Table 2-12 summarises 
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the selected studies in ED for water desalination considering important parameters, necessary 

to compare results from different desalination technologies and to evaluate compatibility for 

greenhouse applications. 

 

Table 2-12. Summary of selected ED studies for desalination applications. 

Study Solute 
Concentration 

[g/L] (wt.%) 

Molar 

fraction 

SECel 

[kWhel/m3] 

Experimental 

or 

Theoretical 

ED Technology 

[241] NaCl 100 (9.5) 0.031 12.7 Both Hybrid flow battery 

[242] Na2SO4 87 (8.2) 0.011 7.1 Both 
Bipolar membrane 

ED 

[245] NaCl 100 (9.5) 0.031 45 Both ED without AEMs 

[246] NaCl 70 (6.75) 0.022 5.6–213 Both ED without AEMs 

[247] NaCl 195 (17.7) 0.062 
 

Both Ten-stage ED 

[248] NaCl 292 (25.25) 0.094 5.53 Theoretical SWRO-DCMD-ED 

 

The main parameters affecting ED performance for water desalination are feed temperature 

(Tin), concentration (Cin), feed flow velocity (Speedf), and recovery (r). The effects of these 

parameters on permeate flux (Jv), production cost (ProdCost), power requirement (Power), r, 

and exergetic efficiency (Exeff) are summarised in Table 2-13. 

 

Table 2-13. Main parameters affecting ED performance in desalination application based on the selected 

studies5 

Operating parameter Jv ProdCost Power r Exeff 

↑ Tin ↑ [248] ~ [248] ↑ [248] ~ [248] ↓ [248] 

↑ Cin  ↓ [247] ↑ [241] ~ [241]  

↑ Speedf   ↑ [246]   

↑ r   ↓ [248]   

 

5 Arrows indicate the effect on the parameters; an arrow facing upwards (↑) or downwards (↓) means the 

parameter increases or decreases, respectively. The “~” indicates the parameter has small variations. 
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2.6.3 Electrodialysis for liquid desiccant regeneration 

Although ED has been used mostly for treatment of feeds with low concentrations, ED 

studies for LD concentration can also be found. The selected ED studies utilise ED as the LD 

regenerator to treat highly concentrated desiccants and have been published in the last decade. 

Cheng and Pei [251] performed a theoretical comparison between LiCl and LiBr which 

were concentrated by ED. The vapour pressure of the two desiccants were calculated using 

empirical interpolations [47, 252]. In the concentration range of 20–42 wt.% (220–535 g/L) 

and temperature of 10–50 °C, the vapour pressure of LiCl was higher than LiBr, which 

contradicts with other studies [25, 39] stating the opposite. These authors showed how 

different parameters affect ED. Increasing the desiccant temperature from 20 to 30 °C 

increased the moisture removal rate from 5 to 13 L/h using LiCl and from 5 to 11 L/h using 

LiBr. Higher feed temperature was beneficial also for the COP. Specifically, increasing the 

feed temperature from 20 to 30 °C increased the COP from 1 to 2.8 for LiCl and from 2.5 to 

5.8 for LiBr. In contrast, the initial desiccant concentration had the opposite effect, with 

higher initial concentration corresponding to lower COP. These results show that higher 

concentration is beneficial for the dehumidification process but disadvantageous for the 

overall system. 

Pei et al. [253] conducted experiments on LiBr regeneration via ED. They investigated the 

effect of feed flowrate on different parameters. For example, LiBr with feed concentration of 

45 wt.% (660) had an outlet concentration that increased by 0.34, 0.42, and 0.48 wt.% (3, 4, 

and 5 g/L) with flowrates of 80, 120, and 160 L/h, respectively. These authors observed 

desiccant losses during experiments which occurred due to chemical interactions of the feed 

with the electrode solution. It was found that higher flowrates decreased the desiccant losses. 

Specifically, flowrates of 80, 120, and 160 L/h corresponded to desiccant losses of 0.05%, 
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0.04%, and 0.03%, respectively. Moreover, by increasing the feed concentration from 45 to 

55 wt.% (660 to 900 g/L), the COP decreased from 0.97 to 0.32. Regarding the flowrate, 

increasing it from 80 to 160 L/h increased the COP from 1.32 to 1.67. Although increasing 

the flowrate increased the energy consumption, the increment was modest. Contemporary, 

high flowrate led to a more efficient system by increasing the COP, similarly to a previous 

study [251]. Increasing the applied current from 3 to 8 A decreased the COP from 4.26 to 

0.97. Considering a LiBr initial concentration of 45 wt.% (660 g/L) and an applied current of 

3 A, ED achieved a maximum current efficiency of 30.36% and a COP of 4.26. 

According to previous studies [25, 39], LiCl should be the best LD. Different studies can 

be found employing LiCl combined with ED as the regeneration process. Sun and Zhang 

[254] carried out experiments to investigate the performance of an ED system used to 

reconcentrate LiCl with an initial concentration varying from 7 to 25 wt.% (70 to 290 g/L). 

The system included three closed loop circuits, i.e., LD, electrode solution, and diluted 

solutions. As the ED operating time proceeded, the outlet LD concentration increased up to a 

maximum value. Feed concentrations of 10.6, 15.46, 19.87, and 24.69 wt.% (112, 168, 221, 

283 g/L) increased to 12.4, 16.8, 20.6, and 25.4 wt.% (132, 184, 230, and 292 g/L), 

respectively. As the feed concentration increased, the permeate flux and current efficiency 

decreased. Moreover, higher brine concentrations were achieved with higher applied currents. 

Specifically, applied currents of 10 and 20 A corresponded to concentration increments of 0.7 

and 1.3 wt.% (7 and 13 g/L), respectively. Higher feed concentration leads to a more efficient 

regeneration, however, increasing the feed concentration from 10.56 to 24.69 wt.% (112 to 

283 g/L) also increased the SECel from 3.3 to 10 kWhel/m
3, respectively. 

Another study using LiCl was conducted by Guo et al. [64] who experimentally 

investigated an ED system consisting of ten cell pairs of ion-exchange membranes. A 
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concentrated feed with concentration of 28.8 wt.% (338 g/L) and flowrate of 100 L/h could 

increase its concentration if the concentration difference between the concentrated and diluted 

feeds was below 5.86 wt.% (60 g/L). This maximum concentration could be explained as an 

electrochemical potential, created by the concentration difference between the two feeds 

which prevents the concentrated feed from being further concentrated. 

Moreover, Al-Jubainawi et al. [255] investigated the mass transfer mechanisms and 

performance of ED for LiCl regeneration. They observed that the permeate flux decreased 

during operation and reached a stable value towards the end of the simulation. Although lower 

concentration differences between inlet and outlet achieved stable fluxes through the entire 

operation, the permeate flux decreased at lower concentration differences. This difference is 

limited due to the electrochemical potential between inlet and outlet, as seen from a previous 

study [64]. The applied current also affected the system; a concentrated feed of 18 and 30 

wt.% at 100 L/h flowrate and applied current of 12 A achieved fluxes of 1.08 and 0.5 L/(m2 

h), respectively, compared to fluxes of 0.3 and 0.13 L/(m2 h) for an applied current of 3 A. 

In summary, the selected studies show that the applied current is a critical operating 

parameter. High applied current has the disadvantage of increasing the energy requirement 

which lowers the COP [255], but has the advantage of increasing the permeate flux [255] and 

the dehumidification and regeneration efficiencies [254, 255]. Therefore, an optimal value of 

the current efficiency can be found based on the operating conditions, taking into 

consideration the COP and the dehumidification and regeneration efficiencies. However, ED 

is limited by the concentration difference between the concentrated and diluted solutions. This 

difference cannot exceed 6 wt.% (60 g/L), which may be low for LDAC applications. 

Moreover, the regeneration of the diluted solution implies the requirement of another 

desalination technology, highlighting that stand-alone ED cannot operate in LD regeneration. 
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Table 2-14 summarises key parameters, from the selected studies, for comparing different 

technologies. 

 

Table 2-14. Summary of selected ED studies for LDAC applications. 

Study Solute 

Inlet 

concentration 

[wt.%] 

Outlet 

concentration 

[wt.%] 

Inlet 

molar 

fraction 

Outlet 

molar 

fraction 

COP 

Experimental 

or 

Theoretical 

[251] 
LiCl  38  0.207 1–2.8 

Theoretical 
LiBr  55  0.202 2.5–5.8 

[253] LiBr 45 45.622 0.145 0.148 1.3–4.3 Experimental 

[254] LiCl 24.69 25.4 0.122 0.126  Experimental 

[64] LiCl 28.9 29.97 0.147 0.154  Experimental 

[255] LiCl  30  0.154  Both 

 

 

2.7 Comparison of the technologies 

This Section compares MD, RO, NF, FO, TR solutions, and ED for desalination, LD 

regeneration, and water irrigation applications. 

 

2.7.1 Comparison for water desalination 

Most of the selected studies for water desalination applications employed seawater as the 

feed, which can be seen as a desiccant solution containing NaCl, which can reach ERH values 

down to 75% [25]. Since greenhouses require relative humidities of 70–90%, NaCl may also 

be employed for greenhouse applications. The six desalination technologies, i.e., MD, RO, 

NF, FO, TR solutions, and ED can either be thermally or electrically driven. Figure 2-3 Was 

created by plotting the SEC against the feed concentration of the selected studies. Figure 2-3 

Shows that the thermally driven processes (involving phase transition) have higher SEC 

compared to the electrically driven. 
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Based on the possibility to operate with high feed concentrations, the most suitable 

desalination technologies for greenhouse cooling and dehumidification are MD, ED, and RO. 

ED and RO operated with concentrations ranging from 7 to 25 wt.%, equivalent to 70 to 290 

g/L, while MD operated with concentration up to 45 wt.%, equivalent to 585 g/L, (Figure 2-

4). Figure 2-4 Was created by plotting the permeate flowrate against the feed concentration of 

the selected studies. MD with high feed concentrations is not visible in Figure 2-3 Because 

the 45 wt.% (585 g/L) MD study did not provide its SEC. The regeneration process efficiency 

can be measured from the permeate flux. For feed concentrations of 20–45 wt.% (220–585 

g/L), MD achieved the highest permeate flux (Figure 2-4). Figure 2-5 Shows the desalination 

studies over the last 20 years. The recent research focuses on TR solutions, but the studies are 

still in preliminary stages considering feeds with low concentrations. Recent investigations 

also include RO (specifically osmotically assisted configurations) and ED. 

 

 

Figure 2-3. Specific energy consumption (SEC) against feed concentration of selected desalination studies. 
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Figure 2-4. Permeate flux against feed concentration of selected desalination studies. 

 

 

Figure 2-5. Feed concentration against year of publication of selected desalination studies. 

 

2.7.2 Comparison for liquid desiccant regeneration 

Conventional MD, RO, and ED technologies employed for LDAC applications are not 

efficient for highly concentrated desiccant regeneration, with MD being the only one with 

potential to improve if operated with feed temperatures higher than 80 °C and more selective 
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collectors [93]. A detailed comparison of MD, RO, and ED employed for LD regeneration is 

firstly presented based on the selected studies. Then, the comparison is extended to all six 

desalination technologies. 

To compare the desiccants used in the selected studies, Figure 2-6 Plots the outlet feed 

concentration [wt.%] against the outlet molar fraction of LiCl, LiBr, and CaCl2 (MgCl2 is not 

included because the data on outlet concentration was not provided by the authors [90]). LiCl 

achieved higher molar fractions at lower concentrations compared to the other desiccants 

because LiCl has the lowest atomic mass. Figure 2-6 Also shows that if concentration is 

considered as weight percentage [wt.%], then the highest concentrations are achieved using 

LiBr and CaCl2. Whereas if concentration is considered as molar fraction, the highest 

concentration is achieved using LiCl. This occurs because at a given weight concentration, the 

molar concentration is higher for LD with lower atomic masses. In fact, LiCl achieves a 

higher molar fraction at a lower weight concentration compared to the other desiccants 

because LiCl has a relative molecular mass of 42.38 g/mol while CaCl2 and LiBr have relative 

molecular masses of 110.98 and 86.845 g/mol, respectively. 

Regarding the maximum LD concentrations achieved by MD, RO, and ED, Figure 2-7 

Plots the outlet feed concentration [wt.%] against the feed concentration [wt.%], while Figure 

2-8 Plots the outlet molar fraction against the inlet molar fraction of the selected studies. 

These two Figures show that the maximum outlet LD concentration of 45.6 wt.% (595 g/L) 

was achieved using ED when the concentration was measured as weight percentage [wt.%], 

and 0.234 using MD when the concentration was measured as molar fraction. The 

concentration difference between the inlet and outlet LD shows that small concentration 

variations are required for the LD regeneration process. High feed concentration leads to 

membrane fouling for all the seawater desalination applications, which does not occur in these 



   

 

74 

 

studies because the regeneration units operated with highly concentrated LD solutions 

prepared in the laboratory with low propensity for fouling. Moreover, MD achieved a higher 

dehumidification efficiency than ED. Specifically, the average concentration difference for 

MD between inlet and outlet LD was 2.4 wt.% (25 g/L), compared to 0.85 wt.% (8 g/L) for 

ED 

 

 

Figure 2-6. Outlet feed concentration against outlet molar fraction. Studies on the green line utilise CaCl2, on 

the blue line utilise LiBr, and on the black line utilise LiCl. Numbers on the graph represent the references of the 

selected LD studies. 

 

Regarding the research done in MD, RO, and ED as LD regenerators, Figure 2-9 Plots the 

outlet molar fraction against the year of publication of the relevant studies. All the research 

focus over the last 10 years has been on MD and ED with feed concentrations of 30–45 wt.% 

(355–585 g/L). Regarding the energy consumption, ED was expected to require less energy 

than MD due to phase transition absence (which occurs in the MD process [55]). This can be 

seen also from the COP; The ED studies reported COP values of 1–5.8, whereas only one 

MD study reported their COP, equal to 0.372. Since the COP is inversely proportional to the 
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required power to drive the system, ED requires from 2.5 to 15.5 times less energy compared 

to MD. The negative aspect of ED is the higher complexity compared to MD. ED has an 

additional recirculating circuit for the electrode solution and is affected by more parameters, 

such as applied current, current efficiency, and concentration difference between concentrated 

and diluted feeds. If the required energy of the system can be provided from both solar 

(thermal energy for MD) and photovoltaic (electric energy for ED) collectors, then MD is 

preferred over ED. However, the negative aspect of MD is that the LD exits the regeneration 

cycle hot which needs to be cooled before it can be used for dehumidification, adding extra 

steps in the whole process. 

 

 
Figure 2-7. Outlet feed concentration against feed concentration. Numbers on the graph represent the references 

of the selected LD studies. 

 



   

 

76 

 

 

Figure 2-8. Outlet molar fraction against feed concentration. Numbers on the graph represent the references of 

the selected LD studies. 

 

 
Figure 2-9. Outlet feed concentration against year of publication. Numbers on the graph represent the 

references of the selected LD studies. 

 

The main parameters affecting the performance of MD for LD regeneration are feed 

temperature (Tin), feed concentration (Cin), and feed flowrate (V̇in). VMD is also affected by 
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the vacuum applied pressure (VPapp). The main parameters affecting the ED performance for 

the LD regeneration are Tin, Cin, V̇in, applied current (Iapp), and concentration difference 

between concentrated and diluted feeds (Cconc-Cdel). The effects of these parameters on 

dehumidification process (Deh), COP, permeate flux (Jv), outlet concentration (Cout), power 

requirement (Power), regeneration temperature (Treg), outlet temperature (Tout), regeneration 

cost (Costreg), concentration difference between inlet and outlet feed concentrations (Cout-Cin), 

current efficiency (Ieff), and desiccant losses (Desloss) are summarised in Tables 2-15 And 2-

16. 

 

Table 2-15. Main parameters affecting MD performance in LDAC applications based on the selected studies.6 

Operating 

parameter 
Deh COP Jv Cout Power Treg Tout Costreg 

↑ Tin ↑ [89] ↑ [89] 
↑ [88, 

90] 
↑ [88, 91] ↑ [88] ↑ [92] ↑ [91] ↑ [91] 

↑ Cin 
↓ [88, 

89] 
↓ [89] 

↓ [88, 

90] 
 

 
 

  

↑ V̇in ↑ [89] ↗↘ [89] 
  

 
 

  

↑ VPapp  
  

↑ [90] ↑ [91] ↑ [90, 91] 
 

↓ [91]  

 

Table 2-16. Main parameters affecting ED performance in LDAC applications based on the selected studies.11 

Operating 

parameter 
Deh COP Jv Cout Power Cout-Cin Ieff Desloss 

↑ Tin ↑ [251] ↑ [251] 
  

 
 

  

↑ Cin 
 ↓ [251, 253] 

↓ [254, 

255] 
 ↑ [254] ↓ [253] ↓ [254]  

↑ V̇in 
 

↑ [253] 
 

↑ [253] ↑ [253] 
 

 ↓ [253] 

↑ Iapp ↑ [255] ↓ [255] ↑ [255] ↑ [254] ↑ [255] 
 

  

↑ Cconc-Cdel   ↑ [255]   ↓ [64]   

 

 

 6 Arrows indicate the effect on the parameters; an arrow facing upwards (↑), downwards (↓), or both (↗↘) 

means the parameter increases, decreases, or it has an inverse U-shaped trend, respectively. Parameters in a 

slightly grey shading appear on both Tables A1-15 and A1-16. Numbers on the tables represent the referenced 

studies. 
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Based on Table 2-15 and Table 2-16, the dehumidification efficiency and COP increase 

with feed temperature for MD [89] and ED [251], but also the energy consumption increases 

to heat the LD [88]. For MD, higher V̇in increases the dehumidification efficiency while COP 

has an inverse U-shape trend [89]. Increasing the feed temperature also increases the water 

flowrate [88, 90], the outlet concentration [88, 91], the outlet temperature [91], the 

regeneration temperature [92], and the regeneration cost [91]. In the case of VMD, more 

vacuum increases the outlet feed concentration [90] and the permeate flux [91] at the expense 

of higher energy requirements [90, 91]. Moreover, a higher applied vacuum pressure 

decreases the outlet feed temperature [91] and decreases the required energy to cool the LD. 

For ED, the COP increases with V̇in [253] while a higher concentration difference between 

inlet and outlet concentrations increases the permeate flux [255] and decreases the outlet 

concentration and the regeneration efficiency [64]. However, higher V̇in increases the outlet 

concentration, the energy requirements, and the desiccant losses [253]. 

The feed concentration is a key parameter for both MD and ED. For MD, higher feed 

concentration is advantageous for the dehumidification efficiency [88, 89], but 

disadvantageous when considering the overall LDAC process, with lower COP values [89] 

and permeate fluxes [88, 90]. Similar results are reported for ED, with higher feed 

concentrations decreasing the COP [251, 253] and the permeate fluxes [254, 255]. Moreover, 

higher feed concentration for ED also increases the SECel [254], decreases the current 

efficiency [254], and decreases the difference between inlet and outlet feed concentrations 

[253]. A higher feed concentration provides a lower ERH which is beneficial for the 

dehumidification efficiency, while the regeneration process requires high ERH to produce 

high permeate fluxes. Therefore, an optimal value of the LD concentration exists for the 

overall system performance, but since the objective in greenhouses is to maintain optimal 
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internal conditions for the crops, the system must operate at high LD concentrations with 

lower COP. 

 

2.7.3 Comparison for irrigation 

So far in this thesis, it has been mentioned that the permeate from the desalination 

technologies employed for LD regeneration can be re-utilised for irrigation. This concept is 

further investigated here by considering the parameters that affect the soil. 

The properties of the irrigated water can affect the soil and thus the crops in a greenhouse. 

The effects of the irrigated water can be measured based on different parameters, such as the 

sodium adsorption ratio (SAR), the salinity, the concentrations of ions and cations and the pH 

of the irrigation water. SAR is one of the most used parameter, according to Sposito et al. 

[256] it is defined as: 

 

𝑆𝐴𝑅 =
[Na+]

([Ca2+] + [Mg2+])0.5
  (1-1) 

where [Na+], [Ca2+] and [Mg2+] represent the concentrations in [mmoles/L] of sodium, 

calcium, and magnesium, respectively, present in the irrigated water. SAR can be seen as the 

chemical interaction between the soil and the cations in the irrigated water [256]. High SAR 

decreases the aggregate stability of the soil causing its deterioration or destruction [257]. 

Consequently, the SAR of the irrigation water must be correctly balanced to preserve the 

properties of the soil and the crops in a greenhouse. 

The most popular guideline for irrigation, proposed by Ayers and Westcot [258], 

summarises the threshold limits for electric conductivity (EC) [mS/cm], total dissolved solids 

(TDS) [g/L], water infiltration (which accounts for both threshold values of SAR and EC), 

specific toxicity as concentrations of sodium (Na) and chloride (Cl) [mEq/L], specific toxicity 
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of boron (B) [mg/L], miscellaneous effects of nitrogen (NO3 – N) [mg/L] and bicarbonate 

(HCO3) [mEq/L], and pH of water (Table 2-17). 

Based on Table 2-17, EC should be below 0.7 mS/cm and SAR in the range of 0–3, 

whereas optimal EC and TDS should be around 0.7 mS/cm and 0.45 g/L, respectively. From 

the selected studies, only RO, ED, and NF produced permeates with TDS lower than 0.45 g/L 

(see Figure 2-10). 

 

Table 2-17. Guideline of water quality for irrigation taken from Ayers and Westcot [258]. 

Potential 

Irrigation 

problem 

Parameter 

Effect on the soil 

Unit 
None 

Slight to 

moderate 
Severe 

Concentration 
     

 
EC < 0.7 0.7–3.0 > 3.0 mS/cm 

 
TDS < 0.45 0.45–2 > 2 g/L 

Water infiltration 
     

 
SAR = 0–3 and EC = > 0.7 0.7–0.2 < 0.2 mS/cm 

 
SAR = 3–6 and EC = > 1.2 1.2–0.3 < 0.3 mS/cm 

 
SAR = 6–12 and EC = > 1.9 1.9–0.5 < 0.5 mS/cm 

 
SAR = 12–20 and EC = > 2.9 2.9–1.3 < 1.3 mS/cm 

 
SAR = 20–40 and EC = > 5.0 5.0–2.9 < 2.9 mS/cm 

Specific toxicity 
     

Na surface irrigation SAR < 3 3–9 > 9 
 

Na sprinkler irrigation concentration < 3 > 3 
 

mEq/L 

Cl surface irrigation concentration < 4 4–10 > 10 mEq/L 

Cl sprinkler irrigation concentration < 3 > 3 
 

mEq/L 

B concentration < 0.7 0.7–3 > 3.0 mg/L 

Miscellaneous effects 
     

NO3 – N concentration < 5 5–30 > 30 mg/L 

HCO3 concentration < 1.5 1.5–8.5 > 8.5 mEq/L 

pH of water  Recommended range 6.5–8.4  

 

 

Thus, the SAR needs to be considered together with TDS, but none of the selected studies 

for water desalination considered the SAR. In theory, the RO permeate is suitable for 
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irrigation because RO removes all the sodium, calcium, and magnesium ions. For example, 

0.001 mmoles/L of sodium, calcium, and magnesium results in a SAR of 0.03. NF permeate is 

not suitable for irrigation because its high rejection for divalent ions and low rejection for 

monovalent ions results in a high SAR. For example, 0.001 mmoles/L of calcium and 

magnesium and 1 mmoles/L of sodium results in a SAR of 31.6. In this case, adding 0.22 

mmoles/L of calcium as a post-treatment would decrease the SAR to 3. Regarding ED, 

monovalent selective membranes have been fabricated which remove sodium and potassium 

with precise rejection rates, allowing to control the SAR [74]. However, ED does not perform 

well for LDAC applications 

Although stand-alone RO was proven to be unsuitable for LD regeneration, RO can be 

combined with NF. Thus, multi-stage NF having a last RO stage is a feasible solution for LD 

regeneration that does not require post-treatment. Consequently, among the six technologies, 

multi-stage NF having a last RO stage is the most suitable technology for greenhouse 

irrigation. 

 

 

 
Figure 2-10. Permeate quality against feed concentration of the selected desalination studies. The “MAX” line 

represents the threshold of 0.45 g/L taken from the guidelines of water quality for irrigation based on Ayers and 

Westcot [258].  
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3.1 Introduction 

Greenhouses in hot climates often struggle to produce crops during summer because the 

temperature inside the greenhouse rises above the acceptable range for cultivation [9]. To 

enable cultivation year-round, cooling technologies are needed, but conventional technologies 

such as vapour compression and evaporative cooling have significant downsides. Vapour 

compression requires large amounts of energy and typically utilises refrigerants that 

contribute to global warming; and evaporative cooling is only suitable for locations with 

abundant supplies of water. Therefore, resource-efficient greenhouses are not yet available for 

hot climates with limited water availability [259]. To address this important gap, there is a 

need for improved processes with low water demands. 

LDAC has the potential to replace conventional cooling because it is more energy efficient 

and environmentally friendly [260], and allows storage of the LD for use when needed [10]. 

Another advantage is that LDAC provides simultaneous cooling and dehumidification. 

Dehumidification is especially important for greenhouses, where crops continually release 

water vapour by transpiration [23]. Because of transpiration, the cooling system must remove 

large amounts of vapour, especially when operated in closed recirculation. Closed 

recirculation has several advantages over open ventilation, usually resulting in higher quality 

and yield of crops [24]. Moreover, it allows CO2 enrichment without losing CO2 to the 

surroundings; and it protects against insects and pests [24]. Closed recirculation can also 

decrease energy and water demands [24]. 

 For effective vapour absorption using LDAC, high LD concentrations are required [18, 

46]. The absorbed moisture must be removed from the LD in a process called regeneration [5]. 

LDAC presents several challenges, but the high energy requirement of regeneration is the 

most critical [17]. Some early studies focused on open evaporative regenerators which is an 
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energy-intensive and inefficient approach [55]. For example, one study found that open 

evaporative regenerators would occupy an area up to four times the plan area of the 

greenhouse [22]. Therefore, there is a need for more efficient and compact LD regeneration. 

Membrane-based desalination technologies have been proposed as alternative LD 

regenerators. These technologies include membrane distillation [88-92], reverse osmosis (RO) 

[121], and electrodialysis [64, 251, 253-255]. In general, membrane-based desalination 

technologies can be pressure-driven (such as reverse osmosis and nanofiltration) or thermally-

driven (such as membrane distillation). Several studies found that pressure-driven are more 

efficient than thermally-driven membrane processes for seawater and brackish water 

desalination [63, 96, 111]. Therefore, it is reasonable to expect that pressure-driven membrane 

processes may also be more efficient for LD regeneration. So far, however, high LD 

concentrations have prevented the use of pressure-driven membrane processes because the 

burst pressure of the membrane would be exceeded. 

To overcome the burst pressure limitation, multi-stage NF can be used. Multi-stage NF has 

received interest as an energy-efficient membrane process for highly concentrated solutions. 

In contrast to RO, NF membranes operate with a total osmotic pressure difference higher than 

the burst pressure of a single membrane. This is because the NF membranes have lower 

rejections than commercial RO membranes (the rejection of which is about 98% [107, 108]), 

allowing the NF membranes to gradually decrease the LD concentration via several stages. As 

a result, the feed osmotic pressure is divided among the stages, allowing the osmotic pressure 

difference across each membrane to be lower than its burst pressure. 

Though not yet used in LDAC, multi-stage NF systems have been investigated 

theoretically for concentration of seawater. For example, Altaee and Sharif [132] modelled a 

2–stage NF system and predicted permeate qualities of 0.254 and 0.359 g/L when treating 
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seawater with concentrations of 35 and 43 g/L, respectively. More recently, Wang et al. [73] 

modelled a multi-stage NF system capable of obtaining highly concentrated brines for 

crystallisation applications in zero liquid discharge systems. These authors studied a 3-stage 

system (consisting of an initial RO stage, followed by 2 NF stages and then an energy 

recovery device) which concentrated seawater feed from 60 to 233 g/L and predicted an 

electric specific energy consumption (SECel) of 15.7 kWhel/m
3 (electrical input per volume of 

permeate produced). They also modelled a 4-stage system, based on the same concept, and 

predicted a SECel of 8 kWhel/m
3, thus showing that the SECel decreased as more stages were 

added. Compared to conventional alternatives such as mechanical vapour compression which 

has a SECel of 20–25 kWhel/m
3 [101], the SECel of 8 kWhel/m

3 is at least 2.5 times lower. 

Although NF has not yet been experimentally investigated to concentrate highly 

concentrated LDs, it has been investigated using conventional LDs at lower concentrations. 

For example, Afonso and de Pinho [261] investigated the transport of MgCl2 across an 

amphoteric NF membrane and reported rejections in the range of 10–30% using 

concentrations up to 1.05 wt.% (10.5 g/L). Murthy and Chaudhari [262] investigated the 

rejection of the NF-300 membrane (made by Applexion) using CaCl2 and MgCl2 at 

concentrations up to 1 wt.% (10 g/L). Their results showed that CaCl2 rejection was between 

70 and 80%, whereas MgCl2 rejection was between 80 and 90%. Another study [263] 

investigated LiCl and MgCl2 rejections using composite NF membranes with positively 

charged skin layers. The authors reported average LiCl and MgCl2 rejections of 70 and 83%, 

respectively, for LD concentrations of 0.2 wt.% (2 g/L). 

The above-mentioned studies showed that the NF membranes partially rejected LiCl, 

CaCl2, and MgCl2 which is the requirement for a multi-stage regeneration process. However, 

the concentrations were too low for LDAC applications. It should be noted that, although LiCl 
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and LiBr are often considered the best LD as they absorb large amounts of moisture [25], they 

are also very toxic [264, 265]. For example, a concentration above 0.1 g/L can be life-

threatening for humans [266]. For this reason, this study prefers CaCl2 as it has good 

dehumidification performance and is much less toxic [267]. 

The aim of this Chapter is to analyse a concept of a closed recirculated greenhouse cooled 

and dehumidified by a LDAC system using a multi-stage NF regenerator (namely closed: NF-

LDAC). While previous studies considered LDAC for greenhouses using less efficient means 

of regeneration [9, 22, 268, 269], this concept is novel in that it assesses the potential of NF-

LDAC to provide a compact and efficient solution. 

The main location investigated is Mecca (Saudi Arabia) with the Red Sea being the heat 

sink of the system. In total, three types of climates are considered – hot and humid (Mecca), 

hot and arid (Timbuktu), semi-hot and semi-arid (Cairo). Realistic climatic data for Mecca, 

Timbuktu, and Cairo were taken from TRNSYS® software. For consistency, the same sink 

temperature is considered for all climates even though Timbuktu and Cairo are not near the 

Red Sea, as the aim of this study is to compare different climates and not the specific cities. 

The structure of Chapter 3 is as follows: first, the concept design of closed: NF-LDAC is 

explained. Next, equations are provided to model the multi-stage NF regenerator and to 

calculate the temperature (Tgh) and relative humidity (RHgh) of the greenhouse. Then, Tgh 

results are plotted for different operating conditions and locations, showing the improvement 

of closed: NF-LDAC against conventional cooling technologies for greenhouses. The monthly 

COP of closed: NF-LDAC and the monthly power requirement of the multi-stage regenerator 

are also presented. The main design parameters are varied to give a better understanding of 

the system. Finally, the results and future improvements of closed: NF-LDAC are discussed. 
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3.2 Theory 

The design of closed: NF-LDAC is shown in Figure 3-1. Unlike in the open ventilated 

greenhouse proposed earlier [9, 269, 270], evaporative cooling is no longer needed for three 

reasons. First, evaporative cooling requires large amounts of water [5, 6], which might be 

unavailable in hot climates. Second, closed recirculation achieves low indoor temperatures 

without the need of an evaporative cooling pad. Third, evaporative cooling would risk 

increasing the RHgh above 90%, which is the maximum recommended for typical crops [23], 

such as tomatoes, peppers, and cucumbers. Without the evaporative cooling pad, however, 

there is a risk of overheating at the early stages of cultivation, e.g., sprout and seedling, when 

the crops are small and transpire less – such that RHgh may fall below 70% which is the 

minimum recommended for typical crops [23]. Since transpiration assists cooling by 

converting sensible into latent heat, such decreased transpiration could lead to Tgh above 

32 °C which is the maximum recommended for typical crops. Nonetheless, this risk can be 

addressed by using additional shading during the early-stages of cultivation or by using 

misting to enhance cooling, such that the evaporative cooling pads are avoided. 
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Figure 3-1. Schematic of a greenhouse operating with closed: NF-LDAC. A multi-stage nanofiltration 

regenerator is used to reconcentrate the liquid desiccant (LD). The greenhouse absorbs heat from the air 

entering the dehumidifier (HMX) and rejects this heat to the sea (assumed with a temperature equal to 30 °C) 

through a liquid-to-liquid heat exchanger (HX). Photovoltaic collectors are assumed to be uniformly distributed 

on top of the greenhouse. The names of the LD parameters are explained in Appendix 1. 

 

The dehumidifier can be a wetted pad (similar in construction to an evaporative cooling 

pad), with LD flowing over it, absorbing moisture and heat from the incoming air. The cooled 

and dehumidified air is then directed to the crops. Inside the greenhouse, Tgh and the absolute 

humidity of the greenhouse (ωgh) increase. Tgh increases due to the solar radiation and heat 

transferred through the cladding, while ωgh due to crop transpiration. The hot and humid air 

leaving the crops is directed to the dehumidifier. 

As the LD passes through the dehumidifier, its temperature (TLD) increases. The LD can be 

cooled using seawater from the Red Sea near Mecca which is assumed to have a maximum 

temperature of 30 °C during the year, meaning it is possible to cool the LD to 30 °C year-

round. 

As the LD absorbs moisture from the air, it becomes diluted and needs to be reconcentrated. 

Figure 3-2 shows the proposed multi-stage NF regenerator. The input of the first stage is the 

LD from the dehumidifier. Every stage has two outputs, i.e., the permeate (which is less 

concentrated than the feed) and the brine (which is more concentrated than the feed). Every 

stage has a specific rejection which is in the range of 10–50% for most commercial NF 
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membranes [10, 53, 54, 57, 271, 272]. Therefore, the permeate of each stage contains a 

certain amount of LD. Due to the high concentration of the inlet LD (which is high even 

though the inlet is referred to as “diluted LD” in comparison to the outlet “concentrated LD” 

in Figure 3-2), as required for an efficient dehumidification, the osmotic pressure is high at 

the first stage. To avoid that the osmotic pressure difference across the first NF stage is higher 

than its burst pressure, the first stage must have a low rejection. The LD entering the 

following stage is less concentrated, and thus, the rejection can be higher than in the previous 

stage. Consequently, the NF stages should be arranged with increasing rejections until the 

permeate is sufficiently diluted to operate with nearly 100% rejection, e.g., using a RO stage. 

The brine of the first stage is the outlet reconcentrated LD, while the brine of each subsequent 

stage must be recirculated to the input of the respective upstream stage to avoid desiccant 

losses. The final RO stage produces pure water; its flowrate should be equal to the moisture 

that the LD absorbed in the dehumidifier. Therefore, the NF rejections should also be adjusted 

based on the absorbed moisture. Moreover, the permeate from the multi-stage system may be 

used for irrigation, thus closing the water cycle by directing the permeate to the crops. The 

multi-stage regenerator requires power for the pump upstream of each stage. The power 

requirement is approximately proportional to the number of stages. On the one hand, a small 

number of stages may not be able to reconcentrate the LD due to the high osmotic pressure. 

On the other hand, many stages can concentrate the LD, but with too many stages the power 

requirement may increase with little benefit. Therefore, an optimal number of stages must 

exist that minimises the power requirement for a given LD concentration. As a rule, the 

rejections of the NF membranes should be as high as possible but should also be chosen based 

on the target moisture removal rate. 
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The power requirement can be decreased by using an energy recovery device (ERD) to 

capture the high pressure of the concentrated LD and transfer its energy to the inlet diluted 

LD, thus avoiding wastage of this energy [273]. The proposed NF-LDAC system has 

photovoltaic (PV) collectors on top of the greenhouse to generate electricity to power the 

multi-stage regenerator. The PV collectors also provide shading which reduces the heat load 

entering the greenhouse. However, the shading factor should not be too high, otherwise 

photosynthesis will be slowed down. 

 

 

Figure 3-2. Schematic of a N-stage nanofiltration (NF) regenerator. The diluted liquid desiccant (LD) enters the 

system while the outputs are the concentrated LD and the permeate for irrigation. The system is composed of N-

1 NF stages with rejections Ri, where “i” indicates the positioning number of the stage. The last stage is a 

reverse osmosis (RO) with a rejection of 100%. The NF stages have rejections in the range of 10–50%. The 

system includes an energy recovery device (ERD) that decreases the energy consumption of the system by 

recovering the pressure energy of the concentrated LD. A pump is placed before every stage which pressurises 

the feed to the desired pressure. In industrial applications, NF operates at 40 bar while RO at 70 bar. 

 

The closed: NF-LDAC model includes the multi-stage NF regenerator, the dehumidifier, 

and the greenhouse. The modelling of the NF regenerator is first developed for a 1- stage 

regenerator, and then as a multi-stage regenerator by considering mass and flow balances 

among the stages. Following the approach of Wang et al. [73], this study also assumes that the 

pressure applied to each membrane equals the transmembrane osmotic pressure. This means 

that the model does not consider pressure losses. Moreover, the assumption of applied 

pressure being equal to the transmembrane osmotic pressure is ideal, but in practice the stages 

would not produce any permeate. Unlike in Wang et al. [73], the osmotic pressure here is 
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calculated using the Gibbs energy rather than the van ’t Hoff equation which is an 

approximation valid only for dilute solutions. Since the LD must be highly concentrated in 

LDAC applications, such an approximation would be invalid for LDAC systems. Also, in 

contrast to Wang et al., the proposed design utilises the RO membrane in the last rather than 

the first stage. Due to the high concentration of the inlet LD, a first RO stage would not 

produce any permeate since the osmotic pressure difference to overcome would be higher 

than its burst pressure. 

Then, a dehumidifier model is used to calculate the output conditions of the air and the LD 

passing through the dehumidifier. This dehumidifier model is based on the vapour pressure 

difference which is the driving force of moisture absorption. It calculates how much moisture 

must be absorbed by the LD to equilibrate the vapour pressures, while also accounting for 

energy balance. The dehumidifier model is presented in detail and validated with experiments 

in Appendix 1. Finally, the greenhouse is modelled by accounting for the solar radiation, the 

effect of the ambient conditions, and the crop transpiration. 

The multi-stage NF regenerator and greenhouse models, though not validated directly in 

this Chapter (the multi-stage NF regenerator model is validated later in Chapter 5), have been 

validated elsewhere. The multi-stage NF regenerator model is based on the seminal work of 

Wang et al. [73] and is based on mass and flow conservation equations and thermodynamic 

principles. Compared to Wang et al., the multi-stage NF regenerator model here has been 

further developed by introducing the Gibbs energy equation to calculate the osmotic pressure 

more accurately at high concentrations. The greenhouse model is similar to Davies’ model [9] 

which was experimentally validated by Abu-Hamdeh and Almitani [269] who investigated a 

300 m2 in Saudi Arabia and found errors below 6% using air mass flows of 3–30 kg/s. The 

greenhouse model also includes a refinement in the calculation of crop transpiration, by using 
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the equation proposed by Stanghellini [274]. Although there are different crop transpiration 

equations, comparative experimental studies found Stanghellini equation to be the most 

accurate for greenhouses [275, 276]. 

 

3.2.1 Modelling of the multi-stage regenerator 

A schematic of the 1-stage regenerator with its input and outputs is shown in Figure 3-3. A 

single stage must satisfy the flow and mass conservation equations and the equation of 

rejection. Regarding the flow conservation, the feed flowrate entering a stage (�̇�f) [L/h] must 

be equal to the sum of the output flowrates of the brine (�̇�b) [L/h] and the permeate (�̇�p) [L/h], 

as described in Eq. 2-1. 

 �̇�f = �̇�b + �̇�p (2-1) 

Regarding the mass conservation, the product of the feed concentration (𝐶f) [g/L] and feed 

flowrate must be equal to the product of the brine concentration (𝐶b) [g/L] and brine flowrate 

plus the product of the permeate concentration (𝐶p) [g/L] and permeate flowrate, as described 

in Eq. 2-2. 

 �̇�f𝐶f = �̇�b𝐶b + �̇�p𝐶p (2-2) 

 

Lastly, the rejection (𝑅) is defined as 1 minus the permeate concentration which is divided 

by the feed concentration: 

 𝑅 = 1 −
𝐶p

𝐶f
  (2-3) 
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Figure 3-3. Schematic of the 1-stage regenerator. The “V̇” values represent flowrates, “C” concentrations, and 

“R” the rejection. The subscript letter “f” represents the feed, “b” represents the brine, and “p” the permeate. 

 

The osmotic pressure difference (𝛥𝛱) based on Gibbs energy [bar] can be calculated as 

(adapted from Smith [277]): 

 

 𝛥𝛱 =
𝑇K�̅�u[ln(𝐸𝑅𝐻p) − ln(𝐸𝑅𝐻b)]

𝑉w
     (2-4) 

where 𝛥𝛱 is assumed equal to is the applied pressure (ΔP) [bar], R̅u = 8.314 J/(K mol) is the 

universal gas constant, which must be converted to 0.0832 (L bar)/(K mol) for consistency 

with the units of the other parameters, TK is the temperature [K], Vw =0.018 L/mol is the 

inverse of the pure water molarity, 𝐸𝑅𝐻p and 𝐸𝑅𝐻b are the equilibrium relative humidities of 

the permeate and brine, respectively. Conde et al. [47] measured the 𝐸𝑅𝐻 of CaCl2 (ERHCaCl2) 

for various concentrations; these data were used to create a polynomial fit of ERHCaCl2 as 

function of concentration: 
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 𝐸𝑅𝐻CaCl2 =  26.96𝑥4 − 19.23𝑥3 +  0.6232𝑥2 − 0.4079𝑥 + 1   (2-5) 

where 𝑥 is the CaCl2 mass fraction per mass of solution. The outputs of a single stage can be 

calculated by rearranging equations 2-1, 2-2, 2-3, and 2-4. Thus, the concentration of the 

permeate of the stage can be calculated as: 

𝐶p = 𝐶f(1 − 𝑅) (2-6) 

The 𝐸𝑅𝐻 of the brine can be calculated as: 

𝐸𝑅𝐻b = exp [ ln(𝐸𝑅𝐻p) −
𝛥𝑃 𝑉w

𝑇K�̅�u
] (2-7) 

 

where the weight concentration (percentage of solute per solution) of the brine (𝑤𝑡b) [wt.%] 

can be calculated by inverting Eq. 2-5 as: 

𝑤𝑡b = −498 𝐸𝑅𝐻b
4 + 1091 𝐸𝑅𝐻b

3 − 853.6 𝐸𝑅𝐻b
2 +  236 𝐸𝑅𝐻b +  25.46   (2-8) 

where 𝑤𝑡b is converted to 𝐶b [g/L] using the following equation: 

 𝐶b =

𝑤𝑡b

102 − 𝑤𝑡b

10−3 +
𝑤𝑡b/𝜌CaCl2

102 − 𝑤𝑡b

   (2-9) 

where 𝜌𝐶𝑎𝐶𝑙2 is the density of pure solid anhydrous CaCl2 equal to 2150 kg/m3. The output 

flowrates of the single stage are calculated by rearranging equations 2-1 and 2-2, thus: 

 
�̇�b = �̇�f

𝐶f − 𝐶p

𝐶b − 𝐶p
 

(2-10) 

 �̇�p = �̇�f − �̇�b  (2-11) 

Figure 3-4 shows how the recovery, i.e., �̇�p/�̇�f, of the 1-stage varies with R, Cf, and 𝛥𝑃. 
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Figure 3-4. A) Recovery of the 1-stage regenerator against rejection (R) for CaCl2 concentrations (Cf) of 5, 10, 

15, and 20 wt.% (equivalent to 50, 105, 165, and 225 g/L), ΔP of 40 bar, and T of 25 °C. B) Recovery of the 1-

stage regenerator against R for applied pressures (ΔP) of 40, 55, and 80 bar, Cf of 5 wt.% (50 g/L), and T of 

25 °C. 

 

In the multi-stage NF regenerator, the inputs and outputs of the stages are related to each 

other. For a N-stage regenerator composed of N-1 NF stages and a last RO stage, the feed 

flowrate of the jth NF stage (�̇�f,j) [L/h] is equal to the sum of the permeate flowrate of the 

previous stage ( �̇�p,j−1 ) [L/h] and the brine flowrate of the next stage ( �̇�b,j+1 ) [L/h], as 

described by Eq. 2-12. 

�̇�f,j = �̇�p,j−1 + �̇�b,j+1     (2-12)  

Similarly, the feed concentration of the jth NF stage (𝐶f,j) [g/L] is given by: 

𝐶f,j =
�̇�p,j−1𝐶p,j−1 + �̇�b,j+1𝐶b,j+1

�̇�f,j

    
 (2-13) 

 

Equations 2-12 and 2-13 are valid for j from 1 to N-1. For j=N, since there is no brine 

recirculation in the last RO stage, the feed flowrate (�̇�f,N) [L/h] and concentration (𝐶f,N) [g/L] 

at the RO stage are given by: 
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�̇�f,N = �̇�p,N−1    (2-14) 

𝐶f,N =
�̇�p,N−1𝐶p,N−1

�̇�f,N

 
 (2-15) 

 

The electric power requirement of the N-stage regenerator (Powerreg) [kWel] is given by 

the sum of the electric power requirements of the pumps Powerpump,j [kWel] preceding each 

stage. For j from 1 to N, Powerpump,j is calculated as: 

𝑃𝑜𝑤𝑒𝑟pump,j =
∆𝑃 �̇�p,j−1

36 × 103 𝜂pump
    (2-16) 

 

where �̇�p,N−1 is the flowrate [L/h] entering the pump before the jth stage. For the first stage 

(j=1), �̇�p,0 is equal to �̇�f,1. ηpump is the efficiency of the pump, assumed equal to 0.85 based on 

manufacturer datasheets [278]. ∆𝑃 is set to 40 bar for the NF stages [124-126, 128] and 70 bar 

for the RO stage [63]. An ERD can be used to save energy (PowerERD) [kWel] that would be 

wasted otherwise, calculated as: 

𝑃𝑜𝑤𝑒𝑟ERD =
∆𝑃 �̇�b,1 𝜂ERD

36 × 103
 

 
 (2-17) 

 

 

where �̇�b,1  is the flowrate of the concentrated LD and ηERD is the efficiency of the ERD 

assumed equal to 0.9 (isobaric pressure exchanger [279] with 5% friction losses). Therefore, 

Powerreg is calculated as: 

𝑃𝑜𝑤𝑒𝑟reg = ∑ 𝑃𝑜𝑤𝑒𝑟pump,j − 𝑃𝑜𝑤𝑒𝑟ERD

𝑁

𝑗=1

  
(2-18) 
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The electric specific energy consumption (SECel) [kWhel/m
3] of the multi-stage NF 

regenerator is given by dividing Powerreg with the outlet permeate flowrate (�̇�p,end) [L/h]: 

 

𝑆𝐸𝐶el = 3.6
𝑃𝑜𝑤𝑒𝑟reg

�̇�p,end

   
 (2-19) 

 

 

The main case – LD mass flow of 20 kg/s, LD concentration of 15 wt.% (165 g/L) and LD 

temperature of 30 °C – has a SECel of 86 kWhel/m
3. 

Due to the brine recirculation, the above equations initially indicate time-varying feed 

flowrates at each stage, which converge to steady values after a certain simulation time. Since 

a high number of stages is required for concentrated LDs, the system is complex and can be 

solved using software, such as Matlab-Simulink® (release 2022a, Natick, Massachusetts: The 

MathWorks Inc). For instance, CaCl2 with a concentration of 15 wt.% (165 g/L) requires at 

least 9 stages. This concentration was used for the main case because it maintains the RHgh 

within optimal range of 70–90%. 

 

3.2.2 Modelling of the greenhouse 

To calculate Tgh [°C], the following heat balance equations can be used (taken from Davies 

[9]): 

 �̇�gh = �̇�Air 𝑐p,Air(𝑇out − 𝑇cool) + ℎ𝐴s(𝑇gh − 𝑇amb) + 𝐸𝑇c𝜆  (2-20) 

 �̇�gh =  𝐼𝑟𝑟𝐴gh𝜏𝛼(1 − 𝛽)  (2-21) 

 𝑇gh =
𝑇cool + 𝑇out

2
  (2-22) 

 

 

where �̇�gh is the exchanged heat in the greenhouse [kWth], �̇�Air is the air mass flow [kg/s], 

ℎp,Air is the air heat capacity [kJ/(kg K)], ℎ is the heat loss coefficient [kW/(m2 K)], 𝐴s is the 
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greenhouse surface area of the walls [m2],  𝐼𝑟𝑟  is the solar radiation [kW/m2], 𝐴gh  is the 

greenhouse plan area [m2], 𝜏 is the roof transmittance, 𝛼 is the absorbance of greenhouse floor 

with crop, 𝛽 is the fraction of 𝐴gh covered by PV collectors, 𝐸𝑇c is the crop transpiration rate 

[kg/s] and 𝜆 is the latent heat of evaporation [kJ/kg]. 𝑇gh is assumed equal to the average of 

the cool air directed to the crops (𝑇cool) and the air temperature at the end of the greenhouse 

(𝑇out). 

The performance of closed: NF-LDAC is compared against three conventional open 

ventilated cooling technologies: simple fan ventilation (Ventilation), evaporative cooling 

(EvapC), and evaporative cooling combined with LDAC (EvapC+LDAC). For these four 

cooling technologies, 𝑇cool is calculated as: 

a) Ventilation: 𝑇cool = 𝑇amb 

b) EvapC: 𝑇cool = 𝑇amb − 𝜀evap(𝑇amb − 𝑇wb
amb) 

c) EvapC+LDAC: 𝑇cool = 𝑇out
deh − 𝜀evap(𝑇out

deh − 𝑇wb
deh) 

d) closed: NF-LDAC: 𝑇cool = 𝑇out
deh 

 

where 𝑇wb
amb is the wet-bulb temperature of the ambient air, 𝜀evap is the effectiveness of the 

evaporative cooling pad, 𝑇out
deh  is the outlet air temperature from the dehumidifier and 

𝑇wb
deh  is the wet-bulb temperature of the air at the exit of the dehumidifier. 𝑇out

deh  is 

calculated using Eq. 1-1 to Eq. 1-14, as described in Appendix 1. 

The temperature parameters used in Eq. 2-20 to Eq. 2-22 can be seen in Figure 3-1 for a 

better understanding. The combination of Eq. 2-20 to Eq. 2-22, yields: 
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𝑇gh =

 𝐼𝑟𝑟𝐴gh𝜏𝛼(1 − 𝛽) − 𝐸𝑇c𝜆 + 2�̇�Air𝑐p,Air𝑇cool + ℎ𝐴s𝑇amb

2�̇�Air𝑐p,Air + ℎ𝐴s
 

    (2-23) 

 

 
𝑇out = 2𝑇gh − 𝑇cool (2-24) 

 

Since the model assumes closed recirculation, it is necessary to calculate the absolute 

humidity increment resulting from the crop transpiration (𝐸𝑇c). 𝐸𝑇c [kg/s] is calculated as 

[274]: 

 𝐸𝑇𝑐 =
2𝑘𝑐𝐿𝐴𝐼

𝜆

𝛥 𝑅n
3600

+
(𝑉𝑃𝐷𝜌Air𝑐p,Air)

𝑟R

𝛥 + 0.06735(1 +
𝑟c

𝑟a
⁄ )

𝐴gh   (2-25) 

 

 

where 𝑘c  is the crop coefficient, 𝐿𝐴𝐼  is the leaf area index [m2/m2], 𝛥 is the slope of the 

saturation vapour pressure curve [kPa/K], 𝑅n is the net radiation above the canopy [kJ/(m2 h)], 

VPD is the vapour pressure deficit of the air [kPa], 𝜌Air is the density of the air [kg/m3], 𝑟R is 

the radiative resistance [s/m], 𝑟c is the internal resistance of the canopy [s/m], and 𝑟a is the 

aerodynamic external resistance [s/m]. The equations to calculate these parameters are 

provided in Appendix 2. The absolute humidity at the end of the greenhouse (𝜔out) [gv/kga] 

can be calculated as: 

 𝜔out = 103
 �̇�v,cool + 𝐸𝑇c

 �̇�d,cool
  (2-26) 

 

 

where  �̇�v,cool is the moisture mass flow at the exit of the dehumidifier [kg/s] and  �̇�d,cool is 

the mass flow of dried air at the exit of the dehumidifier [kg/s]. Once 𝑇out  and 𝜔out  are 

calculated, the air conditions at the end of the greenhouse are fully determined. This air is 

directed to the dehumidifier. 
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Generally, the COP is calculated as the heating or cooling power output divided by the 

required input electric power [280]. In this case, the 𝐶𝑂𝑃  is calculated as the produced 

cooling power [kWth] divided Powerreg [kWel]: 

 𝐶𝑂𝑃 =
�̇�gh

𝑃𝑜𝑤𝑒𝑟reg
  (2-27) 

 

The multi-stage regenerator is assumed to be powered by PV collectors with power output 

𝑃PV [kWel] given by: 

𝑃PV = 𝜂PV𝐼𝛽𝐴gh  
(2-28) 

 

where 𝜂PV is the efficiency of the PV collectors, assumed equal to 18% based on commercial 

PV collectors [281]. The 𝑃PV values are calculated using maximum solar radiations. Since the 

solar radiation varies based on time and climate, it is assumed that the PV collectors also 

include a solar battery storage. Thus, the multi-stage NF regenerator absorbs the required 

electric power from the solar battery storage when the power is needed. 

Equations from 2-20 to 2-27 are used in an iterative method to simulate the closed 

recirculation of the greenhouse. The model is steady state, corresponding to 7 iterations as 

required for the convergence of 𝑇gh (iterations were repeated until the percentage difference 

was below 0.02%). 

Due to their high thermal inertia, residential buildings usually require dynamic modelling 

for accurate predictions. For greenhouses, however, steady-state models may be sufficient. 

For example, Kittas et al. [270] investigated a commercial greenhouse with an evaporative 

cooling system and found good agreement between their steady-state model and experimental 

results. The authors measured the temperature at the middle of the greenhouse with an error of 
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6% compared to their model. They also measured the temperature at the end of the 

greenhouse with an error of 3% compared to their model. Moreover, Abu-Hamdeh and 

Almitani [269] experimentally investigated a 300 m2 greenhouse and compared their results 

using the steady-state model of Davies’ study [9] (the model in this Chapter is also based on 

Davies’ study). The authors measured the greenhouse temperature with air mass flows of 3–

30 kg/s using EvapC+LDAC and found the steady-state model to be accurate (error below 

6%). At the design phase, steady-state models give reliable results for greenhouses. For the 

steady-state model of closed: NF-LDAC, all parameters are considered constant. However, 

parameters such as kc, LAI, and air flows are time dependent. At the performance phase, 

dynamic modelling could point out how to maximise the performance of closed: NF-LDAC 

based on climate and operating conditions. Such predictions require dynamic modelling based 

on time dependent parameters. 

The values of the constant parameters used for the idealised steady-state model are 

summarised in Table 3-1. The values regarding the greenhouse dimensions and materials are 

based on typical greenhouses, taken from Davies [9]. The values for the maximum monthly 

solar radiations, maximum monthly ambient temperatures and average monthly ambient 

relative humidities for Mecca (hot and humid), Timbuktu (hot and arid), and Cairo (semi-hot 

and semi-arid) are shown in Table 3-2. The weather data was taken from TRNSYS® software 

(which generates the weather data using Meteonorm version 5.0.13). 
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Table 3-1. Values of constant parameters used for the greenhouse model. Values with an “*” are taken from 

Davies [9]. 

Parameter Value Unit Full name of parameter 

𝛼  0.7*   Absorbance of greenhouse floor with crop 

𝛽  0.5*   Fraction of roof area covered by PV collectors  

𝜏  0.8*   Roof transmittance  

ℎ  0.0042* kW/(m2 K) Heat loss coefficient  

𝐴gh  250*  m2 Floor area of the greenhouse  

𝐴s  450*  m2 Surface area of the greenhouse  

�̇�Air  20  kg/s Air mass flow 

ℎp,Air  1.013  kJ/(kg K) Heat capacity of the air  

𝐿𝐴𝐼  0.8 m2/m2 Leaf area index  

𝑘c  0.45   Crop coefficient  

�̇�LD  20 kg/s Liquid desiccant mass flow  

𝜂PV   0.18   Efficiency of the photovoltaic collectors 

𝜂pump  0.85   Efficiency of the pump  

𝜀evap  0.8   Effectiveness of the evaporator 
 

 

Table 3-2. Maximum monthly solar radiations, maximum monthly ambient temperatures, and average monthly 

ambient relative humidities for A) Mecca (hot and humid), B) Timbuktu (hot and arid), and C) Cairo (semi-hot 

and semi-arid). 

 Maximum ambient temperature [°C] 

A 34.7 35.15 39.05 41.2 44.75 45.45 46.35 44 43.9 41.4 37.3 34.85 

B 33.1 36.05 38.65 41.55 42.6 42.25 42.35 38.85 39.65 39.3 35.3 31.6 

C 22.4 25.65 31.15 36.5 37.5 38.65 39.15 35.9 36.3 33.15 28.5 23.95 

 
Maximum solar radiation [kW/m2] 

A 0.820 0.953 1.004 1.039 1.053 1.057 1.054 1.027 1.012 0.993 0.890 0.787 

B 0.843 0.940 0.995 1 0.997 0.970 0.973 0.976 0.968 0.933 0.866 0.820 

C 0.658 0.786 0.909 0.976 0.988 1.010 0.989 0.951 0.906 0.822 0.695 0.593 

 
Average ambient relative humidity [%] 

A 77.5 78.5 72 64 63 59 62 70.5 74 74.5 81 89 

B 33.16 25.85 26.42 34.93 42.36 49.65 56.24 68.03 65.91 55.66 38.17 36.14 

C 59.4 52.57 49.74 43.63 41.62 46.54 55.25 58.85 58.58 56.96 61.08 62.59 
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3.3 Results 

The four technologies, namely Ventilation, EvapC, EvapC+LDAC, and closed: NF-LDAC 

have different equations for 𝑇cool, from which 𝑇gh is calculated. Figure 3-5 shows 𝑇gh results 

for the four technologies. The seventh (i.e., final and convergent) iteration is shown for 

closed: NF-LDAC. 

 

 

 

Figure 3-5. Monthly ambient temperature (Tamb) and monthly greenhouse temperature (Tgh) calculated for four 

cooling technologies: A) simple fan ventilation (Ventilation), B) conventional evaporative cooling (EvapC), C) 

evaporative cooling coupled with conventional LDAC (EvapC+LDAC), and D) the proposed closed recirculated 

LDAC using a multi-stage nanofiltration regenerator (closed: NF-LDAC). Cases A, B, and C are illustrated in a 

previous paper [9]. Case D) shows the results for the seventh (last and convergent) model iteration. Case D) is 

illustrated in Figure 3-1. These results are regarding hot and humid climates (such as Mecca, Saudi Arabia). 

 

Regarding the COP of closed: NF-LDAC, this remains between 11.9 and 13, with an 

average of 12.4 during the year (Figure 3-6). The COP depends on the power requirement of 

the 9-stage NF regenerator, which requires at maximum 6.2 kWel (Figure 3-6). The COP is 

calculated using maximum solar radiations which represent the worst conditions for the 

greenhouse, but the best for the PV collectors which can generate more power. 
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Figure 3-6. Monthly coefficient of performance (COP) for closed: NF-LDAC using a 9-stage nanofiltration 

regenerator (values on the left y-axis) and monthly power requirement of the 9-stage NF regenerator (values on 

the right y-axis). The results are regarding hot and humid climates (such as Mecca, Saudi Arabia) for a 250 m2 

greenhouse. 

 

The results of Figures 3-5 and 3-6 are for the main case using CaCl2 with a mass flow of 

20 kg/s, concentration of 15 wt.% (165 g/L), and temperature of 30 °C. The LD temperature is 

an important parameter that can affect the greenhouse conditions. Therefore, three LD 

temperatures of 25, 30, and 35 °C have been considered and the results for the monthly 𝑇gh, 

𝑅𝐻gh, and 𝜔gh are shown in Figure 3-7. 
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Figure 3-7. A) Monthly greenhouse temperature (Tgh), B) monthly greenhouse relative humidity (RHgh), and C) 

monthly greenhouse humidity ratio (ωgh) for LD temperatures (TLD) of 25, 30, and 35 °C. These results are 

regarding hot and humid climates (such as Mecca, Saudi Arabia) for closed: NF-LDAC. 

 

Other parameters with a significant effect are the LD mass flow, the sink temperature, and 

the fraction of plan area covered by PV collectors (𝛽). Regarding the LD mass flow, the 

monthly 𝑇gh, 𝑅𝐻gh, and 𝜔gh are shown in Figure 3-8 for LD mass flows of 10, 20, and 30 

kg/s. 

 

 
Figure 3-8. A) Monthly greenhouse temperature (Tgh), B) monthly greenhouse relative humidity (RHgh), and C) 

monthly greenhouse humidity ratio (ωgh) for LD mass flows (ṁLD) of 10, 20, and 30 kg/s. These results are 

regarding hot and humid climates (such as Mecca, Saudi Arabia) for closed: NF-LDAC. 

 

Lower 𝑇gh  and 𝑅𝐻𝑔ℎ  can be achieved with higher LD mass flows, but 𝑇gh  and 𝑅𝐻𝑔ℎ 

change marginally between LD mass flows of 20 and 30 kg/s. Since a LD mass flow of 30 

kg/s would be hard to achieve at the dehumidifier, the LD mass flow of the main case was set 

to 20 kg/s. The Powerreg and SECel of the 9-stage NF regenerator for the three investigated LD 

mass flows are shown in Table 3-3. 
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Table 3-3. Electric specific energy consumption (SECel) and electric power requirement (Powerreg) of the 9-stage 

NF regenerator for LD mass flows (ṁLD) of 10, 20, and 30 kg/s. 

�̇�LD [kg/s] 𝑃𝑜𝑤𝑒𝑟reg [kWel] 𝑆𝐸𝐶el [kWh/m3] 

10 7.1 105 

20 6.2 86 

30 5.3 78 

 

Regarding the sink temperature, this study considers a main case value of 30 °C. The sink 

temperature is important as lower sink temperatures allows lower 𝑇gh. Figure 3-9 shows the 

results for the monthly 𝑇gh, 𝑅𝐻gh, and 𝜔gh having sink temperatures of 30 and 26 °C. The 

sink temperature of 26 °C was arbitrarily selected as a temperature below 30 °C to compare 

with the sink temperature of 30 °C. 

 

 

 

Figure 3-9. A) Monthly greenhouse temperature (Tgh), B) monthly greenhouse relative humidity (RHgh), and C) 

monthly greenhouse humidity ratio (ωgh) for sink temperatures (sink T) of 26 and 30 °C. These results are 

regarding hot and humid climates (such as Mecca, Saudi Arabia) for closed: NF-LDAC. 

 

 

Regarding 𝛽, a value of 0.5 was used. The minimum 𝛽 for single-band gap PV collectors is 

0.15 [93], but 𝛽 of 0.15 is too low. The 𝑇gh increases by 3 °C by decreasing 𝛽 from 0.5 to 

0.15 (Figure 3-10). Since 𝛽 of 0.5 maintains the 𝑇gh below 32 °C (maximum allowable), 𝛽 of 

0.5 was selected as the main case value. 
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Figure 3-10. Monthly greenhouse temperature (Tgh) calculated for PV collectors covering fractions of 0.5, 0.3, 

and 0.15 of the greenhouse plan area (β). These results are regarding hot and humid climates (such as Mecca, 

Saudi Arabia) for closed: NF-LDAC. 

 

Finally, climate is also investigated. The main case climate is hot and humid (like Mecca, 

Saudi Arabia), but the same greenhouse model was evaluated for hot and arid (like Timbuktu, 

Mali) and semi-hot and semi-arid climates (like Cairo, Egypt). Figure 3-11 shows the 

monthly 𝑇𝑔ℎ for these other two climates. 
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Figure 3-11. Monthly ambient temperatures and monthly greenhouse temperature (Tgh) calculated for four 

cooling technologies, as labelled in Figure 3-5, considering weather conditions of A) hot and arid climate (like 

Timbuktu, Mali) and B) semi-hot and semi-arid climate (like Cairo, Egypt). 

 

3.4 Discussion 

In hot and humid climates, such as Mecca, the technology using only a fan (Ventilation) 

does not provide any cooling; thus 𝑇𝑔ℎ is equal to the ambient temperature. The addition of 

evaporative cooling (EvapC) achieves a temperature drop of 5.8 °C compared to Ventilation 

during summer; while the addition of both evaporative cooling and LDAC (EvapC+LDAC) 

achieves a temperature drop of 8.9 °C compared to Ventilation during summer (Figure 3-5). 

The proposed closed: NF-LDAC system, operating in closed recirculation using LDAC and a 

dehumidifier, achieves even lower temperatures, having 𝑇gh  of 4 °C lower than 

EvapC+LDAC during summer. 

The closed: NF-LDAC system was evaluated by varying different parameters, including 

LD temperature, sink temperature, and fraction of greenhouse plan area covered by PV 

collectors (𝛽). Regarding the LD temperature, lower LD temperatures are preferred because 

lower 𝑇𝑔ℎ and 𝑅𝐻gh can be achieved (Figure 3-7). The LD mass flow was also investigated, 

with higher LD mass flows achieving lower 𝑇gh and lower 𝑅𝐻gh (Figure 3-8). If the rejections 

of the membranes were held constant, higher LD mass flow would result in higher power 

requirement for the multi-stage NF regenerator because the power of the pumps is 
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proportional to the mass flow. However, higher LD mass produces more permeate. To 

maintain the permeate flowrate constant, the recovery must decrease by increasing the 

rejection of the membranes (see opposite trend of recovery and rejection in Figure 3-4), which 

decreases the flows across the multi-stage system, and thus decreases the power requirement 

of each pump. Consequently, higher LD mass flow decreases the electric power requirement 

and the SECel of the NF regenerator (Table 3-3). 

Regarding the efficiency of closed: NF-LDAC for the main case (CaCl2 with a mass flux of 

20 kg/s, a temperature of 30 °C and a concentration of 15 wt.% or 165 g/L), an average COP 

of 12.4 (Figure 3-6) was achieved with 𝑇gh below 32°𝐶 and 𝑅𝐻gh below 90% throughout the 

year. This COP approaches the maximum of 14.3 based on the ideal equation taken from 

Lefers et al. [5] for CaCl2 with a concentration of 15 wt.% (165 g/L). A COP of 12.4 is 

significantly higher than the experimentally obtained with open evaporative solar regenerators, 

where values of only 0.3–0.5 were reported [57]. Moreover, commercial chillers using vapour 

compression have COP values of 2.5–4.3 [282-284]. This means that closed: NF-LDAC 

achieves COP values three times higher than commercially available technologies. 

Although a 9-stage NF regenerator may be complex and expensive, there is potential to 

reduce the number of stages with improved NF membranes. The 9-stage system, using an 

applied pressure (ΔP) of 40 bar for the NF stages, requires at most 6.2 kWel to reconcentrate 

CaCl2 with a concentration of 15 wt.% (165 g/L) and achieves a SECel of 86 kWhel/m
3. By 

using NF stages withstanding pressures of 55 bar, the 4-stage regenerator requires at most 6.2 

kWel, achieves a SECel of 87 kWhel/m
3, and maintains the same COP as the 9-stage 

regenerator. This means that the NF stages require a burst pressure above 55 bar, which is 

reasonable since commercial RO membranes have burst pressures of 83 bar [107, 108]. Thus, 

research regarding the fabrication of NF membranes with higher burst pressures would 
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decrease the number of stages, the cost, and the size of the regenerator. The 4-stage and 9-

stage regenerators have almost the same SECel for two reasons. On the one hand, the SECel is 

proportional to the power requirement of the pumps which in turn are proportional to ΔP. If 

the flow is fixed, a ΔP of 55 bar increases the power requirement by 38% compared to a ΔP of 

40 bar. On the other hand, a 4-stage regenerator has fewer pumps and lower recirculating 

flows compared to the 9-stage regenerator. These two effects nearly cancel each other for this 

specific case, resulting in similar SECel values for both the 4-stage and 9-stage regenerators. 

Regarding the effect of the sink temperature, lower sink temperature results in lower 𝑇gh 

(Figure 3-9). Specifically, a sink temperature of 26 °C obtains a 𝑇gh of 3.6 °C lower than the 

sink temperature of 30 °C. 

Regarding 𝛽, the model used a 𝛽 of 0.5 with a PV efficiency of 18%. The PV collectors 

produce from 15.7 to 23.6 kWel considering monthly maximum solar radiations. Since the 

maximum power of the multi-stage NF regenerator is only 6.2 kWel (Figure 3-6), the PV 

collectors produce more than twice the energy requirement of the multi-stage regenerator. 

However, lower 𝛽  results in 𝑇gh  above the allowed maximum of 32 °C because of less 

shading (Figure 3-10), so these oversized PV collectors are preferred. Excess electricity may 

be possible to be exported to the grid if there is a scheme allowing the consumer to do so. If 

not, the excess electricity could be stored in batteries for local utilisation. For example, it may 

be helpful in maintaining system operation under transient conditions such as passing clouds. 

However, batteries have a high cost and their utilisation will depend on the payback time of 

the system. Another option is to employ a lower PV collector area together with passive 

shading to achieve 50% of overall shading and thus maintain the greenhouse temperature 

below 32 °C. 
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Theoretically, a 𝛽  of 0.15 is the minimum for single-band gap PV collectors [93]. 

Although 𝛽 of this study is higher than the ideal, future improvements in PV technology, such 

as higher PV efficiencies (ηPV) or selective PV cells, could lower 𝛽 to values close to this 

ideal. On the one hand, higher 𝜂PV would capture the same solar energy with a smaller PV 

area. Commercial PV cells have ηPV of ~20% [285], however, newer PV types such as 

thermophotovoltaics would require half the area of commercial PV cells because they can 

reach ηPV of ~40% [286]. On the other hand, selective PV cells capable of rejecting the 

infrared radiation would decrease 𝑇gh . The infrared radiation makes up half of the total 

incoming radiation but, since infrared radiation is rejected by the crops [23], it only increases 

𝑇gh. Therefore, selective PV cells would be a major improvement for greenhouse applications, 

albeit their high expected cost. 

Based on the second law of thermodynamics, a regeneration system driven by a generic 

solar thermal collector could provide cooling with a 𝛽 of 0.37 [93]. However, experimental 

studies regarding open-type solar LD regenerators found that a β of 4 (i.e., four times the 

greenhouse plan area) is required depending on the climate [22]. Closed-type solar LD 

regenerators have also been investigated for LD regeneration and are expected to be more 

energy efficient than open-type regenerators [287]. For example, Yang and Wang [288] 

investigated a closed-type solar collector coupled with an evaporator to reconcentrate a LiCl 

solution. Although their study did not calculate 𝛽 (as they did not investigate greenhouses), a 

comparison can be made based on the evaporated water which was 2.7 times higher than the 

open-type solar LD regenerator mentioned earlier [22]. Thus, closed-type solar LD 

regenerators may require a 𝛽 of 1.5 (but would also require water for the evaporator) which is 

still much higher than 𝛽 of 0.5 used for closed: NF-LDAC. Therefore, the results shows that a 
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multi-stage NF regenerator makes the system more compact, as the required 𝛽 is several times 

lower compared to conventional open-type and closed-type solar collectors. 

The effect of climatic conditions is mitigated by the greenhouse closed air recirculation. 

Thus, closed: NF-LDAC maintains 𝑇gh below 32 °C independently of the climate (Figure 3-

11). During winter, in a semi-hot and semi-arid climate (such as Cairo), EvapC and 

EvapC+LDAC achieve lower 𝑇gh than closed: NF-LDAC. This is because the 𝑇amb is lower 

than the sink temperature (assumed equal to 30 °C). Therefore, closed: NF-LDAC is 

advantageous when 𝑇amb is above the sink temperature. During summer for semi-hot and 

semi-arid climates and during winter for hot and arid climates (such as Timbuktu), EvapC 

and EvapC+LDAC achieve lower temperatures than closed: NF-LDAC. This is because 

EvapC achieves low 𝑇gh when operated with low 𝑅𝐻amb. Nonetheless, EvapC has high water 

demands. Based on energy balance equations, 10.36 L of water evaporates daily during winter 

for every m2 of greenhouse plan area [L/(m2 day)] (considering an inlet water temperature of 

30 °C and an evaporative cooling pad effectiveness of 0.8). During summer, the evaporated 

water increases to 20.72 L/(m2 day). Since the water supply must be higher than the rate of 

evaporation, EvapC would require at least 12 L/(m2 day) of water during winter, and 24 L/(m2 

day) during summer. Therefore, closed: NF-LDAC could include EvapC to achieve lower 

monthly 𝑇gh for semi-hot and semi-arid and hot and arid climates, but the water demand 

would be an issue for such water-scarce locations. 

A conventional greenhouse requires water for the evaporative cooling pads and for 

irrigation. closed: NF-LDAC eliminates the need of evaporative pads because the LD is 

cooled using seawater (for example, using a liquid-to-liquid heat exchanger). Regarding the 

requirement for irrigation in conventional greenhouses, this is typically close to the crop 

transpiration rate. This water requirement is eliminated by closed: NF-LDAC because the 
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evaporated moisture from the crops is absorbed by the LD, collected as the permeate of the 

multi-stage NF regenerator, and reused for irrigation. Consequently, closed: NF-LDAC saves 

at least 16.8 L/(m2 day) of water during winter, and 30.6 L/(m2 day) during summer. 

 

3.5 Conclusions 

A novel LD regeneration system using a multi-stage NF regenerator for a closed 

recirculated greenhouse (closed: NF-LDAC) was modelled. The novelty is the utilisation of 

NF membranes to remove the absorbed moisture from the LD. This moisture can be recovered 

as the permeate of the multi-stage NF regenerator and reused for irrigation. In contrast, 

conventional regenerators waste the moisture by rejecting it to the environment. The main 

findings of Chapter 3 are: 

• Lower LD temperature, higher LD mass flow, lower sink temperature, and higher 𝛽 are 

better at maintaining the greenhouse in the acceptable temperature range (27–29 °C [9]) and 

relative humidity range (70–90% [23]) for crop cultivation. 

• The proposed closed: NF-LDAC system is particularly advantageous in a hot and humid 

climate where the ambient temperature is above the sink temperature. In this climate, closed: 

NF-LDAC achieves temperatures of 4 °C lower than conventional cooling combining 

evaporative pads and open ventilated LDAC (EvapC+LDAC). Compared with technologies 

using evaporative cooling (EvapC), closed: NF-LDAC saves 16.8 L/(m2 day) of water during 

winter, and 30.6 L/(m2 day) during summer. 

• For hot and arid and semi-hot and semi-arid climates, closed: NF-LDAC performs worse 

than the conventional technologies using EvapC. Nevertheless, it maintains the greenhouse 

temperature below 32 °C regardless of climate. EvapC is not combined with closed: NF-
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LDAC to eliminate the water supply for irrigation. This is because EvapC has the 

disadvantage that it can only operate in water-abundant locations. 

• For the main case – which considers a 250 m2 greenhouse using CaCl2 as the LD with a 

mass flow of 20 kg/s, a temperature of 30 °C, and a concentration of 15 wt.% (165 g/L) – the 

greenhouse temperature and relative humidity are maintained between optimal ranges for 

cultivation. This main case requires a 9-stage NF regenerator which has a maximum electric 

power requirement of 6.2 kW, a SECel of 86 kWhel/m
3, and an annual average COP of 12.4. 

The electric power requirement of the 9-stage regenerator can be fully provided by PV 

collectors covering half the plan area of the greenhouse, while generating excess electricity 

for other purposes besides regenerating the LD. 

• A 9-stage regenerator is required because commercial NF membranes have a burst pressure 

of around 40 bar [124-126, 128]. However, NF membranes withstanding pressures of 55 bar 

would give the same results using only 4 stages, thereby decreasing the complexity, size, and 

cost of the multi-stage regenerator. Therefore, the fabrication of improved NF membranes 

with rejections of 10–40% and high operating pressures is an important topic for future 

research. 
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4.1 Introduction 

Since NF membranes have not yet been experimentally investigated for LD regeneration, 

there is a lack of knowledge about how their properties, such as rejection and permeate flux, 

change when operated with concentrated LDs. Therefore, the aim of Chapter 4 is to define 

experimental and theoretical methods to predict the rejection and permeate flux of NF 

membranes, according to the applied pressure and LD concentration. 

A study regarding the influence of the operating conditions on NF membranes has already 

been done by Hilal et al. [133] who found that higher feed concentrations increase the 

reflection factor (𝜎), increase the solute permeability (𝑃s), decrease the permeate flux (𝐽v), and 

the observed rejection. These authors investigated NaCl weight concentrations of 0.5–2.5 

wt.% (equivalent to 5–25 g/L), which are too low for LDAC applications. Moreover, NaCl is 

an ineffective LD [25]. To gain more practical insights into NF regeneration of typical LD 

concentrations, this Chapter investigates highly concentrated LDs such as LiCl, LiBr, and 

MgCl2 that are typically used in LDAC systems [10, 18, 25, 35, 37-39, 44, 289-294]. 

The LD concentration can be correlated to the ERH of the LD [25]. Conde [47] and 

Zaytsev et al. [295] measured the ERH of LiCl, LiBr, and MgCl2 for different weight 

concentrations (Figure 4-1). The concentration of the LD in a LDAC system depends on the 

required indoor relative humidity. For example, greenhouses require LD concentrations of 

15–25 wt.% (165–290 g/L) [47, 295] because typical crops require relative humidities of 70–

90% [23]. Residential buildings require higher LD concentrations, in the range of 30–40 wt.% 

(350–500 g/L) [47, 295], because human comfort requires relative humidities of 50% [50]. 

There are also niche applications which require relative humidities below 50%, such as in the 

pharmaceutical industry where injections must be prepared with relative humidities of 45% 

[296]. 
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Figure 4-1. Equilibrium relative humidity (ERH) of the investigated case studies using LiCl, LiBr, and MgCl2. 

The case studies were selected based on the ERH; three weight concentrations are shown for each liquid 

desiccant, having ERH values of 88.6, 67.4, and 40.1%. The case studies are shown in green dots, the triangles 

are based on Conde [47] and Zaytsev et al. [295] studies, and the lines are polynomial fittings of these two 

studies. 

 

The investigated LD concentrations (indicated in Figure 4-1 as “case studies”) were 

selected to have ERH being in the range of 40–90% to cover greenhouse, residential, and 

niche applications. LiCl concentrations of 10, 20, and 30 wt.% (105, 220, 355 g/L) were first 

selected which have ERH values of 88.6, 67.4, and 40.1%, respectively. Then, the 

concentrations of LiBr and MgCl2 were chosen to have the same ERH values. Specifically, 

LiBr concentrations of 15.2, 31, and 43.1 wt.% (170, 400, 620 g/L) and MgCl2 concentrations 

of 14.2, 24.5, and 33.6 wt.% (155, 285, 415 g/L) were selected. Since the ERH is the driving 

force of dehumidification, equivalent ERH allows a fair comparison among different LDs. 

The highest investigated concentrations of LiCl, LiBr, and MgCl2 of 355, 620, and 415 g/L, 

respectively, are at least 14 times higher than in the study of Hilal et al. [133]. 
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Since permeate flux is proportional to the difference between applied pressure (ΔP) and 

effective osmotic pressure (𝛥𝛱e), higher ΔP is required at higher feed concentrations. 

Different equations have been proposed for desalination applications to calculate 𝛥𝛱e [297]; 

however, these equations utilise the van ‘t Hoff approximation which is valid for dilute 

solutions like seawater, but not for highly concentrated solutions like LDs. For more accurate 

calculations, an iterative method to calculate 𝛥𝛱e is proposed in this Chapter (later in Section 

3.2.1). 

The structure of Chapter 4 is as follows. First, the theory is presented. Then, the 

experimental set-up and procedure are explained. Subsequently, the results are presented for 

the observed rejections and permeate fluxes, and the reflection factor for the investigated case 

studies. Then, polynomial equations are proposed for the rejections and permeate fluxes. A 

new model (using accurate osmotic pressure and including variable rejection based on 

concentration and pressure) is introduced, providing improved calculations against idealised 

models (using constant rejection). Finally, the COP of the multi-stage NF regenerator is 

calculated, showing that the COP of a multi-stage NF regenerator using improved NF 

membranes can be several times higher than conventional solar regenerators. 

 

4.2 Theory 

4.2.1 Irreversible thermodynamics equations 

The thermodynamic equations of NF are taken from Ahmad et al. [298] who used the same 

stirred cell used here. The experimental stirred cell has only a permeate, meaning that it is a 

dead-end filtration process. Information is also provided for which parameters can be fixed, 

measured, or calculated. 
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The permeate flux (𝐽v) [L/(m2 h)] is proportional to the pure water permeability (𝐿p) [L/(m2 

h bar)] and the difference between 𝛥𝑃 [bar] and the product of 𝛥𝛱e and reflection factor (𝜎). 

 𝐽v = 𝐿p(𝛥𝑃 − 𝜎𝛥𝛱e) (3-1) 

The solute flux (𝐽s) [g/(m2 h)] is calculated as the product of the solute permeability (𝑃s) 

[L/(m2 h bar)] and the concentration difference between feed and permeate (𝛥𝐶) [g/L] plus a 

term that depends on the feed concentration (𝐶f) [g/L], 𝜎, and 𝐽v. 

 𝐽s = 𝑃s𝛥𝐶 + (1 − 𝜎)𝐶f𝐽v (3-2) 

where 𝛥C is calculated as 

 
𝛥𝐶 = 𝐶f − 𝐶p 

(3-3) 

where 𝐶p [g/L] is the permeate concentration, calculated as: 

  𝐶p =
𝐽s

𝐽v
 

    (3-4) 

The observed rejection (Ros) is calculated through the feed and permeate concentrations: 

 𝑅os =  1 −
𝐶p

𝐶f
   (3-5) 

but, due to the concentration polarisation (CP) effect, the true rejection (Rs) is calculated as: 

 𝑅s =  1 −
𝐶p

𝐶m
  (3-6) 

where 𝐶𝑚 [g/L] is the concentration at the wall on the feed side. 𝑅𝑠 can also be calculated as: 

 𝑅s  =  
𝜎(1 − 𝐹)

1 −  𝜎𝐹
     (3-7) 
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where the flow parameter (𝐹) is given from: 

 𝐹 = exp (
𝜎 − 1 

𝑃s
𝐽v)     (3-8) 

The parameters 𝐶𝑓, 𝐶𝑚, and 𝐶𝑝 are correlated by: 

𝐶m − 𝐶p

𝐶f − 𝐶p
=  exp (

𝐽v

3.6 × 106 𝑘s
) 

(3-9) 

where the mass transfer coefficient (𝑘s) [m/s] can be estimated from: 

𝑘s =
𝑆ℎ 𝐷w

𝑅sc
 

   (3-10) 

where 𝑅sc is the radius of the stirred cell (equal to 0.0255 m). The diffusion coefficient (𝐷w) 

[m2/s] is estimated from: 

𝐷w  =  2.7
10−4

𝑀𝑀0.71
   (3-11) 

where 𝑀𝑀  is the relative molecular mass [g/mol] of the LD, equal to 42.38, 86.84, and 

95.211 g/mol for LiCl, LiBr, and MgCl2, respectively. 

The Sherwood number (𝑆ℎ) is given by: 

 𝑆ℎ =  𝛾𝑅𝑒𝜆𝑆𝑐𝜃    (3-12) 

According to Koutsou et al. [299], who performed experiments using the same stirred cell 

used here, the Sherwood number can be approximated as: 

 𝑆ℎ =  0.49𝑅𝑒0.55𝑆𝑐0.33   (3-13) 

while Reynold (Re) and Schmidt (Sc) numbers are calculated from: 
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𝑅𝑒 =  
𝜌 𝑣 𝐿

𝜇
   (3-14) 

𝑆𝑐 =  
𝜇

𝜌𝐷w
 

  (3-15) 

where 𝜌 [kg/m3] is the density of the solution, v [m/s] is the velocity of the fluid, L [m] is the 

characteristic length of the system, and 𝜇 [Pa s] is the viscosity of the solution. Here, Re 

number is calculated by using the rotational equation, given by: 

𝑅𝑒 =  
𝜌 𝑟𝑝𝑚 𝑅sc

2

𝜇
 

 (3-16) 

where  rpm is the stirring rate equal to 700 rpm. 

The osmotic pressure difference in desalination applications is calculated using the van ‘t 

Hoff approximation equation (𝛥𝛱Hoff) [297]: 

 𝛥𝛱Hoff  =  0.0832𝑖𝑇𝐾

𝛥𝐶

𝑀
   (3-17) 

where 𝑖  is the van ’t Hoff dissociation parameter which for LiCl, LiBr, and MgCl2 is 

approximately equal to 2, 2, and 3, respectively, and TK is the temperature [K]. However, this 

expression is valid only for diluted solutions like seawater. Since the effective osmotic 

pressure difference (𝛥𝛱e ) is much higher for concentrated LDs, 𝛥𝛱e  is calculated more 

accurately through an iterative method to estimate 𝜎. Removing the 𝛥𝛱Hoff equation results in 

an implicit equation for 𝜎. Starting from an initial estimate of σ, iterative application of this 

equation provides convergingly accurate values. 

The values of 𝐶f, 𝛥𝑃, 𝐽v, 𝐶p, and 𝐿p allow all the parameters to be determined, except 𝑃s, 𝜎, 

𝛥𝛱e  which remain unknown. The unknown parameters can be calculated by combining 

equations 3-1, 3-2, 3-3, 3-6, and 3-7 which leads to the following implicit equation for 𝜎 

(refer to Appendix 3 for a detailed explanation of how the equation is derived): 
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𝜎 = ln [

𝜎 − 𝑅s

𝜎(1 −  𝑅s)
] (

𝜎

𝑅os
− 1) + 1 

    (3-18) 

Typical values of 𝜎 for NF membranes are in the range of 0.8-1.0 [133]. An initial 𝜎 

estimate of 0.8 is used which, substituted in Eq. 3-18, provides a new value of 𝜎. The iteration 

is repeated until the difference between the old and new 𝜎  is below 0.0001. Once 𝜎  is 

calculated, 𝛥𝛱e is calculated from Eq. 3-1 and 𝑃s from Eq. 3-2. Eq. 3-18 does not always have 

a singular solution; therefore, this method finds the lowest 𝜎  that solves the system of 

equations. If a 𝜎 is calculated with 𝛥𝛱e> 𝛥𝑃 (corresponding to negative permeate flux, 𝐽v), 

the calculation is repeated with an incrementally higher initial 𝜎 until 𝛥𝛱e is below 𝛥𝑃. This 

ensures that all the equations are satisfied while giving a positive permeate flux as in practical 

NF systems. 

The calculation of 𝐽v  (Eq. 3-1) depends on 𝜎  and 𝛥𝛱e  which are not given by the 

membrane manufacturers since these two parameters depend on the operating conditions. A 

more appropriate equation for 𝐽v is: 

𝐽v = 𝐿p𝛥𝑃exp (−𝑞 𝑤𝑡f)    (3-19) 

where wtf is the weight concentration of the feed [wt.%]. The parameters wtf, Lp, and 𝛥𝑃 are 

known while the permeate flux coefficient (𝑞) [wt.%-1] can be calculated as: 

𝑞 =
−ln (1 −

𝜎𝛥𝛱e
𝛥𝑃 )

 𝑤𝑡f
 

 
  (3-20) 

Since 𝑞 depends on the LD and the membrane and is mostly independent of the other 

parameters, 𝐽v can be calculated easily using Eq. 3-19. 

To represent the decrease of 𝑅os with increasing wtf, the following equation can be used: 
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𝑅os =
𝜁

 𝑤𝑡f +
102𝜁
𝑅𝑠𝑡𝑑

   (3-21) 

where 𝑅𝑠𝑡𝑑 is the specified rejection (by the manufacturer) of the membrane while ζ can be 

calculated, as: 

𝜁 =
 𝑤𝑡f 𝛥𝐶

𝐶f

102 −
102𝛥𝐶

𝑅𝑠𝑡𝑑

 
 

  (3-22) 

For a given LD concentration and membrane, 𝜁 can be approximated by a linear function 

of 𝛥𝑃: 

𝜁 = 𝑎𝛥𝑃 − 𝑏    (3-23) 

The values of 𝑞, 𝑎, and 𝑏 depend on the membrane type and LD (and are provided later in 

Subsection 3.4.5). 

 

4.2.2 Properties of liquid desiccants 

The properties 𝜌, 𝜇, and 𝐸𝑅𝐻 depend on the LD and the weight concentration. For all the 

LDs, 𝜌 is calculated as: 

𝜌 =
1 +

𝑥
1 − 𝑥

10−3 +
𝑥

(1 − 𝑥)𝜌𝐿𝐷

    (3-24) 

where 𝜌 is the density of the LD [kg/m3], 𝜌𝐿𝐷 is the density of desiccant in solid form [kg/m3], 

and 𝑥 is the LD mass fraction (mass of solute per mass of solution), calculated as: 

𝑥 =
𝑤𝑡

102
 

   (3-25) 
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where wt is the LD weight concentration (percentage of solute per solution) [wt.%]. 

Regarding the viscosity of LiCl, the following correlation is based on the experiments of 

Abdulagatov et al. [300]: 

𝜇LiCl = 10−3[0.8834 exp(0.03733𝑤𝑡) + 0.00118 exp(0.2145𝑤𝑡)]  
  (3-26) 

where 𝜇LiCl is the viscosity of LiCl [Pa s]. 

For LiBr, the equation for 𝜇 was taken from [301]: 

ln(103𝜇LiBr) = 𝐴0 + 𝐴1𝑥2 +
𝐵0

𝑇
+

𝐵1𝑥2

𝑇
+

𝐶0

𝑇2
+

𝐶1𝑥2

𝑇2
    (3-27) 

where 𝜇LiBr  is the viscosity of LiBr [Pa s], 𝑇  is the temperature [K], 𝐴0  = -2.321, 𝐵0  = -

609.449, 𝐶0  = 372994.855, 𝐴1  = 3.190, 𝐵1  = 963.163, 𝐶1  = -35211.996. Regarding the 

viscosity of MgCl2, a fitting equation was created based on the experiments of Phang and 

Stokes [302]: 

𝜇MgCl2 = 10−6 889.1[0.9656 exp(0.04636𝑤𝑡) + 0.006045 exp(0.2043𝑤𝑡)]    (3-28) 

where 𝜇MgCl2  is the viscosity of MgCl2 [Pa s] and wt is the MgCl2 weight concentration 

[wt.%]. 

The 𝐸𝑅𝐻 can be calculated using polynomial fitting equations based on Conde [47] and 

Zaytsev et al. [295] studies, as follows: 

 

𝐸𝑅𝐻LiCl = 26.43𝑥4 − 9.353𝑥3 − 4.061𝑥2 − 0.6398𝑥 + 1    (3-29) 

𝐸𝑅𝐻LiBr =  12.01𝑥4 − 10.87𝑥3 + 0.7164𝑥2 − 0.6225𝑥 + 1    (3-30) 
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𝐸𝑅𝐻MgCl2 =  16.5𝑥4 − 14.4𝑥3 − 1.116𝑥2 − 0.4418𝑥 + 1    (3-31) 

 

where 𝐸𝑅𝐻LiCl, 𝐸𝑅𝐻LiBr, and 𝐸𝑅𝐻MgCl2 are the 𝐸𝑅𝐻 of LiCl, LiBr, and MgCl2, respectively. 

The 𝐸𝑅𝐻 equations are used to calculate the weight concentration of the LD. The curves of 

𝐸𝑅𝐻LiCl, 𝐸𝑅𝐻LiBr, and 𝐸𝑅𝐻MgCl2 can be seen in Figure 4-1. 

 

4.2.3 Determination of membrane permeability 

The pure water permeability 𝐿p  of the membranes was determined by performing 

experiments with deionised water as the feed. Based on these measurements, 𝐽v and 𝐿p were 

calculated as: 

 

 𝐽v  =
𝛥𝑉

𝛥𝑡 𝐴
     (3-32) 

 𝐿p  =  
𝐽v

𝛥𝑃
     (3-33) 

 

where ΔV is the permeate volume collected [L], 𝛥𝑡 the time difference [h], and A is the 

membrane area [m2]. The precision balance measured the weight difference (Δg) of the 

permeate, the weights were converted to litres using: 

 

𝛥𝑉 = 𝛥𝑔/𝜌   
  (3-34) 

 

The effective diameter (excluding the area covered by the seal) of each membrane sample 

was 43.1 mm giving an area of 0.00146 m2. Figure 4-2 shows the experimental results for 𝐽v 

at different 𝛥𝑃  with deionised water as the feed. These results were used to create 
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interpolating lines for each membrane; the slope of each line represents the 𝐿p  of each 

membrane. 

 

 
Figure 4-2. Measured permeate flux (Jv) using deionised water at applied pressures (ΔP) of 10, 20, 30, 35, and 

39 bar. The experimental data are represented by squares with distinct colours for the four nanofiltration 

membranes. The experimental data is used to create interpolating lines; with the slope of each line being the 

pure water permeability (Lp) [L/(m2 h bar)] of each membrane. Names and Lp of membranes are shown in the 

legends. 

4.3 Method 

This section first presents the materials used in the experimental set-up and then the 

experimental procedure. 

4.3.1 Set-up 

The experimental set-up is shown in Figure 4-3. A stainless-steel stirred cell (model HP4750 

from Sterlitech, USA) was used together with four flat sheet NF membranes (NFG, NFW, NDX, 

and NFX types from Synder filtration, USA). These membranes have different rejections, within 

the range of 10–40%. Different rejection is achieved by having different molecular weight cut-

off (MWCO) values. Specifically, NFG, NFW, NDX, and NFX have MWCO [Da] in the range 

of 600-800Da, 300-500Da, 500-700Da, and 150-300Da, respectively. 

For the LDs, LiCl, LiBr, and MgCl2 salts were purchased (Fisher Scientific, UK) with a 

purity of 99%. A magnetic stirring disc (diameter of 25 mm) and a magnetic stirring plate 
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mixed the LD to mitigate fouling and crystallisation that might happen due to the high 

desiccant concentrations. ΔP was measured by using a digital pressure gauge (model DG-10-S 

from WIKA Instruments Ltd, UK) with an accuracy of ±0.6 bar and measuring range of 0–50 

bar. The permeate was directed through a tube into a collection vessel. The permeate flowrate 

was measured using a precision balance with an error of ±0.1 g (model SKX421 from Fisher 

Scientific, UK). Based on the errors or accuracies of the instruments, 𝐽v and 𝐿p have maximum 

uncertainties of ±6% and ±1%, respectively. Uncertainties were calculated as [303]: 

 if 𝑧 =
𝑥

𝑦
, then 

𝑑𝑧

𝑧
= √(

𝑑𝑥

𝑥
)

2

+ (
𝑑𝑦

𝑦
)

2

     (3-35) 

where 𝑥 and 𝑦 are measured parameters, 𝑑𝑥 and 𝑑𝑦 are the uncertainties of 𝑥 and 𝑦, respectively, 

and 𝑑𝑧 is the uncertainty of 𝑧. For example, if 𝐽v = 𝑧, then: 

𝑥 = 𝛥𝑉 
 

𝑑𝑥 = ±0.1 g  
 

𝑦 = 𝛥𝑡  

𝑑𝑦 =±1 sec 
 

 

The solution that remains inside the stirred cell is the concentrated LD. This type of filtration 

is known as dead-end. The weight concentrations of feed, permeate, and concentrated LD were 

measured using an automatic refractometer (model J357 from Rudolph Research Analytical, 

USA) with an accuracy of ±0.00002 (method explained in Appendix 4). This extremely 

accurate measurement eliminates the uncertainty in 𝑤𝑡 and 𝑅os. 
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Figure 4-3. Experimental set-up: A) Schematic representation (adapted from [304]). B) Photograph. 

 

4.3.2 Procedure 

Four NF membrane samples, namely NFG, NFW, NDX, and NFX were tested. The 

samples were stored in deionised water before and after each experiment. Three solutions 

having different weight concentrations were prepared for each LD by mixing the desiccant salt 

with deionised water, up to a total volume of 0.2 L (see Appendix 5). An initial sample of each 

feed solution was taken to measure the weight concentration using a refractometer (see 

Appendix 4). At the beginning of the first experiment, the membrane sample was placed at the 

bottom of the stirred cell, the LD solution was poured into the cell, and the cell was sealed to 

avoid leakage of LD and pressure losses. Subsequently, the regulator valve was opened until 

the desired pressure was reached. Three ΔP of 30, 35, and 39 bar were investigated in a range 

approaching the burst pressure of 41 bar, because membranes perform better at high pressures 

[133]. A time delay (membrane dependent) occurred in the first experiment before the first 

permeate drop was observed7. The digital scale then started recording the weight every second. 

The experiment continued for 30 minutes for all sets of combinations (ΔP, membrane sample, 

 

7 Usually, the first permeate drop was observed after 5 minutes, however, 23 experiments did not produce any 

permeate even after 20 minutes. The experiments with zero permeate fluxes were terminated after 20 minutes. 



   

 

129 

 

and LD concentration), except for the NFG membrane at low weight concentration 

(corresponding ERH of 88.6%). For these NFG experiments, the permeate flux was higher 

than the other membranes and it was not possible to run experiments for 30 minutes. Thus, the 

NFG experiments lasted until 15 g of permeate was collected. At the end of each experiment, 

the permeate collection vessel was replaced and a new experiment was started by zeroing the 

scale and restarting the time and data recordings. For each combination of ΔP, membrane 

sample, and LD concentration, four experiments were performed. However, the first 

experiment was discarded as the membranes were not preconditioned. The other three 

experiments were replicates to improve the repeatability of the measurements. A better 

repeatability does not guarantee a higher accuracy. However, since the three replicate 

experiments give similar results, this shows that the experiments were conducted without 

random errors. In turn, low random errors can imply a higher accuracy. Therefore, each 

reported 𝐽v is an average of three experiments. Uncertainty bars (based on the uncertainties 

calculated using Eq. 3-35) for 𝐽v  are noticeable only for low LD concentrations. At low 

concentrations, Jv±15 L/(m2 h) lies within a probabilistic coverage of 100%. While at 

medium-high LD concentrations, the probabilistic coverage of 100% lies in a lower variance 

of Jv±1 L/(m2 h). Nevertheless, maximum Jv uncertainty is ±6% for all LD concentrations. 

Similarly for Lp, probabilistic coverage of 100% lies in Lp±0.2 L/(m2 h bar) for all LD 

concentrations with a maximum uncertainty of ±1%. 

At the end of the four experiments, the gas cylinder valve was closed, the pressure in the 

stirred cell was released through the bleed valve, and the stirred cell was opened. The 

membrane sample was cleaned with deionised water and stored at room temperature (25 °C) 

in sealed vessels filled with deionised water. The concentrated LD, which remained in the 

stirred cell, was poured in a collection vessel. The weight concentrations of feed, concentrated 



   

 

130 

 

LD, and three permeate samples were measured using the refractometer. Since the 

temperature can affect the measurement of weight concentration, all measurements were 

performed at 25 °C (automatically adjusted by the refractometer) because 25 °C is the 

nominal temperature at which NF membranes are assessed. 

The observed rejection was then calculated through the feed and permeate concentrations. 

The reported permeate fluxes and observed rejections are the average values of the three 

triplicate experiments. Having calculated the permeate flux and observed rejection for a 

certain combination of ΔP, membrane sample, and LD concentration, the next set of 

experiments was conducted. This gave 27 results (3 concentrations for each LD×3 applied 

pressures×3 triplicates) for each membrane, giving 108 results (27×4 NF membranes) in total 

for all membranes. Since there were 3 LDs, altogether there were 324 results. 

 

4.4 Results 

This section starts by showing the results of the four investigated NF membranes, namely 

NFG, NFW, NDX, and NFX, tested at standard temperature, ΔP, and NaCl concentration as 

defined by the manufacturer. The section continues by showing Tables with the measured Ros 

and Jv of the experiments conducted with LiCl, LiBr, and MgCl2 and ΔP of 30, 35, and 39 bar. 

The Tables also contain σ and ΔΠe calculated with the iterative method, and ΔΠHoff calculated 

with the van ‘t Hoff theory. Eq. 3-21 is fitted to the experimental results and used to predict 

the rejection of the NF membranes at ΔP of 80 bar. 

 

4.4.1 Results at standard conditions 

The NF membranes were evaluated at standard conditions of 25 °C, ΔP of 7.6 bar, and feed 

concentration of 0.2 wt.% (2 g/L) of NaCl [53, 57, 271, 272]. The specified rejections (by the 
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manufacturer) and the measured rejections under the standard conditions are compared in 

Table 4-1. The difference is small, suggesting normal functioning of the membranes. 

 

Table 4-1. Specified (by the manufacturer) and measured rejections of the NFG, NFW, NDX, and NFX 

nanofiltration membranes under standard conditions using NaCl with a concentration of 0.2 wt.% (equivalent to 

2 g/L). 

 Rejection [%] 

Membrane Specified Measured Deviation [%] 

NFG 10 8.1 19 

NFW 20 18.1 9.5 

NDX 30 29.3 2.5 

NFX 40 38.6 3.5 

 

4.4.2 Results for LiCl 

This Section shows the experimental (Jv and Ros) and the theoretical (σ, ΔΠe, and ΔΠHoff) 

results regarding LiCl with weight concentrations of 10, 20, and 30 wt.% (105, 220, 355 g/L) 

and 𝛥𝑃 of 30, 35, and 39 bar (Tables 4-2 to 4-5). Figures 4-4 and 4-5 show the experimental 

(ΔP of 30, 35, and 39 bar) and expected (ΔP of 80 bar, theoretical value investigated) results 

for Jv and Ros, respectively. 

Table 4-2. NFG membrane results using LiCl for the observed rejection (Ros) and permeate flux (Jv) and the 

calculated reflection factor (σ), effective osmotic pressure difference (ΔΠe, using the iterative method), and van ‘t 

Hoff osmotic pressure difference (ΔΠHoff). The results are shown for feed concentrations (wtf) of 10, 20, and 30 

wt.% and applied pressures (ΔP) of 30, 35, and 39 bar. 

𝑤𝑡f [wt.%]: 10 20 30 

𝛥𝑃 [bar]: 30 35 39 30 35 39 30 35 39 

𝑅os [%] 1.99 2.97 3.95 0.83 1.32 1.82 0.59 0.93 1.2 

𝐽v [L/(m2 h)] 127.35 142.36 155.62 27.42 35.08 37.77 26.65 30.46 32.72 

𝜎 [%] 96.81 97.71 98.19 95.19 96.59 97.39 93.74 95.48 96.29 

𝛥𝛱e [bar] 18.05 21.5 24.14 28.68 32.66 36.23 29.21 33.52 37.16 

𝛥𝛱Hoff [bar] 2.46 3.67 4.88 2.17 3.45 4.75 2.45 3.86 4.98 
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Table 4-3. NFW membrane results using LiCl for the observed rejection (Ros) and permeate flux (Jv) and the 

calculated reflection factor (σ), effective osmotic pressure difference (ΔΠe, using the iterative method), and van ‘t 

Hoff osmotic pressure difference (ΔΠHoff). The results are shown for feed concentrations (wtf) of 10, 20, and 30 

wt.% and applied pressures (ΔP) of 30, 35, and 39 bar. 

𝑤𝑡f [wt. %]: 10 20 30 

𝛥𝑃 [bar]: 30 35 39 30 35 39 30 35 39 

𝑅os [%] 2.46 3.69 5.02 1.63 2.68 3.57 1.45 2.38 3.25 

𝐽v [L/(m2 h)] 20.61 24.41 26.39 7.51 9.09 10.51 2.66 2.99 3.34 

𝜎 [%] 98.15 98.71 99.04 97.44 98.35 98.73 97.22 98.2 98.65 

𝛥𝛱e [bar] 18.27 20.97 23.77 26.27 30.17 33.27 29.25 33.86 37.55 

𝛥𝛱Hoff [bar] 3.04 4.55 6.2 4.25 6.99 9.32 6.02 9.88 13.5 

 

Table 4-4. NDX membrane results using LiCl for the observed rejection (Ros) and permeate flux (Jv) and the 

calculated reflection factor (σ), effective osmotic pressure difference (ΔΠe, using the iterative method), and van ‘t 

Hoff osmotic pressure difference (ΔΠHoff). The results are shown for feed concentrations (wtf) of 10, 20, and 30 

wt.% and applied pressures (ΔP) of 30, 35, and 39 bar. 

𝑤𝑡f [wt. %]: 10 20 30 

𝛥𝑃 [bar]: 30 35 39 30 35 39 30 35 39 

𝑅os [%] 5.77 7.43 8.58 3.99 4.8 5.87 3.61 4.25 4.36 

𝐽v [L/(m2 h)] 30.92 34.17 37.62 8.07 9.31 10.36 4.31 4.9 5.48 

𝜎 [%] 99.15 99.34 99.42 98.87 99.05 99.22 98.77 98.95 98.97 

𝛥𝛱e [bar] 18.13 21.85 24.5 27.17 31.68 35.24 28.68 33.45 37.25 

𝛥𝛱Hoff [bar] 7.12 9.17 10.59 10.41 12.53 15.32 14.99 17.65 18.11 

 

Table 4-5. NFX membrane results using LiCl for the observed rejection (Ros) and permeate flux (Jv) and the 

calculated reflection factor (σ), effective osmotic pressure difference (ΔΠe, using the iterative method), and van ‘t 

Hoff osmotic pressure difference (ΔΠHoff). The results are shown for feed concentrations (wtf) of 10, 20, and 30 

wt.% and applied pressures (ΔP) of 30, 35, and 39 bar. 

𝑤𝑡f [wt. %]: 10 20 30 

𝛥𝑃 [bar]: 30 35 39 30 35 39 30 35 39 

𝑅os [%] 7.67 8.88 10.15 5.1 6.22 6.76 4.63 5.89 6.05 

𝐽v [L/(m2 h)] 16.67 19.45 21.67 4.48 5.73 6.93 0.68 0.8 0.89 

𝜎 [%] 99.4 99.48 99.54 99.12 99.28 99.33 99.19 99.34 99.36 

𝛥𝛱e [bar] 24.05 28.03 31.22 28.61 33.14 36.71 29.99 34.94 38.93 

𝛥𝛱Hoff [bar] 9.47 10.96 12.53 13.31 16.23 17.64 19.22 24.46 25.13 
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Figure 4-4. Permeate flux (Jv) against LiCl weight concentration for: A) NFG membrane, B) NFW membrane, 

C) NDX membrane, and D) NFX membrane. The dots represent the experimental data, the lines represent 

polynomial equations for Jv at different applied pressures (ΔP) based on the experimental results, and the 

dashed line predicts Jv at an applied pressure of 80 bar. Note that the investigated membranes have a maximum 

applied pressure of 41 bar. Points at zero concentration are taken from Figure 4-2. 
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Figure 4-5. Observed rejection (Ros) against LiCl weight concentration for: A) NFG membrane, B) NFW 

membrane, C) NDX membrane, and D) NFX membrane. The dots represent the experimental data, the lines 

represent polynomial equations for Ros at different applied pressures (ΔP) based on the experimental results, and 

the dashed line predicts Ros at an applied pressure of 80 bar. Note that the investigated membranes have a 

maximum applied pressure of 41 bar. Points at zero concentration are taken from the datasheets of the 

membranes. 

 

4.4.3 Results for LiBr 

This section shows the experimental (Jv and Ros) and the theoretical (σ, ΔΠe, and ΔΠHoff) 

results regarding LiBr with weight concentrations of 15.2, 31, and 43.1 wt.% (170, 400, 620 

g/L) and 𝛥𝑃  of 30, 35, and 39 bar (Tables 4-8 and 4-9). Figures 4-6 and 4-7 show the 

experimental (𝛥𝑃  of 30, 35, and 39 bar) and expected (𝛥𝑃  of 80 bar, theoretical value 

investigated) results for Jv and Ros, respectively. 
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Table 4-6. NFG membrane results using LiBr for the observed rejection (Ros) and permeate flux (Jv) and the 

calculated reflection factor (σ), effective osmotic pressure difference (ΔΠe, using the iterative method), and van ‘t 

Hoff osmotic pressure difference (ΔΠHoff). The results are shown for feed concentrations (wtf) of 15.2, 31, and 

43.1 wt.% and applied pressures (ΔP) of 30, 35, and 39 bar. 

𝑤𝑡f [wt. %]: 15.2 31 43.1 

𝛥𝑃 [bar]: 30 35 39 30 35 39 30 35 39 

𝑅os [%] 4.65 5.26 5.99 3.43 3.87 4.5 2.42 2.89 3.22 

𝐽v [L/(m2 h)] 209.66 228.59 247.86 123.72 146.09 168 68.76 76.63 81 

𝜎 [%] 97.91 98.04 98.19 97.82 97.9 98.04 97.51 97.82 97.99 

𝛥𝛱e [bar] 9.59 12.77 14.9 18.23 21.08 22.93 23.83 28.08 31.67 

𝛥𝛱Hoff [bar] 4.53 5.12 5.83 7.79 8.79 10.22 8.59 10.26 11.43 

 

Table 4-7. NFW membrane results using LiBr for the observed rejection (Ros) and permeate flux (Jv) and the 

calculated reflection factor (σ), effective osmotic pressure difference (ΔΠe, using the iterative method), and van ‘t 

Hoff osmotic pressure difference (ΔΠHoff). The results are shown for feed concentrations (wtf) of 15.2, 31, and 

43.1 wt.% and applied pressures (ΔP) of 30, 35, and 39 bar. 

𝑤𝑡f [wt. %]: 15.2 31 43.1 

𝛥𝑃 [bar]: 30 35 39 30 35 39 30 35 39 

𝑅os [%] 3.28 4.62 5.25 1.29 1.78 2.33 0.84 1.23 1.87 

𝐽v [L/(m2 h)] 20.93 23.15 24.96 8.03 9.29 9.92 2.29 2.52 2.62 

𝜎 [%] 98.55 98.95 99.07 96.85 97.59 98.1 95.69 96.81 97.76 

𝛥𝛱e [bar] 18 21.67 24.61 26.12 30.29 33.83 29.95 34.63 38.32 

𝛥𝛱Hoff [bar] 3.19 4.5 5.11 2.93 4.04 5.29 2.98 4.37 6.64 

 

Table 4-8. NDX membrane results using LiBr for the observed rejection (Ros) and permeate flux (Jv) and the 

calculated reflection factor (σ), effective osmotic pressure difference (ΔΠe, using the iterative method), and van ‘t 

Hoff osmotic pressure difference (ΔΠHoff). The results are shown for feed concentrations (wtf) of 15.2, 31, and 

43.1 wt.% and applied pressures (ΔP) of 30, 35, and 39 bar. 

𝑤𝑡f [wt. %]: 15.2 31 43.1 

𝛥𝑃 [bar]: 30 35 39 30 35 39 30 35 39 

𝑅os [%] 5.67 6.62 7.18 2.1 2.8 3.16 0.99 1.53 1.78 

𝐽v [L/(m2 h)] 22.45 25.4 28.51 10.08 11.75 13.86 3.23 3.86 4.21 

𝜎 [%] 99.14 99.26 99.31 97.91 98.38 98.54 96.18 97.32 97.64 

𝛥𝛱e [bar] 21.45 25.31 28.1 26.64 30.93 34.11 29.88 34.42 38.26 

𝛥𝛱Hoff [bar] 5.52 6.44 6.99 4.77 6.36 7.18 3.51 5.43 6.32 
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Table 4-9. NFX membrane results using LiBr for the observed rejection (Ros) and permeate flux (Jv) and the 

calculated reflection factor (σ), effective osmotic pressure difference (ΔΠe, using the iterative method), and van ‘t 

Hoff osmotic pressure difference (ΔΠHoff). The results are shown for feed concentrations (wtf) of 15.2, 31, and 

43.1 wt.% and applied pressures (ΔP) of 30, 35, and 39 bar. 

𝑤𝑡f [wt. %]: 15.2 31 43.1 

𝛥𝑃 [bar]: 30 35 39 30 35 39 30 35 39 

𝑅os [%] 8.03 9.45 10.9 3.23 3.89 5.04    

𝐽v [L/(m2 h)] 13.75 16.44 19.2 2.32 2.85 3.16 0.00 0.00 0.00 

𝜎 [%] 99.42 99.51 99.57 98.64 98.86 99.11    

𝛥𝛱e [bar] 25.11 29.13 32.12 29.55 34.35 38.18 >30 >35 >39 

𝛥𝛱Hoff [bar] 7.81 9.2 10.61 7.34 8.84 11.45    

 

 

Figure 4-6. Permeate flux (Jv) against LiBr weight concentration for: A) NFG membrane, B) NFW membrane, 

C) NDX membrane, and D) NFX membrane. The dots represent the experimental data, the lines represent 

polynomial equations for Jv at different applied pressures (ΔP) based on the experimental results, and the 

dashed line predicts Jv at an applied pressure of 80 bar. Note that the investigated membranes have a maximum 

applied pressure of 41 bar. Points at zero concentration are taken from Figure 4-2. 
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Figure 4-7. Observed rejection (Ros) against LiBr weight concentration for: A) NFG membrane, B) NFW 

membrane, C) NDX membrane, and D) NFX membrane. The dots represent the experimental data, the lines 

represent polynomial equations for Ros at different applied pressures (ΔP) based on the experimental results, and 

the dashed line predicts Ros at an applied pressure of 80 bar. Note that the investigated membranes have a 

maximum applied pressure of 41 bar. Points at zero concentration are taken from the datasheets of the 

membranes. 

 

The case studies regarding LiBr weight concentrations of 31 and 43.1 wt.% had zero Jv 

when operated with the NFX membrane. The operating conditions which result in zero Jv 

should be avoided because they damage the membrane (see Figure 4-8). 
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Figure 4-8. Effect of zero permeate flux on the NFX membrane. A) shows the membrane after operating with 

LiBr feeds of 15.2 and 31 wt.% and applied pressures of 30, 35, and 39 bar. Thus, six experiments were carried 

out without noticing any marks on the membrane. B) shows the membrane of A) after operating with LiBr feed of 

43.1 wt.% and applied pressures of 30, 35, and 39 bar. Three experiments were carried out, each for 20 minutes, 

with none of them producing any permeate. These experiments damaged the membranes by leaving marks. 

 

 

4.4.4 Results for MgCl2 

This Section shows the experimental (Jv and Ros) and the theoretical (σ, ΔΠe, and ΔΠHoff) 

results regarding MgCl2 with weight concentrations of 14.2, 24.5, and 33.6 wt.% (170, 400, 

620 g/L) and 𝛥𝑃 of 30, 35, and 39 bar (Tables 4-12 and 4-13). Figures 4-9 and 4-10 show the 

experimental (ΔP of 30, 35, and 39 bar) and expected (ΔP of 80 bar, theoretical value 

investigated) results for Jv and Ros, respectively. 

 

Table 4-10. NFG membrane results using MgCl2 for the observed rejection (Ros) and permeate flux (Jv) and the 

calculated reflection factor (σ), effective osmotic pressure difference (ΔΠe, using the iterative method), and van ‘t 

Hoff osmotic pressure difference (ΔΠHoff). The results are shown for feed concentrations (wtf) of 14.2, 24.5, and 

33.6 wt.% and applied pressures (ΔP) of 30, 35, and 39 bar. 

𝑤𝑡f [wt. %]: 14.2 24.5 33.6 

𝛥𝑃 [bar]: 30 35 39 30 35 39 30 35 39 

𝑅os [%] 2.95 3.59 4.02 2.09 3.11 3.78 1.25 2.77 3.49 

𝐽v [L/(m2 h)] 85.01 97.21 109.89 18.51 21.99 27.91 1.01 1.2 1.28 

𝜎 [%] 97.76 98.04 98.14 97.75 98.4 98.63 99.67 99.7 99.72 

𝛥𝛱e [bar] 22.14 25.95 28.73 28.83 33.37 36.76 29.99 34.99 38.96 

𝛥𝛱Hoff [bar] 3.56 4.33 4.85 4.65 6.92 8.41 4.06 8.99 11.33 
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Table 4-11. NFW membrane results using MgCl2 for the observed rejection (Ros) and permeate flux (Jv) and the 

calculated reflection factor (σ), effective osmotic pressure difference (ΔΠe, using the iterative method), and van ‘t 

Hoff osmotic pressure difference (ΔΠHoff). The results are shown for feed concentrations (wtf) of 14.2, 24.5, and 

33.6 wt.% and applied pressures (ΔP) of 30, 35, and 39 bar. 

𝑤𝑡f [wt. %]: 14.2 24.5 33.6 

𝛥𝑃 [bar]: 30 35 39 30 35 39 30 35 39 

𝑅os [%] 4.46 5.87 6.32       

𝐽v [L/(m2 h)] 2.1 2.36 2.63 0.00 0.00 0.00 0.00 0.00 0.00 

𝜎 [%] 99 99.24 99.29       

𝛥𝛱e [bar] 29.06 33.88 37.73 >30 >35 >39 >30 >35 >39 

𝛥𝛱Hoff [bar] 5.39 7.09 7.63       

 

Table 4-12. NDX membrane results using MgCl2 for the observed rejection (Ros) and permeate flux (Jv) and the 

calculated reflection factor (σ), effective osmotic pressure difference (ΔΠe, using the iterative method), and van ‘t 

Hoff osmotic pressure difference (ΔΠHoff). The results are shown for feed concentrations (wtf) of 14.2, 24.5, and 

33.6 wt.% and applied pressures (ΔP) of 30, 35, and 39 bar. 

𝑤𝑡f [wt. %]: 14.2 24.5 33.6 

𝛥𝑃 [bar]: 30 35 39 30 35 39 30 35 39 

𝑅os [%] 4.33 6.3 8.51       

𝐽v [L/(m2 h)] 5.69 6.9 7.41 0.00 0.00 0.00 0.00 0.00 0.00 

𝜎 [%] 98.96 99.28 99.47       

𝛥𝛱e [bar] 26.95 31.18 34.85 >30 >35 >39 >30 >35 >39 

𝛥𝛱Hoff [bar] 5.23 7.61 10.28       

 

Table 4-13. NFX membrane results using MgCl2 for the observed rejection (Ros) and permeate flux (Jv) and the 

calculated reflection factor (σ), effective osmotic pressure difference (ΔΠe, using the iterative method), and van ‘t 

Hoff osmotic pressure difference (ΔΠHoff). The results are shown for feed concentrations (wtf) of 14.2, 24.5, and 

33.6 wt.% and applied pressures (ΔP) of 30, 35, and 39 bar. 

𝑤𝑡f [wt. %]: 14.2 24.5 33.6 

𝛥𝑃 [bar]: 30 35 39 30 35 39 30 35 39 

𝑅os [%]   12.12       

𝐽v [L/(m2 h)] 0.00 0.00 0.98 0.00 0.00 0.00 0.00 0.00 0.00 

𝜎 [%]   99.65       

𝛥𝛱e [bar] >30 >35 38.78 >30 >35 >39 >30 >35 >39 

𝛥𝛱Hoff [bar]   14.63       
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Figure 4-9. Permeate flux (Jv) against MgCl2 weight concentration for: A) NFG membrane, B) NFW membrane, 

C) NDX membrane, and D) NFX membrane. The dots represent the experimental data, the lines represent 

polynomial equations for Jv at different applied pressures (ΔP) based on the experimental results, and the 

dashed line predicts Jv at an applied pressure of 80 bar. Note that the investigated membranes have a maximum 

applied pressure of 41 bar. Points at zero concentration are taken from Figure 4-2. 
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Figure 4-10. Observed rejection (Ros) against MgCl2 weight concentration for: A) NFG membrane, B) NFW 

membrane, C) NDX membrane, and D) NFX membrane. The dots represent the experimental data, the lines 

represent polynomial equations for Ros at different applied pressures (ΔP) based on the experimental results, and 

the dashed line predicts Ros at an applied pressure of 80 bar. Note that the investigated membranes have a 

maximum applied pressure of 41 bar. Points at zero concentration are taken from the datasheets of the 

membranes. 

 

When the LD concentration exceeds its saturation concentration, the LD starts to 

precipitate which contributes to the crystallisation process, a known risk of concentrated LDs 

[305, 306]. This phenomenon decreases the LD regeneration effectiveness over time by 

increasing the moisture transfer resistance [305, 306]. Although the maximum concentration 

MgCl2 of 33.6 wt.% (415 g/L) was close to the crystallisation concentration of 35.3 wt.% 
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(440 g/L) [295], no crystallisation visible to the naked eye was observed on the membrane. 

The stirring at 700 rpm was sufficiently rigorous to prevent crystallisation. Nevertheless, as 

this study did not utilise any special techniques (such as microscopy) or equipment to detect 

crystallisation, its occurrence cannot be discounted. 

 

4.4.5 Parameters used in the polynomial equations 

The permeate fluxes and observed rejections of LiCl (Figures 4-4 and 4-5), LiBr (Figures 

4-6 and 4-7) and MgCl2 (Figures 4-9 and 4-10) were plotted8 using equations 3-19 and 3-21 

which depend on the parameters 𝑞, 𝑎, and 𝑏 which were adjusted to fit the experimental data 

(adjusted R2 above 0.986). Table 4-14 summarises the values of 𝑞  for each membrane 

operating with LiCl, LiBr and MgCl2. 

 

Table 4-14. Values of q used for Eq. 3-19. The q values are shown for four nanofiltration membranes, namely 

NGF, NFW, NDX, and NFX (having different specified rejections) and for three liquid desiccants (LD), i.e., LiCl, 

LiBr, and MgCl2. 

𝑞 Nanofiltration membrane 

LD NFG NFW NDX NFX 

LiCl 0.097 0.093 0.1006 0.1562 

LiBr 0.0313 0.0628 0.0766 0.1154 

MgCl2 0.0982 0.2277 0.1854 0.3304 

 

Table 4-15 summarises the values of 𝑎  and 𝑏  for the four investigated membranes 

operating with LiCl, LiBr, and MgCl2, and regarding three weight concentrations for each LD. 

 

 

8 𝑎 and 𝑏 used to plot Figures 4-5, 4-7 and 4-10 are average values of 𝑎 and 𝑏 for each LD. For example, Figure 

4-5A was plotted with 𝑎 =3.27 and 𝑏 =78.36. 
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Table 4-15. Values of a and b used for Eq. 3-21. The values are shown for four nanofiltration membranes, 

namely NGF, NFW, NDX, and NFX, for three liquid desiccants (LD), i.e., LiCl, LiBr, and MgCl2, and for three 

weight concentrations (wt.%) for each LD. Null values are the case studies which had zero permeate fluxes. 

 Nanofiltration membrane 
 

NFG NFW NDX NFX 

LD (wt.%) a b a b a b a b 

LiCl (10) 4.45 110.2 4.29 102.1 5.42 90.97 4.54 42.34 

LiCl (20) 2.91 70 5.7 136 5.93 88.06 5.13 35.48 

LiCl (30) 2.45 54.87 7.69 185 3.4 23.79 6.46 31.21 

LiBr (15.2) 10.42 185.2 5.44 102 4.15 17.64 8.28 97.68 

LiBr (31) 10.06 145 4.3 87.47 4.42 61.46 7.64 124.6 

LiBr (43.1) 7.46 86.02 5.6 133.1 4.2 80.42   

MgCl2 (14.2) 4.01 60.71 5.59 83.71 10.66 251.5   

MgCl2 (24.5) 9.34 215.8       

MgCl2 (33.6) 14.74 392.1       
 

 

4.4.6 Comparison of idealised and improved models 

The polynomial equations based on the results from the above dead-end filtration 

experiments can be integrated into the multi-stage NF models to improve the earlier models. 

The earlier models proposed by Altaee and Sharif [132] and Wang et al. [73] neglected the 

effects of high concentrations in the osmotic pressure and in the membrane behaviour. To 

improve the existing idealised models at high concentrations, the first modification introduced 

here is to calculate the osmotic pressure using Eq. 2-4 rather than the van ‘t Hoff 

approximation. Eq. 2-4 gives osmotic pressures that can be several times higher than by using 

the van ’t Hoff formula as in the earlier models (see Appendix 6). Eq. 2-4 must be used for the 

osmotic pressure because the estimate based on the iterative method requires knowing the 

values of the outlet parameters. The second modification is to include Eq. 3-21 for the 

rejection of the NF membrane. 

By including these two modifications and assuming a nominal LiCl feed flow of 1000 L/h, 

𝛥𝑃 of 41 bar (burst pressure of commercial NF membranes), 𝑇K of 298.15 K, 𝑟𝑠𝑡𝑑 between 0 
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and 40% (with increment of 0.1%), and feed concentration of 7 wt.% (70 g/L), the outlet 

flowrates and concentrations of a 1-stage NF regenerator differ significantly from the results 

of the idealised model (using fixed rejection and van ‘t Hoff linear approximation), as seen 

from Figure 4-11. The improved and idealised model results diverge further when using the 

same input parameters but with a feed concentration of 14 wt.% (150 g/L), as seen from 

Figure 4-12. 

Figures 4-11 and 4-12 show the outlet flowrates and concentrations based on variable Rstd. 

With zero rejection (Rstd =0), all the feed flowrate leaves the membrane as permeate (both 

improved and idealised models give permeate flowrate starting from 1000 L/h). Rstd equal to 

zero results in a permeate concentration equal to the feed concentration. Since the 

concentrated LD flowrates are zero for both models, the initial concentration of the 

concentrated LD represents the concentration difference between permeate and concentrated 

LD that can be achieved with 𝛥𝑃 of 41 bar. This concentration difference is always equal to 

1.5 wt.% (15 g/L) due to the constant applied pressure (for both Figures 4-11 and 4-12). 

As Rstd increases, the concentrated LD flowrate increases and the permeate flowrate 

decreases. For the idealised model, a maximum rejection (𝑅∗) exists where the permeate 

flowrate becomes zero. With zero permeate, all the feed flowrate leaves the membrane as 

concentrated LD (i.e., 1000 L/h) and thus, the concentration of the concentrated LD is equal to 

the feed concentration. By including Eq. 3-21, permeate can be produced also with Rstd >𝑅∗. 

The results of the improved model in Figures 4-11 and 4-12 are plotted with the polynomial 

equations of the NFG, NFW, NDX, and NFX membranes for Rstd ≤10%, 10< Rstd ≤20%, 20< 

Rstd ≤30%, and 30< Rstd ≤40%, respectively. 
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Figure 4-11. A) Flowrates and B) weight concentrations of the permeate and concentrated LD at the output of 

the 1-stage regenerator. The results are plotted for different membrane specified rejections (Rstd), LiCl feed with 

flux of 1000 L/h, and concentration of 7 wt.% (70 g/L). The dashed lines are based on constant Rstd and van ‘t 

Hoff approximation (idealised model), while the continuous lines (improved model) include the modification for 

the observed rejection (Eq. 3-21) and accurate osmotic pressure (Eq. 2-4). The weight concentrations of the 

idealised model were calculated for Rstd<R*. R* is the rejection where the permeate flux (calculated with the 

idealised model) becomes zero. 

 

 

Figure 4-12. A) Flowrates and B) weight concentrations of the permeate and concentrated LD at the output of 

the 1-stage regenerator. The results are plotted for different membrane specified rejections (Rstd), LiCl feed with 

flowrate of 1000 L/h, and concentration of 14 wt.% (150 g/L). The dashed lines are based on constant Rstd and 

van ‘t Hoff approximation (idealised model), while the continuous lines (improved model) include the 

modification for the observed rejection (Eq. 3-21) and accurate osmotic pressure (Eq. 2-4). The weight 

concentrations of the idealised model were calculated for Rstd<R*. R* is the rejection where the permeate flux 

(calculated with the idealised model) becomes zero. 

 

The idealised model assumes constant rejection of the membranes equal to the specified by 

the manufacturer (i.e., Rstd). However, such assumption is incorrect when using NF 

membranes with concentrated LDs, as seen from the measured rejection being several times 
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lower than Rstd. For example, the results using the NFG membrane with an applied pressure of 

39 bar and MgCl2 show that the calculation error for the rejection using the idealised model is 

above 148% (Table 4-16). This error is below 20% when using the improved model that 

considers variable rejection based on applied pressure, LD concentration, LD used, and 

membrane used (Table 4-16). 

Table 4-16. Calculation errors for the rejection of the NFG membrane when operated with an applied pressure 

of 39 bar and MgCl2 as the liquid desiccant. The MgCl2 concentrations and measured rejections are taken from 

Table 4-10. 

MgCl2 

concentration 

[wt.%] 

Rejection of 

idealised 

model [%] 

Rejection of 

improved 

model [%] 

Measured 

rejection [%] 

Error idealised 

model [%] 

Error improved 

model [%] 

14.2 10 4.825 4.02 148.76 20 

24.5 10 3.508 3.78 164.55 7.2 

33.6 10 2.827 3.49 186.53 19 
 

 

4.4.7 Comparison of multi-stage and conventional solar regeneration 

The performance of the multi-stage NF regenerator was compared against the results of 

Bouzenada et al. [57]. The authors measured the COP of a LDAC system using LiCl and 

driven by solar collectors evacuated-tube, flat-plate collectors, or a combination of the two 

technologies. These authors validated their model against experimental results (error below 

12%) and calculated a maximum COP of 0.65 assuming the weather data from Kolkata 

(India). Based on their model, the boiler (which provided the energy to the system) required 

44.8 kW and could remove 29.1 kW. Thus, the LD absorbed 40.4 L/h of moisture and 

consequently, the regenerator had to remove 40.4 L/h of water from the LD (having a feed 

flowrate of 420 L/h). To achieve this dehumidification and regeneration, the LDAC system 

needed to operate with a concentration of 12 wt.% (130 g/L) of LiCl. 
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To achieve the same output using the multi-stage NF regenerator, such concentration needs 

a 15-stage regenerator which requires 8.66 kW and has COP of 3.37 (calculated with Eq. 2-

27). If NF membranes withstood 80 bar, a 6-stage regenerator would provide the same 

dehumidification and regeneration with a power requirement of 3.81 kW, resulting in a COP 

of 15. 

 

4.5 Discussion 

The experimental results show that higher feed concentrations (Cf) increase the reflection 

factor (σ) and the effective osmotic pressure difference (ΔΠe) and decrease the permeate flux 

(Jv) and the observed rejection (Ros) of the membranes. These results agree with the findings 

of Hilal et al. [133] in that ΔΠe, Jv, and Ros increased or decreased similarly with higher Cf. 

The proposed iterative method (Eq. 3-18), which avoids the linear approximation of the 

van ’t Hoff equation, gives accurate predictions at high concentrations. Firstly, the model 

calculates ΔΠe>ΔΠHoff for all the investigated cases. Secondly, the calculated ΔΠe is a good 

indicator to predict cases with zero Jv. For example, using the NFX membrane and LiBr Cf of 

31 wt.% (400 g/L), ΔΠe is equal to 29.56, 34.36, and 38.19 bar. These ΔΠe values are slightly 

less than the applied pressures of 30, 35, and 39 bar. Since higher ΔΠe are expected at higher 

LD concentrations, the case with LiBr feed concentration of 43.1 wt.% (620 g/L) was 

expected to have ΔΠe>ΔP and thus zero Jv (Table 4-9). 

Regarding the fluxes, LiBr gives permeate fluxes of 2.5 and 6 times higher than LiCl and 

MgCl2, respectively, when operating with the NFG membrane. For the other membranes, 

LiBr and LiCl give higher fluxes than MgCl2. When operating with the NFX membrane, LiCl 

has permeate flux of 1.2–2.2 times higher than LiBr and 22.1 times higher than MgCl2. These 

results can be explained by the molecular sizes of the investigated LDs. Since LiCl and LiBr 
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are monovalent ions, their hydrated molecular sizes are smaller than MgCl2, which allows 

LiCl and LiBr to pass through the pores more easily. Whereas the lower fluxes at higher Cf 

can be attributed to a lower difference between ΔP and ΔΠe which is the driving force of Jv. 

Regarding the rejections, LiCl has slightly lower rejections than the other LDs but 

produces Jv for all the investigated LiCl cases. The lower rejections at higher Cf can be 

correlated to ΔΠe. Since ΔΠe increases to values close to ΔP at high Cf, the membrane 

struggles more to produce permeate which results in a decreased rejection. From the 

investigated LDs, LiBr is better for applications requiring high humidities because the 

rejections and permeate fluxes are higher than the other LDs. For applications requiring 

medium to high humidities, LiCl is the only LD with permeate fluxes above zero for all the 

investigated case studies. Overall, LiCl is the best LD having lower rejections than LiBr and 

MgCl2 but higher permeate fluxes than LiBr and MgCl2. However, for greenhouse 

applications where toxic solutions should be avoided, MgCl2 represents the best option since 

possible leaks would work as fertiliser for a variety of crops [307]. 

Higher rejections were observed as Cf decreased. As the LD gets diluted from stage to 

stage, the rejection of the NF stages gradually increases, which is desired. Moreover, lower 

rejections at the first NF stage of the regenerator are desired to obtain a highly concentrated 

LD (see Figures 4-11 and 4-12 where higher outlet LD concentrations are achieved with lower 

Rstd). In practice, however, too low rejections make the multi-stage NF regenerator less 

efficient. This occurs because the permeate concentration of each NF stage calculated with the 

improved model is higher than the one calculated with the idealised model. Since the required 

number of stages depends on how fast the permeate is diluted from stage to stage, more NF 

stages are required in practice compared to the idealised model. 
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The first stage of the multi-stage NF regenerator has an optimal rejection between 10 and 

30%. Improvements such as higher operating pressures would increase the rejection of LiCl at 

high Cf from 6 to 10%, bringing the rejection in the desired range of 10–30%. Other research 

approaches could also be investigated, such as membranes with larger pores at low 𝐶f which 

would have the required pore size at higher Cf. Another approach is the fabrication of 

membranes with specified rejections in the range of 60–80% which would likely achieve the 

desired 10–30% at high Cf. 

Two more disadvantages can be deducted from the experiments. First, as the discrepancy 

of Ros and Rstd increases, higher permeate flowrates are calculated, meaning that in practice, 

the pumps must operate with higher flowrates. Second, since low Rstd results in a more 

concentrated LD (see Figure 4-11B) with low flowrate (see 4-11A), a compromise exists 

between a high flowrate and a high LD concentration. 

The difference between the idealised model (constant rejection and van ‘t Hoff linear 

approximation) and the improved model (with the additions of Eq. 3-21 and accurate ΔΠ 

calculation) becomes higher as Rstd increases because Ros diverges more from Rstd. The error 

of assuming a constant rejection is high when using the idealised model and decreased by 

seven times when employing the improved model (Table 4-16). 

The efficiency of the multi-stage regenerator using commercial NF and RO membranes 

was found to be better than conventional solar collector regenerators. Although a COP of 3.37 

(6.6 times higher than conventional solar regenerators) may be achieved, it should be noted 

that the two methods required different types of energy. The multi-stage regenerator requires 

electric rather than thermal energy; thus, a fair comparison should include an energy 

conversion factor which would decrease the COP difference between the two regeneration 

methods. Moreover, a 15-stage regenerator is required to achieve the same dehumidification 
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as the conventional solar regenerators, but a 15-stage regenerator is more expensive and 

complex than the conventional thermal regenerator. A COP of 3.37 is estimated based on 

current NF burst pressure of 41 bar. However, multi-stage regeneration has potential if used 

with NF burst pressures of 80 bar. Although most RO membranes have bust pressures of 

around 80 bar, some RO membranes can withstand 160 bar [103], making it feasible for 

future NF membranes with low rejections to withstand 80 bar. With such improved NF 

membranes, a COP of 15 (30 times higher than conventional solar regenerators) may be 

achieved. Thus, the COP difference between the two methods would be high even by using an 

energy conversion factor. Specifically, a COP of 15 is much higher even compared with 

commercial chillers using vapour compression with COP values of 2.5−4.3 [282-284]. 

Moreover, the benefit of higher NF burst pressure agrees with the findings in Chapter 3, 

where it was found that increasing the applied pressure from 40 to 55 bar decreased the 

required stages from 9 to 4, making the multi-stage regenerator more compact. 

Since the same dehumidification and regeneration is achieved with 6 rather than 15 stages, 

a significant advantage of higher NF burst pressure is the decreased cost, size, and complexity 

of the multi-stage regenerator. To decrease the system to 1-stage, a RO membrane 

withstanding 222 bar is needed. Without accounting for pressure losses, one-stage RO 

requires 1.47 kW for the previously mentioned case (calculation based on Wang et al. [308]). 

A one-stage RO could achieve a COP of 39 which represents the maximum achievable when 

regenerating the LD using a single stage. 

 

4.6 Conclusions 

The possibility of LD regeneration via NF membranes was experimentally proven in this 

Chapter. The main conclusions are: 
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• Although multi-stage NF models have already been theoretically proposed, these models do 

not account for variation of the properties of NF membranes. Thus, the modelling was 

improved by integrating accurate osmotic pressure and experimental data. Rejection and 

permeate flux of commercial NF membranes were investigated with various combinations of 

applied pressure and feed concentration using LiCl, LiBr, and MgCl2 solutions. Based on the 

experimental results, polynomial equations were developed to estimate the rejection and 

permeate flux, while an iterative method was developed for the prediction of the reflection 

factor (σ) of the membrane. 

• The observed rejection of commercial NF membranes decreases as the feed concentration 

increases, with maximum rejections below 12%. For instance, the NFX membrane with a 

specified rejection of 40% has an observed rejection of 6% when treating 30 wt.% (355 g/L) 

LiCl. Decreased rejections at high concentrations are desired for the first stage in a multi-

stage NF regenerator due to high feed osmotic pressure. However, low rejections are not 

desired for the remaining NF stages because they increase the required number of stages and 

the capacity of the pumps. A trade-off is achieved with rejections in the range of 10–30%. 

The proposed equation predicts that an 80 bar burst pressure could increase the rejection from 

6 to 10% (regarding the NFX membrane with LiCl at 30 wt.%), reaching the desired rejection 

range of 10–30%. 

• The proposed method for calculating σ estimates osmotic pressure more accurately at high 

LD concentrations than the linear van ‘t Hoff approximation. It also predicts LD 

concentrations that result in zero permeate flux, which in turn damages the membrane. If the 

estimated osmotic pressure for a certain concentration approaches the applied pressure, then 

higher concentrations will result in zero permeate production. 
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5.1 Introduction 

Multi-stage NF systems have potential to operate with brine concentrations exceeding 

those possible in conventional membrane desalination (see Chapter 4). These systems hold 

promise for various applications, including LDAC for greenhouses (as explained in Chapter 

3) and zero liquid discharge (ZLD) [73]. 

In LDAC, the aim is to remove water from, and thus concentrate, the LD that is used to 

dehumidify air. To achieve low air humidity, very concentrated LDs are required. For further 

details, information about LDAC can be found in Chapter 1. 

In ZLD, the aim is to recover water from effluents and thus avoid or reduce harmful 

discharges to the environment. ZLD is used globally in many industries [55]. For example, in 

the USA and China most ZLD plants are related to the power industry, whereas in India they 

are more related to the textile, brewing, and distilling industries [55]. As wastewater 

regulations are becoming stricter worldwide, the use of ZLD is expected to increase and 

attract an estimated investment of $100−200 million per year [55], accumulating a total of $9 

billion by the end of 2029 [309]. 

Typically, the ZLD process comprises three technologies in series: a RO stage, a brine 

concentrator, and a crystalliser [55, 310]. The RO stage removes dissolved salts and other 

contaminants while minimising the volume of wastewater entering the brine concentrator thus 

reducing its energy consumption [55]. However, the brine concentrator still consumes more 

than 70% of the ZLD process [311]. To decrease the energy requirement of the ZLD process, 

it has been suggested to replace the thermal-based brine concentrator with a pressure-based 

multi-stage NF system [73]. 
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Depending on the composition of the feed, ZLD operates with different recoveries. A 

survey of ZLD in the USA [312] mentions plants using brackish water (5 g/L) or rejected RO 

brines (60 g/L) as their feed, resulting in recoveries of 98% or 85%, respectively. Most of 

these ZLD plants are associated with the power industry [312]. In the USA, as well as many 

countries in Europe and Asia, the power industry is related to coal mining since many power 

plants are fuelled by coal [313, 314]. In coal mining ZLD applications, where the feed is 

seawater with concentrations of 20−35 g/L [315-318], the recovery is around 90%. Thus, 

treatment of brackish water, seawater, and rejected RO brines are important examples of ZLD 

applications with recoveries of 75−98%. For more information about ZLD, a comprehensive 

review article by Yaqub and Lee [319] is available. 

Both conventional LDAC and ZLD employ thermal processes that are energy intensive and 

require a brine concentrator with a high outlet brine concentration, which cannot be achieved 

by conventional RO because of excessive osmotic pressures. Multi-stage NF is less energy 

intensive than the thermal processes and achieves brine concentrations exceeding RO by 

taking advantage of low salt rejection. 

Many configurations combining NF and RO [320-325] or multiple NF like NF-NF [132, 

311], have been presented in the past. However, the difference between these studies and the 

multi-stage NF concept (Figure 3-2) lies in the role of the NF stages. In previous studies, NF 

stages were either used as pretreatment or for energy recovery, whereas here multi-stage NF is 

a way of overcoming the high feed osmotic pressure. LDAC has not yet been investigated 

with NF and RO. In contrast, ZLD configurations include NF and RO [311, 324]. Some ZLD 

configurations also include electrodialysis stages, such as NF-ED-RO [315, 326], 2NF-RO-

ED [317, 318] and 2NF-RO-2ED [316]. Since electrodialysis has a low effectiveness in 

LDAC applications (see Chapter 2) and a low current efficiency in hypersaline desalination 
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applications (making it energy-intensive) [327], the current study focuses on configurations 

without electrodialysis. 

A theoretical investigation of multi-stage NF for greenhouse LDAC was carried out in 

Chapter 3 where an 8NF-RO system (i.e., eight NF, then RO, Figure 5-1A shows the concept 

for nNF-RO) was modelled as a LD regenerator. The 8NF-RO system was assumed with pure 

water as its permeate and able to concentrate CaCl2 to 165 g/L with a SECel of 86 kWhel/m
3 

(Table 3-3 in Chapter 3). It was found that the 8NF-RO system used fewer stages (i.e., 3NF-

RO) when the NF allowable applied pressure increased from 40 to 55 bar, but this 

improvement did not decrease the SECel. Even though a SECel of 86 kWhel/m
3 is high in the 

field of membrane desalination, it is much lower than that of conventional solar regenerators 

which have a thermal SEC of 1110 kWhth/m
3 (based on the comparison in Chapter 4 where 

LDAC solar collectors required 44.8 kW and produced 40.4 L/h of permeate). Although 

electrical and thermal SEC are not directly comparable, assuming a thermal-to-electric 

conversion factor of 35% (as in [328]), this thermal SEC nonetheless equates to a very high 

electrical SECel of 390–400 kWhel/m
3. Another alternative for LD regeneration is through 

vapour compression refrigeration (VCR), but its SECel remains relatively high at 120–145 

kWhel/m
3 (calculated based on [329]). 

Regarding multi-stage NF for ZLD, Wang et al. [73] investigated theoretically a RO-2NF 

(e.g., first RO, then two NF) and a RO-3NF system (e.g., first RO, then three NF, Figure 5-1B 

shows the concept for RO-nNF). These systems concentrated RO brines from 60 g/L to 233 

g/L for NaCl crystallisation in ZLD applications. The authors reported SECel of 15.7 and 8 

kWhel/m
3 for RO-2NF and RO-3NF, respectively, using an ERD. These SECel are based on 

the idealised assumptions of zero pressure losses, 100% efficiencies, and production of pure 

water as the permeate. Compared against its thermal alternatives like multi-stage flash 
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distillation (MSF), multi-effect distillation (MED), and mechanical vapour compressor 

(MVC), multi-stage NF achieves lower SECel [101]. Among the three alternatives, MVC has 

the lowest SECel [330]. To concentrate seawater from 60 to 233 g/L, as in the case of RO-

3NF, MVC has a SECel of 23 kWhel/m
3 (calculated based on [101]). Based on the theoretical 

prediction that RO-3NF consumes 8 kWhel/m
3, RO-nNF has potential to replace MVC. 

In nNF-RO (i.e., the multi-stage concept for LDAC), the permeate flowing from stage to 

stage is gradually diluted which allows the NF rejections to increase gradually without 

exceeding the burst pressure of the membranes. Once the concentration has decreased 

sufficiently and the osmotic pressure difference becomes lower than the RO burst pressure, a 

final RO stage with nearly 100% rejection is used. Brine recirculation is necessary from each 

stage, except the first, to avoid loss of solution to the environment. 

In RO-nNF (i.e., the multi-stage concept for ZLD), the brine from each stage feeds the next 

stage. As the brine becomes more concentrated from one stage to the next, NF rejections must 

decrease to avoid exceeding the burst pressure at each stage. Permeate recirculation is 

necessary to avoid loss of solution to the environment, except in the case of the initial RO 

stage. 
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Figure 5-1. Two multi-stage NF concepts. A) nNF-RO concept proposed in Chapter 3 for greenhouse LDAC 

applications. This system utilises an energy recovery device (ERD) and comprises several NF stages followed by 

a last RO stage. B) RO-nNF concept proposed by Wang et al. [73] for ZLD applications. This system utilises an 

ERD and comprises a first RO stage followed by several NF stages. Ri is the rejection of the “i-th” stage. Stages 

having R =100% are indicated as RO. The feed of the first stage is shown as a red line, permeates as blue lines, 

and brines as black lines. 

 

The above-mentioned nNF-RO and RO-nNF concepts showed promising predictions, but 

they assumed zero pressure losses which are expected to reduce the actual performance of the 

systems. Additionally, these concepts lacked experimental validation. It is essential to develop 

nNF-RO and RO-nNF models that provide more accurate results. Thus, the primary objective 

of Chapter 5 is to conduct an accurate evaluation of nNF-RO and RO-nNF in comparison to 

their conventional thermal alternatives. 

Experiments were conducted using a 2-stage laboratory system for two configurations: NF-

RO representing the nNF-RO concept for greenhouses and RO-NF representing the RO-nNF 

concept for ZLD applications. The experimental 2-stage system utilises a NF membrane and a 

RO membrane, both operating in cross-flow filtration. The system can be configured either as 

RO-NF or NF-RO, simply by operating one or both pumps and rerouting feed tank 



   

 

158 

 

connections (Figure 5-2). The experimental results validate models which include energy and 

pressure losses, thus enabling a more realistic assessment of how multi-stage NF compares to 

conventional brine concentration technologies. 

 

 

 

Figure 5-2. Schematics of laboratory systems: A) NF-RO and B) RO-NF (pump 1 is greyed out to indicate that it 

is not used). Feeds are drawn as red lines, permeates as blue lines, and brines as black lines. “f” stands for 

“feed”, “b” for brine, “p” for permeate, “R” for rejection, “r” for recovery, “NF” for nanofiltration, and “RO” 

for reverse osmosis. “f” in the feed tank indicates feed concentration. 
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For NF-RO, several LDs can be used as the feed, such as LiCl, LiBr, CaCl2, and MgCl2. 

However, LiCl and LiBr are toxic [264, 265] whereas the properties of CaCl2 change with 

operating conditions (see Section 1.2). In contrast, MgCl2 does not have these limitations. 

Moreover, MgCl2 has been used for LD regeneration in greenhouses using vacuum membrane 

distillation [34]. In greenhouse applications, MgCl2 can be beneficial in case of leaks since 

magnesium is a fertiliser that enhances quality and yield of crops [307, 331, 332]. There are 

also other applications involving magnesium. For example, MgCl2 recovery has been 

investigated in metallurgy and chemical applications [333, 334], and magnesium recovery 

from brines of desalination plants [335, 336]. Thus, experiments with MgCl2 are 

representative of a range of LDAC and mineral recovery applications. 

For RO-NF, it is more difficult to choose a specific feed composition because of the range 

of ZLD applications. For example, the ZLD survey of Mickley [312] reports high SO4
2- 

concentrations in brackish water, with Na+ and Cl- being 30% of the total dissolved solids 

(TDS). Whereas in ZLD for seawater, Na+ and Cl- represent more than 90% of the total TDS 

[311, 316, 318, 324]. Thus, a MgCl2 solution is used for both NF-RO and RO-NF to compare 

the two configurations consistently. Moreover, an additional validation of the RO-NF model 

using NaCl was conducted using data from Laskowska et al. [324] who modelled RO-NF 

with seawater (95% of which was Na+ and Cl-). 

After verifying the 2-stage models, the models were applied to the 4-stage systems as 

investigated in previous idealised configurations. Thus, a 3NF-RO system was modelled for a 

baseline greenhouse LDAC application based on Chapter 3, and a RO-3NF system for a 

baseline ZLD application based on Wang et al. [73]. Finally, a sensitivity analysis was 

performed for the 4-stage systems by varying feed concentration, ERD efficiency, and feed 

temperature. 
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The structure of Chapter 5 is as follows. First, the theoretical modelling of the multi-stage 

NF systems is presented. Then, the equipment and experimental procedure are described. 

Subsequently, experimental results for NF-RO and RO-NF are shown followed by their 

model validation. Finally, the model results of the 4-stage systems are compared to those 

reported in previous theoretical studies and their conventional thermal alternatives. 

 

5.2 Theory 

The interpolation equations and the iterative method to calculate σ, developed in Chapter 4, 

did not match the experimental results of this Chapter. Specifically, the rejection interpolation 

using the NFX membrane and MgCl2 concentrations of 33–52 g/L (as for the experiments 

conducted in this Chapter) calculates values of 27–23%, but rejections above 70% were 

measured during the experiments using the same membrane type and feed. This discrepancy 

can be attributed to the different types of filtration. In Chapter 4, the stirred cell used membrane 

samples and operated in dead-end filtration having no brine outlet and recovery of 100%. In this 

Chapter, the 2-stage system uses spiral wound membranes and operates in cross-flow filtration 

having a brine outlet and low recovery (below 20%). Consequently, a new model was 

developed for the 2-stage system. 

The model of each membrane stage has six input and six output parameters (Figure 5-3). 

The input parameters for the NF membrane are NF feed mass flow9 (ṁf,NF) [kg/min], NF feed 

concentration (Cf,NF) [g/L], NF membrane rejection (RNF), feed temperature (Tf) [°C], NF 

recovery (rNF), and maximum allowable pressure (ΔPmax) [bar]. The output parameters are 

intermediate mass flow (ṁint) [kg/min], intermediate concentration (Cint) [g/L], brine mass 

 

9 In Chapter 5, the mass flows are presented in [kg/min] instead of [kg/s] (as in other Chapters) to provide a 

clearer visualisation of the experimental flows, which are relatively low. For instance, the experimental flow of 1 

kg/min that will be discussed later is equivalent to 0.0166 kg/s. 
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flow (ṁb) [kg/min], brine concentration (Cb) [g/L], NF membrane permeability (Lp,NF) [L/(m2 

h bar)], and the applied pressure to the NF membrane (ΔPNF) [bar]. The output parameters 

ṁint, ṁb, and Cb are calculated based on mass conservation equations: 

�̇�int = �̇�f,NF 𝑟NF     (4-1) 

�̇�b = �̇�f,NF − �̇�int     (4-2) 

𝑤𝑡b =
�̇�f,NF 𝑤𝑡f,NF − �̇�int 𝑤𝑡int

�̇�b
     (4-3) 

 

where wt is the weight concentration (weight percentage of solute per solution) [wt.%]. The 

results are presented using concentrations C [g/L] based on conversion equations from C to wt 

found in appendix 7. The use of [g/L] enables the following standard definition of rejection to 

be used: 

𝐶int = 𝐶f,NF(1 − 𝑅NF)     (4-4) 

 

For an ideal membrane, the applied pressure ΔPNF has elsewhere been assumed equal to 

the transmembrane osmotic pressure which is calculated as ΔPNF = ΔΠb,NF [308]. This 

assumption does not, however, account for any pressure losses. Here, ΔPNF is calculated more 

realistically as the sum of transmembrane osmotic pressure, membrane pore resistance loss, 

and cross-flow pressure drop: 

𝛥𝑃NF = 𝐶𝑃 𝛥𝛱b,NF +
𝐽v,NF

𝐿p,NF
+

𝛥𝑃m

2
     (4-5) 

 

where ΔΠb,NF [bar] is calculated as: 

𝛥𝛱b,NF = 𝑅NF 𝛱𝑏     (4-6) 

 

where Πb [bar] is the osmotic pressure of the brine (calculated with Eq. 2-4 based on Tf). 

Concentration polarisation (CP) is included as a multiplier of ΔΠb,NF, calculated as in [337]. 
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Like the NF membrane stage model, the RO membrane stage model also utilises the above 

equations but with the rejection (RRO) set equal to one. The subscript ‘RO’ is used in place of 

‘NF’ and ‘p’ in place of ‘int’ to distinguish this case, as shown in Figure 5-3B. 

 

 

Figure 5-3. A) NF membrane stage model with input and output parameters. B) RO membrane stage model with 

input and output parameters. “C” stands for concentration, “ṁ” stands for flow, “R” stands for rejection, “T” 

for feed temperature, “r” for recovery, “ΔP“ for applied pressure, and “Lp” for permeability. Subscripts match 

the nomenclature of Figure 5-2. Note that the red coloured parameters in Figure 5-2 are inputs of the membrane 

stage models. 

 

Mixing occurs at the tee junction (see Figure 5-2) where mass flow conservation equations 

are applied. Thus, the sum of pump 1 inlet flow (ṁpump1) [kg/min] and brine RO flow (ṁb,RO) 

[kg/min] equals the feed flow into the NF membrane (ṁf,NF) [kg/min]: 

�̇�pump1 + �̇�b,RO = �̇�f,NF     (4-7) 

 

Similarly, the sum of the two inlet flows multiplied by their respective concentrations 

(wtpump1 and wtb,RO) [g/L] equals ṁf,NF multiplied by its concentration (wtf,NF) [g/L]. For RO-

NF, pump 1 does not operate and therefore ṁpump1 and Cpump1 are both zero. 
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�̇�pump1 𝑤𝑡pump1 + �̇�b,RO 𝑤𝑡b,RO = �̇�f,NF 𝑤𝑡f,NF     (4-8) 

 

An ERD was not part of the experimental system but was included in the model. The 

power PowerERD [kWel] recovered by the ERD from the brine is calculated as: 

𝑃𝑜𝑤𝑒𝑟ERD =
(∆𝑃𝑁𝐹 − ∆𝑃𝑚)�̇�b 𝜂ERD

60𝜌𝑏
  (4-9) 

 

where ρb [kg/m3] is the density of the brine and ηERD is the efficiency of the ERD assumed 

equal to 70%. To calculate the net power required when using an ERD, PowerERD is 

subtracted from the total power required by the two motors. The power required by the motors 

was modelled using a linear interpolation based on experiments (see Appendix 7, Figure A7-

1). 

The above equations define the steady-state model of the 2-stage system. However, to 

match the model to the experiments, the tanks also need to be modelled. The tanks are not 

steady-state since their weight (m) [kg] change according to the difference between the inlet 

flow (ṁin) minus the outlet flow (ṁout) [kg/min], i.e. 

𝑑𝑚

𝑑𝑡
= �̇�in − �̇�out   (4-10) 

 

For NF-RO, the first feed tank has ṁin equal to zero and ṁout equal to ṁpump1. The second 

feed tank has ṁin equal to the NF permeate flow (ṁint) and ṁout equal to ṁpump2. For RO-NF, 

which has only one feed tank, ṁin is equal to ṁint and ṁout is equal to ṁpump2. In RO-NF, both 

the concentration and weight of the feed tank vary. The following equation assumes ideal 

mixing (wtout = wt): 

𝑑(𝑚 𝑤𝑡)

𝑑𝑡
= �̇�in 𝑤𝑡in − �̇�𝑜𝑢𝑡 𝑤𝑡     (4-11) 
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The four sub-models: membrane stage, tee junction, tank weights, and tank concentration 

constitute a model for each membrane stage. The first stage of nNF-RO and the last stage of 

RO-nNF also include the ERD sub-model. A multi-stage system is modelled by connecting 

multiple membrane stage models in series. Thus, NF-RO and RO-NF each contain two 

membrane models, one for NF and one for RO. NF-RO and RO-NF were modelled using 

Matlab-Simulink® (release 2022a, Natick, Massachusetts: The MathWorks Inc) where models 

are easily linked (Figures A7-2 and A7-3 in Appendix 7). The systems were simulated over 

100 minutes with a timestep of 1 minute. The 4-stage systems (3NF-RO and RO-3NF) were 

also modelled using Matlab-Simulink® (Figures A7-4 and A7-5 in Appendix 7), using the 

same approach as for the 2-stage systems. 

 

5.3 Method 

5.3.1 Description of equipment 

This subsection provides information about the pumps and motors, membranes and their 

vessels, and details of pipework, tanks, and instrumentation used in the experimental set-up 

(Figures 5-4 and 5-5). 

 

 
Figure 5-4. Photographs of the 2-stage system: A) front view B) left view. 
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Figure 5-5. Schematic of the 2-stage system operated as NF-RO (control box and structure not shown). Arrows 

show the direction of flow. Semi-transparent arrows indicate that these flows exist only when the safety relief 

valves are activated. 

 

Two stainless-steel 53SS series pumps were purchased from Interpump group (Italy). 

Pump 1 is the SS1B503 model while pump 2 is the SS1B505 model. To drive the pumps, two 

low voltage DC permanent magnet motors were purchased from Leeson electric corporation 

(USA). Motors 1 and 2 have rated powers of 0.75 kW and 1.5 kW, respectively, at 1800 

RPM. 

A type NFX membrane module – diameter of 0.0635 m (2.5”), length of 1.016 m (40”), 

and area of 2.6 m2 – was purchased from Synder filtration (USA). According to the Synder 

datasheet, the membrane has a maximum operating pressure of 41 bar, average MgSO4 

rejection of 95%, average NaCl rejection of 40%, and pure water permeability of 2.734 L/(m2 

h bar) [126]. A type SW30 RO membrane module (of the same dimensions and area as the NF 

module) was purchased from Dupont (USA). According to the Dupont datasheet, the RO 

membrane has a maximum operating pressure of 69 bar, NaCl rejection above 99.4%, and 

pure water permeability of 1.401 L/(m2 h bar) [338]. By using tap water, pure water 

permeabilities of 2.669±0.16 and 1.451±0.09 L/(m2 h bar) were experimentally measured, 

respectively, thus showing an error of less than 4% compared to datasheets. Two pressure 
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vessels were purchased from PHOENIX Vessel Technology Ltd (UK) with maximum 

operating pressure of 69 and 83 bar for the NF and RO membranes, respectively. For both 

membranes, their longitudinal pressure drop (ΔPm) was measured experimentally in the range 

of 0.6–1 bar. ΔPm increased with flow but did not increase after conducting the experiments, 

implying that fouling did not take place. However, fouling may not have been noticed because 

the total experimental time was less than 20 hours. 

The NF membrane has a maximum operating pressure of 41 bar and experiments were 

carried out at 38.5 bar for safety. The RO membrane has a maximum operating pressure of 69 

bar, but pressures above 41 bar were not possible because the RO brine was an inlet of the tee 

junction preceding the NF membrane (see Figure 5-2). The applied pressure at the NF 

membrane (ΔPNF) and applied pressure at the RO membrane (ΔPRO) were inlets of the tee 

junction and their values were affected when using both pump 1 and pump 2 at different 

applied pressures; therefore both ΔPNF and ΔPRO must be equal to 38.5 bar. 

The 2-stage system includes two CF8M stainless-steel ball-valves (called brine valves in 

Figure 5-5), two 316 stainless-steel spring check valves, one CF8M stainless-steel pressure 

reducing valve (type 481-SP), two CF8M stainless-steel safety relief valves, three 316 

stainless-steel pressure gauges (model DG-10 digital), one 316 stainless-steel tee junction, 

and 3.2 m of 316 stainless-steel tubes (outer diameter of 0.0127 m and the wall thickness of 

0.0012 m). Based on datasheets, the NF pressure gauge has an accuracy of ±0.25% and 

measuring range of 0–50 bar based on its datasheet, whereas the RO and safety pressure 

gauges have an accuracy of ±0.5% and measuring range of 0–100 bar based on its datasheet. 

The NF and RO pressure gauges measure ΔPNF and ΔPRO, respectively. Whereas the safety 

pressure gauge was used to check that the RO brine did not increase ΔPNF above 38.5 bar. 
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At high flows, mixing at the tee junction affected ΔPNF and ΔPRO. For example, while 

testing with tap water, ΔPNF was equal to 14 bar when using only pump 1 at 3.6 kg/min. 

Whereas using only pump 2 at 4.45 kg/min, ΔPRO was equal to 17.8 bar. But when operating 

pump 1 at 3.6 kg/min and pump 2 at 4.45 kg/min together, the two streams affected each other 

and their pressure increased10 to 32.2 bar. To avoid this issue, it was necessary to operate NF-

RO with a pump 2 flow below 0.5 kg/min when the pump 1 flow was above 3 kg/min. This 

almost nullified the ΔP disturbance in the tee junction. This ΔP disturbance did not occur in 

the RO-NF system which only utilises one pump. 

Four tanks made of medium density polyethylene (volumes shown in Figure 5-5) were 

purchased from Kingspan Water & Energy Ltd (UK). To weigh the feed in the feed tank, two 

weighing scales were purchased from Oypla (UK) having an accuracy of ±0.1 kg and 

measuring range of 0–300 kg. For the brine, permeate, and intermediate solutions, four 

weighing scales were purchased from T-Mech (UK) having an accuracy of ±0.1 kg and 

measuring range of 0–200 kg. Due to space limitations, the permeate tank was placed on top 

of the brine tank. Thus, two scales placed under the brine tank measured the weight of the 

brine in the brine tank and the permeate in the permeate tank. One scale placed under the 

permeate tank measured the weight of the permeate in the permeate tank, and one scale placed 

under the second feed tank measured the weight of the intermediate solution in the second 

feed tank. The weight of the tanks and the weight of the scale on top of the brine tank were set 

to zero by using the tare feature. The weight of the brine was calculated as the combined 

weight of brine and permeate (measured by two scales) minus the weight of the permeate 

(measured by another scale). 

 

10 To calculate the equilibrium ΔP, first the single ΔP must be divided by their flows (ΔPNF/3.6 = ΔPRO/4.45 = 4). 

Then, the equilibrium ΔP is given by multiplying ΔPNF/3.6 with the outlet flow, equal to 8.05 kg/min. Thus, the 

equilibrium ΔP is 8.05×4 =32.2 bar. 
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5.3.2 Solution preparation and experimental procedure 

This section first describes how the MgCl2 solutions were prepared. Subsequently, the 

experimental procedure and pressure control are presented, followed by information regarding 

data recording, sample collection, and uncertainties of parameters. 

Three solutions (concentrations of 33.6, 40.9, and 51.5 g/L) were prepared by mixing tap 

water with MgCl2 powder (purity of 99% purchased by Fisher Scientific, UK). Initially, the 

solution with concentration of 33.6 g/L was prepared by mixing 398 kg of tap water with 

13.58 kg of MgCl2. Sodium metabisulphite (0.6 g) was also added to mitigate membrane 

oxidation. After performing six experiments, three for NF-RO and three for RO-NF, the 

solution concentration was increased to 40.9 g/L by adding another 2.87 kg of MgCl2 to the 

feed solution. After repeating the six experiments with 40.9 g/L, the solution concentration 

was further increased to 51.5 g/L by adding 4.5 kg of MgCl2 to the feed solution. The 

concentration of 51.5 g/L was chosen because its osmotic pressure is 2 bar higher than ΔP 

equal to 38.5 bar. The concentration was not increased above 51.5 g/L because the permeate 

flux of the NF membrane was extremely low and took 50–70 minutes (depending on flow) to 

produce 4 kg which was the minimum required in the second feed tank to activate pump 2 

without damaging it. Even though concentrations of 33.6 and 40.9 g/L produced 4 kg faster, 

pump 2 was also activated after 50–70 minutes. This was done for consistency, which allows 

a fair comparison among different concentrations. The concentrations of 33.6 and 40.9 g/L 

were chosen as lower concentrations, but still close to the maximum of 51.5 g/L to evaluate 

system operation with high feed concentrations. 

Before each experiment, the solution in the feed tank was homogenised for 15 minutes 

using a mixing pump. Then the mixing pump was placed in the brine tank and used to 

recirculate the brine from the brine tank to the feed tank. Brine recirculation was used for NF-
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RO and RO-NF systems and activated when the brine tank reached 70 kg for low pump mass 

flows, and 170 kg for medium and high flows. The brine recirculation lasted 5 minutes for 

experiments with low flows and 10 minutes with medium-high flows. Recirculation of brine 

was only used to increase the duration of experiments but was not an investigated parameter. 

Manual stirring of the feed tank was performed every 5 minutes to ensure uniform 

concentration. 

Experiments were carried out at room temperature of 22±1 °C. During experiments, the 

speeds of the pumps were controlled manually to keep ΔPNF and ΔPRO at 38.5 bar. This 

maximised the flux while remaining below the 41 bar pressure limit of the NF membrane. 

Thus, the speed of pump 1 was slightly increased whenever ΔPNF started to decrease below 

38.5 bar. In contrast, the speed of pump 1 was slightly decreased whenever ΔPNF started to 

increase above 38.5 bar. As a result of these adjustments, pump 1 flow for NF-RO was 1±0.12 

kg/min (for low flow experiments), 2.8±0.15 kg/min (medium flow experiments), and 

3.6±0.15 kg/min (high flow experiments). The system was operated to find the opening of the 

NF brine valve that resulted in ΔPNF of 38.5 bar using these three pump 1 flows. Only the NF 

brine was regulated while the RO brine valve was completely opened for all experiments. 

This is because the brine of the RO membrane was constantly under pressure due to the tee 

junction. 

For RO-NF, the investigated pump 2 flows were 1.13±0.2 kg/min (low flow), 3±0.19 

kg/min (medium flow), and 4.45±0.25 kg/min (high flow). These pump 2 flows were selected 

according to the NF brine valve settings which were the same as in NF-RO. Thus, the flows 

of pump 2 were selected to provide a ΔPRO of 38.5 bar. 

The set of experiments started with NF-RO first using low pump 1 flow, then medium 

pump 1 flow, and finally high pump 1 flow. After finishing the NF-RO experiments, RO-NF 
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was investigated in the same order, e.g., low, medium, and finally high flows at pump 2. After 

finishing an experiment, the solutions in the brine, permeate, and second feed tanks were 

recirculated to the feed tank. To change from NF-RO to RO-NF, the hoses connecting feed 

tank to pump 1 and second feed tank to pump 2 were disconnected, and then the hose of the 

feed tank was connected to pump 2. For both systems, low pump flow experiments lasted 95 

minutes, medium pump flow lasted 90 minutes, and high pump flow lasted 80 minutes. 

The operating parameters covered three feed MgCl2 concentrations combined with three 

mass flows for each pump, resulting in nine experiments with NF-RO and nine with RO-NF. 

Recovery of NF (i.e., brine valve setting) was not fixed but was adjusted for each pump flow 

to provide ΔPNF and ΔPRO of 38.5 bar. 

The weights of feed, second feed, permeate, and brine tanks were measured by the 

weighing scales, applied pressures by pressure gauges, currents of the motors through 

ammeters, and voltages of the motors through voltmeters. The values of the instruments were 

recorded by taking photos after 1 minute of operation, after 5 minutes of operation, and then 

every 5 minutes. The time was measured by using a precision stopwatch with an accuracy of 

±1 second. Weighing scales and pressure gauges were digital, while ammeters and voltmeters 

were analogue. The software GetData Graph Digitizer was used to digitalise the analogue 

pointers of the ammeters and voltmeters. 

For the concentration of feed, intermediate, permeate, and brine (as indicated in Figure 5-

2), samples were taken every 15 minutes for the low pump flow experiments, every 10 

minutes for medium and high pump flow experiments, and whenever the brine recirculation 

was activated or deactivated. The measured refractive indexes were almost constant 

throughout the experiment, confirming steady-state operation (as also seen from the constant 

osmotic pressures during the experiment in Figure 5-6); therefore, samples did not need to be 
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taken more often. The refractive indexes were measured by using an automatic refractometer 

(model J357 from Rudolph Research Analytical, USA) with an accuracy of ±0.00002, 

resulting in an accuracy of ±0.8 g/L for the C concentrations. The concentrations at times 

between sampling were calculated by linear interpolation. 

For parameters x and y having uncertainties ±dx and ±dy, respectively, the uncertainty dz of 

parameter z, where z = x/y or z = xy, is given by Eq. 3-35. The uncertainties for the investigated 

parameters are shown in Table 5-1. 

 

Table 5-1. Accuracies of investigated parameters with information regarding their calculation based on Eq. 3-35. 

Parameter Accuracy and unit Calculated based on 

Tank weight (m) ±0.1 kg Manufacturer datasheet 

NF pressure gauge (ΔPNF) ±0.25% bar Manufacturer datasheet 

RO pressure gauge (ΔPRO) ±0.5% bar Manufacturer datasheet 

Timestep (Δt) ±1 second Accuracy of stopwatch 

Concertation (C) ±0.8 g/L Accuracy of refractometer 

Electric power ±9% kWel Accuracies of ammeters and voltmeters 

Osmotic pressure (ΔΠ) ±0.391 bar Accuracy of C 

Mass flow (ṁ) ±0.01 kg/min Accuracies of m and Δt 

Recovery (r) ±2% Accuracy of m 

SEC ±12.7% kWhel/m3 Accuracies of electric power and ṁ 

Permeability (Lp) ±5.6% L/(m2 h bar) Accuracies of ΔPRO and ṁ 

Rejection (R) ±1.5% Accuracy of Refind 
 

 

5.4 Results 

This section presents results of the steady-state operation for NF-RO, for RO-NF, and 

comparisons between them. 

 

5.4.1 Experimental 

Steady values for ΔP and ΔΠ (and consequently C) were observed after 5 minutes, as 

shown in Figure 5-6. 
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Figure 5-6. Applied pressures and osmotic pressures for NF-RO operating with feed concentration of 33.6 g/L 

and pump 1 flow of 1±0.12 kg/min. The vertical dashed line indicates when pump 2 was activated, while the 

lightly shaded green area indicates the duration during which the brine recirculation (RC) was active. 

 

A longer period of 25 minutes was needed for rNF to become constant (Figure 5-7). Figure 

5-7 also shows that lower pump 1 flow achieves higher rNF which decreased as Cf increased. 

The decrease in rNF as Cf increased can be attributed to the reduced permeate driving force. At 

Cf of 33.6, 40.9, and 51.5 g/L, the corresponding feed osmotic pressures (Πf) are 26.4, 32.2, 

and 40.7 bar, respectively. The permeate flux is directly proportional to the difference 

between ΔP and Πf. Since ΔP was maintained constant at 38.5 bar during the experiments, the 

decreased driving force of permeate flux at higher Cf results in lower rNF. Decrease in rNF as 

Cf increased agrees with the experiments in Chapter 4 where the permeate flux (Jv, 

proportional to r) decreased as Cf increased. Additionally, the observed decrease in rNF with 

increasing flow can be attributed to higher pressure losses. As the flow increases, so does Jv 

which is directly proportional to pore resistance loss. The cross-flow pressure drop also 

increases with feed flow [339], but its contribution is relatively low compared to pore 

resistance loss. 
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Figure 5-7. A) NF recovery (rNF) measured during NF-RO operating with feed concentration (Cf) of 33.6 g/L 

and pump 1 flows of 1±0.12, 2.8±0.15, and 3.6±0.15 kg/min. B) Similar to A) but operating with C f of 51.5 g/L. 

rNF is plotted after stabilisation and until brine recirculation was deactivated. 

 

Tables 5-2 to 5-4 summarise the steady-state results for Cb, rNF, SEChyd, SECel, RNF, and 

RRO at different values of Cf. The lowest flow at pump 1 required less power than the other 

flows and gave the lowest SEChyd, and in turn the lowest SECel. Due to also having higher Cb, 

the lowest pump 1 flow was the preferred option. 

Lower RNF was measured when Cf increased (see Tables 5-2 to 5-4), with experimental RNF 

values between 70% and 90%. This agrees with the findings of previous studies [133, 340]. 

Mitko et al. [340] conducted experiments using the same NF membrane, namely NFX, as in 

the experimental system, and attributed the lower RNF at higher Cf to a higher diffusivity 

across the membrane, induced by the presence of more ions. In contrast, Hilal et al. [133] 

suggested that low RNF at high Cf means that the membranes operate under unsuitable 

conditions. Both explanations may apply here since the NFX is a sanitary membrane designed 

for low Cf applications, such as dye concentration and coffee extraction [126], but 

experiments were conducted at high Cf. 

At fixed Cf, RNF decreased as the pump flow decreased (see Table 5-2). At higher flows, 

the concentration polarisation effect is reduced [341], leading to a lower concentration at the 
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membrane surface and, in turn, resulting in a higher RNF. Another possible explanation is that 

the decrease in RNF was accompanied by an increase in rNF. At higher rNF, more permeate is 

produced, which explains why low flow gives a higher Cb. Thus, the membrane works harder 

at low flow which leads to a decrease in RNF. Lower RNF at higher rNF is consistent with the 

interpolation equation (Eq. 3-21) developed in Chapter 4 to predict RNF. Eq. 3-21 is based on 

dead-end filtration experiments, meaning rNF of 100%. Therefore, the calculated RNF of 27–

23% using Eq. 3-21 (mentioned earlier in Section 4.2) represents the value that would be 

measured if the NFX membrane of the 2-stage system was operated with rNF of 100% (i.e., 

fully closed NF brine valve). Similar findings were also observed by Hilal et al. [133] who 

investigated three NF membranes (NF90, NF270, and N30F) and found lower RNF at lower 

flows. 

The flow of pump 1 and Cf did not have a significant effect on RRO which remained above 

98% in all experiments. SEChyd increased as Cf increased for all flows, as shown from Table 

5-2 to Table 5-4, meaning that the system struggles to produce permeate at higher Cf. SECel 

rises less than SEChyd because of improved pump efficiency at higher flow. 

 

Table 5-2. Summary of NF-RO results with feed concentration of 33.6 g/L at steady-state conditions. SEC values 

are measured from when pump 2 was activated (causing permeate production to begin) until the end of the 

experiment. 

NF-RO 

experiment 

Pump 1 flow 

[kg/min] 

Cb 

[g/L] 

rNF 

[%] 

SEChyd 

[kWh/m3] 

SECel 

[kWhel/m3] 
RNF [%] RRO [%] 

1 1±0.12 40.04 17.2 2.97 8.25 84.41±0.83 99.18±0.76 

2 2.8±0.15 39.64 10.32 6.92 19.65 90.65±0.83 99.17±0.76 

3 3.6±0.15 39.03 8.78 8.78 18.01 90.84±0.83 99.12±0.76 
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Table 5-3. Summary of NF-RO results with feed concentration of 40.9 g/L at steady-state conditions. SEC values 

are measured from when pump 2 was activated (causing permeate production to begin) until the end of the 

experiment. 

NF-RO 

experiment 

Pump 1 flow 

[kg/min] 

Cb 

[g/L] 

rNF 

[%] 

SEChyd 

[kWh/m3] 

SECel 

[kWhel/m3] 
RNF [%] RRO [%] 

4 1±0.12 45.43 11.4 9.43 26.19 82.3±0.77 99.19±0.76 

5 2.8±0.15 44.24 5.75 13.68 30.69 88.95±0.77 99.15±0.76 

6 3.6±0.15 43.92 4.79 18.42 40.01 90.9±0.77 99.14±0.76 

 

Table 5-4. Summary of NF-RO results with feed concentration of 51.5 g/L at steady-state conditions. SEC values 

are measured from when pump 2 was activated (causing permeate production to begin) until the end of the 

experiment. 

NF-RO 

experiment 

Pump 1 flow 

[kg/min] 

Cb 

[g/L] 

rNF 

[%] 

SEChyd 

[kWh/m3] 

SECel 

[kWhel/m3] 
RNF [%] RRO [%] 

7 1±0.12 54.56 6.39 20.81 46.24 71.6±0.53 99.19±0.74 

8 2.8±0.15 53.77 2.44 30.29 64.81 77.15±0.53 99.13±0.74 

9 3.6±0.15 53.44 2.14 53.22 108.25 78.8±0.53 99.04±0.74 

 

The RO-NF system required 25-45 minutes to reach steady-state operation, where system 

recovery (r) became constant (Figure 5-8). Similarly for NF-RO, lower flow and lower Cf 

resulted in higher r. 

 

 

Figure 5-8. Total system recovery (r) measured during RO-NF operating with feed concentration (Cf) of 33.6 g/L 

and pump 2 flows of 1.13±0.2, 3±0.19, and 4.45±0.25 kg/min. B) Similar to A) but operating with C f of 40.9 g/L. 

r is plotted after stabilisation and until brine recirculation was deactivated. 
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Steady-state results for Cb, r, SEChyd, SECel, and RRO are summarised in Tables 5-5 and 5-6 

for Cf of 33.6 and 40.9 g/L, respectively, for various pump 2 mass flows. SEChyd and SECel 

increase with flow. The lowest pump 2 flow gave the highest Cb and the lowest SECel, making 

it the preferred option. RRO was not affected by the flow of pump 2 or Cf and remained above 

98% in all experiments. Increasing Cf results in higher SEChyd. 

 

Table 5-5. Summary of RO-NF with feed concentration of 33.6 g/L at steady-state conditions. 

RO-NF 

experiment 

Pump 2 flow 

[kg/min] 
Cb [g/L] r [%] 

SEChyd 

[kWh/m3] 

SECel 

[kWhel/m3] 
RRO [%] 

1 1.13±0.2 46.82 19.74 5.62 11.82 99.18±0.76 

2 3±0.19 43.3 12.83 9.86 15.64 99.17±0.76 

3 4.45±0.25 40.78 8.48 14.22 20.44 99.16±0.76 

 

Table 5-6. Summary of RO-NF with feed concentration of 40.9 g/L at steady-state conditions. 

RO-NF 

experiment 

Pump 2 flow 

[kg/min] 
Cb [g/L] r [%] 

SEChyd 

[kWh/m3] 

SECel 

[kWhel/m3] 
 RRO [%] 

4 1.13±0.2 48.22 9.84 10.69 22.5 99.18±0.76 

5 3±0.19 46.49 5.84 19.48 29.52 99.16±0.76 

6 4.45±0.25 45.27 4.8 23.89 35.63 99.15±0.76 

 

For Cf ≤40.9 g/L, RO-NF had Lp,RO of 70–180% higher than NF-RO (Figure 5-9), whereas 

the difference for Cb was 6–17% (Tables 5-7 and 5-8). However, at Cf of 51.5 g/L, RO-NF 

was not able to produce permeate (Lp is zero in Figure 5-9). 
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Figure 5-9. A) Permeability (Lp) measured during NF-RO operating with pump 1 flow of 1±0.12 kg/min and feed 

concentrations (Cf) of 33.6, 40.9, and 51.5 g/L. The vertical green line separates the nanofiltration (Lp,NF) from 

the reverse osmosis (Lp,RO). B) Lp,RO measured during RO-NF operating with pump 2 flow of 1.13±0.2 kg/min 

and Cf of 33.6, 40.9, and 51.5 g/L. For Cf of 51.5 g/L, Lp,RO was zero meaning that the system did not produce 

permeate. 

 

The concept of nNF-RO was proven since the NF-RO system produced permeate with ΔP 

of 38.5 bar being lower than Πf of 40.7 bar (i.e., Cf of 51.5 g/L). This was possible because 

RNF was in the range of 70–90% which resulted in a reduced osmotic pressure difference 

across the NF membrane (ΔΠf) of 28.5–36.6 bar. 

The calculated Lp values, obtained using the iterative method (see Appendix 7), are below 

their pure water permeability. The iterative method decreases Lp until the system of equations 

is solved. Consequently, pore resistance loss increases as it is inversely proportional to Lp. 

Some studies suggest that increasing the pure water permeability may not significantly 

improve the performance. For example, Werber et al. [342] found that increasing the pure 

water permeability from 2 to 100 L/(m2 h bar) would decrease the energy requirement by only 

4.7%. However, increasing the pure water permeability could lead to higher Lp values and, in 

turn, lower pore resistance losses. For example, aquaporin-based biological membranes have 

high Lp [343], which decreases pore resistance. Optimising the shape of aquaporins, such as 

using conical entrances, can further increase Lp [344]. 
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Additionally, pore resistance loss across spiral wound RO and NF membranes can be 

reduced by employing lower feed flowrates or bigger membrane modules [345]. Fouling is 

also a significant factor affecting pore resistance. In fact, pore resistance loss increases with 

the concentration of organic matter [345]. Therefore, limiting fouling is crucial to minimise 

pore resistance. 

Results for max Cf, max Cb, and brine-feed concentration differences are summarised in 

Tables 5-7 and 5-8. The brine-feed concentration difference for NF-RO was low, confirming 

the theory that nNF-RO can work for applications requiring little concentration increase 

starting from a high Πf. RO-NF achieved higher brine-feed concentration differences than NF-

RO which confirms the theory that RO-nNF is preferred for applications requiring high 

concentration differences but starting from a low Πf. 

 

Table 5-7. Summary of feed concentration (Cf), maximum brine concentration (Cb), and their difference for all 

NF-RO experiments. 

NF-RO experiment Cf [g/L] Max Cb [g/L] Concentration difference [g/L] 

1 33.6 40.04 6.44 

2 33.6 39.64 6.04 

3 33.6 39.03 5.43 

4 40.9 45.43 4.53 

5 40.9 44.24 3.34 

6 40.9 43.92 3.02 

7 51.9 54.56 2.66 

8 51.9 53.77 1.87 

9 51.9 53.44 1.54 
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Table 5-8. Summary of feed concentration (Cf), maximum brine concentration (Cb), and their difference for all 

RO-NF experiments. Results in parenthesis did not produce permeate. 

RO-NF experiment Cf [g/L] Max Cb [g/L] Concentration difference [g/L] 

1 33.6 46.82 13.22 

2 33.6 43.3 9.7 

3 33.6 40.78 7.18 

4 40.9 48.22 7.32 

5 40.9 46.49 5.59 

6 40.9 45.27 4.37 

7 (51.9) (54.52) (2.62) 

8 (51.9) (53.48) (1.59) 

9 (51.9) (53.15) (1.25) 

 

 

5.4.2 Model validation and predictions 

This section starts with the 2-stage model validation, continues with the 4-stage baseline 

cases for greenhouse LDAC and for ZLD, and concludes with a sensitivity analysis for the 4-

stage systems. 

The 2-stage system modelling results agreed well with the experimental values. Predictions 

and experiments regarding C and ΔP agreed with errors below 2% and 7% respectively for 

NF-RO (Figures 5-10A and 5-11A), and 3% and 2% for RO-NF (Figures 5-10B and 5-11B). 

For NF-RO, ṁ and Lp agreed with errors below 8% and 10% respectively (Figures A8-2A and 

A8-3A), whereas for RO-NF the same parameters had errors below 8% and 7% (Figures A8-

2B and A8-3B). These model errors are comparable to the experimental accuracies of SECel, 

ṁ, C, ΔP, and Lp equal to ±12.7 kWhel/m
3, ±0.01 kg/min, ±0.8 g/L, ±0.5% bar, and ±5.6% 

L/(m2 h bar), respectively (see Table 5-1). The accuracy of SECel was the worst because of the 

low accuracy of ±9% kWel to calculate the electric power, related to the low accuracies of the 

ammeters and voltmeters. 
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Figure 5-10. A) Concentrations against time. Subscripts as in Figure 5-2. Results in triangles are experimental 

during NF-RO operating with pump 1 flow of 1±0.12 kg/min and feed concentration (Cf) of 51.5 g/L. 

Experimental Cf and Cb results are shown until brine recirculation was deactivated (model does not include 

brine recirculation). Model results are shown by dashed lines. B) Similar to A) but for RO-NF with Cf of 40.9 

g/L and pump 2 flow of 1.13±0.2 kg/min. 

 

 

Figure 5-11. A) Applied pressures against time. Results in triangles are experimental during NF-RO operating 

with pump 1 flow of 1±0.12 kg/min and feed concentration (Cf) of 51.5 g/L. Model results are shown with dashed 

lines. B) Similar to A) but for RO-NF with Cf of 40.9 g/L and pump 2 flow of 1.13±0.2 kg/min. 

 

The lowest and highest errors were both for NF-RO, equal to 2% for C (Figure 5-10A) and 

11% for the SECel. The NF-RO model for its baseline case calculates a SECel of 41.14 

kWhel/m
3 while the experimental was 46.24 kWhel/m

3. For the RO-NF baseline case, model 

and experiment have SECel values of 23.15 and 22.5 kWhel/m
3, respectively, corresponding to 

an error of only 3%. The NF-RO model was less accurate than the RO-NF because it 
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produced less permeate. Since the permeate production is the denominator of the SECel, a 

small error in calculating the permeate production results in a high error for the SECel. The 

SECel error can decrease by increasing the permeate production, which can be achieved by 

matching the flow of pump 2 with the NF permeate so that permeate is produced throughout 

the experiment, or by extending the duration of the experiments. 

The second highest error was for Lp. Often, Lp is modelled as a constant regardless of ΔP or 

Cf [346], but several experimental studies reported significant variation in Lp due to 

membrane compaction. For example, Persson et al. [347] found that high ΔP compressed the 

membranes and decreased their thickness which in turn decreased Lp. This also agrees with 

Davenport et al. [348] who measured a Lp reduction of 22% when ΔP increased from 80 to 

150 bar using 35 g/L of NaCl. Davenport et al. [348] also found that Lp decreased with Cf. 

Specifically, Lp decreased by 50% when Cf increased from 5 to 35 g/L at a constant ΔP of 80 

bar. Decreased Lp at higher Cf was similarly observed during experiments (Figure 5-9) and 

this effect was represented in the model by the iterative method. The iterative method is 

required because Lp and ΔP are interdependent (see Appendix 7). Nonetheless, there was a 

residual error of 7–10% in Lp which may be reduced by future model improvements. 

The third highest error of 8% for ṁ can be correlated to the ΔP control. Without adjusting 

ṁ, ΔP varied during experiments. Therefore, ṁ had to be decreased or increased to maintain 

ΔP at 38.5 bar. In fact, the highest ṁ were measured when these manual adjustments took 

place. An automatic controller could maintain ΔP at a constant value with slight ṁ variations, 

which would decrease the error in ṁ. 

The fourth highest error of 7% was for ΔP. Since ΔP and Lp are interdependent, decreasing 

the latter also decreases the former. The error of ΔP could be zero if ΔP was an input 

parameter of the membrane model (which would also reduce to zero the error of Lp), as done 
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for the idealised model in Chapter 3 for greenhouse LDAC applications and the idealised 

model of Wang et al. [73] for ZLD applications. This approach simplifies the model but 

compromises its accuracy as it fails to account for real phenomena like membrane compaction 

or decreased Lp at high Cf. More information about the 2-stage model validation can be found 

in Appendix 8. 

Since RO-3NF is later modelled using NaCl, an additional validation of the RO-NF model 

using NaCl was performed based on the findings of Laskowska et al. [324]. The authors 

experimentally investigated NF membrane samples using a stirred cell (the same as in Chapter 

4) and used their experimental findings to theoretically investigate the same RO-NF 

configuration as in the current work. The model of Laskowska et al. [324] includes many 

ions, but here for the comparison, only Na+ and Cl- were considered. They reported 12 

combinations of r and ΔP for which SECel varied between 2.9–3.3 kWhel/m
3 (see Table 5-9). 

When modelling RO-NF with NaCl properties instead of MgCl2, the SECel was in the 

range of 3.3–3.5 kWhel/m
3. The discrepancy between the two models can be attributed to the 

low efficiency pumps used in the 2-stage model. Another possible reason is that the 

Laskowska et al. [324] model is based on membrane samples, while the current model is 

based on spiral wound membranes, which can lead to significant differences as seen from the 

results of Chapters 3 and 4 (see Section 4.2). Nevertheless, the discrepancy is below 18%. 
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Table 5-9. SECel comparison between the RO-NF model using NaCl and results from Laskowska et al. [324]. 

Combinations of inputs and Cb = 87 g/L are taken from Laskowska et al. [324]. 

Cf = 29 g/L Cb = 87 g/L 

RO 

recovery 

(rRO) 

[%] 

RO 

applied 

pressure 

(ΔPRO) 

[bar] 

NF 

recovery 

(rNF) [%] 

NF 

applied 

pressure 

(ΔPNF) 

[bar] 

SECel [kWhel/m3] of 

Laskowska et al. [324] 

SECel [kWhel/m3] of 

RO-NF model using 

NaCl 

35 55.79 45 54.33 3.1 3.5 

35 55.66 50 55.81 3.3 3.5 

40 58.24 40 56.55 2.9 3.3 

40 57.91 45 57.89 3.1 3.4 

40 57.87 50 58.59 3.3 3.4 

45 60.7 40 60.43 2.9 3.3 

45 60.43 45 62.1 3.1 3.4 

45 60.48 50 63.07 3.3 3.4 

50 64.08 35 62.1 2.8 3.3 

50 63.64 40 65.07 3 3.4 

50 63.44 45 67.14 3.1 3.4 

50 63.61 50 68.43 3.3 3.5 

 

 

5.4.3 Predictions for 4-stage system in baseline cases 

The verified NF-RO and RO-NF models were applied to 3NF-RO and RO-3NF systems, 

respectively, for two baseline cases. Their constant parameters are summarised in Table 5-10. 

Different combinations of rejections Ri and recoveries ri were investigated while maintaining 

Cf and Cb as in the previous theoretical studies. For 3NF-RO, the values in Table 5-10 were 

chosen to give the lowest SECel. For RO-3NF, the optimal combination of Ri and ri were taken 

from Wang et al. study [73]. 

The 4-stage model used mostly the same parameters as the 2-stage experimental system 

but with some differences. Since the experimental flow of 1 kg/min gave the best results, the 

feed flow (ṁf) of the models was also set to 1 kg/min. Other membrane parameters, such as 
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membrane area Am, pure water permeability, and pressure drop ΔPm, were the same as the 

experimental ones. The temperature of the solution was 22 °C as in the experiments. 

Regarding the differences, the 4-stage models assumed NF membranes with ΔPmax of 80 

and 100 bar for LDAC and ZLD, respectively, which are higher than the experimental value 

of 41 bar. These values were selected as the lowest required to operate the 4-stage systems 

with the same Cf and Cb as in previous theoretical studies. The models also assumed pump-

motor efficiency of ηm-p of 70% (experimental was below 60%), and ERD efficiency ηERD of 

70% which is the efficiency of a Pelton wheel [279] (experimental was 0%, i.e., no ERD). 

 

Table 5-10. Input parameters for the baseline 3NF-RO (for greenhouse LDAC) and baseline RO-3NF (for ZLD) 

cases. Parameters below the intermediate line are the same for both cases. 

Parameter 3NF-RO RO-3NF 

Cf [g/L] 165 60 

Cb [g/L] 191 233 

ΔPmax [bar] 80 100 

R1 [%] 25 100 

R2 [%] 35 46 

R3 [%] 65 51 

R4 [%] 100 65 

r1 [%] 49 36 

r2 [%] 40 51 

r3 [%] 40 51 

r4 [%] 60 65 

ṁf [kg/min] 1 

70 

70 

22 

2.6 

1 

ηm-p [%] 

ηERD [%] 

T [°C] 

Am [m2] 

ΔPm [bar] 

 

Figure 5-12 shows the inputs and outputs of the baseline 3NF-RO case. Although the 

baseline 3NF-RO has the same Cf and Cb as in Chapter 3, a fair comparison could not be 

made because, in Chapter 3, a high ṁf of 1200 kg/min was used and because the model 
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considered CaCl2 instead of MgCl2. Therefore, an idealised 3NF-RO model was created using 

MgCl2 which assumed that ΔP is equal to the transmembrane osmotic pressure, while also 

setting ηm-p and ηERD equal to 100%. These simplifications decreased the calculated ΔP. As a 

result, the verified and idealised models of the baseline 3NF-RO case have SECel values of 

49.4 and 22.3 kWhel/m
3, respectively. 

The first NF stage has a relatively high r and receives the highest C (see Figure 5-12). 

Since the risk of fouling increases with r and C [340], the first NF stage is the most critical in 

terms of fouling. Therefore, NF membranes (several membranes may be required on each 

stage depending on the feed flow and the maximum recommended flow of each membrane) 

with low fouling propensity must be placed at the first stage. A possible candidate is the 

experimental NFX used in the experiments. In fact, Mitko et al. [340] investigated three types 

of membranes, e.g., NF270, NFX, NFDL, and found that NFX had the lowest risk of scaling. 

Another requirement of the first stage is to have a R of 50%. Although a R of 70% was 

measured at 50 g/L, NFX could have a R of 50% at 165 g/L since the R decreases with Cf. For 

the second and third stages, other types of NF membranes with higher R than NFX should be 

used. It should also be noted that the feed of 3NF-RO is a LD which does not incorporate 

many types of ions as the feed of typical desalination applications. Therefore, the risk of 

scaling can be minimised by selecting an appropriate LD. Since monovalent ions are less 

prone to fouling, LiCl and LiBr could be used, which are considered the best LDs but have 

the disadvantage of being toxic. 
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Figure 5-12. Verified model results of 3NF-RO for the baseline greenhouse LDAC case. Results are shown for 

feed flow of 1 kg/min and feed concentration (Cf) of 165 g/L of MgCl2. Each line has mass flow in [kg/min] and 

concentration in [g/L]. The applied pressure is shown under each pump. Stages contain their rejections (R) and 

recoveries (r). Colours as in Figure 5-2. 

 

The inputs and outputs of the baseline RO-3NF case are visualised in Figure 5-13. Wang et 

al. [73] investigated Cf of 5, 35, and 60 g/L; and 60 g/L was selected as the Cf for the baseline 

RO-3NF. This is because the ZLD process comprises a RO stage, followed by a brine 

concentrator (RO-3NF), and concluding with a crystalliser [310]. The 60 g/L is approximately 

representative of the RO brine and was therefore used as the feed of the baseline RO-3NF 

case. The verified and idealised RO-3NF models both used NaCl (instead of MgCl2 as for 

3NF-RO, see Appendix 7 for NaCl properties), but differ in calculating ΔP and the energy 

requirement. 

 

 

Figure 5-13. Verified model results of RO-3NF for the baseline ZLD case. Results are shown for feed flow of 1 

kg/min and feed concentration (Cf) of 60 g/L of NaCl. Each line has mass flow in [kg/min] and concentration in 

[g/L]. The applied pressure is shown close to each pump. Stages contain their rejections (R) and recoveries (r). 

Colours as in Figure 5-2. 
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For RO-3NF, the most critical fouling condition occurs at the last NF stage, especially due 

to the high r of 65%. Moreover, the model assumes only Na+ and Cl- which are the most 

abundant ions in seawater, but in practice Mg2+, Ca2+, SO4
2-, and HCO3

- are also present [311, 

316, 318, 324]. Among them, Ca2+ and SO4
2- are especially critical because they form gypsum 

[315]. For this reason, ZLD processes typically include a pretreatment [349, 350], which can 

also be a preliminary NF stage [311, 316, 318, 324]. Thus, the absence of a pretreatment or 

NF stage at the beginning of the RO-3NF may lead to fouling or scaling. Without modifying 

the system, possible options to mitigate fouling include physical cleaning, surface 

modifications, pH adjustment, or antiscalants [340]. The choice depends on the specific 

application as these have pros and cons. Physical cleaning using deionised water can remove 

gypsum but requires additional maintenance and is not as effective as antiscalants in 

preventing scale formation [351]. Surface modification can decrease the risk of fouling but 

requires complex and expensive modifications [352]. pH adjustment inhibits carbonate 

scaling [353] but requires additional equipment and pH monitoring. Lastly, antiscalants 

enable operation at the highest possible r, decrease the risk of premature replacement, and 

reduce the need for chemicals and acids, but enhance membrane biofouling [354]. 

Alternatively, a NF stage can be used as pretreatment with the downside of needing frequent 

replacement. 

For both the baseline cases of 3NF-RO and RO-3NF, verified and idealised model had 

same C and ṁ, but differ in that the verified models had higher ΔP (see Table 5-11). 
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Table 5-11. Applied pressures in [bar] calculated using the verified and idealised models for the 3NF-RO and 

RO-3NF baseline cases. The RO-3NF model does not utilise a pump for the last stage because the pressure is 

provided by the brine of the previous stage. 

No. of stage Verified 3NF-RO Idealised 3NF-RO Verified RO-3NF Idealised RO-3NF 

1 70.63 60.86 84.62 70.84 

2 69.01 47.92 99.51 51.09 

3 78.29 54.54 94.36 51.35 

4 51.14 47.76 
  

 

5.4.4 Sensitivity analysis for 4-stage systems 

In both 3NF-RO and RO-3NF, Cb is fixed while Cf can vary. For example, Cf of 3NF-RO 

in greenhouse LDAC decreases when more moisture is produced by the crops. Whereas in a 

ZLD, Cf of RO-3NF depends on the upstream RO stage. Figure 5-14 shows the verified 3NF-

RO and RO-3NF models with Cf of 135–185 g/L (MgCl2) and 5–115 g/L (NaCl), 

respectively, while adjusting the recovery of the first stage r1 to keep Cb fixed. NaCl 

concentrations of 5, 35, and 60 g/L represent ZLD feeds (brackish water, seawater, and 

rejected RO brines, respectively). A NaCl concentration of 60–115 g/L can be associated with 

the chemical industry which has wastewaters with up to 200 g/L [355]. Thus, Cf above 60 g/L 

represents a chemical industry that achieves ZLD using a 3NF-RO and a crystalliser. 
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Figure 5-14. A) Electric specific energy consumption (SECel) and recovery (r) of 3NF-RO against feed 

concentration (for LDAC). B) SECel and r of RO-3NF against feed concentration (for ZLD). SECel of the verified 

and idealised models are shown on the left vertical axis and r (same for verified and idealised models) on the 

right vertical axis. The grey boxes or continuous line show the SECel of the conventional thermal alternatives. 

The legend includes the names of the models or technologies regarding their SECel. 

 

The SECel of 3NF-RO (for LDAC) and RO-3NF (for ZLD) is defined as the required 

electric energy [kWhel] per m3 of permeate. This is appropriate because in LDAC the 

permeate represents the energy (in the form of Gibbs energy or heat of evaporation) that needs 

to be provided to the LD regenerator to concentrate the LD. In the field of LDAC, this energy 

is linked to the COP of the system, which generally improves as the SECel decreases. Whereas 

in ZLD, the permeate represents the reduction in brine volume which reduces the burden on 

the downstream crystalliser. 

For 3NF-RO, SECel decreases as Cf decreases, meaning that lower Cf is preferred. 

However, low Cf has high r which makes the membranes more prone to fouling [356]. In 

LDAC, fouling is enhanced by the high Cb required for efficient dehumidification 

performance [18, 46]. Since Cb remains constant for all investigated Cf values, operating the 

systems with lower r at higher Cf reduces the risk of fouling. To establish a continuous loop 

where permeate is recycled for irrigation, the permeate flow must match the irrigation demand 

(which is constant). Although r decreases as Cf increases, all the water absorbed by the LD 
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can be recovered as the permeate of 3NF-RO (otherwise Cb would be lower). If the permeate 

flow is less than the irrigation demand, the permeate flow can increase by scaling up the 

system. Nevertheless, changing the size of 3NF-RO does not affect its SECel or r. 

For RO-3NF, SECel decreases as Cf decreases, indicating that RO-3NF achieves higher 

efficiency when preceded by a RO stage with a low brine concentration. Since RO-3NF 

reaches Cb of 233 g/L even with Cf of 5 g/L, new ZLD designs do not need to include a RO 

stage, thus having only RO-3NF and a crystalliser to decrease the SECel of the ZLD process. 

The SECel of 3NF-RO is higher than that of RO-3NF, but the first has additional 

advantages than a desalination system. It also provides dehumidification and water recycling 

for the greenhouse. Although 3NF-RO operates with r below 30% (see Figure 5-14A), all the 

irrigation water is collected and recycled when considering the whole greenhouse LDAC 

system. This enables the system to operate without the need for continuous water supply. 

3NF-RO and RO-3NF models were investigated with three ERD efficiencies (ηERD) of 0 

(no ERD), 70% (Pelton wheel [279]), and 95% (isobaric pressure exchanger [279]). Figure 5-

15 shows the SECel of 3NF-RO at Cf of 135, 165, and 185 g/L, and for RO-3NF at Cf of 5, 60, 

115 g/L. The selected Cf are the lowest, medium, and highest considered for the sensitivity 

analysis. When applied to 3NF-RO, the use of an ERD results in lower energy requirement as 

Cf increases, with a maximum energy reduction of 64% at Cf of 185 g/L. In contrast, the 

benefit of an ERD for RO-3NF is limited. Even by considering the most efficient ERD with 

ηERD of 95%, the SECel reduction remains below 7% for all Cf (Figure 5-15), suggesting that 

an ERD may not be advantageous for industrial applications due to its high cost. 

The verified models were also investigated with different feed temperatures (Tf) for the 

same Cf values as for the ηERD investigation. Both 3NF-RO and RO-3NF are efficient 
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regardless of Tf, with SECel variations below 5% for all investigated Tf (Figure 5-16). Tf is an 

important parameter for both greenhouses and ZLD applications. The LD temperature in 

greenhouses is expected to vary based on climate conditions, while the Tf in ZLD depends on 

the temperature of the water source. 

 

 

Figure 5-15. Electric specific energy consumption (SECel) against efficiency of energy recovery device (ηERD). 

Results in orange are regarding 3NF-RO and in blue regarding RO-3NF. Grouped bars are regarding a feed 

concentration (Cf) [g/L]. Numbers above the groups indicate Cf. 
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Figure 5-16. Electric specific energy consumption (SECel) against feed temperature (Tf). Results in orange are 

regarding 3NF-RO, and in blue regarding RO-3NF. Each line corresponds to a feed concentration (Cf) [g/L]. 

 

5.5 Discussion 

For the greenhouse LDAC baseline case, the verified 3NF-RO model predicts SECel more 

than twice that of the idealised 3NF-RO model (49.4 compared to 22.3 kWhel/m
3). The SECel 

difference occurs for two reasons. First, the verified model requires more energy because it 

assumes pump and ERD efficiencies of 70%, whereas the idealised model assumes 100% for 

both. Second, a maximum allowable pressure (ΔPmax) of 78 bar is required for the verified 

model (see third stage of Figure 5-12); whereas the idealised model requires only 55 bar 

because it does not account for pressure losses caused by pore resistance. Operating 

continuously 3NF-RO at ΔPmax of 78 bar could damage a commercial membrane with typical 

burst pressures of 80 bar. A burst pressure of 20–30% higher would be needed in this case, 

highlighting the need of a NF membrane with a burst pressure of 100 bar. 
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For the ZLD case, the verified RO-3NF model predicts SECel values nearly twice those 

reported by Wang et al. [73] using their idealised model. For Cf of 5, 35, and 60 g/L 

(representative of brackish water, seawater, and rejected RO brines, respectively) the verified 

model predicts SECel of 4.21, 9.25, and 14.6 kWhel/m
3, respectively, whereas Wang et al. 

reported SECel of 2.39, 5.14, and 7.98 kWhel/m
3. These SECel differences arise for the same 

two reasons as in the LDAC case. The verified and idealised RO-3NF models require a ΔPmax 

of 100 and 70 bar, respectively. This ΔPmax difference occurs because Wang et al. assumed 

that ΔP was equal to only the transmembrane osmotic pressure while neglecting pore 

resistance. Thus, practical RO-3NF requires stages operating at 100 bar which is higher than 

the typical operating pressures of commercial membranes. Therefore, significant advances in 

membrane fabrication are required with NF having rejections of 10–70% and burst pressures 

of 120 bar to enable continuous operation. 

The idealised RO-3NF model developed here agrees with a SECel difference below 1 

kWhel/m
3 compared to the idealised model of Wang et al. [73]. This small difference might be 

related to the different approach for modelling the osmotic pressure, i.e., the current model 

uses the Gibbs energy whereas Wang et al. used only the van ’t Hoff approximation. 

The verified models predict higher SECel than the idealised models, but the SECel remains 

lower than that of conventional technologies in most cases. In a greenhouse LDAC 

application, 3NF-RO is the LD regenerator. Thus, 3NF-RO is compared to a conventional LD 

regenerator powered by solar collectors based on Bouzenada et al. [57] and a VCR based on 

Mansuriya et al. [329]. 

Based on the data of Bouzenada et al. [57], solar LD regeneration has a SECel of 390–400 

kWhel/m
3 (see “solar LD regeneration” in Figure 5-14A). For the sensitivity analysis against 

Cf, the SECel values of 45–75 kWhel/m
3 for 3NF-RO with ERD are 5.3–8.9 times lower than 
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the SECel of solar LD regeneration. The improvement factor of 8.9 achieved at Cf of 135 g/L 

increases only marginally to 9 when ηERD increases from 70% to 95%. In contrast, the SECel 

difference of 5.3 achieved at Cf of 185 g/L increases significantly to 8.3 when ηERD increases 

from 70% to 95%, thus showing the importance of including an ERD for LDAC applications 

with high Cf. Based on the data of Mansuriya et al. [329], VCR has a SECel of 120–145 

kWhel/m
3 (see “VCR” in Figure 5-14A). Thus, 3NF-RO with ηERD of 70% requires 1.6–2.65 

times less energy than the VCR. Whereas this improvement factor increases to 2.35–2.7 for 

ηERD of 95%. 3NF-RO without an ERD has a SECel of 140 kWhel/m
3, which is higher than the 

SECel of VCR. Therefore, 3NF-RO is more efficient than VCR when incorporating an ERD. 

When considering also environmental aspects, 3NF-RO does not use refrigerants that are used 

in VCR, making 3NF-RO less harmful to the environment. The disadvantages of conventional 

solar regeneration are the low COP (see Subsection 3.4.7) and the requirement of a huge solar 

collector area – up to four times the plan area of the conditioned space [22]. 

For ZLD applications, RO-3NF is compared to MVC which is the most efficient 

conventional brine concentrator used in ZLD processes [73]. Based on the equation taken 

from Davenport et al. [101] for sea salt, a 2-stage MVC has a SECel of 20–25 kWhel/m
3 over 

the investigated Cf range (see “2-stage MVC” in Figure 5-14B). At the baseline Cf of 60 g/L, 

MVC requires 35% more energy than RO-3NF. However, RO-3NF is not better than MVC 

for all the investigated Cf values. At Cf of 90 g/L, the SECel of RO-3NF and MVC are both 

equal to 23 kWhel/m
3. Whereas for Cf above 90 g/L, the SECel of RO-3NF increases more 

rapidly than MVC, showing that MVC is more energy-efficient than RO-3NF when Cf is 

above 90 g/L. Since brackish water, seawater, and rejected RO brines have Cf below 90 g/L, 

RO-3NF is preferred against MVC for these feeds. In the case of wastewaters from chemical 

industries, which typically have Cf above 90 g/L, MVC becomes preferable. The advantage of 
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RO-3NF against MVC improves as Cf decreases; by employing RO-3NF with a Cf of 5 g/L 

(i.e., brackish water), RO-3NF requires 75% less energy than 2-stage MVC. 

Regarding the limitations of the 4-stage systems, these are more complex than their 

conventional thermal alternatives and may require careful control to adjust and balance the 

flows according to feed concentration. Another limitation is that most NF membranes with 

low rejections, including the experimentally investigated, withstand pressures of only 40 bar, 

whereas the 4-stage systems require applied pressures of 80–100 bar. Since the burst pressure 

must be higher than the applied pressure, burst pressure of 100–120 bar may be needed for 

continuous operation. Additionally, an important limiting factor of multi-stage systems is the 

risk of fouling, but this is also an issue in VCR and MVC [55]. In fact, VCR and MVC utilise 

titanium or stainless steel to mitigate fouling, which contributes to their high capital cost [55]. 

The results indicate future research topics for membrane development, experiments, and 

modelling. For the multi-stage systems to be practical, they require NF membranes capable of 

operating at 80–100 bar with RNF of 10–70%, thus membranes should be developed 

accordingly. Improving other membrane properties such as pure water permeability may also 

lead to better performance as it could decrease the pore resistance losses. But it should be 

noted that the reported results relate to specific membranes, and future studies could 

investigate membranes with different properties. Moreover, future idealised studies not 

accounting for pressure losses should consider applied pressures of 40–50 bar below the burst 

pressure of the membranes to enable practical experiments subsequently. 

Experimental investigations should also be conducted on 3-stage or 4-stage systems. For 

nNF-RO systems, an ERD should be incorporated to achieve low SECel. For RO-nNF 

systems, investigations focusing on fouling should be carried out as RO-nNF operates under 

conditions that are favourable for fouling. By optimising the design of the multi-stage 
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systems, it may be possible to operate to a target r that has a low risk of fouling or a 

minimised SECel. 

Furthermore, the use of variable motor speeds based on tank weights/volumes and more 

efficient pumps/ motors would also decrease the SECel. Theoretical investigations can also be 

conducted to determine the optimal number of stages based on variable Cf and Cb. 

 

5.6 Conclusions 

The NF-RO and RO-NF systems were successfully operated, demonstrating their 

practicality. These systems were accurately modelled and applied to 4-stage systems. The 

verified 4-stage systems were investigated over a wide range of feed concentrations, ERD 

efficiencies, and feed temperatures. The main findings are: 

• The verified model predictions and the experiments agree with error below 11% for NF-RO, 

and below 8% for RO-NF. The models accurately predict the measured parameters for NF-

RO and RO-NF for both dynamic and steady-state operations. This is relevant for greenhouse 

LDAC systems which are typically dynamic according to varying weather conditions; 

whereas ZLD systems are typically steady-state, operating continuously for long periods of 

time. 

• The permeabilities (Lp) decrease as Cf increases; with measured values lower than those 

given in the datasheets. This effect was included in the verified models using an iterative 

method to calculate Lp, which is used to calculate the membrane resistance. For the 

investigated cases, membrane resistance was equal to 5–25 bar and 15–50 bar for 3NF-RO 

(for LDAC) and RO-3NF (for ZLD), respectively. 

• 3NF-RO is expected to be less prone to fouling due to its operation at lower r than RO-3NF. 

RO-3NF may require antifouling or an additional NF stage as a pretreatment. 
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• Lower Cf is preferred for both 3NF-RO and RO-3NF to achieve lower SECel. For RO-3NF. 

Lower Cf can be achieved by designing a ZLD process comprising a RO-3NF followed by a 

crystalliser. 

• Regarding the ERD, 3NF-RO requires an ERD to outperform the thermal alternatives 

whereas the moderate energy reduction below 7% for RO-3NF regardless of Cf suggests that 

ERD should be avoided due to its high cost. 

• The SECel variation with feed temperatures of 15–40 °C is below 5%, suggesting that 3NF-

RO and RO-3NF can work efficiently even under fluctuating ambient temperatures. 

• The SECel of 3NF-RO is higher than RO-3NF, but 3NF-RO also concentrates the LD which 

dehumidifies the greenhouse, while also completely recycling the irrigation water. Thus, 3NF-

RO makes the whole system self-sustaining in terms of water. 

• The idealised multi-stage NF models do not predict accurately the experimental results of 

the real cross-flow filtration systems and were therefore improved here by including pressure 

and energy losses. These losses increase the SECel by 2–3 times. Although most of the SECel 

results remain lower than the thermal alternative technologies, multi-stage systems in ZLD 

applications outperform MVC only at Cf below 90 g/L. In LDAC applications, however, 

multi-stage NF incorporating an ERD outperform the thermal alternatives throughout the 

entire Cf range that was investigated. 
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6.1 Introduction 

In Chapter 3, an idealised model of the closed: NF-LDAC concept was studied (this will be 

referred to as “idealised model”) and found to achieve lower temperatures than other types of 

cooling technologies. Specifically, closed: NF-LDAC achieved a greenhouse temperature of 

18.7 °C lower than simple fan ventilation (Ventilation), 14.7 °C lower than evaporative 

cooling (EvapC), and 4 °C lower than EvapC coupled with conventional LDAC 

(EvapC+LDAC). However, the idealised model employed a monthly time step and was not 

based on experimental data or datasheets. To provide more accurate results, a dynamic model 

with a 1-hour time step was developed in this Chapter which incorporates experimentally 

validated components and datasheets. 

Conventionally, greenhouses regulate internal conditions through Ventilation or EvapC. 

The desired conditions involve maintaining T of 25–33 °C [9] and RH of 70–90% [23]. On 

the one hand, Ventilation does not regulate either T or RH, and is therefore incapable of 

maintaining the desired conditions in hot regions. On the other hand, EvapC is typically 

regulated based on RH, activating when RH falls below 70% and deactivating when it exceeds 

90%. However, regulating solely based on RH may result in undesired conditions. Moreover, 

EvapC requires significant amounts of water, which is often scarce in hot regions [5, 6]. 

Conventional air-conditioning (AC) can regulate both T and RH, but it is not commonly 

used in greenhouses due to their high energy demands caused by the need for 20–40 times 

higher air change rates compared to residential buildings. As an alternative to AC, 

greenhouses may utilise NF-LDAC. 

In Chapter 3, closed: NF-LDAC was compared against Ventilation and EvapC. In this 

Chapter, semi-closed NF-LDAC (Figure 6-1) is used instead of closed: NF-LDAC. Semi-

closed NF-LDAC requires less energy while providing the same cooling and dehumidification 
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as closed: NF-LDAC (explained later in Section 5.2.1). Moreover, AC is also considered for 

the comparison, unlike in Chapter 3. 

 

 

Figure 6-1. Schematic of a greenhouse operating with semi-closed: NF-LDAC. The greenhouse absorbs heat 

from the air entering the dehumidifier and rejects this heat to a water source (such as seawater, lake, or river) 

through a liquid-to-liquid heat exchanger (HX). Colours of diluted liquid desiccant (LD), concentrated LD, and 

permeate for irrigation as in Figure 1-1A and Figure 3-2. 

 

Although in Chapter 3 the technologies were compared solely based on T, here the 

comparison is based on the vapour pressure deficit (VPD) that combines T and RH [357]. 

VPD provides a better indication of crop performance than only T [357]. Moreover, using T 

and RH regulation has two drawbacks. Firstly, conventional T and RH ranges (blue box in 

Figure 6-2) can result in undesired crop conditions, such as RH =70% and T =32 °C. 

Secondly, many T and RH combinations for optimal cultivation are excluded when operating 

within conventional ranges. The use of VPD also simplifies the regulation process since a 

single parameter is used instead of two. 
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Figure 6-2. Vapour pressure deficit (VPD) in [kPa] according to temperature and relative humidity for tomatoes 

based on Shamshiri et al. [358]. Optimal values for cultivation are shown in green, undesired conditions are 

shown in red, and acceptable conditions in yellow. Blue box represents temperature and humidity ranges used in 

conventionally-regulated greenhouses during the day. During the night, the temperature range decreases by 

around 10 °C. 

 

Unlike in Chapter 3 where only three locations were considered, this Chapter investigates 

17 locations11 (Figure 6-3). The 17 locations are among the warmest cities close to a water 

source (such as sea, lake, or river) required as a sink temperature for NF-LDAC. Although not 

all the 17 locations are known for agriculture (some might not even be involved in 

agriculture), suburban areas around these locations may be more involved in agriculture.  

Because locations close to each other have similar ambient conditions, similar results are 

expected between the 17 locations and their suburban areas. Additionally, if a location not 

 

11 Although Las Palmas (Gran Canaria) is not geographically located in the Mediterranean region, its climate and 

model results resemble those of Casablanca, which is characterised by a hot Mediterranean climate. Thus, both 

Las Palmas and Casablanca are categorised as having a hot Mediterranean climate for the purpose of this study. 
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included in the 17 has similar ambient conditions with a location within the 17, it is expected 

that these two locations will have similar results. 

Many studies have investigated greenhouses for LDAC (see Section 1.3), and NF-LDAC 

achieved better results for crop cultivation than conventional cooling technologies (see 

Section 2.4). 

 

 

 

Figure 6-3. The 17 investigated locations (map taken from Beck et al. [359]). The locations are divided into four 

groups based on the Köppen-Geiger climate classification. Locations 1–7 are tropical, 8–13 are hot deserts, 14 

and 15 are hot semi-arid, 16 and 17 are hot Mediterranean. The locations 1–17 are: 1 Colombo, 2 Singapore 

City, 3 Chittagong, 4 Bamako, 5 Accra, 6 Mumbai, 7 Bangkok, 8 Cairo, 9 Hurghada, 10 Mecca, 11 Port Sudan, 

12 Djibouti city, 13 Kuwait City, 14 New Delhi, 15 Lahore, 16 Las Palmas (Gran Canaria), and 17 Casablanca 

(Morocco). 

 

The structure of Chapter 6 is as follows: first, the model is described, including schematics 

of the four investigated technologies and the software used to create their models. Then, 

results are presented for the percentage of time that conditions remain within the acceptable 

VPD range. Annual results are then presented for the energy produced by the PV collectors, 

energy requirements and COP of AC and semi-closed: NF-LDAC, and water savings using 

semi-closed: NF-LDAC. The COP of semi-closed: NF-LDAC is based on commercially 

available NF membranes; results with improved NF membranes are also presented. 
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6.2 Theory 

The model was created using three software packages: TRNSYS®, SketchUp®, and 

Matlab-Simulink® (see Figure 6-4). TRNSYS® is a dynamic simulator and was selected 

because many studies have shown that it can accurately simulate greenhouses. For instance, 

Hamdi et al. [360] measured the moisture removal rate of a greenhouse solar dryer and found 

good agreement compared to their TRNSYS model. Asa’d et al. [361] measured the 

temperature of a solar greenhouse, attached to a building, for three months and found almost 

identical trends with their TRNSYS results. TRNSYS® has also been validated for desiccant 

systems by Jani et al. [362] who modelled components used for heating and cooling with 

good agreement with their experimental results. 

TRNSYS® includes around 250 standard components, among which 9 were used in the 

models (see TRNSYS components in Figure 6-4). One of them is the greenhouse and its 

geometry was created using SketchUp® Pro 2021. The components “weather data” and 

“plotter” are automatically set by TRNSYS. TRNSYS includes typical meteorological years 

for Bamako, Cairo, Mecca, Port Sudan, Djibouti, Kuwait, New Delhi, and Lahore. The 

weather data of the other locations were taken from EnergyPlus [363]. 

The component “differential controller” represents an on/off regulation based on two user-

defined limits. The component “equation” can be used for constant values or to perform unit 

conversions. The remaining components, i.e., “PV collectors”, “Evaporative cooling pad”, 

“LD storage”, and “HX” have user-defined parameters whose values can be found in 

Appendix 9. The PV collectors’ parameters were set based on the “BLD350-72M” datasheet 

(commercially available PV collector) [285]. 

The four models also require components for the multi-stage regenerator, the HMX, the 

crop transpiration, AC with variable COP, the temperature of the water source, and the 
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ventilation regulator. Since these six components do not exist in TRNSYS, they were created 

using Matlab-Simulink introduced into the model using a component of TRNSYS that 

interconnects the two software environments. 

 
Figure 6-4. Schematic of the three software used to create the TRNSYS model. Arrows show how SketchUp® Pro 

2021 and Matlab-Simulink® were introduced into the TRNSYS model. Parenthesis next to the components show 

the TRNSYS type number. 

 

 

The four models which will be referred to as “TRNSYS models”. Thus, a TRNSYS model 

was created for each of the four cooling technologies; for example, Figure 6-5 shows the 

model of semi-closed: NF-LDAC. Each model was used to run a dynamic annual calculation 

with a timestep of 1-hour giving a total of 8760 time values. 
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Figure 6-5. The TRNSYS model for semi-closed: NF-LDAC. Colours of lines as in Figure 6-1. Thin black lines 

are connections between the components (not shown in Figure 6-1). Dashed lines are used for the plotters. 

Models of Ventilation, EvapC, and conventional AC are a simplified version of semi-closed: NF-LDAC which do 

not include the multi-stage regenerator, LD storage, ventilation regulator, HMX, and HX. 

 

The following subsections present the schematics of the four technologies, the geometry of 

the greenhouse, and the user-defined components. 

 

6.2.1 The cooling technologies 

The four cooling technologies were modelled individually for the same greenhouse. These 

technologies differ regarding their operation. The simplest technology is Ventilation which 

only includes fans to circulate the ambient air. EvapC also includes an evaporative cooling 

pad which was modelled with an effectiveness of 0.8 (based on [9]). EvapC is activated when 

the ambient RH (RHamb) falls below 70% and deactivated when RHamb goes above 90%. AC is 

like Ventilation with the addition of air-conditioning that activates when the greenhouse T 

(Tgh) falls below 25 °C and deactivates when Tgh goes above 33 °C. AC also regulates 
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humidity by humidifying the air when the greenhouse RH (RHgh) falls below 70% and by 

dehumidifying the air when RHgh goes above 90%. 

The semi-closed: NF-LDAC technology is called such due to the “ventilation regulator” 

which operates as follows to increase the COP. When the ambient VPD (VPDamb) is not 

within the acceptable range, the greenhouse operates in closed recirculation and the 

regenerator is active. When the ambient VPD (VPDamb) is within the acceptable range, the 

greenhouse operates in open ventilation and the regenerator is deactivated, but the drawback 

is that some moisture is lost to the external environment, leading to lower water savings. 

Thus, the “ventilation regulator” makes the greenhouse operate in a semi-closed ventilation.  

Compared to closed recirculation, semi-closed ventilation achieves higher cost-

effectiveness while maintaining desired CO2 concentrations [24]. Additionally, closed 

recirculation is prone to fungus growth due to the high RH. NF-LDAC could constantly 

operate in open ventilation, but this would lead to even higher water losses. When compared 

to open ventilation, semi-closed ventilation achieves higher yield [24]. 

The semi-closed: NF-LDAC technology is the most complex. It includes a regulator that 

activates the multi-stage regenerator when the LD concentration (wtLD) falls below 17.2 wt.%. 

Using Eq. 3-31, a monthly wtLD of 17.2 wt.% (191 g/L) achieves an ERH of 83% (i.e., RHgh 

of 83%) and was found to maintain the VPD in the acceptable range for more than 60% of the 

year for most locations. For locations where wtLD of 17.2 wt.% (191 g/L) did not achieve the 

monthly VPD target of 60%, wtLD was increased, but some locations were still unable to reach 

60%. A target value of 60% for the monthly VPD percentage was selected because undesired 

VPD values are accepted if they occur for short periods of time [357]. The monthly wtLD 

values used for all the locations can be found in Appendix 9. 
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6.2.2 Greenhouse geometry and other parameters 

Figure 6-6 shows the dimensions of the greenhouse. Based on [364-367], greenhouses can 

have floor areas above 500 m2. Thus, the plan area and volume of the greenhouse model are 

equal to 512 m2 and 3328 m3. The greenhouse materials are based on [368, 369]. The 

greenhouse is mainly made of 4 mm windows with thermal transmittance (U) of 5.75 W/(m2 

K). The structure of the greenhouse is made of expanded polystyrene sandwich panels with 

the external sheets made of aluminium. The total thickness of the panels is 40 mm with U of 

2.2 W/(m2K). External shadings were used to represent the PV collectors on top of the 

greenhouse. To model the greenhouse geometry, SketchUp® Pro 2021 software was used 

which allows the 3D model to be imported into TRNSYS®. 

 

 

Figure 6-6. Greenhouse geometry created using SketchUp® Pro 2021 software. A) and B) show two sides of the 

greenhouse. The purple blocks are external shadings which represent the photovoltaic (PV) collectors. The 

orientation of the greenhouse is such that the PV collectors face south. 

 

Other constant parameters used for the greenhouse TRNSYS model are the air changes of 

42.6 and 21.4 1/h during the day and night, respectively based on [370]. These air changes are 

equivalent to 51 and 25.5 kg/s during the day and night, respectively. 
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6.2.3 User-defined components 

The multi-stage regenerator component is based on the verified model presented in Chapter 5, 

where a 4-stage regenerator was used to produce a concentrated LD with a concentration of 

191 g/L. Here, a 16-stage regenerator is required to achieve the same outlet LD concentration 

for two reasons. First, the 4-stage regenerator in Chapter 5 assumed NF membranes able to 

operate at 80 bar, while here they are assumed to resist 40 bar, like commercially available 

NF membranes. Second, the feed mass flow here is almost 900 times higher than in Chapter 

5. Specifically, the 16-stage regenerator is modelled with a LD feed flow of 3.5 times lower 

than the air flow (LD feed flow is 14.5 kg/s during the day and 7.3 kg/s during the night). The 

factor of 3.5 was selected because the HMX component is based on the model in Appendix 1 

which requires a factor <4 for its outputs to converge. Ideally, this factor must be as low as 

possible, meaning higher LD flow and low air flow. A high LD flow can cool and dehumidify 

the air more efficiently, while a low air flow is easier to cool and dehumidify. The model uses 

an air flow of 51 kg/s. However, a LD flow of 51 kg/s would be impossible to achieve in 

practice. Even the 20 kg/s used in Chapter 3 is practically challenging to achieve. Thus, a 

practical LD flow of 14.5 kg/s was selected, giving a factor of 3.5 that is below but close to 4. 

The HMX component is described in Appendix 1 where it was validated with experiments. 

For crop transpiration, Eq. 2-25 by Stanghellini [274] is used as it is considered the most 

accurate for greenhouses [275, 276]. Tomatoes are assumed as the crops; to provide accurate 

predictions, hourly crop coefficient (kc) and leaf area index (LAI) [m2/m2] values were 

extrapolated based on data from Acquah et al. [371]. The hourly kc and LAI are shown in 

Figure 6-7. kc and LAI follow curves that are repeated twice per year to account for a harvest 

during the year. 
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Figure 6-7. Crop coefficient (kc) and LAI [m2/m2] of tomatoes against time (extrapolated from Acquah et al. 

[371]). Vertical line shows when the harvest takes place. 

 

The COP was calculated as the thermal power provided by the system divided by its 

electric power requirement. The required thermal or cooling power is calculated by TRNSYS 

while the Daikin datasheet of the “UATYQ100ABAY1” air-conditioning unit is used to 

convert these thermal requirements into electric requirements. The unit has different 

datasheets for cooling and heating. The curve fitter app of Matlab® software was used to 

develop interpolating COP equations based on the datasheets (Figure 6-8 shows cooling and 

heating COP results for Mecca). For cooling, the COP is calculated as: 

𝐶𝑂𝑃 = 8.171 − 0.1646𝑇 − 0.0799ℎ + 0.00132𝑇2 + 0.000116𝑇ℎ + 0.0009ℎ2   (5-1) 

 

where T and h are temperature and enthalpy of air on the supply coil, respectively. For 

heating, the COP is calculated as: 

𝐶𝑂𝑃 =
74.84 − 0.1943𝑇 + 1.424ℎ − 0.001743𝑇2  − 0.00654𝑇ℎ+0.0124ℎ2

19.93 + 0.369𝑇 + 0.183ℎ +  0.00563𝑇2  +  0.0006𝑇ℎ − 0.00029ℎ2
   (5-2) 
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Figure 6-8. Coefficient of performance (COP) of conventional air-conditioning (AC) at Mecca. Blue values are 

for cooling and orange for heating. During winter, both heating and cooling are required throughout the day. 

 

For the seawater source temperature (Tws) [°C], monthly Tws were taken from a seawater 

temperature database [372]. For other water sources like lakes and rivers, their monthly Tws 

were assumed equal to the Red Sea which represents the worst sink temperature because it has 

the highest monthly values among the selected locations. The monthly values were converted 

to hourly using an interpolation: 

𝑇𝑤𝑠 = 𝑝1𝑡3 + 𝑝2𝑡2 + 𝑝3𝑡 + 𝑝4     (5-3) 

 

where p1, p2, p3, and p4 depend on the location (see Appendix 9) and t is the simulation time 

[h]. The model considers a water source flow that is two times lower than the LD flow; thus, 

water source flow is 7.3 kg/s during the day and 3.6 kg/s during the night. 

For the ventilation regulator, the greenhouse operates in open ventilation when VPDamb is 

within 0.41–1. 37 kPa. VPDamb is calculated as: 
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𝑉𝑃𝐷amb =  4042.9 exp (23.57712 −
4042.9

𝑇amb + 237.57
) (1 −

𝑅𝐻amb

100
)     (5-4) 

 

Although TRNSYS® allows to co-simulate using several software, Matlab-Simulink®
 was 

selected for these six user-defined components because this co-simulation is convenient as it 

allows the model to be reproduced easily. 

 

6.3 Results 

The TRNSYS models of AC and semi-closed: NF-LDAC were developed by maximising 

the monthly percentage of time during which the VPD remained within the acceptable range 

for cultivation. AC was optimised by including vapour regulation whereas semi-closed: NF-

LDAC by including both VPD and wtLD regulations. Ventilation and EvapC were also 

modelled but their VPD could not be optimised as Ventilation has no regulation, and EvapC is 

regulated solely based on RH. A target percentage of 60% per month within the acceptable 

VPD range is assumed as the minimum requirement. Therefore, a month reaching acceptable 

conditions means that the VPD remained within the acceptable range for at least 60% of the 

month (based on calendar year). For each technology, Figures 6-9 to 6-12 show the 

percentage of each month during which VPD was kept in the acceptable range (>70% in 

green, 60–70% in orange, <60% in red. 
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Figure 6-9. Monthly VPD percentages for the four technologies at the 17 locations using fan ventilation. Months 

in red represent a percentage of time below 60%, orange between 60% and 70%, and green above 70%. Lines 

separate the locations into four climates. From top to bottom, the climates are tropical, hot desert, hot semi-arid, 

and hot Mediterranean. 

 

 

Figure 6-10. Monthly VPD percentages for the four technologies at the 17 locations using evaporative cooling. 

Months in red represent a percentage of time below 60%, orange between 60% and 70%, and green above 70%. 

Lines separate the locations into four climates. From top to bottom, the climates are tropical, hot desert, hot 

semi-arid, and hot Mediterranean. 
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Figure 6-11. Monthly VPD percentages for the four technologies at the 17 locations using conventional air-

conditioning. Months in red represent a percentage of time below 60%, orange between 60% and 70%, and 

green above 70%. Lines separate the locations into four climates. From top to bottom, the climates are tropical, 

hot desert, hot semi-arid, and hot Mediterranean. 

 

 

Figure 6-12. Monthly VPD percentages for the four technologies at the 17 locations using NF-LDAC. Months in 

red represent a percentage of time below 60%, orange between 60% and 70%, and green above 70%. Lines 

separate the locations into four climates. From top to bottom, the climates are tropical, hot desert, hot semi-arid, 

and hot Mediterranean. 

 

Ventilation and EvapC reach the VPD target for 2 months per year. Ventilation is 

suboptimal for all climates, except for Las Palmas where the VPD target is met for 8 months. 

EvapC performs better in hot desert climates, reaching the VPD target for 4.5 months, instead 

of the average 2 months reached in other climates. Improved EvapC performance in hot desert 
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climates aligns with the literature [373, 374], but the literature does not specify the duration of 

crop production. It can be assumed that EvapC enables crop production for more than 4.5 

months; otherwise, it would not be utilised. This suggests that a target VPD percentage below 

60% can also be accepted for cultivation, albeit with reduced crop quality. 

AC achieves the VPD target throughout the year at Cairo, Las Palmas, and Casablanca. AC 

performs slightly less efficiently in Hurghada, New Delhi, and Lahore where it achieves the 

VPD target for 10 months only. These results indicate that AC is preferable in climates with 

low Tamb (see Figure 6-13). In hot desert and hot semi-arid climates, AC achieves the target 

VPD percentage during winter, but not during summer. Since EvapC achieves the target VPD 

percentage during the summer, AC and EvapC can be coupled to achieve the target VPD 

percentage year-round. 

 

 

 

Figure 6-13. Ambient temperature (Tamb) and ambient relative humidity (RHamb) ranges at the 17 locations. The 

“-“ and “+” indicate the average Tamb  and RHamb, respectively, of each location. 
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In contrast to AC, semi-closed: NF-LDAC achieves the target VPD percentage in hotter 

climates, enabling year-round cultivation in 4 out of 7 tropical locations and 4 out of 6 hot 

desert locations. However, semi-closed: NF-LDAC cannot achieve the target VPD percentage 

in colder climates due to the absence of heating. To achieve the target VPD percentage year-

round in all climates, semi-closed: NF-LDAC needs heating during cold months. However, 

heating increases the cost of the system and could make semi-closed: NF-LDAC less 

environmentally friendly. 

The annual electric energy requirements per greenhouse plan area [kWhel/m
2] of AC and 

semi-closed: NF-LDAC are shown in Figure 6-14. The results include an additional 50 

kWhel/m
2 to account for the energy consumption of the fans (present in all technologies) 

based on commercial data [375]. On average, air ventilations accounts for 96% of the total 

electric energy requirement, while solar radiation contributes to the remaining 4%. Due to 

heating, AC requires 65% more electric energy than semi-closed: NF-LDAC. 

The electric energy requirement of semi-closed: NF-LDAC is calculated using a 16-stage 

regenerator made of commercially available NF membranes capable of withstanding 40 bar 

[124-127], and commercial RO membranes withstanding 80 bar at the last stage [63]. With 

improved NF membranes capable of withstanding 80 bar, an 8-stage regenerator in Mecca 

would achieve the same regeneration performance and require 30% less energy than the 16-

stage regenerator (Figure 6-15). 
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Figure 6-14. Annual electric energy per greenhouse plan area. The triangles show the electric energy produced 

by the photovoltaic (PV) collectors with β of 0.5, while rectangles show PV results with β of 2. Hatched bars for 

AC and full bars for semi-closed: NF-LDAC show their energy requirements. 

 

 

Figure 6-15. Monthly electric energy requirements of the 16-stage (full bars) and 8-stage (cross bars) 

regenerators at Mecca (hot desert climate). Legend reports the annual COP of semi-closed: NF-LDAC using 

these two multi-stage regenerators. 
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The PV collectors’ area was assumed equal to half the plan area of the greenhouse, i.e., β 

of 0.5. To compare the energy requirements with the generated PV energy, the electric PV 

energy is also calculated per greenhouse plan area (indicated as “PV” in Figure 6-14). The 

results show that the PV collectors can fully provide the required energy for AC at Colombo, 

Singapore City, and Accra. However, semi-closed: NF-LDAC achieves self-sustainability 

only at Colombo. Complete coverage of the greenhouse by also covering the walls, i.e., β of 2 

(indicated with transparent triangles in Figure 6-14) is required for semi-closed: NF-LDAC to 

achieve self-sustainability, except at Djibouti, Kuwait, and Lahore where even higher β are 

required. In contrast, β =2 still does not provide enough electricity for AC in all hot desert, hot 

semi-arid, and hot Mediterranean climates. Despite the four-fold increase in β, the PV energy 

only increases by a factor of 2.7 due to suboptimal wall orientation for PV energy production. 

The annual electric energy requirements of AC and semi-closed: NF-LDAC can be 

converted into average annual COP values (Figure 6-16). AC achieves COP values of 3–4.4 

which are consistent with the COP values of other commercially available vapour 

compression technologies [282-284]. On average, semi-closed: NF-LDAC exhibits higher 

annual COP values than AC, and 9 times higher than conventional solar regenerators with 

COP of only 0.3–0.5 [57]. By utilising improved NF membranes, the COP of semi-closed: 

NF-LDAC can further increase to values of 3.5–12.1 (as indicated by the dashed bars in 

Figure 6-16). 
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Figure 6-16. Annual average COP at the 17 locations. Hatched bars are for AC, orange bars for semi-closed: 

NF-LDAC using the 16-stage regenerator, and cross bars for semi-closed: NF-LDAC using the 8-stage 

regenerator. 

 

Based on climate, semi-closed: NF-LDAC achieves annual average COP values of 4.8, 4.6, 

4.7, and 2.4 in tropical, hot desert, hot semi-arid, and hot Mediterranean climates, 

respectively. When utilising the 8-stage regenerator, these annual average COP values 

increase to 7.8, 7.3, 8.2, and 3.7. The highest COP value for semi-closed: NF-LDAC, 7.6 with 

the 16-stage regenerator or 11.2 with the 8-stage regenerator, is achieved at Colombo. The 

COP of Colombo is 1.3–3.5 times higher in other locations which could be attributed to the 

low external temperature variance (see Figure 6-13), aiding in maintaining the Tgh within the 

desired range. This assumption is supported by the results of Singapore City which also has 

both low external temperature variance and high COP. However, the COP of 12.1 at Colombo 

is half of the theoretical maximum of 21.2, calculated for MgCl2 with a concentration of 17.2 

wt.% (191 g/L) based on the ideal equation of Lefers et al. [5]. 
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The semi-closed: NF-LDAC technology also recovers water as the permeate of the multi-

stage regenerator, which can be used for irrigation, thereby reducing the water demand of the 

greenhouse. Figure 6-17 shows the maximum recoverable amount of water when the 

greenhouse operates with closed: NF-LDAC and the recovered amount when it operates with 

closed: NF-LDAC. On average, water savings of 30% are calculated in tropical, 50% in hot 

desert and hot semi-arid, and only 5% in hot Mediterranean climates. The low water saving 

calculated in hot Mediterranean climate indicates that semi-closed: NF-LDAC is mostly 

deactivated throughout the year in this climate, as also seen from their low electric energy 

requirements in Figure 6-14. 

 

 

Figure 6-17. Maximum recoverable water when operating with closed: NF-LDAC (empty bars) or recovered 

water when operating with semi-closed: NF-LDAC (full bars). Numbers on top of the bars indicate the 

percentage of recovered water compared to the maximum. 

 

6.4 Discussion 

The aim of Chapter 6 is to provide more accurate results compared to previous theoretical 

greenhouse LDAC studies. Earlier studies in this field include Davies [9] and Lychnos and 
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Davies [22] who calculated greenhouse temperatures of 5–7.5 °C lower than EvapC when 

including conventional LDAC. In Chapter 3, it was found that the idealised model of closed: 

NF-LDAC achieves greenhouse temperatures of 14.7 °C compared to EvapC, therefore 

showing that closed: NF-LDAC is preferred against conventional LDAC. In common, the 

previous studies [9, 22] and Chapter 3 found that year-round cultivation could be achieved. 

However, the previous studies [9, 22] and Chapter 3 were limited for two reasons. First, they 

compared the results based solely on temperature and did not consider humidity. Second, they 

considered only one time-step per month. To provide more accurate results, this Chapter 

investigated the VPD which is a better indication of crop performance, which however does 

not allow a comparison to be made with the temperature results of the previously mentioned 

studies and Chapter 3. About year-round cultivation, the current study also found that most 

locations achieved that, but acceptable cultivation was maintained on average for 60% of the 

month. Thus, the results show the importance of considering more time steps than just one per 

month. 

Since NF-LDAC achieves better results than other cooling technologies, Chapter 6 

compares the results of the TRNSYS model with those of the idealised model developed in 

Chapter 3. Table 6-1 highlights the main differences between the two models. 

Although the two models consider the same PV area per greenhouse plan area (β) of 0.5, 

their COP results differ for several reasons. The TRNSYS model, which accounts for the 3D 

geometry of the greenhouse and the sun direction throughout the day, indicates that most 

locations cannot be self-sustained. In contrast, In Chapter 3 it was concluded that the PV 

collectors can produce twice the required energy of NF-LDAC regardless of climate. This 

self-sustainability difference can be attributed to the TRNSYS model accounting for 

geometries and solar directions. 
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Table 6-1. Comparison of dynamic TRNSYS model (Chapter 6) against the simplified steady-stage model 

(Chapter 3). Arrows towards up means that higher COP is achieved when the parameter is increased. 

Parameters above the intermediate line are the same for both models. 

Parameters 
TRNSYS model 

(dynamic) 

Idealised model of Chapter 3 

(steady-state) 

Higher COP 

with 

β 0.5 ↑ 

ηpump 0.85 ↑ 

ηERD 0.9 (isobaric pressure exchanger [279] with 5% friction losses) ↑ 

LD flowrate [kg/s] 14.5 20 ↑ 

time values per year 8760 12 ↓ 

Floor area [m2] 512 250 ↓ 

plan area [m2] 590 450 ↓ 

Air flowrate [kg/s] 51 20 ↓ 

Stages of regenerator 16 9 ↓ 

Stages of improved 

regenerator 
8 4 ↓ 

Maximum kc 1.12 0.45 ↓ 

Maximum LAI [m2/m2] 3.95 0.8 ↓ 

 

To achieve self-sustainability, a complete greenhouse coverage, i.e., β=2, is required. 

However, a β=2 prevents photosynthesis when using conventional PV collectors. Innovative 

PV collectors capable of generating electric energy from the blue light spectrum while 

utilising red light for cultivation [376], or those capable of rejecting infrared radiation (as 

mentioned in Section 2.4), may enable simultaneous β=2 and photosynthesis. It should be 

noted that innovative PV collectors generate less energy compared to conventional ones, as 

part of the radiation passes through them. This implies that self-sustainability with innovative 

PV collectors can be achieved in locations where self-sustainability is possible with β<1 when 

operating with conventional PV collectors. However, implementing complete greenhouse 

coverage would lead to an increase in the cost of the system. 

Self-sustainability at a lower cost can be achieved through improvements in NF 

membranes. The main investigation utilises a 16-stage regenerator made of commercially 

available NF membranes withstanding 40 bar. By modelling the membranes with an applied 
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pressure of 80 bar, the regenerator can be simplified to 8 stages which would reduce its cost 

and complexity. It would also decrease the energy requirement by 30%, double the COP, and 

enable semi-closed: NF-LDAC to sustain the greenhouse with an average β of 0.6. Similar 

results were also found in Chapters 2 and 3, with improved NF membranes decreasing the 

energy requirement and size of the regenerator. 

The TRNSYS model of NF-LDAC calculates a COP that is half of the idealised model. 

Specifically at Mecca, the models calculate COP values of 5.3 and 12.4. This difference is 

because TRNSYS calculates a higher electric power requirement for the multi-stage 

regenerator (Powerreg). Despite both models considering the same ηpump and ηERD, TRNSYS 

has a higher Powerreg because it utilises a lower LD flow. As the LD flow decreases while the 

permeate flow must remain constant, the regenerator needs to work more to convert a higher 

fraction of the LD into permeate. This agrees with the results of Chapter 3 where Powerreg of 

7 and 6.2 were calculated for LD flows of 10 and 20 kg/s, respectively (see Table 3-3). The 

TRNSYS model utilises a LD flow of 14.5 kg/s instead of 20 kg/s as in the idealised model 

because 20 kg/s is challenging to achieve in practice with a wetted pad HMX (similar 

construction to an evaporative cooling pad). Evaporative pads typically have a small LD 

entrance area which restricts the flow of LD, such that a flow of 51 kg/s would be 

impractically large leading to LD spilling out of the pad with lower cooling efficiency, and 

danger of droplet carry over. Another difference is that the idealised model assumes an air 

flow of 20 kg/s, whereas real greenhouses require air flows of 51 kg/s (based on [370]). The 

combination of higher air flow and lower LD flow in the TRNSYS model intensifies the 

workload for the regenerator as it needs to cool and dehumidify the air more intensively, 

thereby increasing Powerreg. 
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Additionally, the difference in COP can also be attributed to the assumption that was made 

in the idealised model that the applied pressure is equal to only the transmembrane osmotic 

pressure, while the TRNSYS model includes membrane pore resistance loss and cross-flow 

pressure drop (based on the multi-stage model developed in Chapter 5), which increases 

Powerreg by 30%. The idealised assumption enabled the use of a 9-stage instead of a 16-stage 

regenerator. Moreover, the idealised model considered only 12 time steps per year, whereas 

the TRNSYS model considers 8760 values per year. Hourly COP and annual COP differ 

significantly. For example, AC achieves maximum hourly COP and average annual COP of 

10 (Figure 6-8) and 4.3 (Figure 6-16), respectively. Thus, modelling the components based on 

experimental data, datasheets, and 1-hour time steps introduces energy and pressure losses 

that were not accounted for in the idealised model. 

In terms of water savings, semi-closed: NF-LDAC reduces the water demand by 50% in 

hot desert and hot semi-arid climates, 30% in tropical climates, and 5% in hot Mediterranean 

climates. Mecca has the highest water saving of 63%, followed by Kuwait City with 62%. 

These savings were calculated by optimising the COP of semi-closed: NF-LDAC. While 

closed: NF-LDAC allows for 100% water savings, it also has higher energy requirements as 

the regenerator remains always active. This disagrees with the findings in Chapter 3, where 

closed: NF-LDAC was energy-efficient regardless of the climate. This difference can be due 

to the low constant values of kc and LAI used by the idealised model to calculate the crop 

transpiration, whereas the TRNSYS model utilises more accurate hourly values. The 

TRNSYS model has maximum kc and LAI values of 1.12 and 3.95, respectively, which are 2 

and 5 times higher than those employed in the idealised model (refer to Table 6-1). 

Another difference between the TRNSYS model and Chapter 3 are the number of 

investigated locations (refer to Table 6-1). The idealised study included only Mecca, Cairo, 
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and Timbuktu. The current study also included Mecca and Cairo. In terms of acceptable 

conditions for cultivation based on location, Chapter 3 found that NF-LDAC performed worse 

than EvapC at Cairo while the TRNSYS model found that NF-LDAC is notably better than 

EvapC (10.5 months against 2 months). This is a significant difference since the idealised 

study underestimated the performance of NF-LDAC in hot desert and hot semi-arid climates. 

When comparing locations with the same climate, such as Mecca and Cairo, the TRNSYS 

model provides different results, highlighting that the climate classification alone is not a 

reliable performance indicator. Thus, for different locations than the 17 investigated, the 

current study allows to make more accurate assumptions than the idealised study by covering 

a wider range of locations. 

 

6.5 Conclusions 

A 512 m2 greenhouse was studied dynamically using TRNSYS software by incorporating 

experimental data, datasheets, realistic operating conditions, energy and pressure losses. The 

model was applied across 17 locations using individually four cooling technologies, i.e., 

simple ventilation (Ventilation), evaporative cooling (EvapC), conventional air-conditioning 

(AC), and semi-closed: NF-LDAC. The main findings are: 

• Ventilation is suboptimal in all climates when assessed based on the monthly VPD target of 

60%. In hot desert and hot semi-arid climates, EvapC achieves the VPD target during summer, 

while AC during winter. This suggests that a combination of EvapC and AC can be used in 

such climates to achieve the VPD target throughout the year. On average, semi-closed: NF-

LDAC achieves the VPD target for 10.5 months per year. Monthly percentages below the 

VPD target occur during cold winter months, indicating that year-round cultivation could be 

accomplished in such climates by including heating. 
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• Innovative PV collectors could make the greenhouse self-sustained by completely covering 

the greenhouse, but this will increase the cost of the system. Alternatively, self-sustainability 

can be achieved by developing improved NF membranes with low rejections able to resist 80 

bar. With such membranes, the regenerator is simplified to 8 stages, making it more compact, 

less complex, less expensive, and 30% more energy efficient. Consequently, semi-closed: NF-

LDAC becomes self-sustainable with a PV collectors’ area equal to 60% of the greenhouse 

plan area. 

• Semi-closed: NF-LDAC achieves annual average COP values of 4.8, 4.6, 4.7 and 2.4 in 

tropical, hot desert, hot semi-arid, and hot Mediterranean climates, respectively. On average, 

the COP of semi-closed: NF-LDAC is slightly higher than AC, but the COP of semi-closed: 

NF-LDAC can be twice that of AC by developing improved NF membranes. 

• The idealised model of NF-LDAC developed in Chapter 3 represents the highest achievable 

performance. While the TRNSYS model provides more realistic results and a COP that is two 

times lower than the idealised model, the difference between the two models shows the 

potential for improvement by highlighting the main contributors for the reduced COP. It is 

mainly attributed to pressure losses in the multi-stage regenerator, which were not accounted 

for in the idealised model. 

• Semi-closed: NF-LDAC achieves significant water savings, with irrigation decreasing by 

50% in hot desert and hot semi-arid climates, and 30% in tropical climates. In hot 

Mediterranean climates, the water savings is only 5%, indicating that semi-closed: NF-LDAC 

remains mostly deactivated throughout the year. When considering both VPD and COP, semi-

closed: NF-LDAC outperforms conventional cooling technologies in tropical, hot desert, and 

hot semi-arid climates. 
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• Semi-closed: NF-LDAC shows promising results as a sustainable and efficient approach for 

greenhouse cooling, dehumidification, and water conservation. Its ability to achieve the target 

VPD percentage throughout the year with a relatively high annual COP makes it a compelling 

option. Further advancements in NF membranes have the potential to enhance the energy 

performance of semi-closed: NF-LDAC even further. 
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Chapter 7: General Discussion and Conclusions 

This PhD project investigated the potential of a multi-stage nanofiltration (NF) regenerator 

combined with liquid desiccant air-conditioning, namely NF-LDAC, as an approach to 

address water scarcity and food insecurity in hot regions where horticultural greenhouses are 

used. Among six membrane-based desalination technologies that could be employed as liquid 

desiccant regenerators, NF-LDAC was identified as the most promising and practical option 

(Section 1.4). Consequently, an idealised model was developed to demonstrate the advantages 

of NF-LDAC over conventional greenhouse cooling technologies and thermal regenerators 

(Section 2.4). Subsequently, dead-end filtration experiments were conducted using a 1-stage 

regenerator (Chapter 4), followed by cross-flow filtration experiments with a 2-stage 

regenerator (Chapter 5), demonstrating the feasibility of liquid desiccant regeneration through 

NF membranes. The developed 2-stage regenerator model, accounting for energy and mass 

balance equations as well as energy and pressure losses, yielded results with errors below 

11% compared to the experimental data (Section 4.4.2). Finally, this verified model was 

applied to a dynamic simulation of a greenhouse, showing the potential of NF-LDAC at hot 

desert and hot semi-arid climates where it achieves year-round cultivation, average annual 

coefficient of performance (COP) of 4.7, and water savings of 50% (Section 5.5). 

In this concluding Chapter, the limitations of the research are discussed followed by future 

research directions that may overcome these limitations, before concluding with a summary of 

the main conclusions. 

7.1 Limitations 

The proposed multi-stage NF regenerator is limited by three factors. First, commercially 

available NF membranes with rejections of 10–70% have a low burst pressure of 
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approximately 40 bar (Section 3.3.2), which significantly limits the system. Since LDAC 

requires concentrated liquid desiccant (LD) solutions for efficient dehumidification, such 

solutions have high osmotic pressures. For instance, the osmotic pressure of MgCl2 for 

greenhouse applications is around 250 bar. To produce permeate, the pressure applied by the 

multi-stage regenerator must be higher than the osmotic pressure plus the pressure losses. 

Consequently, a low burst pressure makes NF-LDAC more complex by increasing the 

required number of stages. 

Second, the performance of NF-LDAC is limited by the pressure losses of the multi-stage 

regenerator. Without considering pressure losses (Chapter 3), the regenerator requires 9 stages 

which increases to 16 stages when considering pressure losses (Chapter 6). These multi-stage 

regenerators are expected to be complex, with complexity increasing as more stages are added. 

As the stages increase, the cost of the regenerator also increases because more material and a 

better control system are required. Moreover, without considering pressure losses, NF-LDAC 

achieves a COP of 12 (Section 2.4). However, when considering pressure losses, NF-LDAC 

achieves a COP of 4.7 (Section 5.4). The lower COP is also a result of incorporating more 

realistic operating conditions and applying a more accurate modelling approach, validated by 

experiments. Nonetheless, the required applied pressures increase by 5–25 bar at each stage of 

the regenerator solely due to pressure losses (Section 4.6). Pressure losses decrease the net 

pressure applied at each stage, which in turn increases the required number of stages. 

Third, membranes can be affected by fouling. Fouling was not directly investigated in this 

work but it was considered by indirect means, such as based on recovery and concentration. 

The first stage of the regenerator is the most at risk due to both high recovery and feed 

concentration (Subsection 4.4.3). Therefore, the first stage must utilise NF membranes which 
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are less prone to fouling, such as the NFX type used for the experiments in Chapters 3 and 4. 

Since Ca2+ and SO4
2- can form gypsum, which can damage the membranes, the use of MgCl2 

as the LD is expected to avoid this risk. Except recovery and concentration, other parameters 

were also considered for fouling, such as the longitudinal pressure which remained constant, 

thus suggesting that fouling did not occur (Subsection 4.3.1). However, the duration of the 

experiments was limited and fouling may have affected the experiments if operated for longer 

periods. Thus, experiments focusing on fouling are needed to verify that multi-stage NF 

regenerators using MgCl2 are less prone to fouling. 

 

7.2 Future research 

To make NF-LDAC a practical choice for greenhouse applications, future research should 

focus on overcoming the above-mentioned limitations. This includes developing improved 

NF membranes with rejections of 10–70% and operating pressures of 80 bar (Section 4.5). An 

operating pressure of 80 bar is reasonable since some reverse osmosis membranes have burst 

pressures 160 bar (Section 3.5). With commercial NF membranes, the COP is low and the 

multi-stage NF regenerator requires many stages. By doubling the operating pressure of 

commercial NF membranes from 40 to 80 bar, the COP doubles and the number of stages 

decreases by half, making the multi-stage NF regenerator less complex and expensive 

(Section 5.4). 

Moreover, optimising the design and operation of the multi-stage NF regenerator could 

further increase the COP or decrease the risk of fouling (Section 4.5). Therefore, additional 

experiments and simulations regarding multi-stage NF regenerators are required to achieve 

improved results. Regarding pressure losses limiting the regenerators, pore resistance loss is 

the main contributor, which decreases the performance of the regenerators and should always 
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be considered in future models. Previous studies investigated aquaporin-based biological 

membranes to decrease pore resistance loss and found that optimised shapes can increase 

water permeability, thereby reducing pore resistance loss (Subsection 4.4.1). Future 

aquaporin-based studies could be conducted regarding LD regeneration. Another approach to 

decrease pore resistance loss is by employing lower feed flows or bigger membranes 

(Subsection 4.4.1), suggesting that future investigations could explore 8” membrane modules 

(rather than 2.5” as in Chapter 5) with low feed flowrates. 

 

7.3 Conclusions 

The main findings of this PhD project are: 

• Among six desalination technologies that can be used for greenhouse LDAC applications, 

the most promising are thermoresponsive (TR) solutions, membrane distillation (MD), and 

multi-stage NF. TR solutions have potential due to the rapid change of their equilibrium 

relative humidity, but investigations so far have only considered low concentrations. MD can 

operate with concentrated solutions but is energy-intensive due to phase transition. High-

temperature MD operating at 100 °C could improve its energy efficiency. However, 

commercial MD membranes have a limit of 80 °C. Theoretical studies on multi-stage NF 

show potential for high concentration applications. Since NF membranes are commercially 

available, multi-stage NF was chosen as the preferred option (Section 1.4). 

• When modelling NF-LDAC without accounting for pressure losses (idealised model), NF-

LDAC operating in closed air recirculation outperforms conventional cooling technologies 

(Section 2.4). Specifically, it achieves an additional temperature drop of 18.7 °C compared to 

simple ventilation, 14.7 °C compared to evaporative cooling, and 4 °C compared to 

evaporative cooling coupled with conventional LDAC. The COP of 12.4 attained by NF-
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LDAC operating in closed recirculation represents the maximum achievable without 

considering pressure losses. 

• The first NF stage of the multi-stage regenerator should have a low rejection, followed by 

NF stages with gradually higher rejections and a final reverse osmosis stage with a rejection 

close to 100%. As the LD flows through the multi-stage regenerator, it gets gradually diluted. 

Based on dead-end filtration experiments using a 1-stage regenerator, the rejection of a NF 

membrane increases as the feed concentration decreases (Section 3.4). Thus, the rejections of 

the NF stages will become higher as the LD flows from stage to stage, which is advantageous 

for the multi-stage regenerator. However, if the rejections of the NF stages are too low, the 

dilution of the LD will require too many stages and bigger pumps to accommodate higher 

capacities (Section 3.5). 

• The experiments conducted in Chapter 4 demonstrated that NF membranes can operate with 

extremely high concentrations, specifically up to 355 g/L of LiCl, 620 g/L of LiBr, and 415 

g/L of MgCl2. Among the four NF membrane samples investigated, only one membrane type 

was able to produce permeate at these highest concentrations. At lower LD concentrations, all 

the membrane types produced permeate, showing that regeneration of highly concentrated LD 

solutions can be achieved with several stages by appropriately arranging the NF stages. 

• The multi-stage NF regenerator model developed in Chapter 4 is based on dead-end 

filtration experiments, achieving a recovery of 100%. In contrast, the model developed in 

Chapter 5 is based on cross-flow filtration, resulting in recoveries below 20%. In desalination 

applications, higher recoveries are desired, but desalination plants often use cross-flow 

filtration membranes due to their advantages, including continuous operation and reduced 

fouling risk. Due to the difference in filtration types, the model from Chapter 4 did not match 

the experimental results of the 2-stage regenerator investigated in Chapter 5. While the model 
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of Chapter 4 could be applied to the 2-stage regenerator of Chapter 5 if operated with fully 

closed brine valves (attaining 100% recovery), it would require extremely low feed flowrates 

to maintain the applied pressure below 41 bar (maximum recommended by the manufacturer). 

This would significantly decrease the permeate flowrate and in turn the time required by the 

multi-stage regenerator to reconcentrate the LD. 

• Thus, a new model was developed for the 2-stage regenerator which was verified with errors 

below 11% compared to the experimental data (Subsection 4.4.2). The verified model was 

then applied to a 4-stage regenerator, which required 45–75 kWhel/m
3 (per volume of 

permeate) when incorporating an energy recovery device, calculated for feed concentrations 

of 135–185 g/L. This energy requirement is lower compared to conventional thermal 

regenerators. For example, LD regeneration powered by solar collectors requires 390–400 

kWhel/m
3, while vapour compression refrigeration requires 120–145 kWhel/m

3. Thus, NF-

LDAC requires 1.6–8.8 times less energy than these conventional regeneration technologies 

(Section 4.5). However, the results were calculated by assuming NF membranes with low 

rejections and capable of operating at 80 bar, but such NF membranes are not commercially 

available. 

• The verified multi-stage NF regenerator model was applied to a 16-stage regenerator using 

commercially available membranes (e.g., operation at 40 bar) for a NF-LDAC system 

operating in semi-closed air recirculation (Section 5.1). The model was dynamically studied at 

17 locations. NF-LDAC provided acceptable cultivation conditions year-round in hot desert 

and tropical climates while recovering 50% and 30% of water, respectively, in these climates 

(Section 5.3). To enable year-round cultivation in hot semi-arid and hot Mediterranean 

climates, NF-LDAC requires heating. 
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• NF-LDAC using a 16-stage regenerator achieves the highest COP of 7.6 at Colombo (Sri 

Lanka), followed by 5.3 at Mecca (Saudi Arabia). With future advantages in NF membrane 

fabrication, NF-LDAC using an 8-stage regenerator could reach COP values of 12.1 at 

Colombo and 7.4 at Mecca (Section 5.3). 

 

7.4 Research gap and thesis contribution 

The research gaps in the field of LDAC for greenhouses are: 

• Due to water scarcity in hot climates, agriculture using conventional cooling technologies is 

neither sustainable nor economical. This is primarily attributed to the low efficiency of 

conventional thermal regenerators, highlighting the need for a more efficient regeneration 

method. 

• Multi-stage systems that combine several nanofiltration membranes with a reverse osmosis 

membrane have not been experimentally investigated and their models are based on idealised 

assumptions, such as 100% efficiencies of pumps and energy recovery devices, no pressure 

losses, constant membrane properties under variable operating conditions, and osmotic 

pressures calculated using approximations like the van ‘t Hoff equation. Specifically, 

nanofiltration membrane samples used with extremely concentrated LDs for LD regeneration 

have not yet been studied. Moreover, a multi-stage system used as a liquid desiccant 

regenerator has also never been experimentally investigated. Consequently, multi-stage 

models are inaccurate since they are not based on real experiments or realistic conditions. 

• Although studies that have modelled greenhouses using LDAC systems found that year-

round cultivation was possible, these studies considered only one time step per month. This 

implies that the feasibility of cultivation was assessed based on average monthly conditions, 

which may occur briefly during the month. 



   

 

234 

 

 

To address these gaps, this thesis: 

• Conducted a comparative review of six desalination technologies which found that NF-

LDAC is the best alternative to conventional thermal LD regenerators. 

• Proposed a conceptual design of NF-LDAC applied to greenhouses. For the first time, NF-

LDAC was theoretically compared against three conventional greenhouse cooling 

technologies. 

• Conducted, for the first time, experiments with nanofiltration membrane samples using 

extremely concentrated LDs. Additionally, it designed, built, and conducted experiments with 

a 2-stage nanofiltration LD regenerator. Improved models were developed, verified through 

experiments, and then used to accurately compare the performance of multi-stage systems 

with their conventional thermal alternatives. 

• By integrating the verified models, datasheets, and realistic operating conditions into a 

dynamic simulation, this thesis is the first to perform an hourly-based simulation of a 

greenhouse using NF-LDAC, and to use the dynamic model to compare NF-LDAC against 

three conventional cooling technologies. 

 

Overall, this PhD project found promising results for NF-LDAC from theoretical steady-

state (Chapter 3), experimental (Chapters 3 and 4), and theoretical dynamic based on 

experimental data (Chapter 6) perspectives, highlighting its potential in greenhouse 

applications as a viable approach to address the pressing issue of water scarcity and food 

insecurity in hot climates.  
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Appendix 1: Modelling and validation of the dehumidifier 

The moisture absorption is a natural process which equilibrates the vapour pressures of the 

air and the LD, meaning that a higher dehumidification effectiveness is achieved when the 

vapour pressure difference is high. For example, the vapour pressure of air (Pvap,air) at T=30 

°C and RH=70% is equal to 2.972 kPa, whereas the vapour pressure of CaCl2 as the LD 

(Pvap,LD) at temperatures of 25 and 35 °C and weight concentrations of 25 and 35 wt.% (290 

and 430 g/L) is between 1.614 and 4.235 kPa (see Table A1-1). If Pvap,LD is higher than Pvap,air, 

then the air will absorb moisture from the LD. 

 

Table A1-1. Vapour pressures of CaCl2 as the LD (Pvap,LD) at temperatures of 25 and 35 °C and weight 

concentrations of 25 and 35 wt.% (290 and 430 g/L), using the interpolation taken from Patil et al. [377]. 

Pvap,LD [kPa] 25 °C 35 °C 

25 wt.% 2.365 4.235 

35 wt.% 1.614 2.941 

 

The dehumidifier (HMX) model calculates the outlet conditions of the air and the LD as it 

follows: 

1) Determine input conditions of air and LD 

For the air: 

• �̇�Air
in

, mass flow of air entering the HMX [kg/s] 

• 𝑇Air
in, temperature of air entering the HMX [°C] 

• 𝑅𝐻Air
in, relative humidity of air entering the HMX 

• The enthalpy (ℎAir
in

) [kJ/kg] and the absolute humidity (𝑥Air
in) [gv/kga] of air 

can be calculated from 𝑇Air
in and 𝑅𝐻Air

in 

•  �̇�d,Air
in

, mass flow of dry air entering the HMX [kg/s], calculated as: 
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 �̇�d,Air
in =  �̇�Air

in (1 −
1

10−3𝑥Air
in

+ 1
)  (1-1) 

 

•  �̇�v,Air
in

, mass flow of moisture entering the HMX [kg/s], calculated as: 

 �̇�v,Air
in =  �̇�Air

in −  �̇�d,Air
in 

 (1-2) 

 

For the LD: 

• �̇�LD
in

, mass flow of LD entering the HMX [kg/s] 

• 𝑇LD
in, temperature of LD entering the HMX [°C] 

• 𝑤𝑡LD
in, weight concentration of LD entering the HMX [wt.%] 

2) Calculate the effectiveness of the evaporative cooling pad for LDAC (𝜀deh). 

𝜀deh = −0.0333(𝑇Air
in − 𝑇LD

in) + 0.9667        (1-3) 

 

The proposed equation for 𝜀deh  gave results in agreement with experiments using an 

evaporative cooling pad. Future studies could improve the calculation of 𝜀deh  by also 

accounting for the geometry of the evaporative cooling pad and other operating parameters. 

3) Assume that the outlet LD temperature (𝑇LD
in ) is equal to the inlet temperature and 

calculate the outlet air temperature (𝑇Air
out) as the mean temperature (between inlet and 

outlet) of the LD. This calculation is used by TRNSYS® software [378] and agrees with 

Koronaki et al. experiments [28]. 

𝑇Air
out =

𝑇LD
out + 𝑇LD

in

2
     (1-4) 
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4) Assume that the outlet vapour pressures of the air (𝑃vap,Air
out)  [kPa] and the LD 

(𝑃vap,LD
out)  [kPa] are equal to their inlet 𝑃vap,Air

in  and 𝑃vap,LD
in , respectively. 𝑃vap,LD  is 

calculated based on [377] while 𝑃vap,air as: 

𝑃vap,air = 4042.9 exp (23.57712 −
4042.9

𝑇Air + 237.57
)

𝑅𝐻Air

100
  (1-5) 

 

5) Start a while loop for  �̇�v going from 0 to  �̇�v,Air
in

 with an increment step  �̇�v,step. By 

increasing  �̇�v , 𝑃vap,Air
out  and 𝑃vap,LD

out  change. The while loop is implemented until the 

difference between 𝑃vap,Air
out and 𝑃vap,LD

out becomes zero. Therefore, the while loop is as 

follows: 

while 𝑃vap,LD
out < 𝑃vap,Air

out 

a) Calculate the new moisture absorption rate [kg/s]: 

 �̇�v,new =  �̇�v +  �̇�v,step   (1-6) 

b) Calculate the outlet flows of air (�̇�Air
out) and LD (�̇�LD

out): 

�̇�Air
out = �̇�Air

in −  �̇�v,step    (1-7) 

�̇�LD
out = �̇�LD

in +  �̇�v,step    (1-8) 

c) Calculate the new outlet LD weight concentration [wt.%]: 

𝑤𝑡LD
out =

�̇�LD
in 𝑤𝑡LD

in

�̇�LD
in +  �̇�v,new

 

 
(1-9) 

 

d) Calculate the outlet air absolute humidity [gv/kga]: 

𝑥Air
out = 103

 �̇�v,Air
in −  �̇�v,new

( �̇�Air
in −  �̇�v,Air

in)
 

 (1-10) 
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e) The enthalpy (ℎAir
out

) and the relative humidity (𝑅𝐻Air
out) of the outlet air can be 

calculated from 𝑇Air
out and 𝑥Air

out. Then, the heat difference between the inlet and outlet air 

(𝑄Air) [kWth] is calculated as: 

𝑄Air =  �̇�Air
inℎAir

in −  �̇�Air
outℎAir

out
 

 
(1-11) 

 

f) Calculate the heat capacity of the inlet LD  (ℎp,LD
in)  [kJ/(kg K)] and outlet LD 

 (ℎp,LD
out)  [kJ/(kg K)]. The heat capacity depends on the LD temperature and weight 

concentration. For CaCl2, this can be calculated using data from [379]. Then, the outlet LD 

temperature 𝑇LD
out [°C] is calculated as: 

𝑇LD
out =

𝑄Air +  �̇�LD
inℎp,LD

in(𝑇LD
in + 273.15)

  �̇�LD
outℎp,LD

out − 273.15  (1-12) 

 

g) The outlet LD vapour pressure (𝑃vap,LD
out) can be calculated from 𝑇LD

out and 𝑤𝑡LD
out, 

based on [377]. 

h) Calculate the idealised outlet air temperature (𝑇Air,id
out)  [°C] and the real air 

temperature when accounting for the effectiveness of the evaporative cooling pad (𝑇Air
out) 

[°C], as: 

𝑇Air,id
out =

𝑇LD
out + 𝑇LD

in

2
    (1-13) 

𝑇Air
out = 𝑇Air

in − 𝜀deh(𝑇Air
in − 𝑇Air,id

out)    (1-14) 
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i) The outlet air vapour pressure (𝑃vap,air
out) can be calculated from 𝑇Air

out and 𝑥Air
out. 

Note that 𝑇Air
out is referred to as 𝑇out

deh in Figure 3-1. Here the terminology is different to 

distinguish it from 𝑇LD
out. 

6) If 𝑃vap,LD
out = 𝑃vap,Air

out, end the while loop. Otherwise, return to the beginning of the 

while loop. With this method, the outlet air temperature may converge to a certain value 

(Figure A1-1), but it may also never converge. For example, this method does not converge 

when �̇�Air
in

 is more than four times �̇�LD
in

. 

 

Figure A1-1. Example of convergence of the outlet air temperature using the HMX model. 

 

The HMX model was verified by conducting experiments using an evaporative cooling pad 

(Figure A1-2) and CaCl2 as the LD. 
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Figure A1-2. Experimental evaporative cooling pad. 

 

The experimental data and model predictions showed good agreement (see Figure A1-3). 

 

 

Figure A1-3. Validation of the HMX model using CaCl2 as the liquid desiccant. Black values are for air relative 

humidity and red values for air temperature. Lines represent the model and points the experimental 

measurements. Temperature and relative humidity were measured in the closed area in front of the evaporative 

cooling pad of Figure A1-2. 
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The HMX model used in Chapter 3 is based on CaCl2 heat capacity data from datasheets. 

In Chapter 6, the same HMX model is applied to the TRNSYS model, even though Chapter 6 

considers MgCl2 as the LD. This is supported by a study [380] that measured heat capacities 

[q/cm3] of MgCl2 and CaCl2 at varying concentrations and found almost identical values (see 

Figure A1-4). Consequently, the heat capacity of MgCl2 was calculated using the equation 

used for CaCl2. The HMX model used in Chapter 6 is different from that of Chapter 3 in that 

it calculates the vapour pressure of MgCl2 instead of CaCl2 (both based on [377]). 

 

 

Figure A1-4. Heat capacity of CaCl2 and MgCl2 against liquid desiccant weight concentrations based on [380]. 
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Appendix 2: Equations to calculate crop transpiration 

The equations to calculate the parameters of Eq. 2-25 are presented here; equations A2-1 to 

A2-8 are taken from Acquah et al. [371]. 

 𝜆 =  2501 − 2.361𝑇cool      (A2-1) 

 𝛥 =  
4042.9 exp (23.57712 −

4042.9
𝑇cool + 237.57

)

103(𝑇cool + 237.57)2
      (A2-2) 

 
𝑉𝑃𝐷 =  4042.9 exp (23.57712 −

4042.9

𝑇cool + 237.57
) (1 −

𝑅𝐻cool

100
)  

    (A2-3) 

 𝜌Air =  
105

287(𝑇cool + 273.15)
     (A2-4) 

 𝑟R =  
103𝜌Air 𝑐p,Air

4 𝜎S−B(𝑇cool + 273.15)3
      (A2-5) 

 𝑟a =
665

1 + 0.54𝑆𝑝𝑒𝑒𝑑Air
   (A2-6) 

 𝑅n = 0.0031𝐼𝜏[1 − exp(−0.7𝐿𝐴𝐼)]      (A2-7) 

 𝑟c =
2

𝐿𝐴𝐼[108.5 + 660exp(−9𝐼)]
  (A2-8) 

 

where Tcool and RHcool are the temperature [°C] and relative humidity [%] of air leaving the 

dehumidifier, SpeedAir is the speed of air [m/s], and σS-B is the constant of Stefan–Boltzmann 

equal to 5.67 10-8 W/(m2 K4). 
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Appendix 3: Iterative method to calculate reflection factor 

To yield Eq. 3-18 for the reflection factor (𝜎), equations 3-6, 3-8, 3-2, and 3-7 must be 

rearranged as: 

Eq. 3-6: 

𝑅s −  𝑅s𝜎𝐹 = 𝜎 − 𝜎𝐹 ⇔ 

𝑅s − 𝜎 = 𝑅s𝜎𝐹 − 𝜎𝐹 = 𝜎𝐹(𝑅s − 1) ⇔ 

 
𝐹 =  

𝑅s − 𝜎

𝜎(𝑅s − 1)
 

   (A3-1) 

Eq. 3-8: 

1) 𝑅os =  1 −
𝐶p

𝐶f

=
𝐶f

𝐶f

−
𝐶p

𝐶f

=
𝛥𝐶

𝐶f

 
   (A3-2) 

2) 
𝐶p

𝐶f

= 1 − 𝑅os ⇔ 𝐶p = 𝐶f(1 − 𝑅os) 
   (A3-3) 

Eq. 3-2: 

𝐽s = 𝑃s𝛥𝐶 + (1 − 𝜎)𝐶f𝐽v 

using Eq. 3-3: 

𝑃s =  
𝐽s

𝛥𝐶
−

(1 − 𝜎)𝐶f𝐽v

𝛥𝐶
  

using Eq. A3-2 

𝑃s =  𝐽v (
𝐶p

𝛥𝐶
−

(1 − 𝜎)𝐶f

𝛥𝐶
) 
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using Eq. A3-3 

𝑃s =  𝐽v [
𝐶f(1 − 𝑅os)

𝛥𝐶
−

(1 − 𝜎)𝐶f

𝛥𝐶
] ⇔ 

 

𝑃s =  𝐽v [
(1 − 𝑅os)

𝑅os
−

(1 − 𝜎)

𝑅os
] ⇔ 

 

 
𝑃s =  𝐽

v
[
(𝜎 − 𝑅os)

𝑅os

] 
  (A3-4) 

Eq. 3-7 (using equations A3-1 and A3-4):  

ln(𝐹) =  
(𝜎 −  1)

𝑃s
𝐽v ⇔ 

ln [
𝑅s − 𝜎

𝜎(𝑅s − 1)
] =  

(𝜎 −  1)

𝐽v [
(𝜎 − 𝑅os)

𝑅os
]

𝐽v ⇔ 

ln [
𝑅s − 𝜎

𝜎(𝑅s − 1)
] =

(𝜎 −  1)𝑅os

𝜎 − 𝑅os
⇔ 

ln [
𝑅s − 𝜎

𝜎(𝑅s − 1)
] (𝜎 − 𝑅os) = 𝜎𝑅os − 𝑅os ⇔ 

ln [
𝑅s − 𝜎

𝜎(𝑅s − 1)
] (𝜎 − 𝑅os) + 𝑅os = 𝜎𝑅os ⇔ 

 
𝜎 = ln [

𝜎 − 𝑅s

𝜎(1 −  𝑅s)
] (

𝜎

𝑅os
− 1) + 1 

  (A3-5) 
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Appendix 4: Concentration measurement using a refractometer 

A refractometer was used to calculate the concentrations of the feed, permeate, and 

concentrate LD for the experiments conducted in Chapter 4. Solutions with different feed 

concentrations were prepared using LiCl, LiBr and MgCl2 to correlate their refractive index 

(output of the refractometer) with their weight concentration (Figure A4-1). 

The solutions were prepared with 200 g of deionised water. Gradually, 1 g of desiccant salt 

was added to the solution. Once the salt was totally dissolved in the solution, the refractive 

index was measured. The addition of 1 g of desiccant salt was done until a weight 

concentration of 10 wt.% (105 g/L) was reached. Then, 3 g of desiccant salt was added. 

During the first additions of desiccant salt, the salts required time to be totally dissolved. As 

the weight concentration increased, heat was released which facilitated the salt mixing. After 

reaching 10 wt.% (105 g/L), the solution was hot enough to easily dissolve 3 g of desiccant 

salt. Even though the temperature of the solution was higher than 25 °C, the automatic J357 

refractometer maintained the temperature at 25 °C. The experimental data was in agreement 

with the data from Zaltash and Ally [381] who measured the refractive index for different 

LiBr concentrations (see Figure A4-1). Unfortunately, similar studies regarding LiCl and 

MgCl2 could not be found. The polynomial equations are: 

 

𝑤𝑡LiCl =  −443.9𝑅𝑒𝑓idx
2 + 1667𝑅𝑒𝑓idx − 1433  (A4-1) 

𝑤𝑡LiBr =  −1566𝑅𝑒𝑓idx
2 + 4783𝑅𝑒𝑓idx − 3592  (A4-2) 

𝑤𝑡MgCl2 =  −667.8𝑅𝑒𝑓idx
2 + 2182𝑅𝑒𝑓idx − 1722  (A4-3) 
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where 𝑤𝑡LiCl, 𝑤𝑡LiBr, and 𝑤𝑡MgCl2 are the weight concentrations [wt.%] of LiCl, LiBr, and 

MgCl2, respectively, and 𝑅𝑒𝑓idx is the refractive index. 

 

 

Figure A4-1. Weight concentrations of LiCl, LiBr, and MgCl2 measured at different refractive indexes. The 

triangles represent the experimental data obtained by using a refractometer, the dots represent the data from 

Zaltash and Ally [381], and the lines represent interpolations that fit the experimental results. These results are 

plotted considering a temperature of 25 °C . 
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Appendix 5. Solution preparation for dead-end filtration experiments 

Three solutions were prepared for each LD (LiCl, LiBr, and MgCl2) used for the 

experiments in Chapter 4. The total volume (𝑉tot) of each solution was equal to 0.2 L. For a 

given weight concentration (wt) [wt.%], the required grams of water (gH2O) and grams of LD 

(gLD) are calculated as: 

𝑔H2O =
𝑉tot

1 +
𝑤𝑡

(1 − 𝑤𝑡)𝜌LD

  (A5-1) 

𝑔LD =
𝑤𝑡

(1 − 𝑤𝑡)
𝑔H2O  

(A5-2) 

where 𝜌LD is the density of the pure desiccant salt [kg/m3]. The volumes of water (𝑉H2O) and 

LD (𝑉LD) [L] are calculated as: 

𝑉H2O =  𝑔H2O   
   (A5-3) 

𝑉LD =
𝑔LD

𝜌LD
⁄      (A5-4) 

For example, the preparation of LiCl solution with a total volume of 0.2 L and a weight 

concentration of 10 wt.% (105 g/L) requires 189.765 g of water and 21.085 g of LiCl salt. For 

this case, the total grams are equal to 210.85; the division of 𝑔𝐿𝐷 with the total grams is equal 

to wt. For the preparation of the solutions, the utilised densities of pure solid anhydrous LiCl, 

LiBr, and MgCl2 salts were 2060, 3460, and 2320 kg/m3, respectively. 
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Appendix 6: Example of accurate osmotic pressure calculation 

The van ‘t Hoff formula (Eq. 3-17) is a linear approximation of osmotic pressure (𝛱) valid 

for dilute solution. Accurate values of 𝛱 for concentrated solutions can be calculated based on 

Gibbs energy [382] (see Eq. 2-4). Assuming LiCl is the LD, equations 3-17 and 2-4 give 

similar 𝛱 results for concentrations below 10 wt.% (105 g/L), but the results diverge at higher 

concentrations (Figure A6-1). Since LDAC requires highly concentrated solutions, Eq. 2-4 is 

better than Eq. 3-17 for calculating 𝛱 at high LD concentrations. 

 

 

Figure A6-1. Osmotic pressure (𝛱) calculated for LiCl concentrations up to 45 wt.% (600 g/L) using the van ‘t 

Hoff linear approximation (dash line) and the equation based on Gibbs energy (continuous line). The plot shows 

that the approximation is valid for LiCl concentrations below 10 wt.% (105 g/L). 
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Appendix 7: Multi-stage systems: experimental equations and models 

For the experiments in Chapter 5, the weight concentration (wt) [wt.%] was measured 

through the refractive index (Refidx). For MgCl2 concentrations below 9 wt.% (equivalent to 

95 g/L), wt is calculated as: 

 

𝑤𝑡 =
𝑅𝑒𝑓idx − 1.33299

0.002572
    (A7-1) 

 

The osmotic pressure (ΔΠ) [bar] is calculated by using the van ‘t Hoff approximation, valid 

for MgCl2 concentrations below 95 g/L. For MgCl2 C concentrations above 95 g/L, wt is 

calculated as: 

𝑤𝑡 =  −667.8𝑅𝑒𝑓idx
2 + 2182𝑅𝑒𝑓idx − 1722  (A7-2) 

 

and ΔΠ by using the Gibbs energy calculation. Two different ΔΠ calculations are used 

because the van ‘t Hoff approximation calculates a higher ΔΠ value than the Gibbs energy 

when wt is below 9 wt.%. Thus, the van ‘t Hoff approximation is used for wt below 9 wt.% as 

the worst case between the two methods. Experiments in Chapter 5 were carried out with wt 

below 9 wt.%, therefore the van ‘t Hoff approximation was used to calculate the parameters 

based on the experimental data. The equations for wt above 9 wt.% were used to model the 4-

stage systems in Subsections 4.4.3 and 4.4.4. 

The hydraulic power (Powerhyd) [kW] is calculated as: 

𝑃𝑜𝑤𝑒𝑟hyd =
�̇�f 𝛥𝑃

60𝜌f
    (A7-3) 
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where ṁf [kg/min] is the feed flow of the pump (ṁf,NF or ṁf,RO), ΔP [bar] is the applied 

pressure, and ρf [kg/m3] the density of the feed flow. ΔP is calculated as (Eq. 4-5): 

𝛥𝑃 = 𝐶𝑃 𝛥𝛱b +
𝐽v

𝐿p
+

𝛥𝑃m

2
  (A7-4) 

 

Following the solution-diffusion equation, Lp is calculated by dividing the flux (Jv,) [L/(m2 

h)] by the difference between ΔP [bar] and the feed osmotic pressure difference (ΔΠf) [bar], 

as: 

𝐿p =
𝐽v

𝛥𝑃 − 𝛥𝛱f
  (A7-5) 

 

Since ΔP and Lp are interdependent, an iterative method was used for their calculation. The 

method assumes Lp equal to the pure water permeability, calculates ΔP through Eq. A7-4, and 

then calculates a new value of Lp by using Eq. A7-5. Equations A7-4 and A7-5 are used 

iteratively. This iterative method increases ΔP and is stopped when ΔP goes above ΔPmax. The 

penultimate value of ΔP is the output value of the method. Once ΔP is calculated, Lp is 

calculated through Eq. A7-5. If ΔΠf> ΔPmax, then Lp is assumed equal to zero and ΔP equal to 

ΔΠf which accounts that the system is spending energy without producing permeate. 

The power required by the motors was modelled using a linear interpolation having R2 

above 95% and RMSE below 0.024 kW. The motor power requirement depended only on 

pump flow. 
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Figure A7-1. A) Electric motor 1 power requirement against pump 1 mass flow. Motor 1 and pump 1 are 

connected to the nanofiltration membrane. B) Electric motor 2 power requirement against pump 2 mass flow 

[kg/min]. Motor 2 and pump 2 are connected to the reverse osmosis membrane. The flow of pump 2 shown in B) 

is the difference between the actual flow and the intermediate recirculation. The intermediate recirculation was 

much lower than the flow of motor 2. Therefore, the actual pump 2 flow is almost the same as the plotted. A) and 

B) show experimental results for low, medium, and high pump mass flows in “x,” while the interpolation is 

shown using a dashed line. 

 

The motor power interpolation is based on experiments where the electric power 

requirements of the motors (Powerel) [kWel] were measured as: 

𝑃𝑜𝑤𝑒𝑟el =
𝐼 𝑉𝑜𝑙𝑡

103
     (A7-6) 

 

where I [A] is the current and Volt [V] the voltage of a motor. The combined motor-pump 

efficiency (ηm-p) [%] is given by dividing Powerhyd with Powerel: 

𝜂 =  102
𝑃𝑜𝑤𝑒𝑟hyd

𝑃𝑜𝑤𝑒𝑟el
  (A7-7) 

 

The total weight change of tanks (Δmtot) [L] is calculated as: 

𝛥𝑚tot =  | 𝑚end − 𝑚0 |     (A7-8) 

 

where mend and m0 are the final and initial tank weights, respectively. The absolute value is 

used because the weight of the feed tank decreased during an experiment. 
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The recovery (r) is calculated as: 

𝑟 =
𝛥𝑚tot,p

𝛥𝑚tot,feed tank
      (A7-9) 

 

where Δmtot,p and Δmtot,feed tank are the total weight changes of the permeate tank and the feed 

tank, respectively. The recovery of the NF membrane (rNF) is calculated as: 

𝑟NF =
𝛥𝑚tot,second feed tank

𝛥𝑚tot,feed tank
   (A7-10) 

where Δmtot,second feed tank is the total weight change of the second feed tank. It was not possible 

to measure the recovery of the RO membrane (rRO) because when pump 2 is active, Δmtot,second 

feed tank is the difference between ṁpump2 and ṁint entering the same tank (see Figure 5-2). 

The SECel [kWhel/m
3] is defined as the required electric power per cubic metre of 

permeate, therefore calculated as: 

𝑆𝐸𝐶el = 103
𝑃𝑜𝑤𝑒𝑟el

𝛥𝐿tot,p
    (A7-11) 

Similarly, the hydraulic specific energy consumption (SEChyd) [kWh/m3] is defined as the 

required hydraulic power per cubic metre of permeate: 

𝑆𝐸𝐶hyd = 103
𝑃𝑜𝑤𝑒𝑟hyd

𝛥𝐿tot,p
        (A7-12) 

 

 

For NF-RO, the rejection of the NF membrane (RNF) is calculated as: 

𝑅NF = 1 −
𝐶int

𝐶f,NF
   (A7-13) 
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For RO-NF, RNF could not be experimentally measured because it was not possible to 

collect samples for the flow entering the NF membrane. The rejection of the RO membrane 

(RRO) is calculated as: 

𝑅RO = 1 −
𝐶p

𝐶int
   (A7-14) 

 

To avoid confusion in the notation, weight-related parameters (e.g., m and derivatives like 

r) refer to tank weights as indicated by subscripts “feed tank”, “second feed tank”, “permeate 

tank”, and “brine tank” in Figure 5-2. Whereas concentration related parameters (e.g., C, wt, 

and derivatives like R) refer to concentrations of flows as indicated in Figure 5-2 with “f,NF”, 

“int”, “f,RO”, “b”, and “p”. Equations containing different types of concentrations (e.g., ρ, χ, 

wt, and C) are derivatives of equations A7-15 to A7-27. 

For the concentration-related conversion, equations A7-15 to A7-27 are provided. First, the 

definitions of concentrations are presented, followed by the equations that correlate the 

different types of concentrations. Equations A7-15 to A7-27 utilise different nomenclature for 

weight because m is commonly used for Molality in chemistry. Therefore, weight is referred 

to as kg. 
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Definitions of concentrations: 

- Molality: 

𝑚 =
mol of solute

1 kg of water
 [

mol

kg
] 

 

- Molarity: 

𝑀 =
mol of solute

1 L of solution
 [

mol

L
] 

- Weight concentration: 

𝑤𝑡. % =
kg of solute

kg of solution
 [%] 

- Parts per million 

𝑃𝑃𝑀 =
mg of solute

L of solution
 [

mg

L
] 

- Molar fraction 

𝜒 =
mol of solute

mol of solution
 

Correlations for a mixture with n solutes and pure water (H2O) as the solvent: 

The total weight of the solution (𝑘𝑔sol) [kg] is calculated as: 

 

𝑘𝑔sol =  ∑ 𝑘𝑔i + 𝑘𝑔H2O

𝑛

𝑖

 

 

 



   

 

278 

 

Pure water has a density (𝜌) of 1000 kg/m3 (or 1 kg/L), therefore: 

 
𝑘𝑔H2O =  𝑉H2O 

(A7-15) 

The weight percentage of pure water (𝑤𝑡. %H2O) [wt.%] is calculated as: 

Total weight percentage: 102 =  ∑ 𝑤𝑡. %i + 𝑤𝑡. %H2O

𝑛

𝑖

⇔ 

 

 
𝑤𝑡. %H2O = 102 −  ∑ 𝑤𝑡. %i

𝑛

𝑖

 
(A7-16) 

Due to the property of the percentage, the weight of the j solute (𝑘𝑔j) is correlated with the 

weight of the pure water (𝑘𝑔H2O): 

𝑘𝑔j

𝑤𝑡. %j
=

𝑘𝑔H2O

𝑤𝑡. %H2O
⇔ 

 
𝑘𝑔j = 𝑉H2O

𝑤𝑡. %j

102 − ∑ 𝑤𝑡. %i
𝑛
𝑖

 
 (A7-17) 

The total volume of the solution (𝑉sol) is calculated as: 

𝑉sol =  ∑ 𝑉i + 𝑉H2O [𝐿]

𝑛

𝑖

 

The volume of the j solute (𝑉j) is calculated through their density (𝜌j): 

𝑉j =
𝑘𝑔j

𝜌j
⇔ 

𝑉j =
𝑉H2O 𝑤𝑡. %j

𝜌j(102 −  ∑ 𝑤𝑡. %i)
𝑛
𝑖

 
(A7-18) 

 

Therefore, 𝑉sol is calculated as: 
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𝑉sol = ∑ 𝑉i + 𝑉H2O ⇔

𝑛

𝑖

 

𝑉sol = 𝑉H2O (1 +
∑ (𝑤𝑡. %i/𝜌i)

𝑛
𝑖

102 −  ∑ 𝑤𝑡. %i
𝑛
𝑖

) 
 (A7-19) 

The moles of the j solute (𝑚𝑜𝑙j) [mol] are calculated as: 

𝑚𝑜𝑙j = 𝑘𝑔j

103

𝑀𝑀j
⇔ 

𝑚𝑜𝑙j = 𝑉H2O

𝑤𝑡. %j

102 −  ∑ 𝑤𝑡. %i
𝑛
𝑖

103

𝑀𝑀j
 

 (A7-20) 

where 𝑀𝑀j is the relative molecular mass of the j solute [g/mol]. Similarly, the moles of pure 

water (𝑚𝑜𝑙H2O) [mol] are calculated as: 

 
𝑚𝑜𝑙H2O =

103 𝑉H2O

𝑀𝑀H2O
 

 (A7-21) 

where 𝑀𝑀H2O  is the relative molecular mass of pure water equal to 18.015 g/mol. The 

molality of the j solute (𝑚j) is calculated by dividing 𝑚𝑜𝑙j with 1 kg of pure water (equal to 1 

L of pure water): 

𝑚j =
𝑤𝑡. %j

102 −  ∑ 𝑤𝑡. %i
𝑛
𝑖

103

𝑀𝑀j
⇔ 

 
𝑚j =

103𝑤𝑡. %j

𝑀𝑀j(102 −  ∑ 𝑤𝑡. %i
𝑛
𝑖 )

 
 (A7-22) 

The molarity of the j solute (𝑀j) is calculated by dividing 𝑚𝑜𝑙j with 𝑉sol, which yields: 

𝑀j =

𝑤𝑡. %j

102 −  ∑ 𝑤𝑡. %i
𝑛
𝑖

103

𝑀𝑀j

(1 +
∑ (𝑤𝑡. %i/𝜌i)

𝑛
𝑖

102 −  ∑ 𝑤𝑡. %i
𝑛
𝑖

)

⇔ 
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𝑀j =

(
𝑤𝑡. %j

102 −  ∑ 𝑤𝑡. %i
𝑛
𝑖

)
103

𝑀𝑀j

1 + (
∑ (𝑤𝑡. %i/𝜌i)

𝑛
𝑖

102 −  ∑ 𝑤𝑡. %i
𝑛
𝑖

)

 
 (A7-23) 

The molar fraction of the j solute (𝜒j) is calculated as: 

𝜒j =
𝑚𝑜𝑙j

∑ 𝑚𝑜𝑙i
𝑛
𝑖 + 𝑚𝑜𝑙H2O

⇔ 

𝜒j =

𝑤𝑡. %j

102 − ∑ 𝑤𝑡. %i
𝑛
𝑖

103

𝑀𝑀j

∑ (
𝑤𝑡. %j

102 − ∑ 𝑤𝑡. %i
𝑛
𝑖

103

𝑀𝑀j
)𝑛

𝑖 +
103

𝑀𝑀H2O

⇔ 

 

𝜒j =
𝑚j

∑ (𝑚i)
𝑛
𝑖 +

103

𝑀𝑀H2O

 

(A7-24) 

𝑚j is correlated to 𝑀j as: 

𝑚j =
𝑚𝑜𝑙j

𝑉H2O
⇔ 𝑚𝑜𝑙j = 𝑚j𝑉H2O 

𝑀j =
𝑚𝑜𝑙j

𝑉sol
=

𝑚𝑜𝑙j

𝑉H2O (1 +
∑ (𝑤𝑡. %i/𝜌i)

𝑛
𝑖

102 − ∑ 𝑤𝑡. %i
𝑛
𝑖

)

=
𝑚j

(1 +
∑ (𝑤𝑡. %i/𝜌i)

𝑛
𝑖

102 −  ∑ 𝑤𝑡. %i
𝑛
𝑖

)

 

𝑚j is correlated to 𝑤𝑡. %j as: 

𝑚j𝑀𝑀j

103
=

𝑤𝑡. %j

(102 −  ∑ 𝑤𝑡. %i
𝑛
𝑖 )

 

while 𝑀j is correlated to 𝑤𝑡. %j as: 

 
𝑀j =

𝑚j

1 + 10−3 ∑ (𝑚i𝑀𝑀i/𝜌i)
𝑛
𝑖

 
 (A7-25) 
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Thus, 𝑚j and 𝑀j can be correlated as: 

 
𝑚j =

𝑀j

1 − 10−3 ∑ (𝑀i𝑀𝑀i/𝜌i)
𝑛
𝑖

 
   (A7-26)  

𝑀j is correlated to the PPM of the j solute (𝑃𝑃𝑀j) as: 

 𝑀j =
10−3 𝑃𝑃𝑀j 

𝑀𝑀j
      (A7-27) 

 

Regarding the 2-stage models, the NF-RO model includes two membrane models, one tee 

junction model, one ERD model, and two weight models for the feed tank and the second feed 

tank (see Figure A7-2). The RO-NF model includes two membrane models, one ERD model, 

one weight model for the feed tank, and one concentration model for the feed tank (see Figure 

A7-3). 

The 4-stage models, i.e., 3NF-RO and RO-3NF, were also modelled using Matlab-

Simulink®. The 3NF-RO model (Figure A7-4) is like NF-RO but differs in having three NF 

membranes before the RO membrane. Whereas RO-3NF (Figure A7-5) has three NF 

membranes after the RO membrane. Another difference between 2-stage and 4-stage models 

is that the latter do not include tanks. This is to model continuously operating systems, such as 

those used in greenhouse LDAC and ZLD systems. The RO-3NF model utilises NaCl instead 

of MgCl2 to investigate a system as proposed by Wang et al. [73]. 
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Figure A7-2. Matlab-Simulink® model for NF-RO. The model includes: “1” energy related calculations , “2” 

the ERD, “3” weight variation models for feed and second feed tanks, “4” the tee junction before the NF 

membrane, and “5” the membrane stage models. 
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Figure A7-3. Matlab-Simulink® model for RO-NF. The model includes: “1” energy related calculations , “2” 

the ERD, “3” weight variation model for the feed tank, “4” concentration variation model for the feed tank, and 

“5” the membrane stage models. 
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Figure A7-4. Matlab-Simulink® model for 3NF-RO. 
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Figure A7-5. Matlab-Simulink® model for RO-3NF. 
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The RO-3NF model was modified to use NaCl instead of MgCl2. Like the other multi-

stage models, the RO-3NF model also utilises both the van ‘t Hoff approximation and the 

Gibbs energy to calculate the osmotic pressure. For the van ‘t Hoff approximation, the NaCl 

parameters are relative molecular mass of 58.44 g/mol, pure solid anhydrous density of 2160 

kg/m3, diffusion coefficient of 1.47×10-9 m2/s, and van ’t Hoff dissociation parameter of 2. 

For the Gibbs energy, the equilibrium relative humidity of NaCl (ERHNaCl) is calculated as: 

𝐸𝑅𝐻NaCl = −1.926𝑥2 − 0.419𝑥 + 1       (A7-28) 

 

where x is the mass fraction of the solution. The van ‘t Hoff approximation is used for wt 

≤12.76 wt.% (C ≤137 g/L) because it calculates higher osmotic pressures than Gibbs energy 

(Figure A7-6). Figure A7-6 shows osmotic pressures against C concentrations because NaCl-

based desalination applications typically utilise C instead of wt. 

 

 

Figure A7-6. Osmotic pressure against NaCl concentration using two calculation methods, Gibbs energy and 

van ‘t Hoff. 

 

The Matlab-Simulink model of RO-3NF with the NaCl modification remains as illustrated 

in Figure A7-5. 
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Appendix 8: Model validation of 2-stage systems 

For the 2-stage models developed in Chapter 5, the model input parameters were set to 

match the experimental conditions. Thus, rNF, RNF, and RRO were set equal to the average 

experimental values, solution T was set to 22 °C, and ΔPmax was set to 38.5 bar. Since rRO 

could not be measured during experiments, rRO was varied in the model until the predicted 

and measured tank weights [kg] matched (Figure A8-1). After matching the tank weights, the 

NF-RO model predicted flows ṁ [kg/min] with error below 8% (Figure A8-2A) and 

concentrations C [g/L] with error below 2% (Figure 5-10A). Whereas the NF-RO model 

predicted flows ṁ with error below 8% (Figure A8-2B) and concentrations C with error below 

3% (Figure 5-10B). 

 

 
Figure A8-1. A) Weights of feed and brine tanks on the left vertical axis and second feed and permeate tanks on 

the right vertical axis. Results in triangles are experimental for NF-RO with pump 1 flow of 1±0.12 kg/min and 

feed concentration (Cf) of 51.5 g/L. Weights of feed, brine, and second feed tanks are shown until brine 

recirculation was deactivated (model does not include brine recirculation). Model results are shown with dashed 

lines. Arrows indicate the vertical axis of the plotted parameters. B) Similar to A) but for RO-NF with pump 2 

flow of 1.13±0.2 kg/min and Cf of 40.9 g/L. 
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Figure A8-2. A) Flows against time. Results in triangles are experimental for NF-RO with pump 1 flow (ṁpump1) 

of 1±0.12 kg/min and feed concentration (Cf) of 51.5 g/L. Experimental results of ṁpump1 and ṁb are shown until 

brine recirculation was deactivated (model does not include brine recirculation). Experimental ṁint is shown 

until pump 2 was deactivated, while experimental ṁp starts when pump 2 was activated. Model results are shown 

by dashed lines. B) Similar to A) but for RO-NF with pump 2 flow of 1.13±0.2 kg/min and Cf of 40.9 g/L. 

 

The NF-RO model agreed with experimental ΔP with error below 7% (Figure 5-11A) and 

Lp with error below 10% (Figure A8-3A). Whereas the RO-NF model had ΔP error below 2% 

(Figure 5-11B) and Lp error below 7% (Figure A8-3B). 

 

 
Figure A8-3. A) Permeabilities against time. Results in triangles are experimental for NF-RO with pump 1 flow 

of 1±0.12 kg/min and feed concentration (Cf) of 33.6 g/L. Experimental Lp,NF is shown until pump 2 was 

deactivated while experimental Lp,RO starts when pump 2 was activated. Brine recirculation was active during 

the time without Lp,NF and Lp,RO. Model results are shown with dashed lines. B) Similar to A) but for RO-NF with 

pump 2 flow of 1.13±0.2 kg/min and Cf of 40.9 g/L. 
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For RO-NF, the model of the concentration variation for the feed tank had a maximum 

error below 3% (Figure A8-4). 

 

 
Figure A8-4. Weight of feed tank on the left vertical axis and concentration of feed tank (C) on the right vertical 

axis. Results in triangles are experimental for RO-NF with pump 2 flow of 1.13±0.2 kg/min and feed 

concentration (Cf) of 40.9 g/L. Model results are shown with dashed lines. Simulation time does not include 

experiments with brine recirculation. 
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Appendix 9: Constant parameters used for the dynamic model 

This Appendix summarises the values of parameters used in the TRNSYS model that was 

developed in Chapter 6. For the PV collectors, the datasheet for the “monocrystalline 325 Wp 

type BLD350-72M”  was used to set the parameters of the TRNSYS component (referred to 

as “type 103” in TRNSYS). The values are shown in Table A9-1. 

 

Table A9-1. Parameters used in the TRNSYS model for the “PV collectors” component. 

Name Value Unit 

MPPT mode 1  

Module short-circuit current at reference conditions 9.56 A 

Module open-circuit voltage at reference conditions 47.24 V 

Reference cell temperature 298 K 

Reference insolation 1000 W/m2 

Module voltage at max power point and reference conditions 39.11 V 

Module current at max power point and reference conditions 8.95 amperes 

Temperature coefficient of Isc (ref. cond) 0.07 A/K 

Temperature coefficient of Voc (ref. cond.) -0.36 V/K 

Number of cells wired in series 72  

Module temperature at NOCT 293 K 

Module area 1.94 m2 

Number of modules in series 32  

Number of modules in parallel 4  

 

 

For the HX, the parameters of the TRNSYS component (referred to as “type 657” in 

TRNSYS) are shown in Table A9-2. 

 

Table A9-2. Parameters used in the TRNSYS model for the “HX” component. 

Name Value Unit 

Effectiveness of Heat Exchanger 0.8  

Specific Heat of Hot-Side Fluid 3.9205 kJ/(kg K) 

Specific Heat of Cold-Side Fluid 4.12 kJ/(kg K) 

Number of Possible Steps 1000  

 
 

For the LD storage, the parameters of the TRNSYS component (referred to as “type 158” 

in TRNSYS) are shown in Table A9-3. 
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Table A9-3. Parameters used in the TRNSYS model for the “LD storage” component. 

Name Value Unit 

Tank volume 1000 m3 

Tank height 1.5 m 

Number of tank nodes 2  

Top loss coefficient 1 kJ/(hr m2 K) 

Edge loss coefficient 1 kJ/(hr m2 K) 

Bottom loss coefficient 1 kJ/(hr m2 K) 

Fluid specific heat 3.9178 kJ/(kg K) 

Fluid density 1.009 kg/m3 

Fluid thermal conductivity 0.591 W/(m K) 

Height fraction of inlet 1 1 Fraction 

Height fraction of outlet 1 0 Fraction 

Height fraction of inlet 2 0 Fraction 

Height fraction of outlet 2 1 Fraction 

Number of thermostats 1  

Height fraction of thermostat 0.75 Fraction 

Number of auxiliary heat inputs 1  

Height fraction of auxiliary input 0.25 Fraction 

 
The monthly wtLD used to regulate the multi-stage regenerator are shown in Table A9-4. 

 

Table A9-4. Monthly wtLD values used for each location. 

Location JAN FEB MAR APR MAY JUN JUL AUG SEP OCT NOV DEC 

Colombo 17.2 17.2 17.2 17.2 19.2 19.5 17.2 17.2 17.2 19.2 19.8 19.2 

Singapore  17.2 17.2 19.2 19.2 19.2 19.8 19.2 17.2 19.2 19.2 19.9 20.2 

Chittagong 17.2 17.2 17.2 17.2 19.2 19.2 17.2 17.2 17.2 21.2 22 22 

Bamako 17.2 17.2 17.2 17.2 17.2 19.2 18.2 17.2 19.2 19.2 21.1 20 

Accra 17.2 17.2 17.2 17.2 20.2 21.5 20.2 20.2 20.2 20.2 20.2 20.2 

Mumbai 17.2 17.2 17.5 17.5 19.2 21 17.5 17.2 17.2 20.2 21 20.2 

Bangkok 17.2 17.2 17.2 17.2 19.2 19.5 17.2 17.2 20.2 20.2 19.2 17.9 

Cairo 17.2 17.2 17.2 20.2 22 22 19.2 17.2 19.2 22 19.2 19.2 

Hurghada 17.2 17.2 17.2 22 21 21 17.2 17.2 17.2 20 17.2 19.2 

Mecca 17.2 17.2 17.2 17.2 17.2 18.2 17.2 17.2 17.2 17.2 18.2 18.7 

Port Sudan 17.2 17.2 17.4 17.2 18.2 19.2 17.2 17.2 17.2 19.2 22 21.2 

Djibouti  17.2 17.2 17.2 20.2 18.2 17.9 17.2 17.2 17.2 17.2 21.2 22 

Kuwait  17.2 17.2 17.2 19.5 19.5 18.2 17.2 17.2 19.2 22 17.2 17.2 

New Delhi 16.2 17.2 17.2 19.2 19.2 19.2 17.2 17.2 17.2 20.2 17.2 17.2 

Lahore 17.2 17.2 20.2 20.2 20.2 19.7 17.2 17.2 18.2 20.7 17.2 17.2 

Las Palmas 17.2 17.2 17.2 17.2 17.2 17.2 17.2 17.2 17.2 17.2 17.2 17.2 

Casablanca 17.2 17.2 17.2 17.2 17.2 17.2 17.2 17.2 17.2 17.2 17.2 17.2 
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Regarding the water source temperature, hourly values were generated from monthly water 

temperatures. The parameters p1, p2, p3, and p4 for the locations are shown in Table A9-5. 

 

Table A9-5. Parameters p1, p2, p3, and p4 used for the interpolation of the water source temperature. 

Location p1 p2 p3 p4 

Colombo 3.49E-11 -4.58E-07 0.001539 27.41 

Singapore City 8.63E-12 -2.11E-07 0.00143 26.8 

Chittagong -6.37E-13 -3.94E-07 0.003956 19.5 

Bamako -7.35E-11 7.77E-07 -0.001172 26.09 

Accra 7.63E-11 -8.84E-07 0.002336 26.64 

Mumbai 6.15E-12 -2.83E-07 0.002344 23.71 

Bangkok 8.91E-12 -3.05E-07 0.00215 25.98 

Cairo -7.35E-11 7.77E-07 -0.001172 26.09 

Hurghada -7.54E-11 8.01E-07 -0.001247 23.24 

Mecca -7.35E-11 7.77E-07 -0.001172 26.09 

Port Sudan -7.35E-11 7.77E-07 -0.001172 26.09 

Djibouti City -7.35E-11 7.77E-07 -0.001172 26.09 

Kuwait City -7.35E-11 7.77E-07 -0.001172 26.09 

New Delhi -7.35E-11 7.77E-07 -0.001172 26.09 

Lahore -7.35E-11 7.77E-07 -0.001172 26.09 

Las Palmas -8.72E-11 8.97E-07 -0.001301 17.59 

Casablanca -8.72E-11 8.97E-07 -0.001301 17.59 
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