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Abstract 

In this thesis, the kinetics of hydrodeoxygenation (HDO) reaction over commercial monometallic 

and synthesised bimetallic Pd-based catalysts was investigated using vanillin as the representative 

model of oxygenates present in bio-oils.  Prior to the kinetic studies, preliminary experiments were 

carried out to investigate non-catalytic effect, solvent effect, role of catalytic supports and active 

elements in HDO reaction of vanillin.  It was found that non-catalytic effect contributed less than 

1% in conversion, while contribution from catalytic supports was no more than 4% in conversion. 

In contrast, the amount of vanillin converted varies remarkably from 99% under Pd-based catalysts 

to 21% under Rh-based catalyst.  Likewise, the amount of vanillin converted changes significantly 

from 100% under 2-propanol to 70% with toluene as the reaction solvent.  Consequently, it was 

concluded that the reaction is severely affected by the choice of solvent and catalytic active 

element.  In addition, from the preliminary studies completed it was found that the selectivity 

toward the deoxygenated product creosol varies significantly with the processing condition.  

Within the range of processing conditions investigated, the combination of processing parameters 

that maximises selectivity toward creosol and conversion include 338 K temperature, 3.0 MPa 

hydrogen gas partial pressure, 0.5 kg/m3 catalyst loading, and 500 rpm agitation speed.  From 

vanillin HDO reactions over Pd/C, Pd/Al2O3, and PdRh/Al2O3 catalyst using ethylacetate as the 

solvent, it was found that nonfirst-order kinetics reliably describes the initial reaction rate 

dependence on starting vanillin concentration and hydrogen gas partial pressure.  More 

importantly, a derived Langmuir – Hinshelwood – Hougen – Watson (LHHW) expression was 
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successfully used to reliably model the kinetics of the reaction over the various catalysts. 

Interestingly, at 95% confidence level the estimated intrinsic activation energy for the reaction 

varies from 24.10 kJ/mol under PdRh/Al2O3 to 64.08 kJ/mol under Pd/Al2O3 catalyst.  Additional 

experiments performed using 2-propanol, tetrahydrofuran, and toluene as the reaction solvent with 

bimetallic PdRh/Al2O3 particles as the catalyst reaffirms the nonfirst-order dependence of the initial 

reaction rate on starting vanillin concentration and hydrogen gas partial pressure.  Nonetheless, at 

95% confidence level the estimated intrinsic activation energy for the reaction varies from 23.60 

kJ/mol in 2-propanol to 56.30 kJ/mol in toluene.  The observed variation in the intrinsic activation 

energies for the reaction thus possibly explains the changes in performance (i.e. conversion and 

selectivity toward creosol) under different catalysts and solvents.  In order to examine the impact 

of other prominent compounds present in bio-oil, vanillin HDO reaction was conducted in binary 

environments using the prepared bimetallic PdRh/Al2O3 particles as the catalyst and ethylacetate 

as the solvent.  The secondary components in the binary environments were acetic acid and 

guaiacol.  In both vanillin – acetic acid and vanillin – guaiacol environments, nonfirst-order kinetics 

still best describes the initial reaction rate dependence on starting vanillin concentration and 

hydrogen gas partial pressure.  However, the order of reaction with respect to hydrogen gas partial 

pressure changes from 0.4 in vanillin-only environment to 0.6 in the binary environments.  Notably, 

the presence of guaiacol or acetic acid in the starting mixture caused significant change in intrinsic 

activation energy of the reaction.  At 95% confidence level, the estimated intrinsic activation 

energy of the reaction changes from 24.10 kJ/mol in vanillin-only environment to 51.00 kJ/mol in 

vanillin – acetic acid and 34.10 kJ/mol in vanillin – guaiacol environment.  Hence, the studies 

completed in this thesis suggest the energy barrier to vanillin HDO reaction is strongly affected by 

the presence of other bio-oil model compounds, solvent and catalyst type.  
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Chapter 1 

Introduction. 

1.1.   Background and Motivation 

For many years fossil derived fuels have been the major source of energy to the world.1 

Consequently, the capacity of the limited individual reserves responsible for producing fossil fuels 

have been in constant decline over the past decades.  Despite the decline, and the forecast of 

complete depletion in 2112, fossil fuels are expected to remain the leading source of energy to 

homes and businesses around the world for at least the next 10 years.2 Massive consumption of 

fossil fuels through combustion to generate energy poses significant threats to the environment and 

human lives because toxic gases such as CO2, NOx, etc., and very harmful particulate matter such 

as heavy metals, arsenic, mercury, etc., generated during the process are released into the 

atmosphere.3–6 As a result of the identified concerns on widespread application of fossil fuels, 

stringent legislation has been passed in most countries around the world to encourage production 

of energy and other valuable chemicals from alternative renewable and sustainable resources such 

as wind, solar, hydrogen fuel cell, and biomass.7  Moreover, the expected surge in world energy 

demand by 20 – 30% from 2019 to 2040 due to increase in global population and rapid economic 

developments in countries such as China, and India escalate interest in energy production from 

renewable and sustainable sources.8  Currently, plant biomass is the most abundant and promising 

renewable carbon source for producing liquid hydrocarbon fuels, otherwise known as biofuels.9–12  

The little amount of CO2 gases emitted during combustion of plant biomass are offset by the 
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amount of CO2 gases absorbed from the atmosphere during photosynthesis.13,14  Biofuels can be 

classified into four different categories depending on the feedstock and production technologies.  

This include first generation biofuels (FGBs), second generation biofuels (SGBs), ,third generation 

biofuels (TGBs), and fourth generation biofuels.15,16  FGBs which include bioethanol and biodiesel 

are generally produced via relatively simple process like fermentation and transesterification from 

food crops such as grains, sugars, seeds, vegetable oils, or animal fats, and starch.  They have been 

produced in significant quantities in countries like Malaysia, US, Germany, and Brazil.16, 17 

Nonetheless, the long term viability of FGBs is questionable because they threaten the food supply 

chain and reduces land use efficiency.  Moreover, constant production of FGBs will adversely 

affect the prices of food crops.18  Based on the identified limitations, research attention drifted 

toward SGBs which are generally produced from non-edible  residue of food crops like cereal 

straw, corn cobs, rice husk, e.t.c. or non-edible  whole plant biomass such as grasses or trees 

through either biochemical or thermochemical techniques.  The use of SGBs reduces the food 

versus fuel competition associated with FGBs, improves land use efficiency, and potentially offers 

significant cost reduction in the long term.  Interestingly, the lignin fraction of plant biomass 

traditionally regarded as wastes are now widely perceived as valuable sources for manufacturing 

liquid biofuels better known as bio-oils because they contain approximately 40% of the possible 

energy of the biomass.1, 19 The production of bio-oil from the lignin fraction of plant biomass has 

increasingly become an area of strong interest in renewable and sustainable energy research field.  

Fast pyrolysis is the preferred technology for converting the lignin fraction of plant biomass to bio-

oils because it offers economic advantages over competing technology like liquefaction.20–22  As a 

result of the rapid processing condition used during fast pyrolysis, bio-oils usually contain large 

amount of water and thermodynamically unstable oxygenated compounds such as cresols, anisoles, 
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syringols, carboxylic acids, ketones, and aldehydes.23–26  Table 1.1 summarises the percentage 

weight of the major oxygenated compounds present in a typical bio-oil.  In comparison to 

conventional fuels with less than 1 wt % oxygen content and water content of 0.1 wt %, bio-oils 

usually have oxygen content of 20 wt % to 50 wt % and water content of 30 wt % to 50 wt %.1,27–

29  

Table 1.1. Chemical Composition of Bio-oil.30  

Compounds Weight Percentage (%) 

Carboxylic Acids 4 – 6 

Carbonyl  15 – 20 

Sugars 25 – 35 

Water 30 – 50 

Water Insoluble Lignin Derivatives 20 – 25 

 

Table 1.2 shows the differences in properties of typical bio-oils compared to conventional fuels. 

The high oxygen and water content of bio-oil lead to undesirable effects such as low heating value, 

poor volatility, poor chemical and thermal stability, high viscosity and corrosiveness.  These 

undesirable characteristics of bio-oils resulted in problems such as blocked filters, excessive 

corrosion and pump breakdown during initial attempts to substitute conventional fuels with bio-

oils in operation of furnaces, gas turbines, boilers and space heaters.  Hence, bio-oils must be 

upgraded to fulfil their potential as liquid fuels and chemical feedstocks to other processes.31–34 

Among the various methods for upgrading bio-oils, hydrodeoxygenation (HDO) is widely 

considered as the most suitable technique to reduce the oxygen content of bio-oils to levels close 

to the 1 wt % in conventional fuels because it ensures high selectivity to the desired liquid product 

at the expense of coke and gas formation.35–38   
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Table 1.2. Comparison between Typical Bio-oil and Conventional Fuels Properties.39 

Property Bio-Oil Gasoline Diesel 
Heating 

Oil 

Heating value (MJ/kg) 18 – 20 44 42 45.5 

Density at 15°C (kg/m3) 1200 737 820 – 950 865 

Flash Point (°C) 48 – 55 40 42 38 

Pour Point (K) 258 213 244 267 

Viscosity at 40°C [cP] 40 – 100 0.37 – 0.44 2.4 1.8 – 3.4 

pH 2.0 – 3.0 – – – 

Solids (%wt) 0.2 – 1.0 0 0 – 

Elemental Analysis (%wt)     

Carbon 42 – 47 84.9 87.4 86.4 

Hydrogen 6.0 – 8.0 14.76 12.1 12.7 

Nitrogen ˂ 0.1 0.08 < 0.4 0.006 

Sulfur ˂ 0.02 - 1.39 0.2 – 0.7 

Oxygen 46 – 51 
 

 0.04 

Ash ˂ 0.02 
 

 ˂ 0.01 

 

Hydrodeoxygenation is similar to conventional hydrotreating processes such as 

hydrodesulphurisation (HDS) and hydrodenitration (HDN) frequently employed in the petroleum 

industry.  It involves selective removal of oxygen as water from the oxygenated compounds in bio-

oil through the use of hydrogen and a heterogeneous catalyst.40–42  However, the complexity of bio-

oil composition and other possible side reactions during the HDO process such as cracking, 

hydrogenation, hydrocracking, decarbonylation, decarboxylation etc., compelled most laboratory 

scale studies to model oxygenates or their mixtures primarily to improve the design of HDO 

catalyst, understand the mechanisms and kinetics of HDO reaction.7,32,43–47  Guaiacyl species such 

as guaiacols, cresols, and anisoles have received significant attention because they represent the 

primary structure of lignin.  Additionally, these compounds are often preferred as model of bio-oil 

because they contain specific functional group of interest.48–50 The most utilised compounds among 

the guaiacyl species are guaiacols since they contain methoxy (–OCH3) and hydroxyl (–OH) groups 
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which are typical functional groups found in lignin derived phenolic monomers.34–51 However, 

vanillin, which is a less reported member of the guaiacyl species, is the compound of interest in 

this research project.  This compound is attractive as a model of bio-oil because it contains the 

carbonyl functional group which is largely responsible for thermodynamic instability of actual bio-

oil.52–56 Vanillin is an aromatic aldehyde containing two additional functional groups, namely ether 

and hydroxyl groups.  Up to four different analytical studies confirmed vanillin as a prominent 

component in real bio-oil.  In the work of Qi et al14 it was reported that vanillin represents 6.35% 

of the main organic compounds detected in GC-MS analysis of bio-oil produced from P. indicus. 

On industrial scale, vanillin is produced through depolymerisation of lignin.57   Past studies on HDO 

of vanillin over different catalysts reported vanillyl alcohol and creosol as the major products.  In 

general, catalysts used in past studies on HDO of lignin model compounds include Mo-based 

sulfides, base metals, noble metals, metal phosphides, carbides, supported noble metals, and 

bifunctional catalysts.26,58–61 Interestingly, noble metals which comprises ruthenium (Ru), 

palladium (Pd), platinum (Pt), and rhodium (Rh) appear to be the most promising group of metal 

catalyst for lignin model compound and actual bio-oil HDO reaction because they are active at 

mild temperatures.62–64  Nonetheless, large scale application of noble metals in HDO processes is 

not economically feasible without improvement in catalyst design to minimise hydrogen 

consumption, increase robustness and selectivity toward the deoxygenated liquid products.65  These 

objectives can be achieved through improved understanding on the mechanism for catalyst 

deactivation and the kinetics of HDO reaction.58,66,67  According to the literature, bimetallic catalyst 

comprising of a noble metal and another metal often demonstrates better resistance against 

poisoning agents and higher selectivity toward the deoxygenated liquid products compared to 

supported mono-metal catalysts.68  Notably, the majority of past studies on reaction kinetics of 
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vanillin HDO utilised Ru-based catalyst.  For instance, Bindwal et al69 used Ru/C catalyst to 

investigate the reaction kinetics of mild aqueous-phase hydrogenation of vanillin.  While in the 

work of Mahfud et al., 70 Huang et al., 71 and Bussetto et al.72 homogeneous Ru-based catalysts were 

used to investigate the kinetics of vanillin hydrodeoxygenation reaction.  Although, Pd-based 

catalysts are widely recommended for catalytic upgrading of bio-oil and model compounds, 

information on reaction kinetics of vanillin hydrodeoxygenation over supported Pd-based catalysts 

are limited.73  In fact, information on the kinetics of vanillin hydrodeoxygenation reaction over non 

Ru-based supported noble metal catalysts was missing in the literature until recent publications by 

Santos et al.,74 Sulman et al.,75 and Hao et al.76 Sulman and co-workers 75 investigated vanillin 

hydrodeoxygenation reaction in different solvents; their results suggested the rate of vanillin 

hydrodeoxygenation reaction increases as the polarity of the solvent increases. In a similar study 

by Nie and co-workers 64, it was reported that vanillin conversion varies with the solvent type 

because hydrophobic and hydrophilic properties affects the dispersion of catalysts in various 

solvents.  Remarkably, past studies on the effect of solvent on vanillin hydrodeoxygenation focused 

only on changes in the rate of reaction.  Hence, one of the objectives in the present work is to 

determine the variation in intrinsic kinetic parameters such as intrinsic activation energy, enthalpy 

of adsorption for the reactants, and rate constants following changes in the solvent for vanillin 

hydrodeoxygenation reaction.  

1.2.   Knowledge Gaps  

On the basis of literature survey on vanillin hydrodeoxygenation reaction, the gaps in knowledge 

identified include:  

 Insufficient information on kinetics of the reaction over Pd-based catalysts.  

 Lack of information on kinetics of the reaction over bimetallic catalysts. 
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 Lack of information on changes in intrinsic kinetic parameters following changes in the 

reaction solvent.  

 Lack of information on model describing the reaction kinetics of vanillin 

hydrodeoxygenation in the presence of other compounds such as acetic acid or guaiacol. 

1.3.   Hypotheses 

Based on the identified gaps in knowledge on vanillin hydrodeoxygenation reaction, hypotheses 

of this research work are as follows:  

 Intrinsic kinetic parameters for the reaction over Pd-based catalysts will be different from 

those reported for Ru-based catalysts because different reaction rates were reported in the 

literature on HDO of vanillin over Pd-based catalyst and Ru-based catalyst. 

 Energy barrier for the reaction in the presence of bimetallic catalyst will be lower 

compared to mono-metal catalysts counterparts since bimetallic catalysts are known to 

have superior activity and selectivity toward deoxygenated products. 

 Changes in solvent will alter the reactants adsorption enthalpy and activation energy for 

the reaction due to expected differences in the interaction of the catalyst, substrate, and 

products under the various solvents.  

 In the presence of other model compounds, the competition for adsorption onto active 

sites on the catalyst will most likely be higher.  As a result, it is assumed that the energy 

barrier for the reaction in binary and pure environments will be different, with the former 

higher than the latter.  
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1.4.   Aim and Objectives   

The overall aim of this research work is to determine changes in product selectivity and kinetics 

of vanillin hydrodeoxygenation reaction following changes in catalyst, and the reaction 

environment.  To fulfil this aim, specific objectives that must be accomplished include:  

1)    To establish the best condition for the reaction and the influence of processing parameters 

by;  

a) Using Taguchi method to design a suitable orthogonal array of experiments.  

b) Isolating the effect of each processing parameter on conversion and selectivity toward 

the desired deoxygenated product.  

c) Determining the configuration of processing parameters that optimises conversion and 

selectivity toward the deoxygenated product. 

 2)  To design and prepare a suitable bimetallic Pd-based catalyst for vanillin 

hydrodeoxygenation reaction by;  

a) Investigating performance under different commercial noble metal catalysts using criteria 

such as hydrogen consumption, conversion, and product selectivity. 

b) Investigating the influence of commercial catalyst supports such as alumina (Al2O3), 

silica (SiO2), and carbon (C) on the reaction.  

3)     To establish changes in kinetics of the reaction over monometallic and bimetallic Pd-based 

catalysts by;  

a) Investigating the effect of changes in hydrogen gas partial pressure, temperature, and 

starting concentration of vanillin on the rate of reaction in the presence of monometallic 

and bimetallic Pd-based catalysts.  
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b) Developing models to describe the reaction kinetics of vanillin hydrodeoxygenation 

under the different catalysts.  

4)    To establish changes in kinetics of the reaction under different solvents by;  

a) Investigating the effect of changes in solvent on conversion, selectivity toward the 

deoxygenated product, and hydrogen consumption. 

b) Investigating the effect of changes in starting concentration of vanillin, temperature, and 

hydrogen gas partial pressure on the rate of reaction in different solvents. 

c) Developing models to describe the kinetics of vanillin hydrodeoxygenation reaction 

under the various solvents. 

5)  To establish the effect of other model compounds presence on the kinetics of vanillin 

hydrodeoxygenation reaction by;  

a) Investigating the effect of changes in temperature, starting vanillin concentration, and 

hydrogen gas partial pressure on the rate of reaction in vanillin – acetic acid and vanillin 

– guaiacol environments. 

b) Developing models to describe kinetics of vanillin hydrodeoxygenation reaction in 

vanillin – acetic acid and vanillin – guaiacol environments. 
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1.5.   Thesis Outline  

This thesis contain seven chapters in total.  The first chapter provides the background to the 

research work through discussion on the need for bio-oil upgrading via hydrodeoxygenation, the 

role of model compound studies in designing efficient HDO catalyst and understanding kinetics of 

hydrodeoxygenation reaction.  In addition, this chapter present the gaps in knowledge, the research 

hypotheses, specific aim and objectives of the research project.  The second chapter reviews the 

present state of bio-oil and model compounds upgrading through hydrodeoxygenation. In the third 

chapter, details on the analytical tools, experimental set-up and procedures used in the research are 

presented.  The results of standalone model compound hydrodeoxygenation experiments to 

investigate the effect of catalyst, support, heat, solvent and operating condition on conversion, 

hydrogen consumption, and product selectivity are presented in Chapter 4.  While Chapter 5 details 

the kinetics of the model compound hydrodeoxygenation over monometallic and bimetallic Pd-

based catalysts.  Chapter 6 present the kinetics of the model compound hydrodeoxygenation 

reaction in different solvents and binary environments to illustrate the impact of solvent and other 

compounds on kinetics of the reaction.  The last chapter of the thesis summarises the conclusions 

from the various studies conducted and recommends possible areas for future research work.  
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Chapter 2 

Literature Review  

2.1.   Introduction 

Fossil-based resources such as coal, oil and natural gas have been the dominant route of energy 

to homes and businesses around the world for several years.  Figure 2.1 illustrate changes in the 

global energy consumption between 2007 and 2017.77  It indicates approximately 2% per annum 

increase in the global energy consumption.2  Plausible reasons for the observed increase in global 

energy consumption includes rapid development in improving economies like China and India and 

growth in world population.78  Infact, it has been predicted that in the next 25 yrs the world 

population will increase by 30%.   Figure 2.2 shows the energy consumption by source for the last 

20 yrs and forecast for the next 20 yrs.  It clearly shows that in the last 20 yrs fossil derived fuels 

have been the major source of energy to the world and likely to remain the dominant source of 

energy to the world over the next 20 yrs.79  However, proven reserves responsible for producing 

these fuels are concentrated in few countries.  Moreover, these reserves are expected to fluctuate 

with price and other economic conditions.  The identified uncertainties around proven reserves 

combined with the expected growth in energy consumption puts security of the global energy 

supply in jeopardy.80  In addition, campaigns against the use of fossil resources has grown over the 

last decade mainly because burning of these resources to generate energy adversely affects the 

environment.5,6  The drive to become less reliant on fossil resources and increase security on energy 



12 | P a g e  

 

supply compelled many countries around the world, in particular members of the European Union 

(EU) to set specific renewable energy targets.  

 

Fig. 2.1. Annual world energy supply between 2007 and 2017.77 

 

Fig. 2.2.  Shares of Global Primary Energy Consumption by Fuel.78 
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EU members are committed to national renewable targets ranging from a low target of 10% in 

Malta to a high target of 49% in Sweden and at least 10% of transport fuels from renewable sources 

by 2020.81 Despite the United Kingdom (UK) plans to exit the EU, UK government remain keen 

on increasing renewable consumption from 1.5% in 2005 to 15% by 2020.82 The sustained interest 

in renewable energy consumption by the UK government is affiliated to the increase security of 

energy supplies and opportunities for investment.  To achieve this national renewable target of 

15%, it has been estimated that around 30% of electricity demand, 12% of heating demand and 

10% of transport demand must come from renewable sources.82 Significant progress has been made 

in the use of renewable sources for electricity, in contrast progress in the use of renewables to 

provide heat and transport has been very slow.  The present rate of uptake means greater effort is 

required from the UK to meet the 2032  binding EU renewable energy target of at least 32%.83  This 

motivates the development of renewable fuels compatible with existing infrastructures for heating 

and transport in the UK.  Renewables such as wind, solar and hydrogen fuel cells are all promising 

alternatives to fossil resources.  Nonetheless, the wide-spread application of these renewables will 

require time to become economically and technically viable.  Moreover, majority of the present 

infrastructures around the world operates on liquid hydrocarbon fuels.84, 85 Currently, plant biomass 

is the only renewable and sustainable source of carbon that can be used to produce liquid fuels and 

valuable chemicals that can fit directly into nowadays infrastructures with little or no 

modification.10–12,86 Besides, plant biomass contains tiny amounts of sulphur, nitrogen and other 

heavy metals compared to fossil feedstocks.  Hence, fuels from plant biomass (i.e. biofuels), when 

burnt, produce negligible amounts of toxic gases such as SO2 and NOx.  The net emission of CO2 

from combustion of biofuels are insignificant since the CO2 absorbed from the atmosphere during 

photosynthesis balances the emitted CO2.
13, 87–89 Based on the identified benefits, biofuel 
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production has received great attention over the past decade.  Nonetheless, issues such as rapid 

catalyst deactivation, and low yields need to be resolved before biofuels can fulfil their potential 

as substitute for fossil derived fuels.  

2.2.   Biomass Feedstocks  

In general, feedstocks derived from biomass can be grouped into three categories.  This include 

starchy feedstocks, triglyceride feedstocks, and lignocellulosic feedstocks.  Biofuels derived from 

the different feedstocks are presented in Figure 2.3.  Starchy feedstocks are from food crops such 

as corn, beets, sugarcane etc. which are limited resources.  They usually contain network of glucose 

polysaccharides that are linked together by α-glycosidic bonds such as amylase and amylopectin.85 

Although, α-glycosidic bonds can be hydrolysed easily into sugar monomers, the production of 

biofuels from starchy feedstocks received less attention because they are widely perceived as 

highly valuable resources for human consumption as food not as fuel nor feedstock to other 

processes.90  Triglyceride feedstocks which contain fatty acids and glycerol are derived from plant 

and animal sources such as soyabeans, algae, vegetable oils etc.11  Unlike starch and triglycerides 

which are found in limited number of plants, an integral part of plant biomass are lignocellulosic 

feedstocks.  Lignocellulosic feedstocks are the cheapest and most available source of biomass for 

biofuel production.47, 91 Examples of lignocellulosic feedstocks include switchgrass, waste from 

wood processing, municipal wastes, miscanthus and agricultural residues.85 
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Fig. 2.3. Biofuels from Biomass Feedstocks.85  

2.2.1.   Lignocellulosic Biomass Composition  

Lignocellulosic biomass is primarily made up of oxygen containing organic polymers (i.e. 

biopolymers), which include cellulose, hemicellulose and lignin.92  The percentage weight of these 

biopolymers varies appreciably with the type of feedstock, as illustrated in Table 2.1.  The 

secondary components found in lignocellulosic feedstocks include inorganic minerals (e.g. 

potassium, calcium, sodium, chlorine, phosphorus etc.) and organic extractives.92, 93 
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Table 2.1. Composition of Three Lignocellulosic Biomass feedstocks.92 

Biomass Species 
Lignocellulosic Composition (wt %) 

Cellulose Hemicellulose Lignin 

Poplar 50.8 – 53.3 26.2 – 28.7 15.5 – 16.3 

Oak 40.4 35.9 24.1 

Eucalyptus 54.1 18.4 21.5 

Pine 42.0 – 50.0 24.0 – 27.0 20.0 

Douglas fir 44.0 11.0 27.0 

Spruce 45.5 22.9 27.9 

Wheat Straw 35.0 – 39.0 23.0 – 30.0 12.0 – 16.0 

Grasses 25.0 – 40.0 25.0 – 50.0 10.0 – 30.0 

Switchgrass 35.0 – 40.0 25.0 – 30.0 15.0 – 20.0 

Rice Straw 29.2 – 34.7 23.0 – 25.9 17.0 – 19.0 

Corn Cobs 33.7 – 41.2 31.9 – 36.0 6.1–15.9 

2.2.2.     Cellulose  

Cellulose is the main component in the cell wall of plants, and therefore the largest fraction in 

lignocellulosic biomass.  This fraction of the lignocellulosic biomass contains 50 wt % carbon and 

50 wt % oxygen.93 Cellulose is a high molecular weight linear polymer formed from the 

polymerisation of 10 units to 15,000 units of β-D-anhydoglucopyranose (AGUs).93  The repeated 

units found in cellulose illustrated in Figure 2.4 are called cellobiose, it contain two AGUs.94   These 

units lie parallel to each other within the cellulose structure and are held together by hydrogen 

bonds.  As a result, cellulose decomposes at ~ 573 K to levoglucosan and other anhydrocellulose.95   

                                                           
Fig. 2.4. Cellobiose unit of Cellulose.93, 94 
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2.2.3.    Hemicellulose   

Hemicellulose is formed from polymerisation of glucose and other sugars that are highly 

substituted with acetic acids e.g. xylose, mannose, galactose and arabinose.93 As a result, the 

decomposition of hemicellulose at 473 K – 533 K produces acetic acid and anhydrocellulose.20, 96 

Hemicellulose contain up to 200 monomeric units of shorter and branched chain sugars.97 Figure 

2.5 illustrates the main constituents of hemicellulose.  Normally, this fraction contains 50 wt % 

carbon and 50 wt % oxygen.93 

                     

Fig. 2.5.  Main components in Hemicellulose.93  

2.2.4.    Lignin  

The lignin fraction plays an extremely important role in the structure of lignocellulosic 

biomass.98 It fills the gap between the cellulose and hemicellulose as illustrated in Figure 2.6, 

thereby holds the plant cell wall structure together.99  The structure and properties of lignin varies 

with the biomass feedstock. However, in general it is a highly branched, amorphous and substituted 

polymer of hydroxyl and methoxyl substituted phenylpropane units.100   The representative units 

within the lignin structure include p-coumaryl, coniferyl, and sinapyl.20   Lignin fraction varies 
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appreciably with the feedstock.  Nonetheless, the proportion of lignin is generally higher in woody 

biomass compared to other feedstocks.101  

 

Fig. 2.6. Location and molecular structure of lignin in lignocellulosic biomass.99 

The elemental composition of lignin fraction usually is 60 wt % carbon and 30 wt % oxygen.93 

As a result, the lignin fraction which is characterised with low O/C ratio is a more valuable source 

for fuel production since the other two fractions have higher O/C ratio.  Moreover, breaking down 

the lignin fraction enables access to other components of the lignocellulosic biomass.  Lignin 

degrades at 553 K – 773 K through cleavage of the C–C bonds and ether to form a mixture of 

monomeric polysubstituted phenols and oligomers.93, 101  
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2.3.    Conversion of lignocellulosic Biomass to liquid fuel   

The methods used to transform lignocellulosic biomass into fuels and other valuable fine 

chemicals are presented in Figure 2.7.  They involve either a thermochemical or hydrolysis route.85 

The hydrolysis route requires separation of the lignin and sugars from the lignocellulosic biomass 

to permit selective processing into the desired product via either catalytic or biochemical method.  

As shown in Figure 2.7, the possible products from catalytic-hydrolysis route include gasoline, 

diesel, esters and MTHF, while the biochemical-hydrolysis route produces only ethanol.  On this 

basis, hydrolysis routes can be used to produce liquid hydrocarbon fuels and valuable chemicals.12 

However, the thermochemical routes are generally preferred to the complex and costly hydrolysis 

routes.85, 91 Besides, liquid hydrocarbon fuels are the only possible products from processing via 

the thermochemical routes. 

 

Fig. 2.7. Methods for converting lignocellulosic biomass to fuels and valuable chemicals.85 
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Thermochemical routes comprising gasification, pyrolysis and liquefaction involves processing of 

the whole lignocellulosic biomass under high temperatures and/or pressures.  The refining of 

lignocellulosic biomass via gasification produces synthesis gases (i.e. mixture of CO and H2 gases, 

abbreviated as syngas). As a result, further processing of the syngas via Fischer-Tropsch (FT) 

synthesis or hydrodeoxygenation (HDO) is required to produce liquid hydrocarbon fuels such as 

diesel and gasoline.102 In contrast, pyrolysis and liquefaction directly produce liquid hydrocarbon 

fuel known as bio-oils.  Hence, the economic disadvantage of gasification makes pyrolysis and 

liquefaction attractive platforms for transforming lignocellulosic biomass into liquid fuel.85, 103,104 

Liquefaction requires working pressures of 5 MPa – 20 MPa, while working pressures of 0.1 MPa 

– 0.5 MPa are used in pyrolysis.  The huge difference in working pressures translate to significant 

reduction in capital cost, and thus account for the general preference of  pyrolysis over  

liquefaction.86 Other benefits of pyrolysis include simplicity and ability to handle different 

feedstocks.21 Besides, different pyrolysis technologies are presently used commercially, while 

liquefaction processes are still at laboratory to pilot scale level.20 

2.3.1.    Pyrolysis Technologies       

The term “pyrolysis” refers to thermal anaerobic decomposition of biomass at elevated 

temperatures to produce gaseous products, subsequently these products react and condense to a 

complex liquid mixture known as “bio-oil”.90  Table 2.2 summarises typical operating conditions 

for different pyrolysis technology and associated primary products.  Slow pyrolysis process such 

as carbonization with longer residence times favours the production of solid fuel (i.e. charcoal) that 

can be used to generate energy through combustion.  Whereas fast and flash liquid pyrolysis which 
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are normally operated for short duration favours bio-oil production.87, 105,106  The stoichiometric 

empirical formula for biomass conversion to bio-oil via pyrolysis is presented in equation 2.1.90  

CH1.46 O0.67 → 0.71 CH1.98O0.76 + 0.21CH0.1O0.15 + 0.08CH0.44 O1.23       (2.1) 

     Biomass                       Bio-oil                  Char                  Gas 

 

Table 2.2. Operating conditions for different pyrolysis technology and the primary products.105 

Pyrolysis Technology 
Residence 

Time 

Heating 

Rate 
Temperature (K) Products 

Carbonization days very low 673 Charcoal 

conventional 5 – 30 min low 873 oil,gas,char 

fast 0.5 – 5 s very high 923 bio-oil 

flash-liquid ˂ 1 s high ˂ 923 bio-oil 

flash-gas ˂ 1 s high ˂ 923 
chemicals, 

gas 

ultra ˂ 0.5 s very high 1273 
chemicals, 

gas 

vacuum 2 – 30 s medium 673 bio-oil 

hydro-pyrolysis ˂ 10 s high ˂ 773 bio-oil 

methano-pyrolysis ˂ 10 s high > 973 chemicals 

 

Yield of bio-oil up to 80 wt % of the dry feed has been reported for fast pyrolysis, therefore it is 

the preferred pyrolysis technology for bio-oil production.80, 88  A schematic diagram of fast 

pyrolysis process is presented in Figure 2.8. 
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Fig. 2.8. Schematic of biomass Fast Pyrolysis Process.9, 107 

2.4.   Bio-Oil Composition  

The bio-oil  produced from fast pyrolysis of biomass is a complex mixture of highly oxygenated 

compounds with the composition dependent on initial biomass feedstock, processing conditions 

(i.e. temperature, residence time, heating rate etc.) and efficiency of the product removal 

system.108,109  Table 2.3 illustrates variation in the composition of bio-oil  produced from different 

biomass feedstocks.  
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Table 2.3. Chemical Composition of Bio-oil from different Biomass Sources. 

Feedstock Hardwood (wt %) 
Softwood (wt 

%) 

Pine (wt 

%) 
Corn Stover (wt %) 

Temperature (K) 733 783 793 773 

Phenols 1.40 – 3.90  1.40 – 3.90 - 2.39 

Ketones 0.08 – 0.96 0.02 – 0.73 5.36 0.20 

Aldehydes 1.03 – 14.36 0.52 – 0.70 9.73 4.00 

Acids 3.30 – 21.50 2.20 – 19.00 5.60 6.26 

Esters – – – – 

Furans 0.20 – 1.93 0.39 – 1.83 4.47 0.71 

Ethers – – – – 

Alcohols 6.41–7.82 1.78 – 3.17 2.90 7.12 

Others 49.53 – 87.58 70.67 – 94.21 71.94 79.32 

Reference 110 110 111, 112 113 

 

The observed variation in composition of bio-oils can be attributed to the noticeable differences 

in relative proportion of the building blocks of lignocellulosic biomass feedstocks as highlighted 

in Section 2.2.1.  In fact, the pyrolysis of biomass feedstock containing high lignin fraction 

produces bio-oil rich in phenolic compounds.  While in contrast, the pyrolysis of biomass feedstock 

rich in cellulose or hemicellulose produces lower molecular weight oxygenated compounds.114 

Despite the expected differences in the composition of bio-oils, they generally contain significant 

moisture content ranging from 30 wt % to 50 wt % and high oxygen content within the interval of 

20 wt % and 50 wt %.28, 29   Due to the heterogeneity of biomass, over 400 different compounds 

have been found in bio-oils. Interestingly, up to 300 of these compounds contain oxygen.32,46,115 

The oxygenated compounds present in bio-oil are formed from depolymerisation, re-

polymerisation, dehydration, rearrangement and fragmentation of the complex biomass building 

blocks.115,116 Oligomeric species with molecular weight ranging from several hundreds to 5000 or 

more formed mostly from the lignin fraction of the biomass are also present in bio-oil.  
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Consequently, complete characterisation of the bio-oil is very challenging and almost impossible.20 

Analytical techniques that have been used to characterise bio-oil include High Pressure Liquid 

Chromatography (HPLC), Gel Permeation Chromatography (GPC), Gas Chromatography-Mass 

Spectroscopy (GC-MS), Nuclear Magnetic Resonance (NMR), Fourier Transform Infrared (FTIR) 

spectroscopy and HPLC with electrospray Mass spectroscopy.  Among the listed techniques for 

characterising bio-oil, GC-MS is the most adopted method.  However, the GC-MS method is only 

capable of detecting the volatile components of bio-oil.  The volatile components accounts for 25% 

– 40% of the bio-oil, the non-volatile components are analysed by Fourier Transform-Ion Cyclotron 

Resonance (FT-ICR).20  Table 2.3 shows the prevalent organic compounds detected in bio-oil. 

Broadly, these compounds can be grouped into either water soluble (aqueous) or water insoluble 

(organic) fractions depending on their affinity for water.9  GC-MS analysis of bio-oils have shown 

that the less polar compounds such as acetic acids and hydroxyacetone are concentrated in the 

aqueous fraction, while  the more polar compounds, less aliphatic and aromatic hydrocarbons (such 

as vanillin, levoglucosan, furfural, phenols  and benzaldehyde) are concentrated in the organic 

fraction.117 

2.4.1   Bio-Oil Properties  

As mentioned previously in Section 2.4, the composition of bio-oil varies with factors such as 

processing conditions, feedstocks etc.  However, in general they are described as a dark free 

flowing liquids with very pungent smell.20,118  Bio-oils are normally produced via a rapid fast 

pyrolysis process that takes 1 to 2 s.119  Consequently, bio-oils are typically a mixture of unstable 

oxygenated compounds that naturally strive to attain chemical equilibria by reacting with 

neighbouring species.  These inherent reactions within the bio-oils inhibit their functionality as 
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fuels in existing vehicles or as platform chemicals.120–123  For instance, the composition of bio-oil 

changes over time during storage.  The technical term used to describe this phenomenon is “aging”. 

Aging occurs because the unstable oxygenated compounds within the bio-oil undergo different 

reactions at typical storage temperature to produce stable products.124  Model compounds of bio-

oil belonging to the carboxylic group react with neighbouring alcohols to form esters, while model 

compounds with the carbonyl functional group react with neighbouring alcohols to form acetals or 

hemiacetals.9,108 Other reactions which take place during storage of bio-oil involve 

homopolymerisation of olefins to form stable network of compounds.  Hence, bio-oils can separate 

into phases during storage and their viscosity increases over time.117  In addition to the aging 

property described, bio-oils usually have a pH value of 2.8 – 3.8 because they contain significant 

amount of carboxylic acids (e.g. formic acid and acetic acid).125,126  The actual pH value of bio-oil 

varies considerably with the biomass feedstock.  For example, bio-oils derived from hardwood and 

rice husk have pH values of 2.8 and 3.23 respectively.127,128  However, regardless of the starting 

biomass feedstock, bio-oils are generally acidic.  This makes it difficult to store and transport bio-

oil in vessels made from conventional materials of construction.  The corrosive problem of bio-oil 

is intensified by the presence of ash, especially at elevated temperatures.32, 117,129,130 Since bio-oils 

contain significant amounts of oxygen trapped in the form of water and other oxygenates, they 

usually exhibit hydrophilic properties.  As a result, bio-oils are immiscible with other liquid 

hydrocarbon fuels.93,117  In addition, due to the high O2 content in bio-oils, they generally have 

energy density that is 50% lower than that of conventional fuels.29,117  Table 2.4 summarises the 

differences in elemental composition and properties of a typical bio-oil and conventional liquid 

fuels.   
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        Table 2.4. Comparison between Bio-oil and Conventional Fuels Properties.39 

Property Bio-Oil  Gasoline Diesel 
Heating 

Oil 

Heating value (MJ/kg) 18 – 20 44 42 45.5 

Density at 15°C (kg/m3) 1200 737 820 – 950 865 

Flash Point (°C) 4855 40 42 38 

Pour Point (K) 258 213 244 267 

Viscosity at 40°C [cP] 40 – 100 0.37 – 0.44 2.4 1.8 – 3.4 

pH 2.0 – 3.0 – – – 

Solids (% wt) 0.2 – 1.0 0 0 – 

Elemental Analysis (% wt)     

Carbon 42 – 47 84.9 87.4 86.4 

Hydrogen 6.0 – 8.0 14.76 12.1 12.7 

Nitrogen ˂ 0.1 0.08 ˂ 0.4 0.006 

Sulfur ˂ 0.02 – 1.39 0.2 – 0.7 

Oxygen 46 – 51 
 

 0.04 

Ash ˂ 0.02 
 

 ˂ 0.01 

 

2.4.2.   Methods for Upgrading Bio-Oil     

Due to the aforementioned undesirable properties of bio-oils, problems such as blocked filters, 

excessive corrosion, breakdown of pumps etc. have all been encountered during attempts to 

substitute conventional fuels with bio-oils in the operation of furnaces, gas turbines, boilers and 

space heaters.131, 132  As highlighted in Section 2.4.1, the high O2 content is primarily responsible 

for the numerous undesirable properties of bio-oil.  Hence, bio-oils must be upgraded through either 

pre-pyrolysis or post-pyrolysis treatment to fulfil their potential as fuel or valuable chemical 

feedstock.40  Pre-pyrolysis treatments such as hot gas filtering are used to eliminate the inorganic 

chemicals such as alkali metals found in bio-oil.  Although, these treatments effectively address 

concerns on bio-oil stability, they cannot be used to eliminate other defects preventing the 

integration of bio-oil into existing petroleum refineries and end-use infrastructure.114,133 On the 

other hand, post-pyrolysis treatments which include aqueous phase reforming (APR), 
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emulsification, hydrodeoxygenation and zeolite cracking are all promising methods that can be 

used to upgrade bio-oil to fuel.134–138  APR produces syngas, which must be converted to liquid 

fuels through FT synthesis.  Moreover, only the water-soluble fraction of the bio-oil is used in this 

upgrading method.  Ideally the APR process should be used to supply hydrogen externally for bio-

oil hydrotreating.117  The simplest way to improve ignition characteristics of bio-oil is through 

emulsification.  Emulsification involves the use of surfactant to create a stable microemulsion of 

bio-oil in diesel.  However, the high energy input and cost makes emulsification less attractive. 

Besides, engines with emulsified diesel have demonstrated more severe corrosion/erosion when 

compared to those running on pure diesel.9, 139–141  Following the identified shortcomings of APR 

and emulsification, catalytic upgrading routes which include hydrodeoxygenation and zeolite 

cracking have received greater attention over the years.118, 125,130 Both zeolite cracking and 

hydrodeoxygenation have similarities with conventional processes used in the petroleum refinery.  

Zeolite cracking (ZC), which is analogous to Fluidised Catalytic Cracking (FCC), involves the use 

of zeolite catalysts such as ZSM-5 at atmospheric pressure and high temperatures (623 K – 923 K) 

in the absence of H2 gas to induce C–C bond cracking, methyl transfer, isomerization, dehydration, 

decarboxylation and dehydration reactions.93,115,129  These reactions lead to rejection of oxygen 

from the bio-oil as either carbon monoxide (CO) or carbon dioxide (CO2), both gases are harmful 

to the environment.9,40,142–148  In addition, loss of carbon during the process reduces the quality of 

the upgraded bio-oil and often results in significant deactivation of the catalyst.129  Although ZC 

method is effective at upgrading small oxygenates within the bio-oil such as aldehydes and ketones, 

it struggles to deoxygenate higher phenolic compounds due to their small pore openings.118,149–152  

In addition, the high temperature used in ZC method results in severe catalyst deactivation from 

the high amount of coke formed through cracking reactions.115,130   Of course, deactivation as a 
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result of coking could be addressed by oxidising the coke formed during ZC process in a fluidised 

catalytic cracking system to regenerate the catalysts.  However, this introduces additional cost, 

which may render the produced bio-oil less competitive compared to conventional fuels.117    

Hydrodeoxygenation which is a form of hydrotreating, is the most promising post-pyrolysis 

treatment for upgrading bio-oil to liquid fuel.126,153,154 As the name suggests, it involves 

hydrogenation and deoxygenation of different classes of compounds within the bio-oil.118  This is 

because polycyclic aliphatic, aromatic structures and oxygen atoms are common features of model 

compounds within the bio-oil.  Hence, the HDO process is used to saturate the unstable unsaturated 

bonds and reduce the oxygen content.93, 155 Table 2.5 compares the quality and properties of 

upgraded bio-oil via HDO and ZC to crude oil.  It shows that properties of upgraded bio-oil via 

HDO are closely aligned with crude oil properties.  While in contrast, the properties of upgraded 

bio-oil via ZC differed remarkably from crude oil properties.  Moreover, higher oil yield can be 

achieved from the HDO process as shown in Table 2.5.  All these reasons justify the preference of 

HDO over ZC as post-pyrolysis treatment of bio-oil.  Detailed review on bio-oil upgrading through 

HDO and ZC was carried out by Mortensen et al.130  The subject of interest in this research project 

is upgrading of a typical bio-oil model compound via HDO. 
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Table 2.5. Comparison of Upgraded Bio-Oil via HDO and ZC to Crude Oil.130  
 

HDO Zeolite Cracking Crude Oil 

Upgraded bio-oil 
   

Yoil [wt %] 21 – 65 21 – 28 – 

Ywaterphase [wt %] 13 – 49 24 – 28 – 

Ygas [wt %] 3 – 15 6 – 13 
 

Ycarbon [wt %] 4 – 26 26 – 39 
 

Oil Characteristics 
   

Water [wt %] 1.5 – 0.1 

pH 5.8 – – 

ρ [kg/l] 1.2 – 0.86 

µ50
o
c [cP] 1 – 5 – 180 

HHV [MJ/kg] 42 – 45 21 – 36 44 

C [wt %] 85 – 89 61 – 79 83 – 86 

O [wt %] ˂ 5 13 – 24 ˂ 1 

H [wt %] 10 – 14 2 – 8 11 – 14 

S [wt %] ˂ 0.005 – ˂ 4 

N [wt %] – – ˂ 1 

Ash [wt %] – – 0.1 

H/C 1.3 – 2.0 0.3 – 1.8 1.5 – 2.0 

O/C ˂ 0.1 0.1 – 0.3 ≈ 0 

 

2.5.    Hydrodeoxygenation  

Hydrodeoxygenation (HDO) is a special form of hydrotreating often used to reject oxygen from 

bio-oil as water.  The process normally takes place in the presence of a suitable catalyst under high 

hydrogen gas pressures.  Hence, compared to ZC method, this method of bio-oil upgrading is 

considerably more expensive.  However, it is a very promising method for upgrading bio-oils to 

liquid hydrocarbon fuel because it maximises selectivity toward liquid product by minimising 

formation of coke and other light gases.37, 38,129,155  
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CH1.4 O0.4 + 0.7 H2 →    -CH2-      +      0.4 H20                            (2.2)     Hydrodeoxygenation  

Bio-oil                   Upgraded Bio-Oil       water                                            

The conceptual overall reaction of the HDO process shown in equation 2.2 illustrates the role of 

hydrogen as the reducing agent.80  In addition, hydrogen is used in the process to saturate different 

polycyclic aliphatic and aromatic hydrocarbons present in bio-oils.  Since the reactivity of these 

compounds varies significantly, the degree of deoxygenation and saturation via HDO depends on 

the type of catalyst and operating conditions.93  For instance, C=C bonds in olefins with a bond 

dissociation energy (BDE) of 614 kJ/mol and C=O bonds in aldehydes and ketones with BDE of 

749 kJ/mol are the most reactive groups in bio-oil, these bonds undergo hydrogenation at 

temperatures between 423 K and 473 K.  While in contrast, C–O bond present in phenols, 

dibenzofuran and diphenyl ether with BDE of 1076.5 kJ/mol is the least reactive group and 

therefore requires temperatures between 573 K and 673 K to react.93, 117,129  In practice, different 

side reactions occur simultaneously during the HDO process.  These side reactions, described 

conceptually in equations 2.3 to 2.7, must be inhibited to effectively manage H2 

consumption.37,115,130   In particular, it is highly desirable to prevent hydrogenation of aromatic rings 

because this not only affects the H2 consumption but octane number of the produced bio-oil.93,125 

Other side reactions such as decarboxylation and decarbonylation are not desirable because they 

lead to formation of harmful gases (i.e. CO and CO2) as shown in equations 2.6 and 2.7.  

R’C4H8R’’ → R’C2H3 + C2H3R’’      (2.3)          Cracking 

R’C2H4R’’ + H2 → R’H + CO      (2.4)          Hydrocracking 

R’C2H4R’’ + H2 → R’C2H4R’’ + H2O    (2.5)          Hydrogenation  

R’COOH → R’H + CO2      (2.6)          Decarboxylation 
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R’CHO → R’H + CO      (2.7)          Decarbonylation 

To minimise the overall H2 consumption, side reactions and emission of harmful gases, the 

prerequisites for an efficient HDO process include suitable operating conditions and choice of 

suitable catalyst (metal and support).  Table 2.6 summarises the operating conditions and catalyst 

used in previous works on bio-oil upgrading via HDO.  It shows considerable variation in the 

quantity and quality of produced oil following changes in the operating conditions and catalyst.  

According to the investigation by Elliot and Hart156, the yield of oil from HDO of a wood based 

bio-oil over Pd/C catalyst in a fixed bed reactor decreased from 75% at 583 K to 56% at 633 K. 

Conversely, it was found that the degree of deoxygenation increased from 65% at 583 K to 70% at 

613 K.  These observations from the work of Elliot et al., 156 indicate an interesting trend between 

the operating temperature, quantity and quality of the produced oil.  It shows that higher operating 

temperature favours the removal of oxygen but leads to increase formation of gases due to 

extensive cracking reaction as opposed to HDO.  As a result, bio-oil HDO normally requires 

minimum of two stages.68,93  This includes a mild temperature stage (473 K – 523 K) to stabilise 

the oil and high temperature stage (623 K – 723 K) to deoxygenate the more difficult model 

compounds.40,93,156 Moreover, cascade HDO treatment minimises reactor plugging and catalyst 

deactivation as a result of heavy coking.   
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Table 2.6. Operating Conditions and Catalysts used in previous works on Bio-Oil HDO.129 

Catalyst 
Reactor 

Type 

Yield 

of Oil 

(wt 

%) 

Dry 

feed 

basis 

Deoxyge

nation 

(wt %) 

Dry feed 

basis 

Temperature 

(K) 

Pressure 

(MPa) 

Time 

(h) 

NiMoS/Al2O3 Batch 30 36 523 10 4 

Pd/C Batch 43 56 523 10 4 

CoMoS/Al2O3 Batch 27 41 523 10 4 

Ru/C Batch 35 45 523 10 4 

NiMoS/Al2O3 Batch 27 74 623 10 4 

Pd/C Batch 65 85 623 10 4 

CoMoS/Al2O3 Batch 25 82 623 10 4 

Ru/C Batch 53 86 623 10 4 

Pd/C Continuous 62 71 613 13.5 4 

Pd/C Continuous 45 75 616 13.5 4 

Proprietary Continuous 61 98.8 678 10.2 5 

Proprietary Continuous 81 98.7 678 10.2 5 

Pd/C  & 

Proprietary 
Continuous 50 98.4 523/683 13.5 6.67 

Pd/C  & 

Proprietary 
Continuous 54 99 523/683 13.5 6.67 

Pd/C  & 

Proprietary 
Continuous 37 99.3 523/683 13.5 - 

Ru/C Continuous 63 26.9 573 25 0.1 

Ru/C Continuous 95 16.9 448 20 0.1 

Ru/C Continuous 50 35.4 498 20 0.18 

Ru/C 
Continuous 54 44.7 

448/498/648/6

73 
24.1 0.45 

Ru/C 
Continuous 52 64.1 

623/648/673/6

73 
23 5.26 

RuS/C-NiMoS Continuous 45 99 443/663 13.5 5.26 

RuS/C-

NiMoS/C 
Continuous 37 94 443/663 13.5 5.26 

RuS/C-

NiMoS/C 
Continuous 43 95 443/663 13.5 4 

Ru/C Batch 53 31 493 19 4 

Ru/C Batch 58 40.8 543 19 4 

Ru/C Batch 56 59.7 583 19 4 

Ru/C Batch 15 43.4 493 19 4 
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Ru/C Batch 30 43.4 543 19 4 

Ru/C Batch 31 51.7 583 19 4 

Ru/C Batch 83 38 493 19 4 

Ru/C Batch 74 41.9 543 19 4 

Ru/C Batch 70 64.9 583 16 4 

NiCu/TiO2 Batch 45.5 62.3 423/623 20 1/3 

NiCu/Sibunite Batch 35.9 86.5 423/623 20 1/3 

NiCu/ẟ-Al2O3 Batch 42.2 57.4 423/623 20 1/3 

 

Normally HDO processes are operated at 7.5 MPa – 30 MPa to ensure sufficient hydrogen is 

transferred to the catalyst surface, reduce the possibility of coking and increase reaction rate.157, 158 

The effect of hydrogen gas pressure on quantity and quality of upgraded bio-oil from HDO was 

examined by Venderbosch et al., 159 findings from the investigation showed that it is possible to 

achieve high deoxygenation level under hydrogen gas pressure within the typical range of 7.5 MPa 

– 30 MPa.  From the investigation carried out by Elliot et al.,156 it was established that longer 

residence time favours high degree of deoxygenation, with the O2 content in the upgraded oil 

decreasing from 21 wt % to 10 wt % as residence time increased from 1.4 h to 4 h.  This justifies 

the 3 h – 4 h reaction time used in past batch and continuous operation of bio-oil HDO.  

2.5.1.   Model Compounds in HDO   

As mentioned earlier in Section 2.4, bio-oils contain more than 400 different organic 

compounds.32, 46,115 Consequently, the complexity of bio-oil and possibility of multiple side 

reactions compelled HDO studies at research scale to model compounds instead.  According to 

Ahmad et al., 38 most studies in the literature on HDO are on specific model compounds or mixtures 

of oxygenates to simulate real bio-oil.  This approach is particularly useful because it simplifies 

the reactions that take place, highlight structure – reactivity of bio-oil components, analysis 

required and tracking of products formed.  In addition, it provides valuable information on specific 
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steps involved in the transformation process.  Model compound studies have been used at research 

scale to evaluate performance of different synthesised catalysts, and improve the design of catalyst 

for bio-oil upgrading. These studies have especially proven beneficial in understanding the 

mechanism and kinetics of HDO reaction.125   However, volatile compounds detectable by GC-MS 

are often used in these studies.  It is worth mentioning that findings from model compounds studies 

may not necessarily depicts behaviour in real bio-oil environment which contain additional 

interactions from neighbouring compounds.  In addition, catalysts showing excellent stability in 

model compound studies, may undergo significant deactivation when placed in real bio-oil 

environment.  Despite the drawbacks in specific model compound studies, they provide valuable 

information on the best approach to selectively hydrogenate the targeted C–O bonds and minimise 

cleavage of C–C or C–O bonds.160       

GC-MS analysis of bio-oils from seven studies confirmed the presence of phenol in the structure 

of compounds detected.161–167   Interestingly, in more than four of these references phenol, catechol, 

cresols, syringaldehyde, guaiacol, 4-methylguaiacol, 3-methylcatechol, vanillin, eugenol, syringol, 

acetovanillone, isoeugenol, 4-vinylguaiacol, 4-ethylphenol, and acetosyringone were reported.52–

56 Consequently, any of these compounds could be used as representative model of bio-oil in HDO 

studies.  Nonetheless, guaiacol, cresols and anisole shown in Figure 2.9 are the most frequently 

used compounds to represent bio-oil in past HDO studies.  These compounds are usually employed 

as base model of bio-oil because they contain multiple functional groups.  Besides, the development 

of catalysts efficient in converting lignin derived phenolics is essential to bio-oil upgrading, since 

phenolics are primarily responsible for coke formation which leads to catalyst deactivation.  

Furthermore, these compounds are the most difficult to upgrade among the components present in 

bio-oils.125   Nonetheless, the diversity of functional groups present in bio-oil necessitate extension 
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of studies on specific model compounds to less reported compounds such as vanillin, eugenol, 

syringol, isoeugenol, acetic acid etc.  This will help bridge the knowledge gap on mechanism and 

reaction pathways of less popular functional groups within the bio-oil.  Moreover, the behaviour 

of these less famous compounds during upgrading of the actual bio-oil could be different from the 

common model compounds shown in Figure 2.9.  In fact, double oxygenated phenolic compounds 

such as guaiacols are reported to have greater poisoning effect than single oxygenated phenolic 

compounds like phenol.168 

 

 

 

 

 

Fig. 2.9. Structure of common lignin derived phenolics employed in HDO studies. 

In this research work, the base model compound of interest is vanillin, a commonly reported 

component from analytical studies on bio-oil.64  It is currently the most available pure 

monoaromatic phenol produced at commercial scale.  Annually up to 20,000 tons of vanillin is 

produced, and about 15% of this annual production comes from depolymerisation of lignin.169–171 

As shown in Figure 2.10, vanillin contain three different functional groups.  This include a 

hydroxyl, methoxy, and aldehyde group.172   Nonetheless, vanillin can be classified as a bifunctional 

compound since the aldehyde and hydroxyl groups are far more reactive than the methoxy group.57 

In the literature 57, the bond dissociation energies specified include 380.7 kJ/mol for the aldehyde 

group, 468.6 kJ/mol for the hydroxyl group, and 426.8 kJ/mol for the methoxyl group.  As a result 

Cresol Guaiacol Anisole 
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of the identified differences in reactivity of the functional groups in vanillin, past studies on HDO 

reaction of vanillin confirmed the aldehyde group as the preferential site of attack.  Vanillin is 

partially soluble in both the organic and aqueous phases, therefore it can be combined easily with 

components from either phases of bio-oil to mimic real bio-oil behaviour.  As previously mentioned 

in Section 2.4.1, bio-oils are generally not very stable because they contain compounds with very 

reactive functional groups, such as the aldehyde group present in vanillin. 

 

Fig. 2.10. Reaction Scheme for Vanillin (VL) HDO Reaction.  HV represent the heating value 

estimated from Channiwala’s and Parikh’s correlation.155 

                                       

In theory, the HDO of an aldehyde group can proceed via one of four possible routes which include: 

i) direct hydrogenolysis of C=O bond; ii) hydrogenation of the C=O bond to form alcohol and then 

hydrogenolysis of the C–O bond; iii) hydrogenation of C=O bond to form alcohol followed by 

dehydration and finally rehydrogenation of C=C bond; iv) decarbonylation of C=O bond to form 

CO and alkane.  However, findings from past studies on vanillin (VL) HDO indicates the reaction 

often proceeds via route ii in two steps as shown in Figure 2.10.64,74,173  The first step involves 

hydrogenation (HYD) of the aldehyde group to form vanillyl alcohol (VA), while the final step 
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involves hydrodeoxygenation (HDO) of the vanillyl alcohol to creosol (CR).64,173  VL upgrading 

sometimes proceeds through direct deoxygenation (DDO) to produce CR.  Applying the 

Channiwala’s and Parikh’s correlation,155 Figure 2.10 shows that conversion of VL to CR leads to 

approximately 20% increase in the heating value.  Likewise, CR is a more stable compound than 

VL because it contains the unreactive methyl group instead of the highly reactive C=O bond in VL.  

As a result of the improved heating value and stability, CR is widely reported as the desired product 

from VL HDO reaction at mild conditions.  Nonetheless, under very harsh conditions identical to 

those used in real bio-oil HDO, guaiacol (GUA) and other hydrocarbons have been reported as 

byproducts from VL HDO reaction.174,175  Both homogeneous and heterogeneous catalysts have 

been used to investigate VL HDO reaction.71,72,176  Table 2.7 summarises the conditions and results 

from previous studies on VL HDO reaction.  It shows that HDO reactions of VL have been 

performed in the temperature range of 328 K to 573 K and pressure range of 1 MPa to 5 MPa in 

different reaction media. 
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Table 2.7. Operating Conditions used to Investigate VL HDO Reaction in Literature and their 

results. 

Catalyst 

Reaction Conditions 

(Temperature, Pressure, 

Solvent) 

Conversion 

(%), Time 

(h) 

Main 

Product 

Selectivity 

(%) 
Ref. 

Ni/SiO2 –ZrO2  573 K, 5 MPa, Octane 100 (16h) 
Hydrocarbo

ns 
54 174 

Co/N–C 453 K, 1 MPa, 2-propanol 95 (4h) Creosol 96 177 

Co/N–C 
423 K, 1 MPa N2 , 2-

propanol 
98 (4h) Creosol 85 74 

CoMo / Al2O3 573 K, 5 MPa, Dodecane 53 (4h) Guaiacol 23 175 

Mo2C 453 K, 1 MPa, Water 100 (3h) Creosol 78 63 

Pd/C 
373 K, 1 MPa, Octane- 

Water 
> 99 (3h) Creosol 94 178 

Pd/CN 343 K, 1 MPa, Water 99 (1h) Creosol 98 173 

Ru/CNT 
423 K, 1 MPa, Decalin - 

Water 
100 (3h) Creosol 96 179 

Ru/C 328 K, 1.38 MPa, Water 95 (1h) 
Vanillyl 

Alcohol 
91 160 

Au/CNT 423 K, 1 MPa, Decalin 94 (6h) Creosol 100 172 

RuCl3/TPPTS 
343 K, 4.5 MPa, Water - n-

hexane 
84 (3h) Creosol 95 176 

RuCl2(PPh3)3 
363 K, 3.3 MPa, Ethyl 

Acetate 
91 (6h) 

Vanillyl 

Alcohol 
72 70 

Ru-Based Shvo 418 K, 1 MPa, Toluene 98 (1h) 
Vanillyl 

Alcohol 
91 72 

Cu–Ni/CeO2–

SiO2 
433 K, 2.5 MPa, Water 96(12h) Creosol 82 180 

Cu3Pd@BBA–

1 
413 K, 1.0 MPa, 2-propanol 99(8h) Creosol 94 73 

CoxP@POP 423 K,4.0 MPa, 2-propanol 100(5h) Creosol 65 181 

 

2.5.2.   Solvent Effect on VL HDO Reaction   

The role of solvents in heterogeneous catalysed reactions such as VL HDO cannot be overlooked 

because possible solvent – substrate interaction, solvent – product interaction, and solvent – 

catalyst interaction can affect product selectivity and reaction rates.  In the work of Dyson et al182, 
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solvent properties which include polarity, hydrogen bond donating capability, and hydrogen bond 

accepting capability are reported to have strong influence on catalytic performance.  However, 

differences in polarity has been used in most studies to explain the changes in VL HDO 

performance under different solvents.64,75,183–186 Although, the influence of solvent polarity on 

reaction kinetics cannot be undermine, more in-depth studies are required to understand the effect 

of solvent on HDO reaction.  Isolating the effect of solvent is particularly difficult in reactions 

catalysed by supported metal catalysts because interaction between the solvent and support is also 

a possibility.  In terms of polarity, it has been established that polar solvents enhances the 

adsorption of non-polar reactants.  While in contrast, non-polar solvents enhances the adsorption 

of polar reactants.187,188   Notably, water which is a highly polar solvent and present in significant 

quantities in bio-oil, is the most common media used in past HDO studies on VL and other model 

compounds.  However, from Table 2.7 it can be seen that excellent vanillin conversion and 

selectivity toward CR were achieved in other reaction media such as n-hexane, decalin and 2-

propanol.  According to He et al.,189 the ideal solvent for the HDO reaction must: (i) be able to hold 

the reactants and intermediates in solution, (ii) dissipate heat generated from the reaction, (iii) 

dissolve and transport H2, and (iv) be stable under the processing conditions i.e. temperature, 

pressure etc.  The effect of solvents on HDO reaction of vanillin over different heterogeneous 

catalysts have been investigated under various conditions. Sulman et al.,75  evaluated VL HDO 

performance in tetrahydrofuran (THF), 2-propanol and water, the observed reaction rate increased 

with solvent polarity as follows: THF < 2-propanol < water.  An identical study by Nie et al.,64 

using water, cyclohexane, ethyl acetate and THF as solvent for VL  HDO reaction showed that VL 

conversion decreased as follows: water > cyclohexane > ethyl acetate > THF.  The findings from 

both studies conformed to the previously mentioned effect of solvent polarity, since the highest 



40 | P a g e  

 

conversion and reaction rate were observed in the most polar solvent (i.e. water).  However, most 

studies on the effect of solvent on VL HDO reaction only reported the rate of reaction in different 

solvents.  This thesis investigate the kinetics of VL HDO reaction in different solvents to gain 

better insight into changes in intrinsic parameters such as activation energy, reactants enthalpy of 

adsorption, and rate constants.    

2.6.   Heterogeneous Catalysis in HDO of Bio-oil and Model Compounds.   

Hydrodeoxygenation (HDO) of bio-oil and specific model compounds have been investigated 

using both heterogeneous and homogeneous catalysts.71, 72, 74,176  However, the former are more 

promising as catalyst for industrial applications because they are less expensive and easily 

separated from the reactants and/or products for catalyst regeneration and reuse.74,190  

Consequently, different heterogeneous catalysts have been tested in past HDO studies on bio-oils 

and related model compounds.  Heterogeneous catalysts normally contain active sites at the solid 

surface, promoters and are usually supported on inorganic porous materials.93  Materials commonly 

used as support for these catalysts include Zirconia (ZrO2), Titania (TiO2), amorphous Silica-

Alumina (SiO2-Al2O3), alumina (Al2O3), carbon (C) and zeolites.  Nonetheless, recent studies by 

Shit and co-workers suggest porous organic polymers can effectively act as support for catalysts in 

HDO reaction of VL.73,181 In general, heterogeneous HDO catalysts can be grouped into six 

classes.125 These includes: transition metal sulfides, noble or precious metals, base metals, 

transition metal phosphides/carbides/nitrides, other metal catalysts, and bifunctional catalysts.  
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2.6.1.   Transition Metal Sulfided (TMS) Catalysts 

The oldest type of heterogeneous catalyst used in HDO experiments of bio-oil are transition 

metal sulfided catalysts (TMS), they have been used for decades.40,130,191  The first application of 

this type of catalyst in bio-oil upgrading via HDO was in 1970.118  Since then, they have been used 

in many bio-oil HDO experiments.  These catalysts are widely used in the refining of petroleum 

because they have excellent hydrogenation and heteroatom removal capabilities.  Based on 

materials processed per year, TMS catalysts are the most used catalysts in the industry.125   These 

group of catalysts usually contain sulfided molybdenum on an alumina support promoted with 

either Cobalt (Co) or Nickel (Ni).  On rare occasions, base metals and promoters such as tungsten, 

phosphorous, fluorine, rhenium, rhodium, palladium and ruthenium are used.  Among HDO 

catalysts, the chemistry of Mo-based catalysts is the most understood.93, 192  Proposed mechanisms 

in the literature for deoxygenation of bio-oil on TMS catalysts include hydrodeoxygenation (HDO), 

direct deoxygenation (DDO) and decarbonylation/decarboxylation (DCO).125  However, DDO is 

the most desired mechanism because it minimises overall H2 consumption and maintain integrity 

of the aromatic rings.  In the petroleum refinery, conventional hydrotreating process involves 

reaction at moderate temperatures (473 K – 698 K) with feeding of H2 at high pressure (7–30 MPa) 

and H2S at appropriate concentrations to maintain activity of the sulfided catalyst.93,193 TMS 

catalysts are thermally stable, tolerant of most heteroatoms and their products provided they are 

appropriately sulfided.  At low temperatures and sufficient sulfur environment, sulfided 

NiMo/Al2O3 favours the HDO route.  While in contrast, sulfided CoMo/Al2O3 favours the DDO 

route at high temperature when reaction inhibition is not limiting and the reactant stream is not rich 

in hydrogen sulphide and ammonia.125  Over the last decades, TMS catalysts have been tuned to 
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optimise petroleum refining hydrotreating processes such as hydrodesulphurisation (HDS), 

hydrodenitrogenation (HDN), and hydrodeoxygenation (HDO). However, optimised TMS 

catalysts for the refining of petroleum may be unsuitable for bio-oil HDO, since bio-oil contain up 

to 500,000 ppm oxygen and petroleum feedstock contain no more than 3000 ppm oxygen.125  The 

high amount of oxygen in bio-oil can lead to rapid deactivation of the catalyst during HDO.118,194  

Besides, the water present in bio-oil potentially deactivates TMS catalyst since it encourages sulfur 

leaching.195  The addition of sulfur to maintain activity of TMS catalysts weakens the advantage of 

bio-oil as fuel with low sulfur content.  Moreover, the conventional support (i.e. ɣ-alumina) used 

in TMS catalysts promotes coking which causes deactivation.  Losses in activity of TMS catalysts 

under conditions used for HDO have also been linked to compositional changes in the support to a 

new compound called boehmite.196, 197  As a result of the documented drawbacks in TMS catalysts, 

alternative catalysts for HDO gained attention over the years.  

2.6.2.    Noble or Precious Metal Catalysts  

Supported noble metal catalysts (e.g., Pt, Pd, Rh and Ru) are promising alternative catalyst for 

HDO because they are renowned for their excellent hydrogenation capabilities even at low 

temperatures.198, 199  In contrast to TMS catalysts which degrade and deactivate during HDO 

processes, supported noble metal catalysts do not require co-feeding with a sulfur source and are 

less susceptible to deactivation by water.  Hence, this group of catalysts have great potential to 

exhibit longer lifetimes and yield better HDO performance.125  Historically, supported noble metal 

catalysts were used in APR processes to convert polyols and sugars to syngas, light alkanes, 

hydrogen, and monofunctional compounds.85 However, most of the studies on efficacy of 

supported noble metal catalysts for HDO reaction have been carried out using model compounds 
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of bio-oil.93  Table 2.8 summarises the findings from recent studies on bio-oil model compounds 

upgrading via HDO over supported noble metal catalysts.  Among the noble metals, Ru catalysts 

have been used in majority of the previous HDO studies on vanillin (VL) the model compound of 

interest in this research project.71,72,160  However, the few studies on VL HDO reactions over 

supported Pd based catalysts showed excellent conversion of 99% or more and selectivity to the 

desired deoxygenated product creosol greater than or equal to 94%.74,173  Despite the promising 

prospect of Ru catalysts in HDO reactions, other noble metals with great potential such as Pd need 

to be tested more thoroughly.  From results on model compounds past HDO studies displayed in 

Table 2.8, it is clear that Pt-based catalysts demonstrates the least effective performance. 

Interestingly, this conclusion conflicts findings from past HDO studies on the whole bio-oil.  Bio-

oils from different feedstocks were used by Elkasabi et al., 109   to compare the HDO performance 

of Pt/C, Ru/C and Pd/C at 593 K under 14.5 MPa pressure.  The optimal catalyst in terms of 

deoxygenation efficiency, H2 consumed and upgraded compounds was Pt/C.  Conversely, HDO 

screening test by Wildschut et al.,200 among Ru/C, Ru/TiO2, Ru/Al2O3, Pt/C, and Pd/C at 523 K 

and 623 K under 10 MPa and 20 MPa using beech wood fast pyrolysis oil showed that Ru/C is the 

optimal catalyst in terms of oil yield and extent of deoxygenation.  Ardiyanti et al., 201 compared 

the HDO performance of zirconia supported monometallic and bimetallic catalysts of Pd, Rh and 

Pt in a batch reactor using fast pyrolysis oil from pinewood.  The upgraded bio-oil from Rh/ZrO2 

catalysed HDO reaction had the lowest thermogravimetric (TG) residue and consequently emerged 

as the most suitable co-feed to existing oil refineries.  However, based on activity which was 

measured as the ratio of H2 uptake to product of the metal intake and reaction time, Pd/ZrO2 catalyst 

demonstrated superior performance.  On the basis of conclusions from the different screening tests 

in past HDO studies, the performance of noble metal catalysts seems to be affected by the 
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feedstocks from which bio-oils are derived.115  Furthermore, the observed differences in conclusion 

on optimal noble metal catalyst for HDO reaction highlights potential drawbacks in findings from 

model compound studies. 
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Table 2.8. Summary of recent HDO studies on model compounds of Bio-oil over supported noble metal catalysts.125 

Catalyst 

Catalyst 

Loading 

(wt %) 

SBET 

(m2/g) 

Model 

Compound 

Reaction 

Conditions 
Main Product(s) 

Conversion 

(%) 

Reaction 

Pathway 

Pd/C 5 845 
2-methoxy-4-n-

propylphenol 

H3PO4-H2O, 

523 K,5 MPa 

H2 

n-Propylcyclohexane 100 HDO 

Pd/C 5 845 Phenol 

H2O, 

473 K,5 MPa 

H2 

Cyclohexanol 100 HYD 

Pd/C 5 845 

Phenol 

H3PO4-H2O, 

523 K,5 MPa 

H2 

Cyclohexane 100 HDO 

4-n-Propylphenol n-Propylcyclohexane 100 HDO 

Catechol Cyclohexane 100 HDO 

4-Methyl-2-

methoxyphenol 
Methylcyclohexane 100 HDO 

4-Ethyl-2-

methoxyphenol 
Ethylcyclohexane 100 HDO 

4-Propyl-2-

methoxyphenol 
Propylcyclohexane 100 HDO 

4-(2-Propenyl)-

2,6-

dimethoxyphenol 

Propylcyclohexane 92 HDO 

Ru/C 7.8 - Guaiacol 

H2O, 473 

K,13.8 MPa 

H2 

2-

Methoxycyclohexanol 
100 HYD,DDO 

H2O, 523 

K,13.8 MPa 

H2 

Cyclohexane 100 HDO 

H2O, 573 

K,13.8 MPa 

H2 

Phenol, cresols 100 DMO,MT 
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Table 2.8. (Cont.) 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Catalyst 

Catalyst 

Loading 

(wt %) 

SBET 

(m2/g) 

Model 

Compound 

Reaction 

Conditions 
Main Product(s) 

Conversion 

(%) 

Reaction 

Pathway 

Pd/C 3 - Guaiacol 

H2O, 473 K,13.8 

MPa H2 

2-

Methoxycyclohexanol 
66 HYD,DDO 

H2O, 573 K,13.8 

MPa H2 
Cyclohexane 99 HDO 

Rh/ZrO2 0.39 20 Guaiacol 

n-hexadecane,373 

K,8 MPa H2 

1-Methyl-1,2-

cyclohexanediol 
99 HYD,MT 

n-hexadecane,573 

K,8 MPa H2 
Benzene 100 DDO,DMO 

RhPt/ZrO2 
0.25Rh 

0.25Pt 
23 Guaiacol 

n-hexadecane,373 

K,8 MPa H2 

1-Methyl-1,2-

cyclohexanediol 
99 MT,HYD 

n-hexadecane,573 

K,8 MPa H2 
Benzene 100 DDO, DMO 

Rh/ZrO2 3 4.72 

Guaiacol 
n-Decane,523 K, 4 

MPa H2 

2-

Methoxycyclohexanol 
95 HYD 

Rh/ZrO2+ 

SiO2-

Al2O3 

3 4.72 

2-

Methoxycyclohexanol, 

cyclohexane 

38 HYD,HDO 

Rh/ SiO2-

Al2O3 
3 569 Cyclohexane 57 HDO 

Rh/C 3 238 

2-

Methoxycyclohexanol, 

cyclohexane 

68 HYD,HDO 

Rh/Al2O3 3 122 

2-

Methoxycyclohexanol, 

cyclohexane 

43 HYD,HDO,DMO 
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Table 2.8. (Cont.) 
 

Catalyst 

Catalyst 

Loading 

(wt %) 

SBET 

(m2/g) 

Model 

Compound 
Reaction Conditions Main Product(s) 

Conversion 

(%) 

Reaction 

Pathway 

Ru/C 5.7 730 p-cresol 
CH3COOH-H20, 573 

K, 4.8 MPa H2 
Methylcyclohexane 67 HDO 

Rh/ZrO2 1 6.6 Guaiacol 

n-Tetradecane,673 K, 

5 MPa H2 

Cyclohexane 100 HDO 

PtRh/ZrO2 
1Rh 

1Pt 
7.0 Guaiacol 2-Methoxycyclohexanol 100 HYD 

PdRh/ZrO2 
1Rh 

1Pd 
5.9 Guaiacol 2-Methoxycyclohexanol 100 HYD 

Pt/Al2O3 1.7 87 m-cresol 

533 K,50.5 kPa H2 
Toluene, 

Methylcyclohexane 
38 DDO,HDO 

533 K,0.10 MPa H2 
Toluene, 

Methylcyclohexane 
74 DDO,HDO 

Pt/Al2O3 1.6 

87 m-cresol 533 K,50.5 kPa H2 

Toluene, 

Methylcyclohexane 
38 

DDO,HDO PtCo/Al2O3 
1.3 Pt 

4.3Co 

Methylcyclohexane, 

toluene 
57 

PtNi/Al2O3 
1.5 Pt 

4.9Ni 

Methylcyclohexane, 

toluene 
63 

Pt/Al2O3 1 206 

Anisole 

573 K, 42 kPa H2 

Phenol, cresols 7 

DME, MT 4-

Methylanisole 
Cresols 6 

Pt/Al2O3 1 206 Guaiacol Phenol, Catechol 8 DDO, DME 

Pt/MgO 1 100 Guaiacol Phenol, Catechol 8 DDO, DME 

Pt/HBEA 
1 

710 Anisole 673 K,0.10 MPa H2 
Benzene, toluene, 

xylenes 
30 

DME, MT, 

DDO 0.2 
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Generally, the yield of hydrocarbon and deoxygenation level seems to be better in HDO 

reactions catalysed by noble metals.  Wildschut et al., 200 compared the performance of 

supported Ru, Pd, and Pt catalysts against conventional TMS catalysts (i.e. NiMo/Al2O3 and 

CoMo/Al2O3) using actual bio-oil.  In terms of oil yield and degree of deoxygenation, Pd/C and 

Ru/C catalysts performed better than conventional TMS catalysts at the two conditions 

considered.  In addition to the superior HDO performance, operational issues such as reactor 

plugging and deactivation as a result of excess coking are less likely when noble metal catalysts 

are used since operation at high temperatures is no longer a necessity.93, 118  HDO reaction over 

supported noble metal catalysts proceed through the mechanisms shown in Figure 2.11a and 

2.11b.  

 

 

 

 

 

Fig. 2.11. Mechanisms for HDO reaction over supported noble metal catalysts.155 

Figure 2.11a represents the mechanism for HDO reaction over noble metal catalysts on non-

reducible metal oxide supports.  It involves adsorption and activation of H2 on sites of the noble 

metal, while the oxygenated compounds becomes adsorbed and activated on either sites of the 

noble metal or at the metal-support interface.202, 203  Intermediates of the adsorbed oxygenated 

compounds will then react with spilled over H atoms, resulting in scission of C–O bond and 

subsequently formation of water and deoxygenated products.  Conversely, the mechanism for 

HDO reaction over noble metal catalysts on reducible metal oxide supports such as MoO3, WO3, 
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Fe2O3 and SnO2 described in Figure 2.11b involves reaction of H2 with lattice oxygen to create 

oxygen vacancies which are then refilled by oxygen from the oxygenated compounds.  Through 

cleavage of C–O bonds in the intermediate species the final products are formed.155, 204  In 

common both mechanisms followed a hydrogenation-dehydration-hydrogenation sequence. 

Thus indicates that HDO reaction over supported noble metal catalysts usually requires a site 

for hydrogenation and another site for dehydration.125  In contrast, HDO studies on model 

compounds using TMS catalysts often favours direct deoxygenation.  Thereby suggesting that 

H2 consumption may be higher in HDO reactions catalysed by noble metals.93, 118  The use of 

noble metal catalysts on industrial scale has been severely hampered by price and availability. 

Besides, they are prone to deactivation through sintering and particularly poisoning by 

substances (e.g., sulfur and nitrogen) present in bio-oil.115, 155   Most of the concerns on 

suitability of noble metal catalysts for HDO reaction are insignificant in model compound 

studies since contamination by foreign substances and coking are less likely to occur. 

Undoubtedly despite the potential drawbacks in the use of noble metal catalysts, they remain 

the leading candidates for HDO reaction.64 

2.6.3.     Base or Non-Precious Metal catalysts   

Non-sulfided base metals (e.g., Ni, Cu, Fe and their alloys) are another attractive group of 

catalysts for HDO reactions.  These group of catalysts are relatively cheap and have 

demonstrated excellent catalytic activity.  As a result, they are perceived as promising substitute 

to TMS and noble metal catalysts.205  Cheng et al.,31  investigated HDO activity of monometallic 

(Ni) and bimetallic (Ni doped with Fe, Mo and Cu) catalysts supported on activated carbon 

using prairie cordgrass bio-oil under mild operating conditions of 3.47 MPag and 623 K.  The 

results showed that all the catalysts significantly improved the bio-oil physicochemical 

properties (i.e. chemical composition, HHV, pH, O2 and H2O content).  However, upgraded 
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bio-oil from the Ni/AC catalysed reaction contained the highest fraction of gasoline range 

hydrocarbons.  Notably the reactions with bimetallic catalysts produced upgraded bio-oils rich 

in alkyl-phenols, with upgraded bio-oil from the NiMo/AC catalysed reaction containing the 

highest amount of alkyl-phenols.  Furthermore, it was found that the addition of a second metal 

reduced the amount of coke formed and increased activity of the catalyst.31  The HDO efficacy 

of monometallic (Ni and Cu) and bimetallic (Ni doped in Cu) catalysts supported on δ-Al2O3 

were compared to commercial Ru/C catalyst by Ardiyanti et al.206  It was found that the 

bimetallic NixCuy/ δ-Al2O3 catalyst outperformed monometallic Ni/ δ-Al2O3 and Cu/ δ-Al2O3 

catalysts.  However, activity of the best bimetallic (i.e., Ni16Cu2/ δ-Al2O3) catalyst was still less 

than the benchmark commercial Ru/C catalyst.  Interestingly, findings from the study supported 

Cheng et al., 31 claim that addition of a second metal increases resistance to coking.  As it 

showed that the bimetallic catalyst with maximum nickel loading (16 wt %) experienced the 

least amount of leaching and coking.  In a parallel study of three bio-oil model compounds (i.e., 

furfuryl, alcohol, benzene alcohol and ethyloenanthate) and actual bio-oil HDO reactions over 

NiFe/ ɣ-Al2O3 by Leng et al.207   excellent conversions and yields were achieved from the model 

studies.  Notably the conversions achieved were higher than those achieved under rival HDO 

catalysts which includes sulfided CoMo, Ru-based and Cu-based.  In addition, the heating value 

of the bio-oil increased from 37.8 MJ/kg to 43.9 MJ/kg and the pH changed from 6.65 to 7.50. 

These results from Leng et al., 207 studies reinforces the potential of bifunctional base metals as 

catalysts for bio-oil and model compounds HDO reaction.  According to the literature, 208, 209 

properties of bimetallic catalysts are different from monometallic counterparts because of the 

following reasons:  

 Dilution effect: The presence of a second metal changes the geometry or dilutes the 

active metal site (ensemble).  
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  Ligand or electronic effect: The presence of a second metal changes the active metal 

site electronic configuration through transfer of electron.  

  Stabilisation effect: The presence of a second metal stabilises the metal active sites 

by preventing sintering and coke formation.  

 Synergistic effect: The different metals participate in the catalytic process by 

stabilizing the transition state via chemical bonding.   

 Bi-functional effect:  Both metals catalyse different reactions e.g. one metal facilitate 

hydrogenation reaction and the other metal catalyse hydrogenolysis reaction.  

From the above listed reasons, it is clear that structural properties of bimetallic catalysts 

strongly influence their catalytic properties.  Most bimetallic catalysts contain an oxophilic 

metal (i.e. Co, Cr, Fe, W, Mo, and Re) which modifies the hydrogenating metal (i.e. Ni, Pt, Pd, 

and Rh).   Figure 2.12 depicts proposed mechanism in the literature 208 for HDO reaction over 

bimetallic catalyst.  

                                  

Fig. 2.12. Mechanism for HDO reaction over bimetallic catalysts.208  

The mechanism for HDO reaction over bimetallic catalyst presented in Figure 2.12 shows 

that the hydrogenating metal provides hydrogen, while the oxophilic metal strongly binds the 
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model oxygenate to the surface through the oxygen functionality.  As a result, C–O scission 

occurs easily and new pathways unavailable on a monometallic catalyst are probably created.  

Yang et al., 177 investigated the effectiveness of low cost nitrogen-doped carbon encapsulated 

Cobalt catalyst for vanillin HDO reaction at 453 K for 4 h in the presence of formic acid as a 

redundant.  Excellent conversion and selectivity toward the deoxygenated product creosol was 

achieved.  Despite the promising potential of base metal catalysts, they are not as active as 

noble metals.  Hence, longer reaction times, higher catalyst loading and temperatures are 

required to use base metals as HDO catalyst.  Besides, they deactivate easily under acidic 

environment which is typical of real bio-oils.31, 147 As a result of these drawbacks, transition 

metal phosphides, carbides and nitrides received attention as alternatives to base metal 

catalysts.  

2.6.4.     Transition Metal Phosphides/Nitrides and Carbides  

Over the last decade, transition metal phosphides (TMPs) have gained attention as low cost, 

readily available and environmentally friendly source of catalysts for bio-oil HDO reaction. 

This attention stems from proven history of iron, cobalt, nickel, molybdenum and tungsten 

phosphides as active catalysts for HDN and HDS reactions.93,130,210 Whiffen et al.,211 

investigated the performance of unsupported molybdenum phosphides (MoP), oxides (MoOx), 

and sulfides (MoS2) catalysts in HDO of a bio-model compound p-cresol.  MoP emerged as the 

best in terms of activity and selectivity toward hydrogenated products.  However, in the work 

of Li et al., 26 on deoxygenation of anisole over Ni2P/SiO2, MoP/SiO2, and NixMoyP/SiO2 

catalyst, Ni2P was the most active phase.  Zhao et al., 212 probed the HDO of guaiacol over 

Ni2P/SiO2, Fe2P/SiO2, MoP/SiO2, Co2P/ SiO2, WP/ SiO2, Pd/ Al2O3 and CoMoS/Al2O3 catalyst. 

Interestingly, the superior active phase was again Ni2P. It is believed that the superior activity 

and selectivity of Ni2P was down to the inherent properties (i.e., ligand effect and electron 
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density) and crystal structure (i.e., type of surface sites).125   Figure 2.13 represents the proposed 

mechanism in the literature for HDO reaction over TMP catalysts. 

 

Fig. 2.13. Mechanism for HDO reaction over TMP catalysts.155 

Despite the promising potential of TMPs as catalyst for HDO reaction, they are not very 

stable under the typical condition for HDO.125  Under this condition, they are oxidised by the 

water present in bio-oil into a phosphate group, this group adheres strongly to the active sites 

and thereby leads to deactivation.  Other peculiar problems with noble metal and TMS catalysts 

such as leaching and sintering have been reported for TMPs under conditions that are not even 

representative of real bio-oil HDO.125  Transition metal carbides (TMCs) and nitrides (TMNs) 

have recently gained attention as catalysts for HDO because they demonstrated noble metal like 

property and activity.213  HDO of anisole over molybdenum carbide (Mo2C) in the vapor phase 

was investigated by Lee et al.,214 at 420 K – 520 K under ambient pressure, 90% selectivity 

toward benzene and less than 9% selectivity toward cyclohexane was achieved.  Lu et al., 215 

conducted a parallel study using Mo2C and tungsten carbide (W2C) at 423 K – 443 K, the highest 

benzene selectivity of 96% to date was achieved when the anisole HDO reaction was catalysed 

by W2C.  He et al., 63 investigated the reusability and HDO activity of Mo2C at 373 K, 2.0 MPa 

and 3 h in a batch reactor using vanillin.  The results showed excellent yield of creosol and 

conversion, thereby indicating that Mo2C catalyst exhibited good resistance against 

deactivation.  The HDO performance of different molybdenum nitride catalysts were 
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investigated by Ghampson et al.,7 using guaiacol at 573 K and 5 MPa in a batch reactor.  Mo2N 

emerged as the most active among the tested molybdenum nitride catalysts.  Although, 

transition metal nitrides and carbides have shown excellent potential as catalysts for individual 

model compound HDO reactions.  They have not been sufficiently tested in real bio-oil 

environment and HDO condition to ascertain their effectiveness.  In general the major 

challenges to commercial viability of these new group of catalysts include: scalable and 

reproducible synthesis method, understanding the active sites and composition of the surfaces 

under reaction conditions.125, 210,213  

2.6.5.   Other Catalysts 

Recently the HDO performance of amorphous catalysts (e.g. Ni–Mo–B, Co–Mo–B, Co–Ni–

Mo–B, Ni–W–P–B etc.,) renowned for high concentration of coordinated unsaturated sites and 

unique isotropic property were investigated by Wang et al., 216 using bio-oil model compounds. 

Notably these catalysts demonstrated high catalytic activity and deoxygenation rates.  However, 

more tuning in compositional ratio of these catalysts are required to further improve their 

stability and activity.115, 217  

2.7.   Challenges to Bio-oil Upgrading via HDO    

2.7.1.   Catalyst Deactivation 

Catalyst deactivation is one of the most challenging issues hindering continuous upgrading 

of bio-oil via HDO.93, 117,125,130  The different mechanisms responsible for deactivation are 

illustrated in Figure 2.14.  Notably, the formation of coke on catalyst surfaces as a result of 

polymerisation and polycondensation reaction is widely perceived as the leading cause of 

deactivation.20,115  Coke formed on the surface of catalysts deny reactants access into the active 

sites, this translates to reduced activity over time.80  The acidity of catalyst has been heavily 
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linked to severe deactivation, with catalysts on highly acidic alumina support deactivating faster 

than those on inert materials (i.e. carbon, silica, e.t.c.).40  Nonetheless, presence of acidic sites 

on the catalyst surface is a pre-requisite for good activity.  Polyaromatic species with more than 

two oxygen atoms such as vanillin, guaiacol, eugenol, etc., present in bio-oil promotes coking 

because they easily polymerise under typical HDO condition.147, 195,218   

 

Fig. 2.14. Mechanisms for Catalyst Deactivation in Bio-Oil HDO treatment.117 

The invention of integrated HDO systems have proved effective in reducing coking issues 

from polyaromatic species.  A 2-stage HDO treatment was operated for up to 700 h under single 

catalyst loading for the first time in 2012, while in 2013 the runtime was extended to 1440 h 

through a 3-stage treatment.68  As noted in Section 2.5, high temperature and hydrogen gas 

pressure are required to achieve excellent deoxygenation.  However, increase in the reaction 

temperature escalates the amount of coke formed.  Fortunately, noble metal catalysts have 

proven useful in permitting HDO operation at moderate to low temperatures.  The requirement 
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of high hydrogen gas pressure normally raises concerns of cost and safety.  But high H2 gas 

pressure help prevents coke formation through hydrogenation of carbon precursors.  Some 

researchers suggested using steam or aqueous phase reforming to meet the high hydrogen gas 

demand.130  Other considerations involve the use of hydrogen donating solvents such as tetralin, 

cyclohexane, 1-butanol, etc., to minimise the amount of fresh hydrogen gas required for HDO 

reaction.  Lee et al., 219 highlighted the important roles hydrogen donating solvents play in 

minimising catalyst deactivation during bio-oil HDO.  Controlled addition of hydrogen as the 

reaction temperature increases using multi-port injections have also been explored.68  Clearly 

significant efforts have been made to minimise catalyst deactivation and develop more 

promising catalyst for HDO reaction.  

2.7.2   Modelling HDO Reaction Kinetics 

The mandatory requirement for the design of any process that involves multiple reaction 

pathways is excellent knowledge of the overall reaction kinetics.  Having such knowledge is 

particularly important to control the reactions occurring and maximise selectivity toward the 

desired product.  Consequently, developing an accurate kinetic model is critical to the 

commercial viability of bio-oil upgrade through HDO.  The task of developing kinetic model 

for bio-oil HDO reaction has been difficult because of the complex nature of bio-oils.93, 125   

Most of the developed kinetic expressions describing HDO reactions are for specific model 

compounds, and they are often based on Langmuir – Hinshelwood – Hougen – Watson 

(LHHW) kinetic models.160, 220–225 Bindwal et al., 160,221 used LHHW models to describe the 

HDO reaction of vanillin and levoglucosan over Ru/C catalyst at mild operating conditions. 

However, Sulman et al75.used a different approach based on fundamental mass balances to 

develop kinetic models for vanillin HDO reaction over Pt/C catalyst in different solvent at 353 

K to 473 K under 3 MPa hydrogen gas pressure.  Nie et al., 222 successfully used the LHHW 
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model to investigate the mechanism of m-cresol vapour phase HDO reaction over Pt/SiO2 

catalyst at 573 K.  In contrast, Bykova et al., 226 employed fundamental mass balances to 

describe the kinetics of guaiacol HDO reaction over Ni–Cu/SiO2–ZrO2–La2O3 at 553 K to 633 

K under 17 MPa.  Despite the long history of successful modelling of different oxygenated 

compounds HDO reaction kinetics, these models may not be adequate in describing the kinetics 

of real bio-oil HDO reaction because they fail to consider interactions with other compounds. 

Moreover, the interaction between the studied model compounds and surface of the catalysts 

may change when surrounded by other model compounds.  Besides, the relative adsorption of 

non-model compounds may alter the rate of adsorption of model compounds onto the catalyst 

surface and lead to different reaction rates.  Based on the identified shortcomings of models 

developed for specific model compounds, lumped expressions were developed to describe bio-

oil HDO reaction kinetic. HDO reaction kinetics of pine bio-oil over Pt/Al2O3/SiO2, 

CoMoS2/Al2O3 and NiMoS2/Al2O3 catalysts in a packed bed was modelled on the basis of 

equation 2.8 by Sheu et al.227   

                                                 −
dwoxy

dZ
= k wm

oxyPn                                   (2.8)  

where woxy is the ratio of oxygen mass in the product to the oxygen mass in bio-oil, Z is the 

axial position in the reactor, k is the rate constant, P is the total hydrogen pressure, m is the 

order of reaction for oxygen, and n is the order of reaction for the system total pressure. 

However, the assumption of general first order dependence on woxy was perceived as rough by 

other researchers.  The model also received heavy criticism for using mass related concentration 

and axial position of the reactor since this non-fundamental form makes it specific to the system 

used.  These assumptions therefore raised concern on possibility of correlating the result with 

other systems.125, 130   Su Ping et al., 228 used similar approach as Sheu et al., 227 to describe the 

kinetics of bio-oil HDO reaction over CoMoS2/Al2O3 at temperatures between 633 K and 663 
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K.  However, Su Ping et al., 228 assumed dependence on pressure was low and therefore omitted 

the term for pressure in the expression used to model the kinetic of bio-oil HDO reaction.  Zhang 

et al., 229 also successfully demonstrated the fit of a four lumped species kinetic model 

containing five rate constants to bio-oil HDO reaction experimental data.  However, these 

models are all flawed because they do not consider every possible reactions that occurred during 

bio-oil HDO reaction.  Of course given the complexity of bio-oil this is extremely difficult to 

achieve. LHHW models which have been successfully used to model the kinetics of specific 

model compounds remains the most promising approach.  The kinetics of aqueous phase 

hydrogenation of levoglucosan was described in the work of Bindwal et al., 221 through single 

site LHHW kinetic model assuming surface reaction as the rate determining step and 

competitive adsorption of dissociatively chemisorbed H2 and levoglucosan.  Interestingly, the 

same assumptions were used in the work of Jain et al., 225 to successfully describe the kinetics 

of aqueous phase hydrogenation of other model substrates of bio-oil such as xylenols and maltol 

via single site LHHW kinetic model.  While in the work of Chen et al., 223 the kinetics of 

hydrogenation reactions of lactic acid, propanoic acid and their mixtures were described using 

dual site LHHW kinetic models assuming surface reaction as the rate determining step and non-

competitive adsorption between dissociatively chemisorbed H2 and the acids.  Despite the 

success in past studies on kinetic modelling of specific model compound hydrogenation 

reactions, more studies on mixtures reflective of the functional groups present in bio-oils are 

required.  Besides, mixture studies are normally used in the industry to describe the kinetics of 

conventional hydrotreating processes (i.e. HDS and hydrocracking).130  
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2.8.   Chapter Summary    

It has become increasingly important to explore alternative renewable and sustainable energy 

sources because future global energy demand is increasing, capacity of fossil reserves are on a 

rapid decline and awareness of the negative implication fossil fuels consumption has on the 

environment is quickly growing.  Bio-oils produced from plant biomass through fast pyrolysis 

are the only renewable and sustainable liquid hydrocarbon fuels that can be used directly in 

existing infrastructures.  However, when compared to convention fuel such as crude oil, bio-oil 

contain significant amount of oxygen and water content. Consequently, bio-oils have 

undesirable properties such as high acidity, high viscosity, low energy density etc. that must be 

removed before they can function effectively as fuel and valuable chemical feedstock to other 

processes.  The preferred technology for upgrading bio-oil properties is hydrodeoxygenation 

(HDO). But HDO remains far from industrial application because of the following challenges:  

i) Rapid deactivation of catalyst, ii) Source of hydrogen to meet the high pressure requirement, 

and iii) Lack of models to accurately describe HDO reaction kinetics.  

The complexity of bio-oil has compelled HDO studies at research scale to specific model 

compounds, especially lignin derived phenolics such as guaiacols, cresols and anisole.  These 

studies proved useful in understanding mechanism of HDO reaction in some of the functional 

groups present in bio-oil.  Additionally, the desired features for HDO catalysts were established 

from these studies.  However, given the vast number of compounds present in bio-oils, less 

investigated compounds such as vanillin, eugenol, syringol etc. must be used as representative 

model of bio-oil to expand the knowledge base on HDO reaction of the actual bio-oil.  To date 

catalysts that have been used to study bio-oil and representative model compounds HDO 

reaction include sulfided transition metal (TMS), noble metals, base metals, transition metal 

phosphides (TMPs), transition metal nitrides (TMNs), transition metal carbides (TMCs), 
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bifunctional and amorphous catalyst.  Nonetheless, these catalysts suffered from one or more 

defects that must be improved before they can be applied on industrial scale.  Hence, catalyst 

design continues to be an area of strong research interest in the development of HDO process. 

The deposition of carbon on the surface of catalysts (i.e. coking) has been confirmed as the 

primary source of deactivation.  Different HDO studies have shown that catalyst acidity and 

operating conditions are strongly responsible for coking.  However, excellent activity cannot 

be achieved without sufficient acid sites on the catalyst.  Hence, a mandatory requirement in 

the design of catalyst for HDO is to maintain balanced acidic level.  The evolution of noble 

metals as catalyst for HDO is particularly promising because it eliminates high temperature 

operation, and consequently reduce the problem of coking.  In addition, meeting the high 

pressure requirement for HDO looks more feasible with options of hydrogen donating solvent 

as reaction medium and aqueous phase reforming to supply fresh hydrogen.  The kinetics of 

specific model compounds of bio-oil HDO reaction were successfully described by Langmuir 

– Hinshelwood – Hougen – Watson (LHHW) models.  Furthermore, lumped expressions have 

been used to model the kinetics of bio-oil HDO reaction in the past.  However, developed 

models are flawed because of the underlying assumptions.  These assumptions make developed 

models either compound or system specific. LLHW models that have been successfully used 

to describe the kinetics of specific model compound HDO reaction are the most promising. 

Nonetheless, their application must be extended to complex system mimicking real bio-oil.  
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Chapter 3 

Materials and Methods. 

3.1.   Introduction 

The specific objective of the present chapter is to describe the experimental procedures and 

analytical methods used in the research studies conducted. Information on purity and suppliers 

of the materials which include catalysts, supports, and chemicals used in the various 

experiments performed are presented in Section 3.2.  While Section 3.3 provides detail 

information on the rig used to conduct the experiments as well as the procedures employed. 

The final section summarises the analytical methods employed and highlights the working 

principles of the various tools used. 

3.2.   Materials 

The percentage purity and supplier of the gases, supports and chemicals used in the 

experiments conducted are presented in Table 3.1.  It is worth mentioning that chemicals and 

gases were used as received from the suppliers.  However, commercial catalysts which include 

5 wt % and 10 wt % Pd/C (supplier: Alfar Aesar), 5 wt % Pt/C (supplier: Sigma-Aldrich), 5 wt 

% Pd/Al2O3 (supplier: Johnson-Matthey), 2 wt % Pd/Al2O3 (supplier: Johnson-Matthey), 5 wt 

% Rh/Al2O3 (supplier: Johnson-Matthey), and 5 wt % Pt/SiO2 (supplier: Johnson-Matthey) were 

crushed and sieved to particle size ≤ 90 µm before use in experiments.  Likewise, the 

synthesised bimetallic PdRh/Al2O3 catalyst particles were crushed and sieved to particle size ≤ 

90 µm before using them.  
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Table 3.1.  List of Suppliers and Purity for Gases, Chemicals and Commercial Supports 

Powder.   

Items Supplier Purity (%) 

Gases   

Hydrogen(H2) BOC,UK 99.9 

Nitrogen(N2) BOC,UK 99.9 

Chemicals   

Ethyl Acetate (solvent) Fischer Scientific,UK 99.9 

Toluene (solvent) Fischer Scientific,UK 99.9 

2-Propanol (solvent) Sigma-Aldrich,UK 99.9 

Tetrahydrofuran (solvent) Sigma-Aldrich,UK 99.9 

Water (solvent) Fischer Scientific,UK 99.9 

Cyclohexane (solvent) Fischer Scientific,UK 99.9 

Methanol (solvent) Fischer Scientific,UK 99.9 

PdCl2 solution (5 wt % in 10 wt % HCl) Alfa Aesar,UK 99.9 

Vanillin (GC standard/reactant) Sigma-Aldrich,UK 99.0 

Acetic Acid (GC standard) Sigma-Aldrich,UK 99.0 

Guaiacol (GC standard) Sigma-Aldrich,UK 99.0 

Vanillyl Alcohol (GC standard) Sigma-Aldrich,UK 99.0 

Creosol (GC standard) Sigma-Aldrich,UK 99.0 

Supports   

Activated Carbon (C) Sigma-Aldrich,UK n/a 

Silica (SiO2) Alfa Aesar, UK n/a 

Alumina (ꓬ-Al2O3) Alfa Aesar, UK n/a 

3.3.   Experimental Set-Up  

A schematic of the rig used to perform all the experiments reported in this thesis is presented 

in Figure 3.1.  It shows that the rig contained a 100 ml batch autoclave reactor made of stainless 

steel, an electric heating jacket, a mechanical stirrer, and ports for liquid product sampling and 

venting of gases.  According to the operating manual provided by the manufacturer of the 

autoclave reactor, Parr, the maximum permissible temperature and pressure for safe operation 
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of the reactor is 648 K and 10 MPa.  In addition, the reactor was accompanied by a Parr 4848 

controller to control the reaction temperature and speed of agitation.  The specification of the 

temperature control loop is presented in Table 3.2.  The temperature control loop was applied 

to heat and maintain the reaction temperature, while at the end of reaction the reactor was cooled 

rapidly through an ice bath.  Direct measurement of the actual temperature in the reactor was 

aided by a Type J thermocouple with uncertainty of ±2 K.  While the pressure within the reactor 

was monitored through a pressure gauge with uncertainty of ±0.1 MPa.  

 

Fig. 3.1. Schematic of the rig used to conduct vanillin (VL) hydrodeoxygenation (HDO) 

experiments. 

Table 3.2.  Heating Loop Specification.   

Parameters Heating Loop Units 

Proportional Band 285 K 

Integral Time 375 sec 

Derivative 93 K/sec 

Cycle Time 20 sec 
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3.3.1.   Standard Procedure  

The step by step procedure employed to set up the experiments reported in this work include:  

1. Filling of the autoclave with pre-determined amount of solvent, catalyst and vanillin; 

2. Sealing of the autoclave and flushing with nitrogen gas three times to create an inert 

atmosphere for the impending reaction; 

3. Heating of the autoclave content gently under slow stirring rate of 150 rpm until the 

desired reaction temperature was achieved; 

4. Addition of hydrogen gas to pressurise the autoclave content to the target value;  

5. Ramping of the stirring rate from 150 rpm to the desired value of 1000 rpm.  

It is worth mentioning that the point at which hydrogen gas was added to the autoclave 

represented the beginning of each experiment, and sample collected at this point denotes the 

initial concentration of vanillin.  The end of each reaction was marked by the point at which the 

stirrer was stopped and the electric heating jacket was removed from the autoclave.  At the end 

of each reaction, an ice bath was used to rapidly cool down the autoclave.  The desired agitation 

speed of 1000 rpm used in the experiments eliminate external mass transfer resistances.  This 

was established by conducting the experiments under different speed of agitation.  As expected, 

findings from the literature75, 160,221 was used to develop the standard procedure employed in 

this work.    

3.3.2.   Preparation of Bimetallic PdRh/Al2O3 Catalyst 

This section summarises the step by step procedure followed to ensure successful 

impregnation of Pd metals into a commercial 5 wt % Rh/Al2O3 catalyst.  A technique commonly 

reported in the literature for synthesising heterogeneous catalysts known as incipient wetness 

impregnation method was used to prepare the bimetallic PdRh/Al2O3 catalyst.26, 74,230,231   In 
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order to prepare the metal precursor solution, 10.0 g of PdCl2 solution was dissolved in 30ml 

of the impregnating solvent which is methanol.  Subsequently 10.0 g of the commercial catalyst 

was added to the impregnating Pd metal solution under vigorous stirring using a magnetic stirrer 

to ensure the formation of a homogeneous mixture.  The mixture was left under stirring for 

another 4 h and then dried overnight under atmospheric condition in the fume cupboard.  In 

order to completely drive off volatile components, prior to calcination the resultant solid was 

further dried for a duration of 2 h in an oven set at 358 K.  Finally, the solid was crushed and 

calcined at 773 K for 4 h to ensure deposition of the metals on the catalyst surface and remove 

any contaminant left.  The calcination was conducted under static air in a quartz tube with the 

heating rate set at 5 K/min. 

3.3.3.   Experimental Procedure for Blank Investigation 

In order to discern the role of support and non-catalytic effect in vanillin hydrodeoxygenation 

reaction, blank experiments were performed under no catalyst, activated carbon (C) support, 

alumina (Al2O3) support, and silica (SiO2) support.  These experiments were conducted at 

temperature of 338 K, hydrogen gas partial pressure of 2.0 MPa, agitation speed of 1000 rpm, 

feed vanillin concentration of 263 mM, 3.4 kg/m3 support loading (mass of support in kg per 

unit volume of solvent in m3), and batch time of 1 h with ethyl acetate as the solvent.  The step 

by step process described in Section 3.3.1 was used to set up each of the experiments.  It is 

worth mentioning that the feed concentration of vanillin selected for the blank experiment was 

driven by the desired operating condition.  

3.3.4.   Experimental Procedure for Catalyst Screening 

In order to establish the hydrogen consumption during vanillin HDO reaction over the 

different catalysts, it was deemed necessary to conduct preliminary studies at 318 K, starting 
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hydrogen gas partial pressure of 5.6 MPa, starting vanillin concentration of 263 mM, agitation 

speed of 1000 rpm, and batch time of 0.5 h with ethyl acetate as the solvent.  The catalysts 

considered in this screening investigation include commercial 5 wt % Pd/C catalyst, 

commercial 5 wt % Pt/C catalyst, commercial 5 wt % Pt/SiO2 catalyst, commercial 5 wt % 

Pd/Al2O3 catalyst, commercial 5 wt % Rh/Al2O3 catalyst, and the prepared bimetallic 6.5 wt % 

PdRh/Al2O3 catalyst.  These are noble metal catalysts renowned for excellent hydrogenating 

properties even at mild condition.  From past studies on vanillin HDO reaction over palladium 

based catalyst in the literature74, 76, a reaction time of 0.5 h is considered sufficient and therefore 

used in the preliminary studies.  Likewise, to ensure the same amount of metals are involved in 

all the reactions, the loading of catalyst (i.e. mass of catalyst in kg per unit volume of solvent 

in m3) used to conduct the experiments was 7.0 kg/m3 for monometallic catalyst and 5.0 kg/m3 

for bimetallic catalyst.  The loading of catalyst selected was driven by the feed concentration 

of vanillin.  In the literature71, 115,130, it has been documented that compounds such as vanillin 

with more than one oxygen atoms in their structure are prone to polymerisation especially at 

high temperatures.  As a result, mild temperatures are used in the present work.  Below a 

reaction temperature of 338 K, the kinetics of vanillin HDO reaction over Ru/C catalyst was 

successfully investigated by Bindwal et al.160   Hence, HDO performance under the different 

catalysts was assessed in the present work at temperature of 338 K, hydrogen gas partial 

pressure of 2.0 MPa, agitation speed of 1000 rpm, feed vanillin concentration of 263 mM and 

batch time of 1 h using the standard experimental procedure described in Section 3.3.1.  Finally, 

the stability of each of the catalyst was examined through reusability test.  During the reusability 

test, catalysts were recovered from the reactor effluent through filtration and then dried at room 

condition overnight.  Each catalyst was used three times at temperature of 338 K, hydrogen gas 



67 | P a g e  

 

partial pressure of 2.0 MPa, agitation speed of 1000 rpm, feed vanillin concentration of 263 

mM and batch time of 1 h.   

3.3.5.   Experimental Procedure for Solvent Screening 

From the review of past HDO studies in the literature 64, 70 on vanillin (VL) HDO reaction, it 

was established in Section 2.5.2 of Chapter 2 that conversion, and product distribution from VL 

HDO reaction are affected by the reaction solvent.  As a result, VL HDO reaction over the 

prepared bimetallic PdRh/Al2O3 catalyst was conducted in six different solvents at 318 K 

temperature, 5.6 MPa hydrogen gas partial pressure, 263 mM feed vanillin concentration, 1000 

rpm agitation speed, 5.0 kg/m3 catalyst loading, and 0.5 h batch time.  The solvents include 

water, cyclohexane, toluene, 2-propanol, ethylacetate, and tetrahydrofuran.  By conducting VL 

HDO reaction in these solvents, it is possible to compare performance of the synthesised 

catalyst under the various classes of solvents.  According to the literature 232, there are three 

classes of solvents, these includes:   

 Polar protic solvents: These solvents have high polarity and hydrogen bond donor 

capability (α > 0.7) e.g. water and 2-propanol; 

 Aprotic polar solvents: These solvents have high polarity but low hydrogen bond 

donor capability (α ≈ 0.0) e.g. ethyl acetate and tetrahydrofuran; 

 Aprotic apolar solvents: These solvents have no hydrogen bond donor capability, have 

extremely low dielectric constant (ε), and dipole moment (µ). Toluene and 

cyclohexane are typical examples of these solvent class.  

The rationale behind the selection of more than one solvent from each class is to facilitate 

comparison within class.  
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3.3.6.   Experimental Procedure for Process Parameter Investigation 

To evaluate parametric interactions and determine the best combination of processing 

parameters that maximises catalytic performance, Taguchi method of experimental design was 

employed.  This method of experimental design has been used in many engineering and 

manufacturing applications.233  The processing parameters considered include temperature, 

hydrogen gas partial pressure, agitation speed and catalyst loading.  Table 3.3 shows the levels 

for each of the processing parameters (i.e. control factors).  To ensure liquid-phase only 

reaction, mild temperature and pressure are considered in this investigation.  A commercial 10 

wt % Pd/C catalyst was used to conduct this study, hence the consideration of low catalyst 

loadings in Table 3.3.  The term catalyst loading used here refers to the weight of catalyst in kg 

per unit volume of the reaction solvent in m3.  It is worth mentioning that the solvent used is 

ethylacetate.   

Table 3.3.  Selected control factors and their values per level.  

Control Factors 
Control Factor Levels 

Level 1 Level 2 Level 3 

Reaction Temperature (K) 318 328 338 

H2 gas Partial Pressure (MPa) 1.0 2.0 3.0 

Catalyst Loading (kg/m3) 0.5 0.3 0.1 

Agitation Speed (rpm) 500 700 900 

     

The levels for agitation speed presented in Table 3.3 mirrored the range considered in the 

work of Bindwal et al160   to eliminate mass transfer limitation.  Based on the number of factors 

and levels shown in Table 3.3, using a factorial experimental design, 27 (i.e. 34) experiments 

will ensure the parameter space is completed.  However, from Taguchi design of experiment it 

was established that 9 runs are required to determine the best combination of control factors 
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that maximises performance.  Table 3.4 represents the standard L9 orthogonal array of 

experiments designed through the Taguchi method.  These experiments were conducted in 

duplicates using all three levels of each control factor.  Catalytic performance which include 

conversion, degree of deoxygenation and ratio of deoxygenation to hydrogenation at different 

levels were analysed using the signal to noise (S/N) ratio.  The S/N ratio at each level of the 

control factors was determined using “higher-the-better’ function presented in equation 3.7.  

Other relevant formulae used are represented by equations 3.1 to 3.6.  

Table 3.4.  Designed Orthogonal Array of Experimental Conditions to Optimise Vanillin 

Hydrodeoxygenation Performance. 

Run T(K) PH(MPa) ω(kg/m3) Agitation Speed (RPM) 

1 318 1 0.5 500 

2 318 2 0.3 700 

3 318 3 0.1 900 

4 328 1 0.3 900 

5 328 2 0.1 500 

6 328 3 0.5 700 

7 338 1 0.1 700 

8 338 2 0.5 900 

9 338 3 0.3 500 

Note: T is reaction temperature, PH is H2 gas partial pressure, and ω is the weight of catalyst per 

unit volume of solvent.  

 

XVL (%)  =
CVL0 − CVL

CVL0
 × 100                  (3.1) 

SVA (%)  =  
CVA 

∑ Ci
× 100           (3.2) 

SCR (%)  =  
CCR 

∑ Ci
× 100           (3.3) 

DOD (%)  =  
CCR 

CVL0
× 100     (3.4) 

HYD (%)  =  
CVA 

CVL0
× 100     (3.5) 

 DOD/HYD(%)  =  
CCR 

CVA
× 100    (3.6) 
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S/N =  −10 log (
1

n
 ∑

1

yi
2

n
i=1 )   (3.7) 

 Herein CVL0 represents the starting concentration of vanillin, CVL denotes the final 

concentration of vanillin, CVA denotes the concentration of vanillyl alcohol formed, and CCR 

represents the concentration of creosol formed. XVL represents conversion, SVA represents 

selectivity toward vanillyl alcohol, SCR represents selectivity toward creosol, DOD represents 

degree of deoxygenation, HYD represents degree of hydrogenation, DOD/HYD represents 

relative rate of deoxygenation to hydrogenation, i is the number of replicate, and n is the number 

of trial experiments performed under each of the conditions in Table 3.4.      

3.3.7.   Experimental Procedure for Transport Limitation Verification 

In order to model the kinetics of vanillin hydrodeoxygenation reaction it is necessary to 

collect the experimental data in the reaction-controlled regime.  As a result, agitation speed and 

particle size test were conducted to rule out external and internal transport limitation.  The 

prepared bimetallic 6.5 wt % PdRh/Al2O3 catalyst and commercial 10 wt % Pd/C catalyst were 

used to conduct the agitation test.  Under the prepared bimetallic PdRh/Al2O3 catalyst, the test 

was carried out at 318 K temperature, 2.0 MPa hydrogen gas partial pressure, 3.4 kg/m3 catalyst 

loading, 50 mins batch time, and 263 mM feed concentration of vanillin by varying the agitation 

speed from 100 rpm to 1300 rpm.  In the case of commercial 10 wt % Pd/C catalyst, the test 

was conducted at 338 K temperature, 1.0 MPa hydrogen gas partial pressure, 0.27 kg/m3 

catalyst loading, 30 mins batch time, and 65 mM feed concentration of vanillin by varying the 

agitation speed from 300 rpm to 1100 rpm.  The agitation test under the prepared bimetallic 

catalyst was conducted at a slightly lower temperature to reduce the likelihood of deactivation 

due to change in the catalyst support.  In order to eliminate internal transport limitation, vanillin 

hydrodeoxygenation reactions were carried out using samples from different fractions of 
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commercial 2 wt % Pd/Al2O3 particles.  Sieving technique was used to separate the Pd/Al2O3 

particles into different size fractions; the size fractions include: particles >250 µm, particles 

within the range of 180 – 250 µm, particles within the range of 90 – 180 µm, and particles < 90 

µm.  Agitation speed was fixed at 1000 rpm during each of the experiments performed to 

investigate the effect of particle size on the reaction.  In addition, liquid samples were collected 

in equally spaced time interval of 5 mins during the agitation speed and particle size 

experiments.  To ensure less than 0.05 MPa loss in pressure during sampling, the volume of 

liquid collected per sample was fixed at 0.0005 dm3 and fresh H2 gas was added at the end of 

each sample collection.  The standard procedure described in Section 3.3.1 was used to set up 

all the experiments.  It is worth mentioning that the commercial 10 wt % Pd/C catalyst and 

synthesised bimetallic PdRh/Al2O3 catalyst were not available in different size fractions.  As a 

result, the commercial 2 wt % Pd/Al2O3 catalyst available in different size fractions was used 

to probe the effect of particle size on the reaction. 

3.3.8.   Procedure used to investigate the Kinetics of Vanillin Hydrodeoxygenation 

Reaction over Monometallic and Bimetallic Palladium Based Catalysts.  

The entries in Table 3.5 represent the conditions employed to investigate the kinetics of vanillin 

(VL) hydrodeoxygenation reaction over commercial 10 wt % Pd/C catalyst with ethyl acetate 

as the reaction solvent.  Entries 1 – 6 in Table 3.5 was used to probe the effect of changes in 

catalyst loading (ω) on the initial rate of VL disappearance (r0) at 318 K and 328 K.  It is worth 

mentioning that probing the effect of changes in ω on r0 at two different reaction temperatures 

is necessary to establish whether or not mass and heat transfer resistances exist in the system.  

Furthermore, the reaction conditions displayed in Table 3.5 are identical to those used in the 

work of Bindwal et al160 on VL HDO reaction over Ru/C catalyst.  The effect of changes in 

hydrogen gas partial pressure (PH) on r0 was probed by varying PH over the range of 1 – 3 MPa 
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while keeping all other parameters at constant values (Table 3.5, entries 7 – 12).  Subsequently, 

the initial concentration of VL (CVL0) was varied between 35 mM and 65 mM with all other 

parameters kept at constant values to establish the influence of CVL0 on r0 (Table 3.5, entries 13 

– 20).  The effect of temperature on r0 was examined over the temperature range of 318 K – 338 

K with all other variables kept constant (Table 3.5, entries 13, 17, and 21).  Finally, the effect 

of adding products from the reaction to feed solution was tested at 328 K, 1000 rpm, 1.0 MPa, 

and 0.1 kg/m3.  Composition of the feed solution used to investigate the product effects include 

55 mM vanillin and 10 mM vanillyl alcohol, 55 mM vanillin and 55 mM vanillyl alcohol, 55 

mM vanillin and 10 mM creosol, 55 mM vanillin and 55 mM creosol.   

 Table 3.5.  Overview of experimental conditions for VL HDO reaction kinetics over 

commercial 10 wt % Pd/C catalyst with ethyl acetate as solvent.  

Entry CVL0 (mM) PH (MPa) T(K) ω (kg/m3) t (mins) 

1 65.0 1.0 318 0.1 40 

2 65.0 1.0 318 0.2 40 

3 65.0 1.0 318 0.3 40 

4 65.0 1.0 328 0.1 40 

5 65.0 1.0 328 0.2 40 

6 65.0 1.0 328 0.3 40 

7 65.0 1.0 318 0.3 40 

8 65.0 2.0 318 0.3 40 

9 65.0 3.0 318 0.3 40 

10 65.0 1.0 328 0.3 40 

11 65.0 2.0 328 0.3 40 

12 65.0 3.0 328 0.3 40 

13 35.0 1.0 318 0.1 40 

14 45.0 1.0 318 0.1 40 

15 55.0 1.0 318 0.1 40 

16 65.0 1.0 318 0.1 40 

17 35.0 1.0 338 0.1 40 

18 45.0 1.0 338 0.1 40 

19 55.0 1.0 338 0.1 40 

20 65.0 1.0 338 0.1 40 

21 35.0 1.0 328 0.1 40 

CVL0 represent starting concentration of vanillin, PH represent hydrogen gas partial pressure, T 

represent reaction temperature, ω represent catalyst loading, and  t represent reaction time.  
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The kinetics of VL HDO reaction over commercial 5 wt % Pd/Al2O3 catalyst was probed using 

entries in Table 3.6 with ethyl acetate as the reaction solvent.  Entries 1 – 8 in Table 3.6 depicts 

the conditions used to examine the effect of catalyst loading (ω) on initial rate of VL 

disappearance (r0) at two different temperatures by varying ω between 2.0 and 5.0 kg/m3 while 

all other parameters were kept at constant values.  It is worth mentioning that the reaction time 

and concentrations used to investigate VL HDO reaction kinetics over Pd/Al2O3 catalyst is 

identical to those applied in Hao et al76 work.  The influence of hydrogen gas partial pressure 

(PH) on initial rate of VL disappearance (r0) was examined by varying PH between 1.0 and 4.0 

MPa while all other variables were kept at constant values (Table 3.6, entries 9 – 12).  Likewise, 

the effect of starting vanillin concentration (CVL0) on r0 was investigated by varying CVL0 

between 98 mM and 512 mM while all other variables were kept at constant values (Table 3.6, 

entries 13 – 16).  Finally, the effect of temperature on initial rate of VL disappearance (r0) was 

investigated in a temperature range of 308 – 328 K with all other variables kept constant (Table 

3.6, entries 15, 17 – 18).  Due to the high concentrations considered during VL HDO reaction 

over Pd/Al2O3catalyst, the catalyst loading range was scaled up from the 0.1 – 0.3 kg/m3 under 

Pd/C catalyst to 2.0 – 5.0 kg/m3.  The susceptibility of alumina support to deactivation at high 

temperature and polymerisation tendencies of vanillin was the rationale behind the temperature 

range of 308 – 328 K used to investigate the kinetics of VL HDO reaction over Pd/Al2O3 

catalyst.   
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Table 3.6.  Overview of experimental conditions for VL HDO reaction kinetics over 

commercial 5 wt % Pd/Al2O3 catalyst with ethyl acetate as solvent.  

Entry CVL0 (mM) PH (MPa) T(K) ω (kg/m3) t (mins) 

1 263.0 2.0 308 2.0 60 

2 263.0 2.0 308 3.0 60 

3 263.0 2.0 308 4.0 60 

4 263.0 2.0 308 5.0 60 

5 263.0 2.0 318 2.0 60 

6 263.0 2.0 318 3.0 60 

7 263.0 2.0 318 4.0 60 

8 263.0 2.0 318 5.0 60 

9 263.0 1.0 308 5.0 60 

10 263.0 2.0 308 5.0 60 

11 263.0 3.0 308 5.0 60 

12 263.0 4.0 308 5.0 60 

13 98.0 2.0 318 5.0 60 

14 189.0 2.0 318 5.0 60 

15 350.0 2.0 318 5.0 60 

16 512.0 2.0 318 5.0 60 

17 350.0 2.0 308 5.0 60 

18 350.0 2.0 328 5.0 60 

CVL0 represent starting concentration of vanillin, PH represent hydrogen gas partial pressure, T 

represent reaction temperature, ω represent catalyst loading, and  t represent reaction time.  

 

The kinetics of vanillin (VL) HDO reaction over the prepared bimetallic catalyst was examined 

using the entries in Table 3.7 with ethyl acetate as the solvent.  Entries 1 – 8 in Table 3.7 depicts 

the conditions used to investigate the effect of catalyst loading (ω) on initial rate of VL 

disappearance (r0) at 318 K and 328 K by varying ω between 2.0 and 5.0 kg/m3 while all other 

parameters were kept at constant values.  In a similar manner, the influence of hydrogen gas 

partial pressure (PH) on r0 was examined at 318 K by varying PH between 1 and 4 MPa while all 

other variables were maintained at constant values (Table 3.7, entries 9 – 12).  The effect of 

changes in starting concentration of vanillin (CVL0) on r0 was investigated at 318 K by altering 

CVL0 between 263 mM and 526 mM while all other parameters were maintained at constant 

values (Table 3.7, entries 13 – 16).  Finally, the influence of reaction temperature (T) on r0 was 

probed in a temperature range of 308 – 328 K with other variables kept at constant values.  
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Table 3.7.  Overview of experimental conditions for VL HDO reaction kinetics over prepared 

6.5 wt % PdRh/Al2O3 catalyst with ethyl acetate as solvent.  

Entry CVL0 (mM) PH (MPa) T(K) ω (kg/m3) t (mins) 

1 263.0 3.0 318 2.0 50 

2 263.0 3.0 318 3.0 50 

3 263.0 3.0 318 4.0 50 

4 263.0 3.0 318 5.0 50 

5 263.0 3.0 328 2.0 50 

6 263.0 3.0 328 3.0 50 

7 263.0 3.0 328 4.0 50 

8 263.0 3.0 328 5.0 50 

9 263.0 1.0 318 5.0 50 

10 263.0 2.0 318 5.0 50 

11 263.0 3.0 318 5.0 50 

12 263.0 4.0 318 5.0 50 

13 263.0 2.0 318 5.0 50 

14 351.0 2.0 318 5.0 50 

15 438.0 2.0 318 5.0 50 

16 526.0 2.0 318 5.0 50 

17 263.0 2.0 308 5.0 50 

18 263.0 2.0 328 5.0 50 

CVL0 represent starting concentration of vanillin, PH represent hydrogen gas partial pressure, T 

represent reaction temperature, ω represent catalyst loading, and  t represent reaction time.  

 

 

3.3.9.   Procedure used to investigate the Kinetics of Vanillin Hydrodeoxygenation 

Reaction in Different Solvents.  

As follow-up to the solvent screening experiments, the kinetics of vanillin (VL) 

hydrodeoxygenation (HDO) over the prepared bimetallic PdRh/Al2O3 catalyst in 2-propanol, 

toluene, and tetrahydrofuran was investigated under mild conditions.  Possible deactivation of 

the PdRh/Al2O3 catalyst in large presence of water led to the decision to use 2-propanol as the 

representative polar protic solvent.  Likewise, tetrahydrofuran was preferred to ethyl acetate as 

the representative aprotic polar solvent because the later was used extensively as the base 

solvent.  Toluene was preferred to cyclohexane as the representative aprotic apolar solvent 
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because it was available in the laboratory in significant amount.  Based on the literature180, 181, 

the rate of VL HDO reaction has strong tendency to increase dramatically following a change 

in the reaction solvent.  As a result, it was deemed necessary to investigate the kinetics of VL 

HDO reaction over PdRh/Al2O3 catalyst in the selected solvents over a temperature range of 

298 K – 318 K.  The kinetics of VL HDO reaction over PdRh/Al2O3 catalyst using 2-propanol 

as solvent was probed using the entries in Table 3.8.  Entries 1 – 4 in Table 3.8 represent the 

conditions used to probe the effect of hydrogen gas partial pressure (PH) on the initial rate of 

VL disappearance (r0) at 318 K by varying PH between 1.0 MPa and 4.0 MPa while all other 

variables were kept at constant values.  The influence of starting concentration of vanillin (CVL0) 

on r0 was investigated at 318 K by altering CVL0 between 248 mM and 531 mM while all other 

parameters were maintained at constant values (Table 3.8, entries 5 – 8).  In a similar manner, 

the effect of temperature (T) on r0 was examined in the range of 298 K – 318 K with other 

parameters kept at constant values (Table 3.8, entries 6, 9 – 10).  

Table 3.8.  Overview of experimental conditions for VL HDO reaction kinetics over prepared 

6.5 wt % PdRh/Al2O3 catalyst with 2-propanol as the solvent. 

Entry CVL0 (mM) PH (MPa) T(K) ω (kg/m3) t (mins) 

1 598.0 1.0 318 5.0 60 

2 598.0 2.0 318 5.0 60 

3 598.0 3.0 318 5.0 60 

4 598.0 4.0 318 5.0 60 

5 248.0 2.0 318 5.0 60 

6 351.0 2.0 318 5.0 60 

7 427.0 2.0 318 5.0 60 

8 531.0 2.0 318 5.0 60 

9 351.0 2.0 298 5.0 60 

10 351.0 2.0 308 5.0 60 

CVL0 represent starting concentration of vanillin, PH represent hydrogen gas partial pressure, T 

represent reaction temperature, ω represent catalyst loading, and  t represent reaction time.  

The kinetics of VL HDO reaction over PdRh/Al2O3 catalyst using toluene as solvent was 

examined under the conditions in Table 3.9.  Entries 1 – 4 in Table 3.9 depicts the conditions 

used to investigate the effect of hydrogen gas partial pressure (PH) on the initial rate of VL 
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disappearance (r0) at 318 K by varying PH between 1.0 MPa and 4.0 MPa with all other variables 

maintained at constant values.    

Table 3.9.  Overview of experimental conditions for VL HDO reaction kinetics over prepared 

6.5 wt % PdRh/Al2O3 catalyst with toluene as the solvent. 

Entry CVL0 (mM) PH (MPa) T(K) ω (kg/m3) t (mins) 

1 526.0 1.0 318 5.0 100 

2 526.0 2.0 318 5.0 100 

3 526.0 3.0 318 5.0 100 

4 526.0 4.0 318 5.0 100 

5 243.0 2.0 318 5.0 100 

6 272.0 2.0 318 5.0 100 

7 369.0 2.0 318 5.0 100 

8 384.0 2.0 318 5.0 100 

9 272.0 2.0 298 5.0 100 

10 272.0 2.0 308 5.0 100 

CVL0 represent starting concentration of vanillin, PH represent hydrogen gas partial pressure, T 

represent reaction temperature, ω represent catalyst loading, and  t represent reaction time.  

The influence of starting concentration of vanillin (CVL0) on initial rate of VL disappearance (r0) 

was probed at 318 K by altering CVL0 between 243 mM and 384 mM, while all the other 

parameters were kept at constant values (Table 3.9, entries 5 – 8).  Entries 6, 9 – 10 in Table 

3.9 represent the conditions used to probe the effect of changes in reaction temperature (T) on 

(r0) over the range of 298 K – 318 K with all other variables maintained at constant values.   The 

kinetics of VL HDO reaction over PdRh/Al2O3 catalyst using tetrahydrofuran as solvent was 

examined under the conditions in Table 3.10.  Entries 1 – 4 in Table 3.10 depicts the conditions 

used to probe the effect of hydrogen gas partial pressure (PH) on r0 at 318 K by varying PH 

between 1.0 MPa and 4.0 MPa while all other parameters were maintained at constant values.  

The effect of changes in CVL0 on r0 was examined at 318 K by varying CVL0 between 69 mM 

and 335 mM with the other variables kept at constant values (Table 3.10, entries 5 – 8).  Entries 

7, 9 – 10 in Table 3.10 represent the conditions used to probe the effect of changes in reaction 
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temperature (T) on (r0) over the range of 298 K – 318 K with all other variables maintained at 

constant values. 

Table 3.10.  Overview of experimental conditions for VL HDO reaction kinetics over prepared 

6.5 wt % PdRh/Al2O3 catalyst with tetrahydrofuran as the solvent. 

Entry CVL0 (mM) PH (MPa) T(K) ω (kg/m3) t (mins) 

1 175.0 1.0 318 5.0 100 

2 175.0 2.0 318 5.0 100 

3 175.0 3.0 318 5.0 100 

4 175.0 4.0 318 5.0 100 

5 69.0 2.0 318 5.0 100 

6 147.0 2.0 318 5.0 100 

7 250.0 2.0 318 5.0 100 

8 335.0 2.0 318 5.0 100 

9 250.0 2.0 298 5.0 100 

10 250.0 2.0 308 5.0 100 

CVL0 represent starting concentration of vanillin, PH represent hydrogen gas partial pressure, T 

represent reaction temperature, ω represent catalyst loading, and  t represent reaction time. 

Reaction Solvent: Ethyl Acetate. 

 

It is worth mentioning that differences in VL solubility and amount of VL consumed in the 

heating phase are responsible for the changes in range of VL starting concentration during the 

kinetic investigation of VL HDO reaction under the various solvents.  

3.4.   Procedure used to investigate the Kinetics of Vanillin Hydrodeoxygenation Reaction 

in Binary Environments.  

At the discretion of this work author, a preliminary investigation was deemed necessary to 

evaluate the effect of other model compounds presence on vanillin (VL) conversion during 

hydrodeoxygenation (HDO) reaction of VL over the prepared bimetallic PdRh/Al2O3 catalyst 

in a binary environment.  The readily available alternative model compounds of bio-oil in the 

laboratory at the time of this investigation include furfural, acetaldehyde, guaiacol, and acetic 

acid.  As a result, these compounds were considered as possible secondary compounds in the 
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investigation of VL HDO reaction in binary environments.  The composition of the binary 

mixtures used in the preliminary investigation are presented in Table 3.11.   

Table 3.11.  Composition of feed used to investigate inhibitory effect of common bio-oil model 

compounds on VL HDO reaction over prepared PdRh/Al2O3 catalyst with ethyl acetate as 

solvent.  

CVL represent concentration of vanillin, CAA represent concentration of acetic acid, CGUA 

represent concentration of guaiacol, CFUR represent concentration of furfural, and CACET 

represent concentration of acetaldehyde.  

The composition of the mixtures in Table 3.11 were selected to reflect the ratios of the 

secondary compounds concentration to VL concentration in real bio-oil environment.  This was 

achieved by multiplying a fixed VL concentration of 263 mM with established scale factor in 

the literature234 relating concentration of VL to the concentration of the various secondary 

compounds in real bio-oil environment.  A fixed VL concentration of 263 mM was arbitrarily 

selected because it was used frequently in previous investigation on VL HDO reaction over 

PdRh/Al2O3 catalyst with ethyl acetate as the solvent.  The preliminary investigation was 

conducted at 318 K, 2.0 MPa, and 5.0 kg/m3 using the feed compositions in Table 3.11 and 

ethyl acetate as the solvent.  Subsequently, comprehensive investigation into the kinetics of VL 

HDO reaction over PdRh/Al2O3 catalyst in binary environments were conducted using the 

conditions in Table 3.12 and Table 3.13.  Table 3.12 depicts the conditions used to investigate 

the kinetics of VL HDO reaction over PdRh/Al2O3 catalyst in the presence of acetic acid with 

ethyl acetate as the solvent.  It is important to emphasise that the ratio in which VL exist to 

acetic acid (AA) in Table 3.12 represent their actual proportion in typical bio-oil.  The effect of 

S/N 
Feed Composition 

CVL(mM) CAA(mM) CGUA(mM) CFUR(mM) CACET(mM) 

1 263 0 0 211 0 

2 263 0 0 0 1004 

3 263 1166 0 0 0 

4 263 0 683 0 0 
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hydrogen gas partial pressure (PH) on initial rate of VL disappearance (r0) was examined using 

entries 1 – 4 in Table 3.12 by varying PH between 1.0 and 4.0 MPa while all other parameters 

were kept at constant values.   

Table 3.12.  Overview of experimental conditions for VL HDO reaction kinetics over prepared 

6.5 wt % PdRh/Al2O3 catalyst in the presence of acetic acid with ethyl acetate as solvent. 

Entry CVL0 (mM) CAA0 PH (MPa) T(K) ω (kg/m3) t (mins) 

1 263.0 1166.0 1.0 318 5.0 60 

2 263.0 1166.0 2.0 318 5.0 60 

3 263.0 1166.0 3.0 318 5.0 60 

4 263.0 1166.0 4.0 318 5.0 60 

5 351.0 1559.0 2.0 318 5.0 60 

6 438.0 1944.0 2.0 318 5.0 60 

7 526.0 2331.0 2.0 318 5.0 60 

8 263.0 1166.0 2.0 308 5.0 60 

9 263.0 1166.0 2.0 328 5.0 60 

CVL0 represent starting concentration of vanillin,CAA0 represent starting concentration of acetic 

acid, PH represent hydrogen gas partial pressure, T represent reaction temperature, ω represent 

catalyst loading, and  t represent reaction time.  

The influence of starting VL concentration (CVL0) on r0 was investigated at 318 K by varying 

CVL0 and CAA0 according to entries 2, 5 – 7 in Table 3.12 with all other parameters maintained 

at constant values.  Likewise, the effect of reaction temperature (T) on initial rate of VL 

disappearance (r0) was probed in the range 308 K – 328 K using the conditions in entries 2, 8 – 

9 of Table 3.12.  Table 3.13 represent the conditions used to probe the kinetics of VL HDO 

reaction over PdRh/Al2O3 catalyst in the presence of guaiacol with ethyl acetate as the solvent.  

Entries 1 – 4 in Table 3.13 depicts the conditions used to investigate the effect of changes in 

hydrogen gas partial pressure (PH) on r0 at 318 K by varying PH between 1.0 MPa and 4.0 MPa 

while all other variables were kept at constant values.  In the same manner, the influence of 

starting VL concentration (CVL0) on r0 was probed at 318 K by varying CVL0 and CGUA0 according 

to entries 2, 5 – 6 in Table 3.13 with all other variables maintained at constant values.  Finally, 

the influence of T on r0 was examined in the range 308 K – 328 K using the conditions in entries 
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2, 7 – 8 of Table 3.13.  It is worth mentioning that the range of temperatures and concentrations 

of VL used in the vanillin – acetic acid and vanillin – guaiacol environments are based on those 

used in previous investigation on vanillin-only environment.  

Table 3.13.  Overview of experimental conditions for VL HDO reaction kinetics over prepared 

6.5 wt % PdRh/Al2O3 catalyst in the presence of guaiacol with ethyl acetate as solvent. 

Entry CVL0 (mM) CGUA0 PH (MPa) T(K) ω (kg/m3) t (mins) 

1 263.0 683.0 1.0 318 5.0 60 

2 263.0 683.0 2.0 318 5.0 60 

3 263.0 683.0 3.0 318 5.0 60 

4 263.0 683.0 4.0 318 5.0 60 

5 351.0 912.0 2.0 318 5.0 60 

6 438.0 1139.0 2.0 318 5.0 60 

7 263.0 683.0 2.0 308 5.0 60 

8 263.0 683.0 2.0 328 5.0 60 

CVL0 represent starting concentration of vanillin,CGUA0 represent starting concentration of 

guaiacol, PH represent hydrogen gas partial pressure, T represent reaction temperature, ω 

represent catalyst loading, and  t represent reaction time. 

 

3.5.   Nitrogen Gas Adsorption    

The procedure widely reported in the literature for determining the textural properties of solid 

catalysts such as specific surface area, specific pore volume, and average pore size is gas 

adsorption experiments.235  Presently, nitrogen gas is generally considered the most suitable 

adsorbate for these experiments because it does not react with the catalyst surface, is available 

in high purity, and the molecular size is well defined in the literature.236  Hence, in conformity 

with ASTM C1274, nitrogen gas adsorption experiments were performed at liquid nitrogen 

temperature of 77 K using Micromeritics Analytical Instrument ASAP 2010 to determine the 

textural properties of all the catalysts used in this work.  In order to remove physisorbed species 

from the surface of the adsorbents i.e. catalysts, it was deemed necessary to degas catalyst 

samples at the conditions presented in Table 3.14.  These conditions were obtained from the 

literature.  However, in practice through thermogravimetric analysis the decomposition 
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temperature of the catalyst samples can be establish and use to determine the appropriate 

temperature to degas each of the catalyst sample.  The general rule of thumb is that the 

degassing process takes place at half the decomposition temperature.  In the present work, on-

going maintenance work did not permit determination of the catalyst samples decomposition 

temperature.  This limitation compelled the author of this work to use the literature values in 

Table 3.14 to degas the catalyst samples.  Upon completing the degassing process, liquid 

nitrogen was used to cool down the samples to 77 K.  In order to measure complete adsorption 

isotherm, the pressure (P) above each sample was gradually increased until it closely 

approached the saturation pressure (P0) of 101.3 kPa.  During the process of increasing P, the 

adsorbent samples remove some of the nitrogen gas.  The quantity of adsorbed gas and the 

corresponding equilibrated pressure were recorded every 20 s to enable plots of adsorbed gas 

quantity against the equilibrium relative pressure (P/P0).  From these plots the specific surface 

area of each catalysts was determined by applying the widely accepted Brunauer, Emmet, and 

Teller (BET) method in the appropriate range of P/P0 to satisfy the required linearity condition 

for BET validity.  

Table 3.14.  Degassing Conditions.  

Catalyst T(K) t(h) 

Pd/C 623 12 

Pt/C 373 4 

Pd/Al2O3 523 4 

Rh/Al2O3 523 4 

PdRh/Al2O3 523 4 

Pt/SiO2 393 2 
 

The BET equation which relates the measured amount of gas adsorbed at standard 

temperature and pressure (STP) to P/P0 is presented in equation 3.5.  It shows that when the 

underlying assumptions of BET method are satisfied, the plot of measured amount of gas 
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adsorbed 
P

V(P0−P)
  against the equilibrium relative pressure 

P

P0
 gives a straight line.  The slope of 

this line denoted as “s” is represented by equation 3.6, while the intercept denoted as “i” is 

represented by equation 3.7.  Hence, solving equations 3.6 and 3.7 produces equations 3.8 and 

3.9 which represents the monolayer capacity “Vm" and the BET constant “C”.  

P

V(P0−P)
=  

1

VmC
 +  

(C −1)P

VmCP0
    (3.5) 

s =
(C −1)

VmC
      (3.6) 

i =
1

VmC
      (3.7) 

Vm =
1

s + i
      (3.8) 

C =
s

 i 
 + 1      (3.9) 

 The specific surface area of each catalysts was then calculated from the estimated Vm using 

equation 3.6.  

SBET  =   
Vmnaam

mV
     (3.10) 

Herein na is the Avogadro’s number (6.022 × 1023 molecules/mol), am is the cross-sectional 

area occupied by each adsorbate molecule at 77 K (0.162 nm2), and mV is the volume of one 

mole of an ideal gas at STP (0.0224 m3/mol).  The BET plots and calculations are presented in 

appendix A3.1.  In order to determine the total specific pore volume (V) and average pore size 

(dAVG) for each of the catalysts, the measured amount of adsorbed gas at the maximum 

equilibrium relative pressure (Vgas) was converted to the volume of liquid nitrogen (Vliq) 

through equation 3.11.  It is worth mentioning that this method is based on the assumption that 

pores of the catalysts were filled with liquid nitrogen.  Under the assumption that existing pores 

in each of the catalysts are cylindrical, dAVG was estimated from V through equation 3.12.  

Herein VN is the molar volume of liquid nitrogen (34.6 cm3/mol).  
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V = Vliq  =  
Vgas×VN

mV
     (3.11) 

dAVG  =  
4V

SBET
     (3.12) 

3.5.1.   Mercury Intrusion Porosimetry 

AutoporeTM IV 9500 Micromeritics mercury porosimeter was employed to determine other 

important properties such as porosity, characteristic length, and apparent density of the catalysts 

used to investigate the kinetics of vanillin hydrodeoxygenation reaction.  The operation of this 

equipment is based on the basic principle that mercury is a non-wetting liquid and therefore 

requires external pressure to penetrate the pores of porous materials such as Pd/C, Pd/Al2O3, 

and PdRh/Al2O3 catalysts through capillary action.237  The Washburn equation presented in 

equation 3.13 relates the required external pressure (P) to the pore size (DP), contact angle 

between mercury and the surface (θ), and surface tension of mercury (ꓬ).238  Clearly, on the 

basis of this equation an inverse relationship exists between P and DP.  Hence, the low and high 

pressure chambers of the equipment were used during each of the analysis conducted.  

P =  
4γcosθ

Dp
           (3.13) 

In a standard analysis, the weight of empty penetrometer was determined and used to calibrate 

the equipment.  Subsequently, the weight of penetrometer containing the sample was measured 

and then placed in the low pressure chamber.  The low pressure chamber operates over the 

range of 0 to 345 kPa, here filling of the penetrometer with mercury occurs.  Prior to starting 

the high pressure analysis, the combined weight of the penetrometer, sample and mercury was 

measured and recorded.  In the high pressure chamber, changes in volume of mercury was 

continuously recorded as applied pressure increases from 0.1 MPa to 228 MPa to generate the 

intrusion curve.  Finally, as the applied pressure decreases from 228 MPa to 0.1 MPa changes 

in volume of mercury was constantly recorded to establish the extrusion curve.  It is worth 
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mentioning that the Washburn equation derivation was based on the assumption that porous 

materials contain cylindrical shaped pores with circular cross-section.237  Hence, equation 3.14 

represents the characteristic length of the catalyst particles.  The porosity of the catalysts was 

estimated from equation 3.15, while equation 3.16 was used to determine the apparent density 

of the catalysts.  

L =  
4V

πDp
2   (3.14) 

Ppc =  
100 ×  Vtot

Vb
  (3.15) 

ρs  =  
Ws

Vs
   (3.16) 

where L is the characteristic length of the catalyst pore, V is the cylindrical pore volume, DP 

is the pore diameter, PPC is the porosity of the catalyst in percentage, Vtot is the total intrusion 

volume, Vb is the bulk volume of the sample, ρs is the apparent catalyst density, Ws is the weight 

of the sample, and Vs is the skeletal volume of the sample.  

3.5.2.   Scanning Electron Microscopy (SEM)-Energy Dispersive X-Ray (EDX) Analysis 

The differences in surface morphology and texture of fresh and spent catalysts were 

investigated through HITACHI TM3030Plus Tabletop Scanning Electron Microscope (SEM) 

equipped with Energy Dispersive X-ray (EDX) analyzer.  Figure 3.2 shows the workstation and 

components of the SEM-EDX analyzer.  All the images were captured under the EDX mode 

using 15 kV accelerating voltage and working distance of 7 mm to 10 mm.  The selected 

accelerating voltage ensures images with the best resolution were captured. 
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Fig. 3.2. HITACHI TM3030Plus Tabletop Scanning Electron Microscope Main Unit Front 

View. Components: 1- AIR mode indicator, 2- EVACUATION mode indicator, 3- Specimen 

Stage, 4- EVAC/AIR Switch, and  5 - X & Y axes control knobs.  

The step by step procedure used to operate the equipment involves: i) pressing the EVAC/AIR 

switch labelled 4 to safely open the specimen stage denoted as 3 for placement of the sample 

holder which contain the sample material; ii) Use of X&Y axes control knobs labelled 5 to 

adjust the position of the sample material vertically and horizontally to enhance the focus of 

electron beam on the material; iii) pressing the EVAC/AIR switch to evacuate the specimen 

stage and commence the actual measurement; iv) selection of EDX as the source as oppose to 

secondary or back scattered electron to ensure the X-ray signals originate from further down 

into the sample surface and allow elemental composition determination; v) selection of 800X 

as the magnification.  To determine the size of catalyst particles displayed on the captured SEM 

micrographs, a software imaging tool known as “image J” was employed.  The software 

assumes all particles are circular in nature and therefore utilises the expression for area of a 

1 

2 

3 

4 

5 
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circle in determining the size of particles on display in each of the SEM micrographs.  It is 

worth mentioning that the particles counted from the single SEM images of the commercial 

catalysts were above 500.  

3.5.3.   Powdered X-Ray Diffraction (XRD) Analysis 

A commonly reported method in the literature for identifying the phases present in solid 

materials, and estimate the average metal particle size is X-Ray Diffraction (XRD) analysis.1, 

221,239–241  XRD analysis relies on the fact that when a beam of X-ray photons are incident on a 

solid material such as a catalyst they undergo diffraction from the different planes of atoms 

within the material to produce distinct diffraction pattern.  This diffraction pattern provides a 

fingerprint of the crystalline phases present in the material.242  A Bruker AXS GmbH (D8 

Advanced XRD, Karlsruhe, Germany) with a Braun detector and Cu Kα radiation was used to 

record the intensity, shape, position and width of the diffraction lines for each of the catalysts 

examined in the present work.  The data generator was operated over the range of 5° to 100° 

using step size of 0.04°, count time of 22.35 s, constant wavelength of 1.54 Å, and scan rate of 

1°/min.  The diffraction patterns obtained were compared to literature to ensure accurate 

conclusion on the phases present in the various catalysts.  In order to estimate the average metal 

particle size from the recorded XRD data, Scherrer’s formula presented in equation 3.17 was 

employed by the analytical software package known as DIFFRAC.EVA which accompanied 

the XRD measuring equipment.  

L =  
kλ

βcosθ
    (3.17) 

Herein L represents the average metal particle size, k denotes the designated shape factor for 

the particles, λ represent the known wavelength of X-ray source which is 1.54 Å, β stands for 
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full width at half maxima (FWHM) of the most intense diffraction peak, and θ is the Bragg 

angle.  

3.5.4.   Gas Chromatography (GC) Analysis 

To identify the products formed from the reactions conducted, liquid samples collected were 

sent to the Department of Chemistry for comprehensive analysis via a Shimadzu gas 

chromatography unit coupled to a mass spectrometer (GC-MS).  Consequently, multipoint 

calibration curves for vanillin and the identified products which include vanillyl alcohol, 

creosol, and guaiacol were developed using an automated Trace gas chromatography unit 

equipped with flame ionization detector (GC-FID) shown in Figure 3.3.  

 

Fig. 3.3. Thermo Trace GC Ultra equipped with a 90 tray and autosampler unit used to analyse 

liquid samples from reactions. Components: 1-trays, 2-syringe compartment, 3-control panel to 

manually configure the GC, 4-control panel for adjusting autosampler setting, 5-injector side, 

and 6-detector side.   

On the basis of recommendation from leading experts on GC analysis in the Department of 

Chemistry, a mild polar capillary column that goes by the commercial name Zebron Zb-Wax- 

Phenomenex was deemed suitable for the GC-FID analysis conducted in-house.  The ZB-Wax 

column utilised has a specification of 250 µm internal diameter, 0.25 µm film thickness, 30 m 

column length, and temperature limits of 313 to 523/533 K.  As a result the temperature program 
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applied to analyse the samples include a ramp of 10 K/min from an initial oven temperature of 

313 K to a final temperature of 523 K, followed by isothermal operation at 523 K for additional 

5 mins.  The settings for other important parameters include a constant split ratio of 1:50, 

injector temperature of 513 K, and detector temperature of 523 K.  This GC method was not 

developed by the author of this work.  The method was previously applied in the work of Huang 

et al71 on homogeneous catalytic hydrogenation of vanillin.  During standard operation of the 

GC-FID, the 10 µl syringe in the syringe compartment was cleaned at least 5 times to prevent 

contamination.  Subsequently, the syringe was used to withdraw liquid sample of 0.5 µl from 

the vial situated in a specified position on the tray for injection into the GC.  The variability 

between injections using coefficient of variation was measured to be in the range of 0.05% to 

3.62%.  In general, GC analysis is based on the theory that components within any sample 

interact differently with the column.  As a result of the expected variation in the strength of 

interaction of the components with the column, these components exit the column for detection 

by the FID at different retention times.  The retention times of the components established from 

injecting standard samples and their respective boiling points are presented in Table 3.15.  

Table 3.15.  Retention Time and Boiling Point of Compounds.   

 

 

To determine the quantity of vanillin and products in the liquid samples analysed, peaks at 

the expected retention times for the components were integrated using the software tools which 

accompanied the GC-FID.  Subsequently, the areas were converted to concentrations via the 

developed multipoint calibration curves presented in appendix A3.2. 

Compound Boiling Point (K) Retention Time (min) 

Vanillin 558 18.68 ± 0.01 

Vanillyl Alcohol 566 20.59 ± 0.02 

Creosol 494 12.71 ± 0.02 

Guaiacol 478 11.65 ± 0.01 
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3.5.5.   CO Pulse Chemisorption Measurement 

Due to unavailability of equipment, CO pulse chemisorption using a Quantachrome ChemBet 

Pulsar TPR/TPD equipped with a thermal conductivity detector (TCD) was used to determine 

the metal dispersion, metal particle size, and metallic surface area of Pd/C and PdRh/Al2O3 

catalysts.  The measurements were performed by Dr. Helen Daly at the University of 

Manchester.  In a standard experiment, 40 mg of the catalyst was loaded into a quartz U-tube 

reactor and reduced at 573 K for 1 h under 5% H2/Ar gases mixture.  Subsequently, the reactor 

was purged using Helium gas and cooled down to 193 K.  Finally, the CO chemisorption 

measurement was performed using 1% CO/He gases mixture at 193 K.  In order to estimate the 

metal particle size, metallic surface area, and metal dispersion from the CO chemisorption data, 

catalyst particles were assumed to be hemispherical and a stoichiometric factor of 2 was 

considered appropriate for the calculations.  

3.5.6.   X-Ray Fluorescence (XRF) Method   

One of the most widely used analytical method for determining the elemental composition of 

catalysts is the X-Ray Fluorescence (XRF) 243, 244.  The XRF method is preferred to alternatives 

such as inductively coupled plasma mass spectrometry because it is independent of the chemical 

bonding of the elements present in the unknown sample.  Moreover, it requires less complicated 

sample preparation technique, consume less time, and the best method for elemental analysis244.  

The basic principle behind the XRF method is that the unknown sample is bombarded with X-

ray beams which in turn ejects electrons out of the innermost atomic shells (i.e. K and L) of 

elements to create vacancies.243  Electrons from the outer atomic shells with higher energies 

then drop to occupy the vacancies in the innermost atomic shells.  As electron drops from the 

higher energy atomic shell into the vacancies, excess energies are emitted as X-ray fluorescence 
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radiation.  The emitted X-ray fluorescence radiation has characteristic wavelength for each of 

the element present in the sample.  In the present work, elemental analysis of the prepared 

bimetallic PdRh/Al2O3 catalyst was carried out by Dr. Laura Driscoll at the Department of 

Chemistry using a wavelength Dispersive X-Ray Fluorescence Spectrometer (WD-XRF) S8 

Bruker with a rhodium tube operated at 4 kW.  300 mg of powdered catalyst sample was used 

to conduct the measurement and the oxide program on the machine was used to analyse the 

result.  
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Chapter 4 

Effect of Catalyst, Solvent and Processing Condition on Vanillin Upgrading 

via Hydrodeoxygenation Reaction. 

4.1.   Introduction 

 Research studies on the upgrading of model compounds through hydrodeoxygenation (HDO) 

reaction in the literature were reported to be carried out at temperatures of 373 K – 673 K, 

hydrogen gas pressures of 0.04 MPa – 13.8 MPa under different catalysts and solvents.125, 130,213 

The differences in processing conditions (i.e. temperature, hydrogen gas partial pressure, 

catalyst loading, and agitation speed), solvents and catalysts make comparison of studies in the 

literature difficult.  In this chapter, the effect of changes in catalyst, solvent, and processing 

condition on HDO reaction were studied systematically using vanillin, a prominent component 

of real bio-oil.  The results in this chapter represent a more complete and systematic evaluation 

of the parameters affecting vanillin HDO compared to those previously reported in the 

literature.  The textural properties, surface morphology, and composition of the catalysts (i.e. 

Pd/C, Pt/C, Pt/SiO2, Pd/Al2O3, Rh/Al2O3, and PdRh/Al2O3) used in the investigation are 

presented in Section 4.2.  In Section 4.3, the result of blank experiments performed to examine 

non-catalytic and catalyst support effect on vanillin HDO reaction is presented.  While Section 

4.4 sheds light on the effect of changes in active element of the catalyst on HDO reaction of 

vanillin.  In Section 4.5, the effect of solvent on HDO reaction of vanillin is presented.  Finally, 

the effects of processing conditions on vanillin HDO reaction are presented in Section 4.6.  

Indicators commonly used to assess HDO performance include conversion, product selectivity, 

degree of deoxygenation, hydrogen consumption, and catalyst stability.129, 135,149,172 As a result, 
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these indicators were used in this chapter to evaluate vanillin HDO performance under the 

different catalysts, solvents, and processing conditions.  

 4.2.   Catalyst Characterisation  

 4.2.1.   Nitrogen (N2) Physisorption Isotherms  

The N2 adsorption-desorption isotherms obtained for each of the catalyst are presented in 

Figures 4.1a to 4.1c.   

 

Fig. 4.1. N2 adsorption-desorption isotherms of (a) 5 wt % Pd/C, 5 wt % Pt/C, and 5 wt % Pt/ 

SiO2 catalysts, (b) 5 wt % Pd/Al2O3 catalyst , and (c) 6.5 wt % PdRh/Al2O3, and 5 wt % Rh/Al2O3 

catalysts.    

Figure 4.1 shows significantly higher levels of adsorption for activated carbon supported 

catalysts (i.e. Pd/C and Pt/C) at low relative pressures (P/P0) compared to alumina and silica 
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supported catalysts.  This suggest activated carbon supported catalysts have lower average pore 

sizes than those supported on either alumina or silica.  The adsorption-desorption isotherm for 

Pd/C catalyst in Figure 4.1a is concave relative to P/P0 axis and the adsorbed amount approaches 

a limiting value of 431 cm3/g as P/P0 tends to 1, these characteristics are in conformity with the 

expected features of Type I isotherm normally displayed by catalysts supported on activated 

carbon.  It is well documented that micropores filling are responsible for the initial steep part 

which resulted into the concave shape while multilayer adsorption on small external area 

accounts for the low slope of the plateau.245,246  On this basis it can be concluded that micropores 

are present in the Pd/C catalyst.  Furthermore, the H4 hysteresis loop displayed in the 

adsorption-desorption isotherm of Pd/C catalyst in Figure 4.1a confirms the presence of  

mesopores.235  Notably, the adsorption-desorption isotherm of Pt/C catalyst in Figure 4.1a 

displayed expected features of Type I curve and thus reinforces the claim in literature about 

catalysts supported on activated carbon.245,246  In contrast, the adsorption-desorption isotherms 

of silica and alumina supported catalysts in Figures 4.1a , 4.1b, and 4.1c are less concave in 

shape relative to the P/P0 axis when compared to the isotherms of the activated carbon supported 

catalysts.  This suggests alumina and silica supported catalysts (i.e. Pd/Al2O3, Rh/Al2O3, 

PdRh/Al2O3, and Pt/SiO2) contained less micropores.  Infact, the adsorption-desorption 

isotherm of Pd/Al2O3 catalyst in Figure 4.1b displayed characteristic hysteresis loop usually 

attributed to Type IV isotherms and exhibits a plateau with reduced limiting adsorption value 

of 200 cm3/g at high P/P0.  As oppose to the H4 type hysteresis loop found in Pd/C catalyst 

adsorption-desorption isotherm in Figure 4.1a, the adsorption-desorption isotherm of Pd/Al2O3 

catalyst in Figure 4.1b contain H2 type hysteresis loop.  This shows that Pd/Al2O3 catalyst 

contained complex, interconnected pore structure with narrow pore openings, while the Pd/C 

catalyst contained narrow slit-like pores that are usually associated to micropores.247, 248  The 
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observed difference in pore structure of these two Pd-based monometallic catalysts highlight 

the effect of change in support on a catalytic system.  It is worth mentioning that the observed 

hysteresis loops in both Pd/C and Pd/Al2O3 catalysts is a testament to the sequence of multilayer 

adsorption followed by capillary condensation within the mesopores of these catalysts.235  The 

Brunauer – Emmett – Teller (BET) method was used to determine the specific surface area of 

the catalysts from their isotherm data.  In conformity with the standard procedure for computing 

the specific surface area via BET method, isotherm data within the relative pressure range of 

0.05 to 0.30 were used for the less porous catalysts which include Pd/Al2O3, Rh/Al2O3, 

PdRh/Al2O3, and Pt/SiO2.
246  However, for the highly porous catalysts such as Pd/C and Pt/C, 

isotherm data within relative pressures below 0.04 were deemed appropriate to comply with 

Rouquerol et al.,249 recommendation for materials containing appreciable amount of 

micropores.  The BET plots obtained for the catalysts are presented in Figure A3.1 of appendix 

A3.1.  Table 4.1 summarises the specific surface areas (SBET), BET constant (C), total specific 

pore volumes (V), and average pore sizes (dAVG) of the catalysts.   

Table 4.1.  Textural Properties of Catalysts from N2 Adsorption-Desorption Isotherms.250   

Catalyst 
SBET 

(m2/g) 

S*(m2/g

) 

BET 

Constan

t (C) 

V 

(cm3/g) 

V* 

(cm3/g

) 

dAVG 

(nm) 

5 wt.% Pd/C 989 1050 734 0.659 0.610 2.7 

5 wt.% Pt/C 1241 1023 351 0.768 0.790 2.5 

5 wt.% Pd/Al2O3 131 110 166 0.306 N/A 9.3 

5 wt.% Rh/Al2O3 164 100 265 0.292 0.40 7.1 

6.5 wt.% 

PdRh/Al2O3 
145 

N/A 
150 0.271 

N/A 
7.5 

5 wt.% Pt/SiO2 266 400 182 0.687 N/A 10.3 

[SBET: BET measured specific surface area, S*: strem manufacturer specific surface area, V: 

total specific pore volume calculated from nitrogen physisorption data, V*: strem manufacturer 

pore volume, dAVG: measured pore volume from the nitrogen physisorption data, N/A: not 

available].  
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Table 4.1 shows that C values obtained from BET analysis of the catalysts nitrogen adsorption-

desorption isotherm ranges between 150 and 734.  From the literature, C values below 20 

indicates invalid BET method and strong interaction between the adsorbate N2 gas and the 

adsorbent surface.249,251  Hence, the BET method applied to estimate the surface areas of the 

catalysts is valid since values obtained for the BET constants are significantly greater than 20. 

According to the literature C values above 200 indicates significant porosity.249,251  Indeed, the 

C values obtained for the activated carbon supported catalysts were significantly greater than 

200 and thus reaffirms the claim of significant porosity in Pt/C and Pd/C catalysts.  In contrast, 

C values for the less porous catalysts such as Pt/SiO2, Pd/Al2O3, and PdRh/Al2O3 lies within the 

typical range of 100 to 200.  Most importantly, the values presented in Table 4.1 are in 

conformity with those reported in the literature.74,252–254  In addition, Table 4.1 shows that 

estimated values from the catalysts physisorption data reasonably agrees with those reported in 

strem manufacturer’s manual on properties of commercial heterogeneous catalysts.  

Interestingly, Table 4.1 shows that the average pore size of all the catalysts ranges between 2.5 

nm to 10.3 nm.  Based on IUPAC classification of pores, all the catalysts are mesoporous 

materials.255  In summary, the trend in average pore sizes of the catalysts follows the order: 

Pt/SiO2 > Pd/Al2O3 > PdRh/Al2O3 > Rh/Al2O3 > Pd/C > Pt/C.  Whereas in terms of total specific 

pore volume, the trend is Pt/C > Pt/SiO2> Pd/C > Pd/Al2O3 > Rh/Al2O3 > PdRh /Al2O3.  The 

trend in specific surface area of the catalysts follows the order: Pt/C > Pd/C > Pt/SiO2 > 

Rh/Al2O3 > PdRh/Al2O3 > Pd /Al2O3.   As expected the highly porous activated carbon 

supported catalysts have the smallest average pore size and largest specific surface area.  

Negligible differences exist in the average pore size of the two activated carbon supported 

catalysts.  However, the total specific pore volume of Pt/C catalyst is 17% bigger than the total 

specific pore volume of Pd/C catalyst. This suggest the former catalyst contain more pores.  As 
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a result, the specific surface area of Pt/C catalyst is 26% bigger than the specific surface area 

of Pd/C catalyst.  This analysis highlights modification which takes place in the pore structure 

of a catalytic system following change in the catalyst active element.  Similar effect can be 

observed between Pd/Al2O3 and Rh/Al2O3 catalysts, on average the pore size of Rh/Al2O3 is 

24% smaller than the pore size of Pd/Al2O3 catalyst.  Consequently, the specific surface area of 

Rh/Al2O3 catalyst is 25% bigger than the specific surface area of Pd/Al2O3 catalyst.  Notably, 

the average pore size of the prepared bimetallic PdRh/Al2O3 catalyst is approximately the same 

as that of the precursor Rh/Al2O3 catalyst.  However, the total specific pore volume of the in-

house prepared bimetallic PdRh/Al2O3 catalyst is approximately 7% lower than that of 

Rh/Al2O3 catalyst.  This suggest slight reduction in the number of alumina pores post 

impregnation of Pd into the Rh/Al2O3 catalyst.  As a result, the specific surface area of the 

prepared bimetallic catalyst is approximately 12% lower than the specific surface area of the 

precursor Rh/Al2O3 catalyst.  Plausible reasons for the decrease in the number of alumina pores 

include high Pd loading and deposition of Pd nanoparticles into pores of the alumina support.  

However, the insignificant change in average pore size confirmed negligible difference between 

the pore size distribution (PSD) of the unmodified Rh/Al2O3 and Pd-modified Rh/Al2O3 

catalyst.  Hence, integrity of the alumina support was maintained despite the observed changes 

in specific pore volume and surface area.  

4.2.2.   Scanning Electron Microscopy (SEM)-Energy Dispersive X-Ray (EDX) Analysis  

The surface morphology of all the catalysts was examined using Scanning Electron 

Microscopy (SEM)-Energy Dispersive X-ray (EDX) spectroscopy analysis.  In addition, this 

analysis was used to determine the size range of particles present in each of the catalyst.  The 

SEM image and elemental mapping of the commercial 5 wt % Rh/Al2O3 catalyst used to prepare 

a bimetallic PdRh/Al2O3 catalyst are presented in Figure 4.2.  While Figure 4.3 represent the 
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SEM image and elemental mapping of the synthesised bimetallic PdRh/Al2O3 catalyst.  The 

SEM images and elemental mappings of all the other catalysts considered in this work are 

presented in Figures A4.1 to A4.4 in appendix A4.1.  

 

Fig. 4.2. SEM image and elemental mapping of Fresh 5 wt % Rh/Al2O3 catalyst [(a) SEM 

micrograph, (b) Rh mapping, (c) Al mapping, and (d) O mapping].  

Figures 4.2b, 4.2c, and 4.2d indicates uniform spread of Rh, Al, and O in the commercial 5 wt 

% Rh/Al2O3 catalyst.  While the SEM micrograph in Figure 4.2a shows the commercial 5 wt % 

Rh/Al2O3 catalyst is made up of granular particles.  

(a)

(b)

(c)

(d)
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Fig. 4.3. SEM image and elemental mapping of Fresh bimetallic 6.5 wt % PdRh/Al2O3 catalyst 

[(a) SEM micrograph, (b) Rh mapping, (c) Al mapping, and (d) Pd mapping].  

In comparison to the SEM micrograph of the precursor catalyst in Figure 4.2a, Figure 4.3a 

shows agglomeration of particles post-impregnation of Pd into the commercial 5 wt % 

Rh/Al2O3 catalyst.  Figures 4.3b, 4.3c, and 4.3d indicates Rh, Al and Pd spread uniformly in 

the synthesised bimetallic PdRh/Al2O3 catalyst.  The EDX images obtained for the commercial 

5 wt % Rh/Al2O3 catalyst and synthesised PdRh/Al2O3 catalyst are presented in Figure 4.4.  As 

expected Figure 4.4a shows Rh, Al and O peaks for the precursor commercial catalyst, while 

Figure 4.4b shows Pd, Rh, Al, and O peaks.  This indicates successful doping of the commercial 

(a) (c)

(d)(b)
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5 wt % Rh/Al2O3 catalyst with Pd particles.  However, to ascertain the percentage weight of Rh 

and Pd in the prepared bimetallic catalyst, X-ray Fluorescence (XRF) analysis was conducted.   

 
Fig. 4.4. EDX image of (a) commercial 5 wt % Rh/Al2O3 catalyst, and (b) prepared bimetallic 

PdRh/Al2O3 catalyst.  
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The result of XRF analysis shows the prepared bimetallic catalyst has a composition of 3.8 wt 

% Rh and 2.7 wt % Pd.  A common feature of the SEM micrographs in Figures 4.2a, 4.3a, and 

A4.1a is that they all contained granular particles.  Nonetheless, the size of the granular particles 

on display in Figures 4.2a, 4.3a and A4.1a differs remarkably.  This is supported by the 

corresponding size distribution of the particles in Figures 4.5a, and 4.5b.  

 
Fig. 4.5. Particle size distribution of fresh (a) commercial 5 wt % Rh/Al2O3 catalyst, particles 

counted = 1200, and (b) prepared bimetallic PdRh/Al2O3 catalyst, particles counted = 125. 

According to Figure 4.5a, majority of the Rh/Al2O3 catalyst particles used as precursor in 

preparing the bimetallic PdRh/Al2O3 catalyst are 0.4 µm – 0.8 µm in size.  In contrast, Figure 

4.5b shows that majority of the synthesised bimetallic PdRh/Al2O3 particles are 0.2 µm in size.  

The observed difference in size of the prepared PdRh/Al2O3 particles and unmodified Rh/Al2O3 

particles can be attributed to the impregnation and calcination processes.  Figure 4.6a shows 

that majority of the Pd/Al2O3 particles are within the range of 0.6 µm to 1.2 µm in size.  As a 

result, bigger lumps can be seen in Figure A4.1a compared to Figures 4.2a and 4.3a. 

Interestingly, the SEM micrograph of the remaining commercial catalysts in Figures A4.2 to 

A4.4 in appendix A4.1 are remarkably different in appearance from those in Figures 4.2a, 4.3a, 
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and A4.1.  This observed variation highlights the morphological differences between alumina 

support and the other alternative supports (i.e. activated carbon and silica).  Notably, the SEM 

micrograph of Pd/C catalyst in Figure A4.2a differs in appearance from that of the Pt/C catalyst 

in Figure A4.3a.  This may be as a result of differences in the original type of activated carbon 

support used by the suppliers of these catalysts.  Figure 4.6c shows that majority of the Pt/C 

particles are less than 0.6 µm, while from Figure 4.6b it can be concluded that most of the Pd/C 

particles are 0.6 µm to 1.2 µm in size.   

 
Fig. 4.6. Particle size distribution of fresh (a) commercial 5 wt % Pd/Al2O3 catalyst, particles 

counted = 4690,  (b) commercial 5 wt % Pd/C catalyst, particles counted = 2997, (c) commercial 

5 wt % Pt/C catalyst, particles counted = 978, and (d) commercial 5 wt % Pt/SiO2 catalyst, 

particles counted = 1915. 
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The SEM micrograph of Pt/SiO2 catalyst in Figure A4.4a are distinctly different from that of 

Pt/C catalyst in Figure A4.3a.  This obviously reflects the morphological differences between 

silica and activated carbon support.  In contrast to Pt/C catalyst, Figure 4.6d shows that close 

to 80% of Pt/SiO2 catalyst are 0.6 µm – 2.3 µm in size. 

4.2.3.   X-Ray Diffraction (XRD) Pattern Analysis  

X-ray diffraction patterns were acquired to determine the phases present in each of the 

catalyst and their respective average crystallite sizes using Scherrer’s formula.  The diffraction 

patterns obtained for the fresh catalysts are presented in Figure 4.7.   

 

Fig. 4.7. XRD patterns of fresh commercial monometallic catalysts and synthesised bimetallic 

PdRh/Al2O3 catalyst.  

At first glance, Figure 4.7 shows that the XRD pattern of the synthesised bimetallic 

PdRh/Al2O3 catalyst resembles that of the unmodified commercial Rh/Al2O3 catalyst.  

Likewise, distinct diffraction peaks at 2θ = 46°, and 67° can be seen in the XRD pattern of 
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Rh/Al2O3, PdRh/Al2O3, and Pd/Al2O3 catalyst.  According to He et al.,256 these peaks can be 

ascribed to cubic ɣ-Al2O3 phase present in the support material of Rh/Al2O3, PdRh/Al2O3, and 

Pd/Al2O3 catalyst.  On this basis, it seems addition of the Pd metals did not damage the original 

structure of the alumina support material present in the unmodified Rh/Al2O3.  Interestingly, 

this claim is consistent with findings from the pore size analysis in Section 4.2.1.  However, in 

comparison to the unmodified Rh/Al2O3 catalyst XRD pattern, the intensity of the characteristic 

peaks of ɣ-Al2O3 phase reduced slightly in the XRD pattern of the prepared bimetallic 

PdRh/Al2O3 catalyst.  The strong resemblance between XRD patterns of the unmodified 

Rh/Al2O3 and the prepared bimetallic PdRh/Al2O3 catalyst can be attributed to the following: i) 

Absence of metallic rhodium peaks, and ii) overlap of positional peaks of metallic Pd with the 

expected positional peaks for ɣ-Al2O3 phase.  Notably, the expected positional peaks of metallic 

rhodium  at 2θ = 41.0°, 47.8°, and 84.4° corresponding to reflections of the (111), (200), and 

(311) planes respectively, were absent in the XRD pattern of the Rh/Al2O3 catalyst in Figure 

4.7.74  Likewise, characteristic diffraction line of metallic Pd at 2θ = 40.0° depicting face 

centered cubic structure coincided with one of the prominent peak position for ɣ-Al2O3 

phase.173,231 Hence, the difficulty in using XRD analysis to discern the unmodified Rh/Al2O3 

catalyst from the synthesised PdRh/Al2O3 catalyst.  However, XRF analysis already confirmed 

the composition of the synthesised catalyst to be 2.7 wt % Pd and 3.8 wt % Rh.  Table 4.2 shows 

the average crystallite size of all the six catalysts.  The average crystallite size for most of the 

catalysts are within the permissible range of 1 nm to 10 nm for economic use of noble metals.257   

Pt/SiO2 catalyst is the only exception with an average crystallite size just outside the specified 

range.  The metal crystallite size for two of the catalysts which include Pd/C and the prepared 

bimetallic PdRh/Al2O3 were also estimated from CO chemisorption data for comparison 

purpose.  It was found that the CO chemisorption approach yielded a lower value of 3.6 nm for 
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the Pd/C catalyst and higher value of 8.2 nm for PdRh/Al2O3 catalyst.  Ideally, this should have 

been repeated for all the catalysts considered.  However, unavailability of equipment necessitate 

consideration of only the prepared bimetallic 6.5 wt % PdRh/Al2O3 catalyst and commercial 5 

wt % Pd/C catalyst.  The dispersion of metals on these two catalysts are 28.1% for Pd/C catalyst 

and 12.1% for the prepared bimetallic PdRh/Al2O3 catalyst.  Interestingly, the average 

crystallite size of the in-house prepared bimetallic PdRh/Al2O3 catalyst was found to be 11% 

higher than that of the precursor commercial Rh/Al2O3 catalyst.  However, compared to the 

average crystallite size of the commercial Pd/Al2O3 catalyst, the average crystallite size of the 

synthesised bimetallic catalyst is 22% smaller.  

Table 4.2. Summary of Fresh Catalysts Average Crystallite Size from XRD Analysis 

Catalyst Crystallite Size (nm) 

5 wt.% Pd/C 10.0 ± 0.10 

5 wt.% Pt/C 6.69 ± 0.08 

5 wt.% Pd/Al2O3 8.14 ± 0.02 

5 wt.% Rh/Al2O3 5.74 ± 0.06 

6.5 wt.% PdRh/Al2O3 6.37 ± 0.07 

5 wt.% Pt/SiO2 10.2 ± 0.08 

 

The XRD pattern of Pd/C catalyst in Figure 4.7 shows distinct diffraction line corresponding 

to reflection of (111) family planes which are normally associated to metallic Pd at 2θ = 40.0°. 

However, the intensity of other expected peaks associated to Pd at 2θ = 47.0°, 68.0°, and 82.0° 

corresponding to reflection of the (200), (220), and (311) family planes are not strong.74,253  This 

can be attributed to the low Pd loading and the well documented difficulty in using XRD to 

detect crystalline Pd phases.239  The expected positional peak of activated carbon support  at 2θ 

= 25.0° corresponding to reflection of the (002) family planes  appeared to have drifted slightly 

to the right (i.e. 2θ = 29.0°).74  While other characteristic diffraction lines for activated carbon 

support at 2θ = 44.0°, and 80.0° corresponding to reflection of (100) and (110) family planes 
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respectively were absent in the XRD patterns of both Pd/C and Pt/C in Figure 4.7.74  In contrast, 

four prominent distinct diffraction peaks can be seen in the XRD pattern of Pt/SiO2 at 2θ = 

40.0°, 46.0°, 67.0°, and 81.0°.  These peaks can be ascribed to reflection of the (111), (200), 

(220), and (331) family planes, and thus confirmed the presence of face centered cubic Pt phase 

in Pt/SiO2 catalyst.258,259  In addition, the XRD pattern of Pt/SiO2 catalyst shows a very broad 

diffraction peak around 2θ = 23°, this can be attributed to the amorphous silica (SiO2) support.  

According to the information presented in Table 4.2, the average crystallite size of Pt/SiO2 

catalyst is remarkably bigger than that of Pt/C but roughly the same with that of Pd/C catalyst.  

4.3.   Blank Experiments  

To establish a benchmark for catalytic activity, the extent of vanillin HDO reaction during 

the heating phase was evaluated.  In addition, vanillin HDO reactions were conducted in the 

presence of supports only without metal to understand the role of support in the reaction. 

Section 3.3.3 in Chapter 3 provide details on the procedure employed to conduct these 

experiments.  The result obtained from both the non-catalytic and support-only experiments are 

presented in Table 4.3.  

Table 4.3. Result of Blank Experiments.  

Experiments CVL0 (mM) CVL (mM) CVA (mM) CCR (mM) X (%) 

No Catalyst 255.07 254.62 0.04  0.01 0.18 ± 0.01 

Activated 

Carbon (C) 
254.12 244.63 0.57 0.38 3.73 ± 0.04 

Alumina (Al2O3) 258.58 255.95 0.24 0.03 1.02 ± 0.02 

Silica (SiO2) 257.38 255.42 0.17 0.03 0.76 ± 0.03 

Reaction Condition: T = 338 K, PH = 2.0 MPa, Agitation Speed = 1000 rpm, support loading = 

3.4 kg/m3, batch time = 1h, and solvent is ethyl acetate.  Note: CVL0 is the feed vanillin 

concentration, CVL is the final concentration of vanillin, CVA is the concentration of vanillyl 

alcohol formed, CCR is the concentration of creosol formed, and X is conversion in percentage.  
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From the data presented in Table 4.3, it can be seen that the standard deviations in conversion 

calculated from triplicate experiments carried out to investigate non-catalytic and support-only 

effect are significantly smaller than 1%. This indicates the results presented are reproducible 

and reliable.  In addition, Table 4.3 shows that less than 0.2% of the starting vanillin was 

converted after 1 h during the non-catalytic reaction.  This shows that vanillin is stable under 

the reaction condition examined.  Likewise, Table 4.3 shows that in the presence of supports 

without metal, less than 4% of the starting vanillin was converted after 1 h.  Hence, it can be 

concluded that insignificant conversion occurred in non-catalytic and support-only reaction 

environments.  This conclusion is consistent with findings from the work of He et al 63.  

However, the presence of vanillyl alcohol and creosol in mixtures from the non-catalytic and 

support-only reactions in small quantities suggest little hydrogenation and deoxygenation took 

place.  This indicates possible differences in the amount of vanillin adsorbed onto the supports 

cannot solely be responsible for the observed variation in conversion achieved under the various 

supports (see Table 4.3).  The highest conversion was achieved under activated carbon (AC) 

support.  Interestingly, it has been reported in the literature that hydrocarbon/carbon system can 

readily be used in place of molecular hydrogen and metal catalysts to facilitate hydrogenation 

of compounds containing C=O bond.260–262  This possibly explains the superior performance 

witnessed under AC support since ethyl acetate which is the reaction solvent is also a 

hydrocarbon.  Moreover, AC support with specific surface area up to 2000 m2/g offers larger 

area for hydrogen adsorption compared to the alternative supports with specific surface areas 

up to 600 m2/g.242   

4.4.   Effect of Catalyst  

The specific objective of this section was to systematically investigate the effect of changes in 

active element of the catalyst on vanillin HDO reaction using noble metals which include 
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palladium (Pd), platinum (Pt), and rhodium (Rh).  In addition, performance of the prepared 

bimetallic PdRh/Al2O3 catalyst was compared to the commercial monometallic catalysts.  As 

previously mentioned in Section 2.5 of Chapter 2, evaluation of catalyst performance in HDO 

reaction normally requires comparison of the hydrogen consumption, conversion, selectivity 

toward the deoxygenated product, and stability.  Hence, these criteria were used to analyse 

vanillin HDO performance under the various catalysts.  The experimental procedure employed 

to investigate the performance of the various catalysts in vanillin HDO reaction was described 

in Section 3.3.4 of Chapter 3.  

4.4.1.   Effect of Catalyst on Conversion and Product Selectivity  

The conversion and product selectivity from vanillin (VL) HDO reactions under the different 

catalysts are presented in Figure 4.8.  Notably, the standard deviations in the results displayed 

in Figure 4.8 are less than 2%.  This indicates results obtained from the experiments performed 

to probe the effect of catalyst are reproducible and reliable.  It was established in Section 4.3 

that approximately 4% is the maximum conversion achievable from vanillin HDO reaction in 

the presence of catalytic support without the metals.  Conversely, under the same condition, 

Figure 4.8 shows that 21% was the lowest conversion achieved in the presence of catalytic 

supports with metals.  This represent a minimum gain of 17% in conversion and illustrates the 

important role of metal catalyst in vanillin HDO reaction.  Additionally, the data presented in 

Figure 4.8 clearly shows that product selectivity from the reactions varied remarkably with the 

type of metal catalyst used.  For instance, 21% conversion and 15% selectivity toward creosol 

was achieved from the reaction when catalysed by Rh/Al2O3 particles.  In contrast, 99% 

conversion and 4% selectivity toward creosol was achieved from the same reaction using 

Pd/Al2O3 catalyst under the same condition. 
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Fig. 4.8.  Effect of changes in catalyst on conversion and product selectivity from vanillin HDO 

reaction  using ethyl acetate at 1000 rpm, CVL0 = 263 mM,  T = 338 K, P = 2.0 MPa, ω = 7.0 

kg/m3 (monometallic catalyst) and 5.0 kg/m3 (bimetallic catalyst), and t  = 1 h.  

 

The observed discrepancy in HDO performance under Rh/Al2O3 catalyst and Pd/Al2O3 catalyst 

can be ascribed to either difference in catalytic activity of the metals or metal dispersion.  

Remarkably, this result complement findings in the work of Santos et al.,74 that Pd is more 

catalytically active than Rh in vanillin HDO reaction.  Nonetheless, superior selectivity toward 

creosol was achieved in the presence of Rh/Al2O3 catalyst in the present work.  As mentioned 

in Section 4.2, the specific surface area of Rh/Al2O3 is 25% greater than the specific surface 

area of Pd/Al2O3.  This means that available area for hydrogen adsorption is significantly 

greater on Rh/Al2O3 and possibly explain the superior selectivity toward creosol in the presence 

of Rh/Al2O3 as oppose to Pd/Al2O3 catalyst.  To buttress this argument, it can be seen in Figure 

4.8 that conversion remained at 99% while selectivity toward creosol increased to 71% when 

the reaction was catalysed by Pd/C particles with specific surface area 7.5 times greater than 
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that of Pd/Al2O3 particles with specific surface area of 131 m2/g.  Interestingly, it has been 

reported in the work of Liu et al., 263 that Pd/C catalyst is more active than Pd/Al2O3 in 

hydrogenation reaction.  The superior activity of Pd/C catalyst for hydrogenation can be linked 

to the AC support which promotes hydrogen transfer in the presence of a hydrocarbon solvent 

such as ethyl acetate.260–262  This reinforces the conclusion in Section 4.3 on support-only 

investigation.  Despite the effectiveness of activated carbon as hydrogen transfer agent, Figure 

4.8 shows that 42% conversion and 2% selectivity toward creosol was achieved when vanillin 

HDO reaction was catalysed by Pt/C particles.  This represent a decline of 57% in conversion 

and 69% in selectivity toward creosol when compared to the performance under Pd/C catalyst.  

The decrease in performance on changing from Pd/C catalyst to Pt/C catalyst can be attributed 

to the difference in catalytic activity of the two metals.  Infact, in the work of Deepa and 

Dhepa264 on hydrogenation of guaiacol, Pd demonstrated superior catalytic activity over Pt.  The 

trend in catalytic activity of the metals considered can be summarised as follows: Pd > Pt > Rh.  

However, in terms of selectivity toward creosol the product of interest, the trend follows the 

order: Pd > Rh > Pt.  The trend in selectivity toward creosol reported here is in conformity with 

findings from the work of Santos et al.74   This stimulated preparation of a bimetallic catalyst 

comprising Pd and Rh.  Although, activated carbon supported catalysts performed better than 

metals on other types of supports.  The result of vanillin HDO reactions conducted under 

supports-only presented in Section 4.3 suggest the influence of support on vanillin HDO 

reaction is insignificant.  Consequently, in this work a bimetallic of PdRh on alumina support 

was prepared.    In comparison to the mono-metal catalysts, combining Pd and Rh positively 

affected selectivity toward creosol from vanillin HDO reaction.  As shown in Figure 4.8, 

selectivity toward creosol from the reaction catalysed by PdRh/Al2O3 particles is 99%.  While 

for the most promising mono-metal catalyst which is Pd/C, selectivity toward creosol of 71% 
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was achieved.  Hence, doping the commercial Rh/Al2O3 catalyst with Pd improved selectivity 

toward creosol from the reaction by at least 28% while maintaining conversion in the high 

region of 98%.  By further comparing the performance under the commercial Rh/Al2O3 catalyst 

to that achieved under the synthesised bimetallic PdRh/Al2O3 catalyst, it is clear that the 

presence of Pd dopant significantly enhanced conversion and selectivity toward creosol.  This 

indicates that the hydrogenation capacity of the precursor Rh/Al2O3 catalyst improved 

remarkably following addition of the Pd.  The improvement in hydrogenation capacity of the 

precursor commercial Rh/Al2O3 catalyst suggest adsorptive and catalytic properties of Rh were 

successfully tuned by the Pd dopant.  A plausible reason for the enhanced properties is a shift 

in d-band electron density of the Rh metal.  According to the literature208, in systems dominated 

by ligand effect, the modifying metal is not present on the surface layer.  Likewise, historically 

subsurface transition-metal alloys demonstrated enhanced HDO activity and selectivity toward 

deoxygenated product.265, 266   The improvement in activity and selectivity have always been 

attributed to the adsorbates binding less strongly to the metal alloy than the pure metal.  In 

addition, it is well-documented that the electron density of Pd metal increases when alloyed 

with a more electropositive metal.267, 268  Consequently, Pd alloyed to a more electropositive 

metal such as Rh favours C=O bond hydrogenation.  The present work could have benefited 

from further characterisation via X-ray Photoelectron Spectroscopy (XPS).  However, XPS 

analysis was not carried out because the equipment was not available.  As previously mentioned 

in Section 2.6.3 of Chapter 2, bimetallic catalysts usually contain a hydrogenating metal and an 

oxophilic metal.  According to the literature208, the strength of Rh–O bond is 377 kJ/mol and 

Pd–O bond is 234 kJ/mol.  This means that during VL HDO reaction over PdRh/Al2O3 catalyst, 

vanillin probably adsorbed strongly onto Rh sites.  While hydrogen dissociation occurred on 

Pd sites, Figure 4.9 depicts the proposed mechanism for VL HDO reaction over 
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PdRh/Al2O3catalyst.   In the present work, the overall trend in performance of the catalysts 

based on conversion can be summarised as follows: Pd/C = Pd/Al2O3 > PdRh/Al2O3>> Pt/C > 

Pt/SiO2 > Rh/Al2O3.  While in terms of selectivity toward creosol it follows the order: 

PdRh/Al2O3 > Pd/C >> Rh/Al2O3 >> Pt/SiO2 > Pd/Al2O3 > Pt/C.  

 

 

Fig. 4.9   Proposed mechanism for VL HDO reaction over bimetallic PdRh/Al2O3 catalyst.  

 
4.4.2.   Effect of Catalyst on Hydrogen Consumption   

In order to compare the hydrogen requirement for vanillin (VL) HDO reaction over different 

catalysts, the procedure described in Section 3.3.4 of Chapter 3 was used to perform VL HDO 
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experiments with ethyl acetate as the reaction solvent.  Figure 4.10 represent the percentage 

change in starting hydrogen gas pressure of 5.6 MPa as the reaction proceeded over the various 

catalysts.  

 

Fig. 4.10.  Temporal change in H2 gas pressure for vanillin HDO reaction under the different 

catalysts using ethyl acetate  at 1000 rpm, T = 318 K, P0 = 5.6 MPa, CVL0 = 263 mM, ω = 7.0 

kg/m3 (monometallic catalyst) and 5.0 kg/m3 (bimetallic catalyst), and t = 0.5 h. Lines are drawn 

to guide the eye while the shapes represent actual data points.  

As expected, Figure 4.10 shows remarkable differences in the overall percentage decrease in 

the starting hydrogen gas pressure for the same reaction over different catalysts.  The highest 

percentage decrease in the starting hydrogen gas pressure of 30.4% was achieved using Pd/C 

catalyst.  This was followed by a 28.6% decrease under the prepared bimetallic PdRh/Al2O3 

catalyst, then 17.9% under both Pd/Al2O3 catalyst and Pt/C catalyst, followed by 13.0% under 

Pt/SiO2 catalyst and finally 5.4% under Rh/Al2O3 catalyst.  These percentages were converted 

to moles of hydrogen consumed, the values found include 48 mmol of H2 under Pd/C catalyst, 

46 mmol of H2 under PdRh/Al2O3 catalyst, 34 mmol of H2 under Pd/Al2O3 or Pt/C catalyst, 29 
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mmol of H2 under Pt/SiO2 catalyst, and 20 mmol of H2 under Rh/Al2O3 catalyst.  Interestingly, 

the highest amount of hydrogen was consumed under Pd/C catalyst in which the highest 

conversion was achieved.  Likewise, the least amount of hydrogen was consumed under 

Rh/Al2O3 catalyst in which the least amount of vanillin was converted.  From the stoichiometry 

of VL HDO reaction, 2 mmol of H2 is required to completely convert 1 mmol of vanillin to 1 

mmol of creosol.  This translate to a stoichiometric ratio of 0.5 for vanillin converted and 

creosol formed per mole of hydrogen consumed.  Table 4.4 summarises the ratio of vanillin 

converted to hydrogen consumed (nVL/nH), and the ratio of creosol formed to hydrogen 

consumed (nCR/nH) under the different catalysts.   

Table 4.4. Vanillin converted, hydrogen consumed, and creosol formed during VL HDO 

reaction under the different catalyst. 

Catalyst 

Type 

nVL 

(mmol) 
nH (mmol) 

nCR 

(mmol) 

nVL/nH (mmol per 

mmol) 

nCR/nH (mmol per 

mmol) 

Pd/C 14.121 48.177 12.717 0.293 0.264 

Pd/Al2O3 14.377 34.091 0.950 0.422 0.028 

Rh/Al2O3 4.630 20.303 0.090 0.228 0.004 

PdRh/Al2O3 14.253 46.150 12.533 0.309 0.272 

Pt/C 12.806 34.091 0.131 0.376 0.004 

Pt/SiO2 9.483 28.569 0.465 0.332 0.016 

Reaction Condition: Agitation Speed = 1000 rpm, T = 318 K, P0 = 5.6 MPa, ω = 7.0 kg/m3 

(monometallic catalyst) and 5.0 kg/m3 (bimetallic catalyst), Feed concentration = 263 mM, 

solvent is ethyl acetate, and t = 0.5 h.  Note: nVL represent amount of vanillin converted in 

millimoles, nH represent amount of hydrogen consumed in millimoles, and nCR represent amount 

of creosol formed in millimoles. 

Table 4.4 shows that nVL/nH ranges from 0.228 under Rh/Al2O3 catalyst to 0.422 under 

Pd/Al2O3 catalyst.  Likewise, nCR/nH changes from 0.004 under Rh/Al2O3 catalyst or Pt/C 

catalyst to 0.272 under PdRh/Al2O3 catalyst.  These values are smaller than the theoretical value 
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of 0.5 for nVL/nH and nCR/nH.   Hence, the amount of hydrogen consumed to convert VL to creosol 

under the various catalysts was higher than the stoichiometric amount.  The hierarchy of the 

catalysts in terms of nVL/nH follows the order: Pd/Al2O3 > Pt/C > Pt/SiO2 > PdRh/Al2O3 > Pd/C 

> Rh/Al2O3, while the trend in terms of nCR/nH is PdRh/Al2O3 > Pd/C >> Pd/Al2O3 > Pt/SiO2 >> 

Pt/C = Rh/Al2O3.  On the basis of these trends, the most attractive and efficient candidate among 

the catalysts tested appears to be the prepared bimetallic PdRh/Al2O3 catalyst.  The other 

promising alternatives such as Pd/Al2O3 catalyst and Pt/C catalyst with values of nVL/nH  very 

close to 0.5 have nCR/nH values significantly smaller than 0.5, hence they are not as efficient as 

the prepared bimetallic PdRh/Al2O3 catalyst.   

4.4.3.   Stability and Reusability Test    

As previously mentioned in Section 2.7.1 of Chapter 2, one of the most challenging problems 

hindering continuous upgrading of bio-oil and its model compound via hydrodeoxygenation 

(HDO) is catalyst deactivation.117, 125,130  The prime objective of this section is to examine the 

stability and reusability of the different catalysts.  To achieve this objective, the procedure 

described in Section 3.3.4 of Chapter 3 was employed.  Table 4.5 summarises the conversion 

and distribution of products per cycle under each of the catalyst.  It shows negligible changes 

in conversion over the three cycles for reactions conducted using metal catalysts on activated 

carbon support.  Since conversion can be interpreted as a measure of catalyst activity, it can be 

concluded that negligible changes occurred in activity of metal catalysts on activated carbon 

support over the three cycles.  In contrast over the three cycles using Pd/Al2O3 catalyst, 

conversion diminished marginally by 2%.  Nonetheless, activity of this catalyst remained 

relatively unaltered because distribution of the reaction products between cycles were not 

significantly different (See Table 4.5).   
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Table 4.5.  Summary of Stability and Reusability Test.  

 

Catalysts 

 

Conversion (%) 

 

Vanillyl Alcohol Selectivity (%) 

 

Creosol Selectivity (%) 

1 2 3 1 2 3 1 2 3 

Pd/C 98.5 99.5 99.9 28.6 27.7 24.3 71.4 72.2 75.6 

Pd/Al2O3 99.0 97.9 97.1 95.6 96.0 93.0 4.3 3.9 7.0 

Rh/Al2O3 21.1 34.8 43.6 76.1 86.5 76.3 15.3 9.5 19.6 

PdRh/Al2O3 97.8 98.9 99.9 0.8 14.3 17.0 99.2 85.3 82.7 

Pt/C 41.9 39.4 45.0 96.6 83.5 92.9 1.9 15.6 6.3 

Pt/SiO2 36.6 59.5 46.0 92.4 96.7 98.2 7.2 3.3 1.7 

Reaction Condition: Agitation Speed = 1000 rpm, T = 338 K, P = 2.0 MPa, ω = 7.0 kg/m3 

(monometallic catalyst) and 5.0 kg/m3 (bimetallic catalyst), Feed concentration = 263 mM, 

solvent is ethyl acetate, and t = 1 h.  

Interestingly, conversion from the reaction increased by 22% over three cycles when 

catalysed by Rh/Al2O3 particles.  Likewise, conversion increased by 23% between cycle 1 and 

2 and then decreased by 14% between cycle 2 and 3 when the reaction was catalysed by Pt/SiO2 

particles.  The observed unexpected trends in conversion per cycle under Rh/Al2O3 catalyst and 

Pt/SiO2 catalyst can be attributed to the oxidation state of the metals in these catalysts.  It appears 

both Rh and Pt were initially present in oxide forms and then gradually reduces to metallic state 

in the hydrogen reaction environment.  As shown in Table 4.5, from the second cycle to the 

third cycle, conversion increased by 9% under Rh/Al2O3 catalyst.  Conversely, in the presence 

of Pt/SiO2 catalyst, conversion decreased by 14% from the second cycle to the third cycle.  The 

opposing trend in conversion from second to third cycle under Rh/Al2O3 and Pt/SiO2 catalysts 

indicates the activation time for these catalysts are different.  On the basis of the observed trends 

between the second and third cycle, it appears Pt/SiO2 catalyst requires shorter activation time 
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compared to Rh/Al2O3 catalyst.  The remarkable difference in specific surface areas of these 

catalysts is a plausible reason for the observed discrepancies in activation time.  As shown 

earlier in Table 4.1 of Section 4.2, the specific surface area of Pt/SiO2 is 266 m2/g while that of 

Rh/Al2O3 is 164 m2/g.  Hence, the active area available on Pt/SiO2 catalyst for hydrogen 

adsorption is approximately 1.5 times the active area provided by Rh/Al2O3 catalyst for similar 

function.  This analysis complement claim in Section 4.4.2 that the hydrogen requirement for 

VL HDO reaction is relatively higher in the presence of Pt/SiO2 catalyst compared to Rh/Al2O3 

catalyst.  Of course, independent measurements of both catalyst reduction temperatures via 

temperature-programmed reduction (TPR) could also be used to justify the observed 

discrepancies in activation time of these two catalysts.  However, limitation on availability of 

this equipment prevented further investigation via TPR.  The trend in conversion after three 

consecutive cycles follows the order: Pd/C = PdRh/Al2O3 > Pd/Al2O3 >> Pt/SiO2 > Pt/C > 

Rh/Al2O3.  While in terms of selectivity toward creosol the trend is PdRh/Al2O3 > Pd/C >> 

Rh/Al2O3 >> Pd/Al2O3 > Pt/C > Pt/SiO2.  This shows that Pd/C catalyst continued to 

demonstrate superior performance over the other monometallic candidates.  However, the 

prepared bimetallic PdRh/Al2O3 catalyst continued to outperform the commercial Pd/C catalyst 

in terms of selectivity toward creosol after three consecutive runs.  In general, deactivation was 

not significant in most of the catalysts as established trends after the first and third cycle 

mirrored each other.  This can be attributed to the mild temperature used in the investigation, 

since mechanisms such as coking and sintering often responsible for deactivation are known to 

be significant at elevated reaction temperatures.115,126,130  Nonetheless, noticeable change can 

be seen in selectivity toward creosol between the first and third cycle under the prepared 

bimetallic PdRh/Al2O3 catalyst.  This could be attributed to leaching of active metals from the 

support material or reduction in strength of the active sites after successive reactions.  In order 
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to establish changes in surface morphology of each catalyst post reaction, Scanning Electron 

Microscopy (SEM) was employed.  Figure 4.11(a) to (b) represents the surface morphology 

and particle size distribution of fresh Rh/Al2O3 catalyst, while Figure 4.11(c) to (d) represents 

the surface morphology and particle size distribution of spent Rh/Al2O3 catalyst. 

 

Fig. 4.11.  SEM images and size distribution of (a to b) Fresh Rh/Al2O3 particles, count: 1200 

and (c to d) Spent Rh/Al2O3 particles, count: 1549.  
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The SEM micrograph of fresh Rh/Al2O3 catalyst in Figure 4.11a differs from that of the spent 

Rh/Al2O3 catalyst in Figure 4.11c in appearance, with the latter showing slightly increased 

agglomeration.  Nonetheless, the size distribution of Rh/Al2O3 particles was relatively 

unchanged in Figure 4.11b and 4.11d.  Likewise, the surface morphology of fresh and spent 

samples of the prepared bimetallic catalyst in Figures 4.12a and 4.12c are different from each 

other.  However, in this case the change was caused by physical attrition of PdRh/Al2O3 

particles within the size range of 0.3 µm to 0.5 µm to smaller particles.  

 

Fig. 4.12.  SEM images and size distribution of (a to b) Fresh PdRh/Al2O3 particles, count: 125 

and (c to d) Spent PdRh/Al2O3 particles, count: 31.  
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In support of the claim of physical attrition in PdRh/Al2O3 particles, Figure 4.12a shows that 

the proportion of fresh PdRh/Al2O3 particles within the size range of 0.3 µm to 0.5 µm was 

24% while Figure 4.12c shows that post reaction the fraction of spent PdRh/Al2O3 particles 

within the same size range of 0.3 µm to 0.5 µm dropped to 13%.  As a result of the 11% decrease 

in fraction of PdRh/Al2O3 particles within the size range of 0.3 µm to 0.5 µm, the proportion of 

PdRh/Al2O3 particles smaller than 0.3 µm increased by 7% while those greater than 0.5 µm 

increased by 4%.  Of course, the marginal increase in proportion of PdRh/Al2O3 particles greater 

than 0.5 µm can be attributed to agglomeration of some of the PdRh/Al2O3 particles smaller 

than 0.3 µm.  The SEM images and particle size distribution of fresh and spent Pd/Al2O3 catalyst 

are presented in Figure 4.13.  
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Fig. 4.13.  SEM images and size distribution of (a to b) Fresh Pd/Al2O3 particles, count: 4690 

and (c to d) Spent Pd/Al2O3 particles, count: 5295.  

Notably, fraction of Pd/Al2O3 particles greater than 2.3 µm doubled after the reaction while 

those in the range of 0.6 µm to 1.2 µm decreased by 7 % (see Figures 4.13b and 4.13d).  This 

possibly explain the observed differences in appearance of the SEM micrographs of the fresh 

and spent Pd/Al2O3 catalysts in Figures 4.13a and 4.13c.  Unlike Pd/Al2O3 particles, the SEM 



122 | P a g e  

 

micrographs of fresh and spent Pd/C particles in Figures 4.14a and 4.14c are identical in 

appearance.  

 
Fig. 4.14.  SEM images and distribution of (a to b) Fresh Pd/C particles, count: 2997 and (c to 

d) Spent Pd/C particles, count: 3748.  

The proportion of Pd/C particles bigger than 1.3 µm increased marginally post reaction at the 

expense of those within the range of 0.6 µm to 1.2 µm (see Figures 4.14b and 4.14d).  Figure 

4.15 shows the SEM micrographs and size distribution of fresh and spent Pt/C particles.  Similar 

to Pd/C particles, there was no remarkable difference between the SEM micrograph of fresh 
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and spent Pt/C particles in Figures 4.15a and 4.15c respectively.  However, the fraction of Pt/C 

particles smaller than 0.6 µm increases at the expense of Pt/C particles within the size range of 

0.6 µm to 1.2 µm post-reaction.  This indicates slight reduction in the size of Pt/C particles 

post-reaction possibly as a result of contact with the rotating stirrer used during the reaction to 

ensure uniform mixing within the reactor.  

 

Fig. 4.15.  SEM images and size distribution of (a to b) Fresh Pt/C particles, count: 978 and (c 

to d) Spent Pt/C particles, count: 1069.  

The SEM images and size distribution of fresh and spent Pt/SiO2 particles are presented in 

Figure 4.16.  As expected, the SEM micrograph of fresh Pt/SiO2 particles in Figure 4.16a is 
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remarkably different from that of spent Pt/SiO2 particles in Figure 4.16c.  This is consistent with 

the observed decline in activity of Pt/SiO2 catalyst between the second and third cycle.  Further 

examination of Pt/SiO2 particles size distribution pre-reaction in Figure 4.16b and post-reaction 

in Figure 4.16d indicates significant drop in size of Pt/SiO2 particles greater than 1.3 µm.  This 

led to a proportional increase in Pt/SiO2 particles within the size range of 0.6 µm to 1.2 µm and 

agglomeration of the particles into a fine big lump (see Figure 4.16c).      

 

Fig. 4.16.  SEM images and distribution of (a to b) Fresh Pt/SiO2 particles, count: 1915 and (c 

to d) Spent Pt/SiO2 particles, count: 2251.  

Figure 4.17 shows that the number of peaks on the XRD pattern of the spent catalysts are the 

same as those on the fresh catalysts for all six catalysts.  The absence of new peaks on the spent 
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catalysts XRD pattern suggest new phases were not formed as a result of vanillin HDO reaction.  

This agrees with findings from the SEM analysis which showed little or no differences.  

However, notable changes occurred in the average crystallite sizes of most of the catalysts 

before and after reaction (see Table 4.6).  The only exceptions are Rh/Al2O3 catalyst and the 

synthesised PdRh/Al2O3 catalyst which showed negligible changes.  

 Table 4.6.  Average Crystallite Sizes of Catalysts before and After Reaction. 

 

 

 

 

 
            Fig. 4.17. XRD patterns of fresh and spent catalysts.  

 

 

 

Catalysts Before (nm) After (nm) 

5 wt % Pd/C 10.0 ± 0.10 8.32 ± 0.06 

5 wt % Pt/C 6.69 ± 0.08 16.1 ± 0.10 

5 wt % Pd/Al2O3 8.14 ± 0.02 7.74 ± 0.03 

5 wt % Rh/Al2O3 5.74 ± 0.06 5.78 ± 0.04 

6.5 wt % PdRh/Al2O3 6.37 ± 0.07 6.11 ± 0.03 

5 wt % Pt/SiO2 10.2 ± 0.08 11.4 ± 0.05 
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4.5.   Effect of Solvent  

In this section, the effect of changes in reaction media on vanillin HDO reaction was probed 

using six different solvents.  As explained in Section 3.3.5 of Chapter 3, the solvents considered 

in this investigation represent the various classes of solvents available.  Likewise, the 

experimental condition and procedure used to conduct the investigation has been described in 

Section 3.3.5 of Chapter 3.  Conversion, selectivity toward creosol and hydrogen consumption 

were used to assess performance under the different solvents.  As a reminder the solvents 

considered include: water and 2-propanol (polar protic solvents), ethyl acetate and 

tetrahydrofuran (aprotic polar solvents), and cyclohexane and toluene (aprotic apolar solvents).  

The solvatochromic properties of these solvents together with the estimated initial turn over 

frequencies of the prepared bimetallic PdRh/Al2O3 catalyst under each solvent are displayed in 

Table 4.7.  

Table 4.7.  Solvatochromic Parameters for Different Solvents and Estimated Initial Turn over 

Frequencies (TOF).269, 270   

Solvent ε µ π* ET (30) Z α β TOF (1/min ) 

Water 78.5 1.85 1.09 63.1 94.6 1.17 0.47 1.3 

2-Propanol 20.1 1.68 0.48 50.7 78.3 0.76 0.95 31.7 

Ethylacetate 6.0 1.88 0.55 38.1 64.0 0.00 0.45 25.9 

Tetrahydrofuran 7.6 1.63 0.58 37.4 58.8 0.00 0.55 19.3 

Toluene 2.4 0.39 0.54 33.9 N/A 0.00 0.11 11.0 

Cyclohexane 2.0 0.00 0.00 30.9 60.1 0.00 0.00 13.7 

Reaction Condition: Agitation Speed = 1000 rpm, T = 318 K, P0 = 5.6 MPa, ω = 5.0 kg/m3 

(bimetallic PdRh/Al2O3 catalyst), Feed concentration = 263 mM, and t = 0.5 h. 

Using the method described in Wan.et.al., 232 the estimated initial turn over frequencies (TOF) 

of the prepared bimetallic PdRh/Al2O3 catalyst in Table 4.7 varies from 1.3 per min under water 
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to 31.7 per min under 2-propanol.  This shows that the average number of reactions which 

occurred on active sites of the prepared bimetallic PdRh/Al2O3 catalyst changed remarkably 

with the type of solvent used in the reaction.  In general, Table 4.7 shows that the prepared 

bimetallic catalyst is most active in polar protic solvents followed by aprotic polar solvents and 

then aprotic apolar solvents.  The only exception to this rule is water in which the catalyst 

appears to be the least active.  According to the literature115, 271, metal catalysts on alumina 

support are prone to deactivation in aqueous environment due to changes in the alumina support 

composition to a new compound called boehmite.  Hence, changes in the alumina support 

possibly explains the significantly reduced activity of the bimetallic PdRh/Al2O3 catalyst in a 

water reaction environment.  Interestingly, Table 4.7 shows an inverse relationship between the 

measured initial TOF and the dielectric constant for solvents within the same class.  Likewise, 

for solvents within the same class, the measured initial TOF is higher in solvent with lower 

hydrogen bond acceptor.  

4.5.1.    Effect of Solvent on Conversion and Product Selectivity 

The distribution of products and conversion under the different solvents are presented in 

Figure 4.18.  It shows that changes in the reaction solvent altered both conversion and product 

distribution.  Thus, agrees with findings from past studies on low temperature hydrogenation 

reactions.189,232,272  Most importantly the observed differences in conversion emphasises 

changes in activity of the catalyst and reinforces the reported variations in the initial TOF of 

the catalyst under different reaction solvent.  Notably, even between solvents within the same 

class remarkable differences can be observed in conversion and product distribution.  For 

instance, water and 2-propanol are both polar protic solvents.  Yet 100% conversion and 

selectivity toward creosol was achieved under 0.5 h using 2-propanol. While over the same 
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duration, less than 80% conversion and 50% selectivity toward creosol was achieved with water 

as the reaction solvent. 

 

Fig. 4.18. Influence of solvent on conversion and product distribution from vanillin HDO 

reaction. Reaction Condition: Agitation Speed = 1000 rpm, T = 318 K, P0 = 5.6 MPa, ω = 5.0 

kg/m3 (bimetallic PdRh/Al2O3 catalyst), CVL0 = 263 mM, and t = 0.5 h.  

The trend in performance under the various solvents based on conversion follows the order: 

2-Propanol > Ethyl Acetate > Tetrahydrofuran > Cyclohexane > Water > Toluene.  While in 

terms of selectivity toward the product of interest creosol, the increasing order of solvent 

effectiveness is 2-Propanol > Cyclohexane > Ethyl Acetate >> Tetrahydrofuran > Water >> 

Toluene.  It is worth mentioning that the standard deviations calculated from triplicate 

experiments displayed in Figure 4.18 are less than 5%, thus validates the reproducibility of the 

results discussed in this section.  According to the literature182, catalytic reactions performed 
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under mass transfer limitations are severely influenced by solubility of the reagents in the 

reaction solvents.  Table 4.8 summarises the solubility of hydrogen gas in each of the solvents, 

it shows that the trend in hydrogen solubility follows the order: 2-propanol >> Cyclohexane > 

Ethyl Acetate > Toluene > Tetrahydrofuran >> Water.  This differs from the trend in catalytic 

performance and thus means changes in solubility of hydrogen gas cannot be used to explain 

the observed variation in conversion and product distribution from vanillin (VL) HDO reaction 

in different solvents.  Likewise, the volume of solvent used in the experiments ensured VL 

completely dissolves in each of the solvents.  Consequently, it can be concluded that the 

reactions were performed under conditions in which mass transfer resistances are negligible.   

Table 4.8. Solubility of Hydrogen in the different Solvents at 298 K and 0.1 MPa H2 gas 

pressure.273 

Solvent H2 Solubility (mol/mol) 

Water 1.4 × 10-5 

2-Propanol 2.4 × 10-3 

Ethyl Acetate 3.5 × 10-4 

Tetrahydrofuran 2.7 × 10-4 

Toluene 3.2 × 10-4 

Cyclohexane 3.8 × 10-4 

As expected, high selectivity toward creosol was achieved in most of the solvents which 

favoured conversion of vanillin.  However, conversion and selectivity toward creosol from 

reactions conducted using cyclohexane and tetrahydrofuran as solvents displayed an 

unexpected trend.  In the presence of cyclohexane, 90% conversion and 96% selectivity toward 

creosol was achieved.  Under tetrahydrofuran, 95% conversion was achieved yet selectivity 

toward creosol was just above 50%.  This unusual scenario can tentatively be attributed to 

adsorption of the intermediate species in the solvents.  Vanillyl alcohol, which is the 

intermediate species from the reaction, is a polar substance, and in the literature it is well 

documented that non-polar solvent favours the adsorption of polar substances.274  Consequently, 
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it can be argued that the adsorption of vanillyl alcohol is more favourable in cyclohexane than 

tetrahydrofuran.  This possibly explains the high selectivity toward creosol under cyclohexane 

compared to tetrahydrofuran.  Interestingly, the trend in activity of the catalyst under the various 

solvents differ slightly from that reported in the work of Sulman et al.75  These discrepancies 

can be attributed to differences in operating condition, catalyst active element and support.275    

4.5.2.   Effect of Solvent on Hydrogen Consumption  

The effect of changes in solvent on the amount of hydrogen consumed during VL HDO 

reaction is discussed in this section.  Figure 4.19 depicts the relative change in starting pressure 

of hydrogen gas pressure of 5.6 MPa over time during VL HDO reaction in different solvents.  

In conformity with the literature232, Figure 4.19 shows that the relative change in starting 

hydrogen gas pressure over time varies with the type of solvent.  The highest percentage 

decrease of 35.7% in the starting hydrogen gas pressure occurred when 2-propanol was used as 

the reaction solvent.  This was followed by ethylacetate (28.6%), tetrahydrofuran (25.0%), 

toluene (16.1%), cyclohexane (14.6%), and water (5.4%).  These percentages were 

subsequently used to determine the moles of hydrogen consumed during VL HDO reaction 

under the different solvents.  The estimated amount of hydrogen consumed under the different 

solvents include 54 mmol under 2-propanol, 20 mmol under water, 46 mmol under ethyl 

acetate, 42 mmol under tetrahydrofuran, 32 mmol under toluene, and 30 mmol under 

cyclohexane.  Hence, the highest amount of hydrogen was consumed during VL HDO reaction 

under 2-propanol and the least amount of hydrogen was consumed when water was the reaction 

solvent.  This analysis justifies the high initial TOF of the prepared bimetallic catalyst under 2-

propanol and low initial TOF under water.  To establish the most efficient reaction solvent, the 

ratio of vanillin converted to moles of hydrogen consumed (nVL/nH), and ratio of creosol formed 
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to hydrogen consumed (nCR/nH) during VL HDO reaction in the different solvents were 

calculated and presented in Table 4.9.     

 

Fig. 4.19. Temporal change in hydrogen gas pressure during vanillin HDO reaction under 

different solvents. Reaction Condition: Agitation Speed = 1000 rpm, T = 318 K, P0 = 5.6 MPa, 

ω = 5.0 kg/m3 (bimetallic PdRh/Al2O3 catalyst), CVL0 = 263 mM, and t = 0.5 h. 

 

Table 4.9 shows that the values of nVL/nH changed from 0.267 in 2-propanol to 0.549 in water.  

Likewise, nCR/nH values changed from 0.01 in toluene to 0.316 in water.  This result indicates 

that nVL/nH is less than the stoichiometric value of 0.5 under all the solvents except water, while 

nCR/nH is less than the theoretical value of 0.5 under the various solvents including water.  The 

hierarchy of the solvents in terms of nVL/nH follows the order water > cyclohexane > 

tetrahydrofuran > toluene > ethyl acetate > 2-propanol, while in terms of nCR/nH the trend in 

performance is water > ethyl acetate > 2-propanol > tetrahydrofuran > cyclohexane > toluene. 

On the basis of these trends, it is clear that water commonly reported as the solvent in past 

studies on vanillin (VL) and other model compounds of bio-oil HDO is the most efficient 
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medium for the reaction.  According to the literature172, the intermediate compound called 

vanillyl alcohol (VA) formed during VL HDO reaction is more soluble in aqueous environment 

than organic environment.  The ease at which VA dissolves in water therefore possibly explains 

the superior efficiency of water over the other solvents as medium for the reaction.  However, 

it has been established in Section 4.5 that activity of the synthesised bimetallic catalyst is 

remarkably lower in aqueous environment compared to other reaction media.  Table 4.9 shows 

that the lowest value of nVL/nH was achieved using 2-propanol, while the lowest value of nCR/nH 

was achieved using toluene.  This suggest higher moles of hydrogen was consumed to convert 

one mole of VL under 2-propanol compared to toluene.  Interestingly, Table 4.9 shows that the 

value of nCR/nH under 2-propanol is approximately 21 times more than that achieved under 

toluene.  This indicates remarkably high amount of hydrogen was consumed to convert VL into 

creosol (CR) under toluene compared to 2-propanol.  Hence, among the solvents tested for VL 

HDO reaction in this work, toluene is the least efficient medium for the reaction.   

Table 4.9. Vanillin converted, hydrogen consumed, and creosol formed during VL HDO 

reaction under different solvents. 

Solvent 
nVL 

(mmol) 

nH 

(mmol) 

nCR 

(mmol) 

nVL/nH (mmol 

per mmol) 

nCR/nH (mmol per 

mmol) 

2-Propanol 14.465 54.150 11.296 0.267 0.209 

Ethyl Acetate 14.320 46.149 12.533 0.309 0.272 

Tetrahydrofuran 13.742 42.093 6.756 0.326 0.161 

Toluene 10.126 32.063 0.330 0.316 0.010 

Cyclohexane 13.019 30.373 1.726 0.429 0.057 

Water 11.138 20.302 6.424 0.549 0.316 

Reaction Condition: Agitation Speed = 1000 rpm, T = 318 K, P0 = 5.6 MPa, ω = 5.0 kg/m3 

(bimetallic PdRh/Al2O3 catalyst), CVL0 = 263 mM, and t = 0.5 h.  Note: nVL represent amount 

of vanillin converted in millimoles, nH represent amount of hydrogen consumed in millimoles, 

and nCR represent amount of creosol formed in millimoles.  

 

 

 

 



133 | P a g e  

 

4.6.   Effect of Processing Condition  

As explained in Section 3.3.6 of Chapter 3, the effect of changes in processing conditions on 

vanillin (VL) HDO reaction was investigated under the conditions listed in Table 3.4.  These 

conditions were established using a standard L9 orthogonal array as recommended by the 

Taguchi design.  The reasons for applying Taguchi design has been covered in Section 3.3.6 of 

Chapter 3.  However, as a reminder they include reduced number of experiments and 

consideration of parameter interactions.276  The processing parameters considered in this study 

include temperature, pressure, catalyst loading, and agitation speed.  Table 3.3 in Section 3.3.6 

of Chapter 3 summarises the three levels for each of the processing parameters.  In the case of 

reaction temperature, it was varied from 318 K (Level 1) to 338 K (Level 3).  The hydrogen gas 

partial pressure was varied from 1.0 MPa (Level 1) to 3.0 MPa (Level 3), while catalyst loading 

was altered from 0.5 kg/m3 (Level 1) to 0.1 kg/m3 (Level 3).  Finally, the speed of agitation was 

changed from 500 rpm (Level 1) to 900 rpm (Level 3).  Justification for the ranges considered 

in this study has been provided in Section 3.3.6 of Chapter 3.  Figure 4.20 shows the conversion 

and product distribution under each of the nine conditions in Table 3.4 of Chapter 3.  The 

standard deviation in the data presented in Figure 4.20 are less than 5%, this indicates the results 

from the experiments conducted are reliable and reproducible.  
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Fig. 4.20. Effect of changes in processing conditions on conversion and the distribution of 

products from vanillin HDO reaction. [Solvent: Ethyl acetate, Type of Catalyst: 10 wt % Pd/C, 

Reaction time: 1 h, Feed vanillin concentration: 65.0 mM]. Note: BC represent performance 

under the best condition derived via signal to noise ratio analysis. The values of T, P, and ω are 

specified in Table 3.4 of Chapter 3.  

As expected changes in the reaction conditions caused significant variation in conversion and 

the distribution of products from vanillin HDO reaction (see Figure 4.20).  For instance, 39% 

conversion and 15% selectivity toward creosol was achieved from vanillin HDO reaction 

conducted under R3 (see Table 3.4 in Chapter 3 for specific information on R3 condition).  In 

contrast, 96% conversion and 22% selectivity toward creosol was achieved from the same 

reaction when conducted under R8 (see Table 3.4 in Chapter 3 for specific information on R8 

condition).  To isolate the effect of changes in the processing parameters on conversion, degree 

of deoxygenation (DOD), and relative rate of deoxygenation to hydrogenation (DOD/HYD), 

the S/N ratio discussed in Section 3.3.6 of Chapter 3 is employed here.  Since the objective is 

to maximise the performance parameters (i.e. conversion, DOD, and DOD/HYD), the best level 

for each process parameter correspond to the level with highest S/N ratio.  
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4.6.1.   Effect of Changes in Reaction Temperature  

The effect of changes in reaction temperature on conversion, degree of deoxygenation, and 

the ratio of deoxygenation to hydrogenation are presented in Figure 4.21.  

 

Fig. 4.21. Effect of changes in reaction temperature on conversion, degree of deoxygenation 

and the ratio of deoxygenation to hydrogenation from vanillin HDO reaction. Note: Level 1 is 

318 K, Level 2 is 328 K, and Level 3 is 338 K. S/N represent signal to noise.   

Notably, the degree of deoxygenation (DOD) and conversion from vanillin HDO reaction 

increases as reaction temperature increased from level 1 (318 K) to level 3 (338 K).  This is in 

conformity with the well-known Arrhenius behaviour of reaction rates increasing with 

temperature and consistent with findings from the work of Mahfud et al.70  Hence, it can be 

concluded that within the range of temperatures considered, 338 K maximises the conversion 

of vanillin to the deoxygenated product creosol.  
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4.6.2.   Effect of Changes in Reaction Pressure 

Figure 4.22 shows the effect of changes in the reaction pressure from level 1 (1.0 MPa) to 

level 3 (3.0 MPa) on conversion, degree of deoxygenation, and the ratio of deoxygenation to 

hydrogenation.   

 

Fig. 4.22. Influence of reaction pressure on conversion, degree of deoxygenation and the ratio 

of deoxygenation to hydrogenation from vanillin HDO reaction. Note: Level 1 is 1.0 MPa, 

Level 2 is 2.0 MPa, and Level 3 is 3.0 MPa. S/N represent signal to noise ratio.  

 

It can be seen in Figure 4.22 that changes in reaction pressure did not significantly alter the 

amount of vanillin converted.  Nonetheless, the ratio of deoxygenation to hydrogenation (DOD 

to HYD) was affected as pressure increased from 1.0 to 3.0MPa.  Likewise, remarkable change 

can be seen in the degree of deoxygenation (DOD) as the reaction pressure increased from 2.0 

to 3.0 MPa.  The improvement in DOD as reaction pressure increases can be attributed to higher 

availability of hydrogen around the catalyst.  Interestingly, in the work of He et al., 63 and 

Bindwal et al., 69 it was also reported that increase in hydrogen gas pressure accelerates the 
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deoxygenation of vanillin to creosol.  Hence, the observed dependence of DOD on hydrogen 

gas pressure in this study is in agreement with the literature.  On the basis of the data presented 

in Figure 4.22, it can be concluded that within the range examined, 3.0MPa is the hydrogen gas 

partial pressure that maximises the DOD of vanillin to creosol. 

4.6.3.   Effect of Changes in Agitation Speed  

The effect of changes in agitation speed from level 1 (500 rpm) to level 3 (900 rpm) on 

conversion, degree of deoxygenation (DOD), and the ratio of deoxygenation to hydrogenation 

(DOD/HYD) are presented in Figure 4.23.  It can be seen that negligible changes occurred in 

all three parameters as the agitation speed was increased from 500 to 900 rpm.  

 

Fig. 4.23. Influence of agitation speed on conversion, degree of deoxygenation and the ratio of 

deoxygenation to hydrogenation from vanillin HDO reaction.  Note: Level 1 is 500 rpm, Level 

2 is 700 rpm, and Level 3 is 900 rpm. S/N represent signal to noise ratio.  

 

This result confirms the absence of external mass transfer limitation within the reaction 

system.277  Hence, the lowest agitation speed of 500 rpm is considered the optimum speed 

because higher agitation speed will increase spending on energy.   



138 | P a g e  

 

4.6.4.   Effect of Changes in Catalyst Loading  

 Figure 4.24 depicts the impact of changes in catalyst loading from level 1 (0.5 kg/m3) to level 

3 (0.1 kg/m3) on conversion, degree of deoxygenation (DOD), and the ratio of deoxygenation 

to hydrogenation (DOD/HYD).  It is worth mentioning here that catalyst loading in the context 

of this discussion refers to weight of the catalyst in kg per unit volume of solvent in m3.  

Notably, conversion and the degree of deoxygenation decreases as catalyst loading decreases 

from 0.5 to 0.1 kg/m3.  Likewise, DOD/HYD decreases significantly as catalyst loading reduces 

from 0.5 to 0.3 kg/m3.  This trend suggests active sites on the catalyst available for adsorption 

of the reactants decreases as catalyst loading reduces.  As a result, conversion and the DOD of 

vanillin to creosol reduces as the catalyst loading decreases.  This analysis reaffirms the 

discussion in Section 4.6.3 that the reaction is not mass transfer limited.  Within the range 

investigated, it can be concluded that 0.5 kg/m3 is the catalyst loading that maximises 

conversion and the DOD of vanillin to creosol.  

 
Fig. 4.24. Effect of changes in catalyst loading on conversion, degree of deoxygenation and the 

ratio of deoxygenation to hydrogenation from vanillin HDO reaction.  Note: Level 1 is 0.5 

kg/m3, Level 2 is 0.3 kg/m3, and Level 3 is 0.1 kg/m3. S/N is the signal to noise ratio.  
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In summary, the best condition (BC) derived includes: reaction temperature 338 K, hydrogen 

gas partial pressure 3.0 MPa, catalyst loading 0.5 kg/m3, and agitation speed 500 rpm.  Vanillin 

HDO reaction was conducted at the derived BC for validation.  The conversion, and product 

selectivity achieved under the derived BC are displayed in Figure 4.20 to enable direct 

comparison with other experimental conditions (i.e. R1 – R9) examined.  Clearly, from Figure 

4.20 the derived BC is valid because under this condition the highest conversion (98.8%) and 

selectivity toward creosol (24.5%) was achieved.      

4.6.5.   Analysis of Variance (ANOVA) 

The significance of the various processing parameters was tested using analysis of variance 

(ANOVA).  For this purpose, the degree of deoxygenation (DOD) achieved at each of the 

conditions examined was used to calculate the corresponding S/N ratio.  The S/N ratios were 

determined using the “larger is better approximation” defined in equation 3.7 of Chapter 3.  

Table A4.1 in appendix A4.1 summarises the DOD, S/N ratios and computed square of 

differences between the individual and mean S/N ratios.  Using the information in Table A4.1, 

the sum of squares deviation, mean variance and percentage contribution (P) for each of the 

parameters was determined.  The results are presented in Table 4.10, sample calculations of 

sum of squares deviation, mean variance and percentage contribution are reported in appendix 

A4.1.   

Table 4.10.  Result of Analysis of Variance (ANOVA) Test 

Parameter DOF Sum of Squares Mean variance P (% cont.) Rank 

Temperature(K) 2 26.4 13.2 17.1 2 

Pressure(MPa) 2 8.7 4.3 5.6 3 

Catalyst loading (kg/m3) 2 119.6 59.8 77.2 1 

Agitator Speed (RPM) 2 0.2 0.1 0.1 4 

Error 1 0 0 0  

Total 9 154.8 77.4 100.0  

Note: DOF represents the degree of freedom, and P represents percentage contribution.  
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Table 4.10 shows that changes in the degree of deoxygenation (DOD) can be explained 

completely by variation in the processing parameters selected.  However, changes in the various 

parameters have different significance on the DOD.  On the basis of percentage contribution 

displayed in Table 4.10, catalyst loading with contribution greater than 77 percent has the most 

significant effect.  This is followed by reaction temperature, hydrogen gas partial pressure and 

then agitation speed.  Remarkably, less than one percent of the changes in DOD can be 

explained by variation in the speed of agitation.  In conclusion the ANOVA analysis performed 

shows that the effect of processing parameters on vanillin HDO reaction studied in this work 

was conducted in the reaction-controlled regime.  

 

4.7.   Conclusions 

In this chapter, the effect of changes in active element of the catalyst, support material, 

solvent, and processing condition on hydrodeoxygenation (HDO) reaction was probed using 

vanillin, a typical compound present in bio-oil.  It was established that contribution from non-

catalytic and support-only reactions toward vanillin HDO reaction are insignificant.  In contrast, 

the reaction was strongly affected by changes in active element of the catalyst.  Following 

further analysis, the observed variation in vanillin HDO performance under different active 

elements was correlated to differences in hydrogen requirement and other physicochemical 

properties such as metal dispersion and specific surface area.  The highest conversion of 99% 

was achieved using Pd-based catalysts, this was followed by Pt-based and then Rh-based 

catalyst.  Notably, the prepared bimetallic PdRh/Al2O3 catalyst emerged as the most efficient 

and attractive catalyst for the reaction producing the highest amount of creosol per mole of 

hydrogen consumed.  Reusability experiments conducted confirmed Pd/C as the most stable 
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and superior catalyst among the monometallic catalysts considered.  However, the prepared 

bimetallic PdRh/Al2O3 catalyst demonstrated excellent stability over long-term and continue to 

outperform the commercial mono-metal Pd/C catalyst in terms of selectivity toward creosol.  

Additionally, it was established that conversion and product distribution from vanillin HDO 

reaction varied significantly with the reaction solvent.  These variations were later related to 

changes in the hydrogen requirement for vanillin hydrodeoxygenation reaction over the 

prepared bimetallic PdRh/Al2O3 catalyst in different reaction media.  Interestingly, water 

commonly reported as solvent in the literature on hydrodeoxygenation reaction emerged as the 

most efficient medium for the reaction.  While toluene was found to be the least efficient 

medium for the reaction producing the lowest amount of creosol per mole of hydrogen 

consumed.  Finally, the work completed in this chapter shows that vanillin hydrodeoxygenation 

reaction is sensitive to changes in the processing parameters.  Within the operational range 

considered, the condition which maximises conversion and selectivity toward creosol was 338 

K reaction temperature, 3.0 MPa hydrogen gas partial pressure, 0.5 kg/m3 catalyst loading, and 

500 rpm agitation speed.  Among these processing parameters, catalyst loading was found to 

be the most influential parameter on the degree of deoxygenation of vanillin to creosol.  In 

contrast, agitation speed was established to be the least influential parameter on degree of 

deoxygenation of vanillin to creosol.  
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Chapter 5 

Kinetics of Vanillin Hydrodeoxygenation Reaction in Ethyl Acetate Using 

Monometallic and Bimetallic Palladium Based Catalysts.  

5.1.   Introduction 

Noble metals which include palladium (Pd), platinum (Pt), ruthenium (Ru), and rhodium (Rh) 

continue to be the leading candidates among the various type of catalysts tested for 

hydrodeoxygenation (HDO) reaction of bio-oil and model compounds.32, 44–47,131,278  These 

metals are the most promising candidate because they are active at low temperatures, and thus 

permit operation at mild temperatures.  Additionally, operation at mild temperatures reduces 

occurrence of thermal reactions which often result in coke formation and catalyst 

deactivation.70, 200,279  Due to the listed benefits, the kinetics of vanillin HDO reaction over noble 

metals such as Ru, Pt, and Pd have been reported previously in limited number of 

publications.70–72, 74, 75,160,280  Sulman and co-worker75 successfully investigate the kinetics of 

vanillin HDO reaction over Pt/C catalyst.  However, the lumped approach utilised in their work 

to model the reaction made it impossible to deduce information on kinetic parameters such as 

the adsorption and reaction rate constants.  Likewise, recent investigation on kinetics of vanillin 

HDO reaction over Pd/C catalyst by Santos et al., 74 failed to provide information on activation 

energy which represent the barrier to the reaction and adsorption coefficients which represent 

the strength of adsorptions onto the catalyst surface.  To date the most comprehensive and 

successful modelling work on kinetics of vanillin HDO reaction was carried out by Bindwal et 

al.,160 using Ru/C catalyst in an aqueous environment.  Nonetheless, it has been shown in past 

studies and in Section 4.4 of Chapter 4 that Pd is the most active metal for vanillin HDO 

reaction.  Hence, the present chapter investigate the reaction kinetics of vanillin HDO over Pd-
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based catalysts.  Remarkably, the kinetics of vanillin HDO reaction over bimetallic catalysts 

which are known to exhibit excellent stability and selectivity toward the deoxygenated product 

creosol has not been reported in the literature.  As a result, the present chapter compare the 

kinetics of vanillin HDO reaction over commercial mono-metal Pd-based catalysts (i.e. Pd/C 

and Pd/Al2O3) and synthesised bimetallic PdRh/Al2O3 catalyst.  In conformity with most studies 

on reaction kinetics, established techniques such as Weisz and Prater criterion, agitation, and 

particle size test were used in Section 5.2 to examine the role of transport limitations.  While 

the concentration – time profiles observed during vanillin HDO reaction under the different 

catalysts are presented in Section 5.3.  The sensitivity of vanillin HDO reaction to changes in 

catalyst loading (ω) was investigated and reported in Section 5.4.  Likewise the effect of 

changes in hydrogen gas partial pressure (PH) on initial rate of vanillin HDO reaction (r0) is 

presented in Section 5.5.  The effect of changes in starting concentration of vanillin on the initial 

rate of reaction (r0) is examined and reported in Section 5.6.  While the effect of temperature 

on r0 and product distribution are presented in Section 5.7.  The impact of reaction products (i.e. 

vanillyl alcohol and creosol) on conversion is discussed in Section 5.8.  The mechanism for 

vanillin HDO reaction, the statistical test carried out to examine the fit of different Langmuir – 

Hinshelwood – Hougen – Watson (LHHW) kinetic models to the experimental data and 

estimated values of the kinetic parameters are presented in Section 5.9.  

5.2.   Transport Limitation Considerations  

Hydrodeoxygenation (HDO) reaction of vanillin is a typical example of three-phase reaction 

involving hydrogen gas (G), solution of vanillin and the products (L), and solid catalyst (S). 

Consequently, different physical and chemical steps must take place for the reaction to occur.190 

These steps include:  
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1. External diffusion of vanillin and hydrogen gas through the boundary layer 

surrounding the catalyst particles; 

2. Intraparticle diffusion of vanillin and hydrogen gas through pores of the catalyst 

particles to the active sites; 

3. Adsorption of vanillin and hydrogen gas onto the catalyst active sites; 

4. Surface reaction between adsorbed vanillin and hydrogen to form intermediates;  

5. Desorption of the products (i.e. creosol and vanillyl alcohol) from active sites of the 

catalyst;  

6. Intraparticle diffusion of the products and unreacted vanillin through the catalyst 

pores;  

7. External diffusion of products and unreacted vanillin across the boundary surrounding 

the catalyst.  

As a result of the series of steps involved, different rate controlling regimes are possible, these 

include277:  

I. Film diffusion control regime (steps 1 and 7);  

II. Pore diffusion control regime (steps 2 and 6);  

III. Intrinsic reaction kinetics control regime (steps 3 to 5).   

However, the scope of the present work necessitates conditions which ensures data collection 

within the intrinsic reaction kinetics control regime.  In this regime, transport resistances are 

negligible.  As a result, the overall rate of reaction will be independent of transport resistances 

in this regime.  The collection of data in the intrinsic kinetics control regime permits the 

development of model that accurately describes reaction kinetics of vanillin HDO.   
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5.2.1.   External Transport Limitations Consideration  

The prerequisite for uniform temperature and concentration throughout the reactor (i.e. 

negligible external transport limitation) is perfect mixing223.  Hence, the minimum agitation 

speeds necessary for complete suspension of the various catalysts were estimated using the 

Zwietering correlation and the reactor dimensions in appendix A5.1.281  The values obtained 

can be seen in Table 5.1.  As expected the predicted minimum agitation speed varied with the 

catalyst type from 101 rpm to 206 rpm.  Most importantly these values provides a benchmark 

for subsequent agitation test to rule out external transport limitation.  

Table 5.1.  Minimum Agitation Speed Calculated from Zwietering Correlation.281  

Catalyst 
Catalyst 

Density (g/ml) 

Characteristic 

Length(µm) 

Minimum Agitation 

Speed (rpm) 

Pd/C 3.863 145.9 206 

Pd/Al2O3 3.432 26.33 113 

PdRh/Al2O3 4.909 13.82 101 

The effect of changes in agitation speed on initial rate of vanillin HDO reaction was examined 

experimentally using the procedure described in Section 3.3.7 of Chapter 3.  Differential 

analysis method described in the literature was used to estimate the initial reaction rate from 

the polynomial fitted to the conversion – time data.223, 282,283  Figure A5.2 shows how the method 

was applied to the data to determine the initial reaction rate.  The changes in estimated initial 

reaction rates following variation in the agitation speed are presented in Figure 5.1a.  Notably, 

the initial reaction rate increases from (6.57 ± 0.32) × 10-4 kmol/kgcatmin to (22.9 ± 0.24) ×10-4 

kmol/kgcatmin as agitation speed increases from 100 rpm to 500 rpm.  Similarly, the initial 

reaction rate increases from (22.9 ± 0.24) × 10-4 kmol/kgcatmin to (25.3 ± 0.48) × 10-4 kmol/ 

kgcatmin as agitation speed increases from 500 rpm to 900 rpm.  However, further increase in 
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the agitation speed from 900 rpm to 1300 rpm caused insignificant change in the initial reaction 

rate.  On this basis, it seems the use of agitation speed above 900 rpm eliminates external 

transport limitation in the reactor.  To validate this conclusion, a commercial 10 wt % Pd/C 

catalyst was used to repeat the test at higher temperature of 338 K following the procedure 

described in Section 3.3.7 of Chapter 3.  Figure 5.1b summarises observed changes in 

conversion as agitation speed increases from 300 rpm to 1100 rpm.  

 

Fig. 5.1. (a) Effect of changes in agitation speed on initial reaction rate of VL at T = 318 K, PH 

= 2.0 MPa, ω = 3.4 kg/m3, CVL0 = 263.0 mM, and t = 50 mins using the prepared bimetallic 6.5 

wt % PdRh/Al2O3 catalyst, and (b) Effect of changes in agitation speed on VL conversion at T 

= 338 K, PH = 1.0 MPa, ω = 0.27 kg/m3, CVL0 = 65.0 mM, and t = 30 mins using commercial 

10 wt % Pd/C catalyst. Reaction solvent is ethyl acetate.    

In agreement with findings from the initial test, it can be seen that conversion increases from 

(84.1 ± 0.86) % to (90.9 ± 0.69) % as agitation speed increases from 300 rpm to 500 rpm. 

Likewise, further increase in the agitation speed from 500 rpm to 700 rpm improves conversion 

from (90.9 ± 0.69) % to (92.9 ± 0.64) %.  Interestingly, the improvement in conversion 

diminishes as the speed of agitation increases.  In fact, conversion remains unchanged following 

increase in the agitation speed from 900 rpm to 1100 rpm.  This result validates earlier 

conclusion that using an agitation speed above 900 rpm eliminates external transport limitation 

in the reactor.  Furthermore, this result is in line with agitation speed often reported in the 
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literature as sufficient to eliminate external transport limitation in similarly scaled laboratory 

reactors.282,284 Hence, subsequent results reported in this chapter were obtained from 

experiments carried out using agitation speed of 1000 rpm.  

5.2.2.   Internal Transport Limitations Consideration  

As previously mentioned in Section 5.2, the reaction rate can be affected severely by internal 

transport limitations, such as pore diffusion.  Consequently, it is necessary to eliminate internal 

transport limitations in the reaction system.  To fulfil this objective, reactions were carried out 

based on the procedure described in Section 3.3.7 of Chapter 3 using samples of 2 wt % 

Pd/Al2O3 catalyst sieved into different particle sizes.  This approach has been used in numerous 

studies on kinetics to probe the significance of internal transport limitations.190,277,285  Figure 

5.2 depicts the influence of particle size on initial reaction rates of vanillin HDO.  It clearly 

shows that the initial reaction rate increases from (2.84 ± 0.07) × 10-4 kmol/kgcatmin to (3.38 ± 

0.06) × 10-4 kmol/kgcatmin as the particle size decreases from fraction > 250 µm to 180 m – 

250 m fraction.  Likewise, as the particle size decreases from 180 m – 250 m fraction to 90 

m – 180 m fraction, the initial reaction rate increases from (3.38 ± 0.06) × 10-4 kmol/kgcatmin 

to (3.57 ± 0.05) × 10-4 kmol/kgcatmin.  Nonetheless, the initial reaction rate seems less sensitive 

to the change in particle size from 180 m – 250 m fraction to 90 m – 180 m fraction.  In 

fact, it can be seen in Figure 5.2 that further decrease in the particle size caused negligible 

change in the initial reaction rate.  From this analysis, it seems the use of catalyst particles 

smaller than 250 µm eliminates internal transport limitation.  As a result of this finding, particles 

smaller than 250 µm were used in subsequent investigations in this chapter.  
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Fig. 5.2. Influence of particle size on initial reaction rate of VL at 1000 rpm, T = 318 K, PH = 

2.0 MPa, ω = 3.4 kg/m3, CVL0 = 263.0 mM, and t = 50 mins using commercial 2 wt % Pd/Al2O3 

catalyst. Reaction solvent is ethyl acetate.   

To reaffirm the absence of internal transport limitation, the role of pore diffusion from the 

three catalysts on the reaction were characterised via Weisz and Prater criterion using a 

dimensionless parameter called observable modulus.  The observable modulus which represent 

the ratio of reaction rate to transport rate was estimated using equation 5.1.  

   ηϕ2  =
𝑟0ωL2

CiD𝑒𝑖
  ,   where i = VL, H2                                          (5.1) 

Herein, r0 represents the initial reaction rate, η the effectiveness factor,  the Thiele Modulus, 

ω the catalyst loading and L the characteristic length of the catalyst particle.  Liquid-phase 

effective diffusivities (Dei) of the reactants were estimated from Wilke – Chang equation284, 

while correlation suggested by Pintar et al287 was used to calculate the concentration of 

hydrogen CH2 (kmol/m3).  The results are presented in Table 5.2, it shows that for each of the 

catalyst, the estimated observable moduli for both vanillin and hydrogen were significantly less 

than 1.  This indicates faster internal transport rate compared to the reaction rate, therefore, the 

reactions were not limited by internal transport.  According to Chen et al., 223,282 when the ratio 
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of hydrogen observable moduli to the model compound observable moduli is much greater than 

1, hydrogen is the limiting reactant within the system.  Notably, under each of the catalysts, the 

computed observable moduli for hydrogen gas were at least three times bigger than that of 

vanillin.  Hence, it can be concluded that hydrogen gas is the limiting reactant in the system. 

Additionally, since the computed observable modulus for both vanillin and hydrogen gas were 

significantly less than 0.3, it indicates the order of reaction with respect to hydrogen gas partial 

pressure and vanillin concentration will be less than or equal to 2.284  

Table 5.2.  Results of Weisz – Prater Analysis at 318 K 

Parameters 

Catalyst Type 

Pd/C Pd/Al2O3 PdRh/Al2O3 

Values Values Values 

ω (kg/m3) 0.27 4.6 4.6 

CVL0 (mM) 65.0 74.6 263 

CH2 (mM) 1.18 2.36 2.70 

r × 103(kmol/ (kgcatalyst min)) 8.53 2.09 1.56 

L (µm) 146 26.3 13.8 

De, VL × 109 (m2/s) 2.01 2.01 2.01 

De, H2 × 108 (m2/s) 1.77 1.77 1.77 

ηϕvl
2 6.26 ×10-3 7.40 ×10- 4 4.40 ×10- 5 

ηϕH
2 3.90 ×10-2 2.65 ×10-3 4.80 ×10-4 

 

 

  5.3.   Proposed Reaction Scheme 

In the course of investigating the kinetics of vanillin HDO reaction under the various 

catalysts, typical concentration – time profiles observed are presented in Figures 5.3a to 5.3c. 

In conformity with the literature74, 75,280, Figure 5.3 shows that over monometallic and bimetallic 

Pd-based catalysts, the products formed from the reaction include vanillyl alcohol and creosol 
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because the concentration of these compounds increases over time as the vanillin concentration 

decreases.  However, in recent work by Shit et al.,73 on vanillin hydrodeoxygenation over a 

bimetallic Cu3Pd nanoalloy anchored on N-rich porous organic polymer at 413 K, guaiacol, p-

cresol and cyclohexanol were reported as products from undesirable side reactions such as 

decarbonylation, deeper hydrogenation and hydrogenolysis.  Hence, at temperatures higher than 

the maximum temperature of 338 K considered in this work, undesirable products such as those 

mentioned in the work of Shit et al., 73 may appear.   

 

Fig. 5.3. Typical concentration against time profile during vanillin HDO reaction over (a) 

commercial 10 wt %  Pd/C catalyst , (b) commercial 5 wt % Pd/Al2O3 catalyst, and (c) 

synthesised 6.5 wt % PdRh/Al2O3 catalyst. Reaction solvent is ethyl acetate. Lines represent 

best polynomial fit to the data.  

Interestingly, Figure 5.3 shows that creosol formation was less prominent in the presence of 

monometallic Pd-based catalysts compared to the prepared bimetallic PdRh/Al2O3 catalyst.  
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This observation is in line with the previous claim in Section 4.4 of Chapter 4.  The sequence 

in which the products appeared indicates the reaction proceeded via hydrogenation of vanillin 

to vanillyl alcohol followed by hydrogenolysis of the vanillyl alcohol to creosol.  Notably the 

same sequence was reported in the work of Bindwal et al., 160 and Santos et al., 74 on vanillin 

hydrodeoxygenation reaction over noble metals supported on activated carbon.  Moreover, the 

concentration – time profile observed under the prepared bimetallic PdRh/Al2O3 catalyst 

represented by Figure 5.3c further validates the proposed sequence displayed in Scheme 1 

because it shows significant decline in concentration of the intermediate product vanillyl 

alcohol from a maximum of 52.2 mM at t = 20 mins to 1.4 mM at t = 50 mins.  

Scheme 1. Reaction Steps for Vanillin HDO over Monometallic and Bimetallic Pd-based 

Catalysts  

 

5.4.   Effect of Catalyst Loading  

 The influence of catalyst loading (ω) on initial rates of vanillin (VL) disappearance (r0) 

during  VL hydrodeoxygenation over commercial 10 wt % Pd/C, commercial 5 wt % Pd/Al2O3, 

and the prepared 6.5 wt % PdRh/Al2O3 catalysts was experimentally examined through the 

procedure described in Section 3.3.8 of Chapter 3.  Figure 5.4A summarises observed changes 

in r0 as ω increases per catalyst at different reaction temperatures.  
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Fig. 5.4A. Effect of catalyst loading on vanillin HDO reaction over (a ) commercial 10 wt % 

Pd/C catalyst at 1000 rpm, T = 318 K and 328 K,  PH = 1.0 MPa,, and CVL0 = 65.0 mM, (b ) 

commercial 5 wt % Pd/Al2O3catalyst, at 1000 rpm, T = 308 K and 318 K, PH = 2.0 MPa,, and 

CVL0 = 263.0 mM, and (c) prepared 6.5 wt %  PdRh/Al2O3 catalyst at 1000 rpm, T = 318 K and 

328 K, PH = 3.0 MPa,, and CVL0 = 263.0 mM.  Reaction Solvent is ethyl acetate. Lines represent 

best linear fit to the data.   

At the different temperatures considered, Figure 5.4A shows that r0 increases as ω increases.  

This is not surprising since reaction rates are expected to change in proportion with the number 

of active sites in a kinetically controlled regime.284  Hence, the results presented in Figure 5.4A 

reaffirms the claim in Section 5.2 that transport limitations are negligible in the reaction system.  

The most definitive test for transport limitation check in laboratory scale reactor is the Madon 

Boudart test.284 According to this test, for reactions conducted under internal transport 

limitation, slope of the ln – ln plot of the catalyst activity against surface metal concentration 

will be 0.5, while for reactions conducted under external transport limitation their slope will be 
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zero.  Figure 5.4B represents the Madon Boudart test for vanillin HDO reaction under the 

different catalysts.  It shows linear correlation between ln – ln activity of the catalysts and the 

surface metal concentrations at two different temperatures.  Most importantly the slope of lines 

displayed in Figure 5.4B are greater than 0.5.  This result suggest mass and heat transport 

resistances are absent within the range of conditions considered in this work.  

 

Fig. 5.4B. Madon Boudart test for vanillin HDO reaction over (a) commercial 10 wt % Pd/C 

catalyst, (b) commercial 5 wt % Pd/Al2O3 catalyst, and (c) prepared bimetallic 6.5 wt % 

PdRh/Al2O3 catalyst. 

The maximum initial turnover frequency (TOF) estimated using procedure described in 

appendix A5.2 was 12.0 per min for the Pd/C catalyst, 0.8 per min for the Pd/Al2O3 catalyst, 

and 27.9 per min for the prepared bimetallic PdRh/Al2O3 catalyst.  This result is expected 

because it confirms superior activity of the prepared bimetallic PdRh/Al2O3 catalyst over the 
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mono-metal catalysts.  Notably, the estimated maximum initial TOF values for the mono-metals 

are lower than the value of 15.6 per min reported in the work of Zhang et al., 282 which utilised 

Ru/C catalyst with 13% metal dispersion.  The remarkable difference between the metal 

dispersion of the mono-metals used in this work and that of the Ru/C catalyst in the literature 

possibly explains the observed discrepancies in the maximum initial TOF values.  In addition, 

the prepared bimetallic PdRh/Al2O3 catalyst demonstrated superior activity over Ru/C since the 

maximum initial TOF value for the former is higher than the value reported in the literature for 

Ru/C catalyst.282  

5.5.   Effect of Hydrogen Gas Pressure 

The procedure described in Section 3.3.8 of Chapter 3 was used to examine the influence of 

hydrogen gas partial pressures (PH) on initial rates of vanillin (VL) disappearance (r0) during 

VL HDO reaction  over commercial 10 wt % Pd/C catalyst, commercial 5 wt % Pd/Al2O3 

catalyst, and the prepared bimetallic 6.5 wt % PdRh/Al2O3.  Figure 5.5A depicts observed 

variation in r0 as PH increases under the different catalysts.  As shown in Figure 5.5Aa which 

represent reactions under Pd/C catalyst, the value of r0 increases from 0.72 × 10-2 kmol/kgcatmin 

to 1.00 × 10-2 kmol/kgcatmin as PH increases from 1.0 MPa to 3.0 MPa.  In addition, Figure 

5.5Aa shows that r0 increases from 0.86 × 10-2 kmol/kgcatmin to 1.28 × 10-2 kmol/kgcatmin 

following changes in PH from 1.0 MPa to 3.0 MPa at elevated temperature of 328 K.  

Interestingly, the same trend is repeated in Figures 5.5Ab and 5.5Ac representing reactions in 

the presence of Pd/Al2O3 and PdRh/Al2O3 catalyst respectively.  This result suggest increase in 

H2 gas partial pressure generally enhances the initial rate of vanillin disappearance.  Likewise, 

this conclusion complements claim in Section 5.2.2 that H2 gas is the limiting reactant in the 

system.  In addition, this conclusion is in line with claim in the literature that elevated operating 
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pressure enhances the rate of HDO reaction due to higher hydrogen availability in vicinity of 

the catalyst.130  

 

Fig. 5.5A. Influence of H2 gas partial pressure (PH) on initial rates of VL disappearance (r0)  at 

(a) commercial 10 wt % Pd/C catalyst at 1000 rpm, T = 318 K and 328 K, CVL0 = 65.0 mM, and 

ω = 0.3 kg/m3, (b) commercial 5 wt % Pd/Al2O3 catalyst at 1000 rpm, T = 308 K, CVL0 = 263.0 

mM, , and ω = 5.0 kg/m3 and (c) prepared 6.5 wt % PdRh/Al2O3  catalyst at 1000 rpm, T = 318 

K,CVL0 = 263.0 mM, and ω = 5.0 kg/m3.  Reaction solvent is ethyl acetate. Lines represent best 

linear fit to the data.  

In order to determine the order of reaction with respect to hydrogen gas partial pressure (PH), 

the natural logarithm of the initial reaction rate (r0) against the natural logarithm of PH was 

plotted (see Figure 5.5B).  The orders of reaction with respect to PH found from the slope of ln 

(r0) versus ln (PH) in Figure 5.5B were all fractional numbers.  These includes 0.3 to 0.4 under 

Pd/C catalyst, 0.7 under Pd/Al2O3catalyst, and 0.4 under PdRh/Al2O3 catalyst.  As a result, it 
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can be concluded that vanillin HDO reaction exhibits nonfirst-order kinetics with respect to PH.  

Again, this conclusion is in conformity with the initial claim in Section 5.2.2 that the order of 

reaction with respect to PH will be ≤ 2.  Interestingly, a nonfirst-order dependence on hydrogen 

gas pressure has been reported previously in the work of Wan et al., 232 on hydrogenation of 2-

butanone in water using Ru/C catalyst.  It is clear from the order of reactions found at two 

different temperatures with Pd/C as the catalyst, changes in temperature had insignificant effect 

on dependence of the initial reaction rate (r0) on hydrogen gas partial pressure (PH).  As a result, 

the author of this work decided to investigate the effect of PH on r0 under Pd/Al2O3 catalyst and 

PdRh/Al2O3 catalyst at different single temperatures.   

 

Fig. 5.5B. ln – ln plot of catalyst activity (r0) against PH under (a) commercial 10 wt % Pd/C 

,(b) commercial 5 wt % Pd/Al2O3  catalyst, and (c) prepared 6.5 wt % PdRh/Al2O3 catalyst. 

In order to tentatively establish the region of limitation in the system, the conventional 

approach involving plot of (CH/r0) against 1/ω reported in the literature was employed.288  The 



157 | P a g e  

 

plot is presented in Figure 5.6, it has an intercept of 0.03 min which represent the resistance 

against gas absorption through the liquid film at the gas – liquid interface.  

 

Fig. 5.6.  Effect of catalyst loading on controlling resistance in a batch reactor using prepared 

bimetallic 6.5 wt % PdRh/Al2O3 catalyst at 1000 rpm, T = 318 K,  PH = 3.0 MPa,, and CVL0 = 

263.0 mM. Reaction solvent is ethyl acetate. Line represent best linear fit to the data and shape 

represent actual data point.    

In comparison to the total resistance of 0.43 min, it can therefore be concluded that the 

resistance against gas absorption was not significant.  As a result, resistance against surface 

reaction between vanillin and hydrogen appears to be the most likely region of limitation in the 

system because external and internal diffusional resistances have been ruled out previously in 

Sections 5.2.1 and 5.2.2.  Nonetheless, it is worth mentioning that the present analysis only 

provides an insight into resistances within the system.  Besides, the method was originally 

developed under the assumption of first-order kinetics with respect to the limiting reactant, 

which of course is not the case here.  

5.6.   Effect of Initial Vanillin Concentration  

The effect of changes in starting concentration of vanillin (CVL0) on the initial rate of vanillin 

disappearance (r0) during vanillin (VL) HDO reaction over the different catalysts was 

experimentally studied using the procedure described in Section 3.3.8 of Chapter 3.  Figure 

5.7Aa shows the observed changes in r0 as CVL0 increases from 35 mM to 65 mM at different 
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reaction temperatures using Pd/C catalyst.  While Figure 5.7Ab represent changes in r0 as CVL0 

increases from 98 mM to 512 mM at 318 K using Pd/Al2O3 catalyst.  Figure 5.7Ac depicts 

observed changes in r0 as CVL0 increases from 263 mM to 526 mM at 318 K using the prepared 

bimetallic PdRh/Al2O3 catalyst.  

 

Fig.5.7A. Effect of changes in the starting concentration of vanillin on initial rate of vanillin 

disappearance (a ) commercial 10 wt % Pd/C catalyst at 1000 rpm, T = 318 K and 338 K ,  PH 

= 1.0 MPa, and ω = 0.1 kg/m3 (b) commercial 5 wt % Pd/Al2O3  catalyst at 1000 rpm, T = 318 

K,  PH = 2.0 MPa, and ω = 5.0 kg/m3, and (c) prepared 6.5 wt % PdRh/Al2O3 catalyst at 1000 

rpm, T = 318 K,  PH = 2.0 MPa, and ω = 5.0 kg/m3.  Reaction solvent is ethyl acetate. Lines 

represent best linear fit to the data.   

It can be seen that under each of the catalysts, r0 decreases as CVL0 increases.  For instance, 

Figure 5.7Aa shows that the value of r0 decreases from 3.04 × 10-2 kmol/kgcatmin to 2.16 ×10-2 

kmol/kgcatmin as CVL0 increases from 35 mM to 65 mM at 338 K using Pd/C catalyst.  Likewise, 

Figure 5.7Ac indicates that r0 decreases from 13.9 × 10-4 kmol/kgcatmin to 7.6 × 10-4 
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kmol/kgcatmin as CVL0 increases from 263 mM to 526 mM using the synthesised PdRh/Al2O3 

catalyst.  In the case of Pd/Al2O3 catalyst, Figure 5.7Ab shows that r0 decreases from 12.0 ×10-4 

kmol/kgcatmin to 4.7 × 10-4 kmol/kgcatmin as CVL0 increases from 98 mM to 512 mM.  Hence, 

it can be concluded that activity of the three catalysts decreases as CVL0 increases.  This 

conclusion contradicts the expected trend of reaction rate increasing with starting reactant 

concentration.  Nonetheless, similar trend of decreasing reaction rate as initial concentration of 

the reactant increases has been reported previously in the work of Maccarrone et al., 285 and 

Wan et al., 232 on hydrogenation of 1-heptyne and 2-butanone respectively.  Hence, the observed 

phenomenon is unusual but possible in heterogeneous catalysed reaction.  A plausible 

explanation for this unusual but interesting phenomenon is that the number of active sites 

available for adsorption of hydrogen gas which is the limiting reactant reduces as CVL0 goes up. 

On the basis of the observed trend in activity of the catalyst as CVL0 increases, it can be 

concluded that vanillin HDO reaction exhibits nonfirst-order dependence on vanillin 

concentration.  It can be observed from the slopes of the plots of ln (r0) against ln (CVL0) in 

Figures 5.7Ba, 5.7Bb, and 5.7Bc that the orders of reaction with respect to vanillin 

concentration ranges from −1.2 to −0.6.  This result reaffirms the conclusion in Section 5.2.2 

that the order of reaction with respect to vanillin concentration will be ≤ 2 since the estimated 

observable moduli based on vanillin were significantly smaller than 0.3.  More importantly, the 

nonfirst-order dependence of the reaction on starting concentration of vanillin suggests the 

development of model describing vanillin HDO reaction kinetics requires consideration of 

processes such as adsorption, surface reaction, and desorption which occurred on the catalyst 

surface.  Hence, reaction kinetics of vanillin HDO would be better described using Langmuir – 

Hinshelwood (L – H) type of rate expression.  
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Fig.5.7B. ln – ln plot of catalyst activity against starting concentration of vanillin using (a) 

commercial 10 wt % Pd/C catalyst, (b) commercial 5 wt % Pd/Al2O3catalyst, and (c) 

synthesised 6.5 wt % PdRh/Al2O3 catalyst.  

5.7.   Effect of Temperature 

The procedure described in Section 3.3.8 of Chapter 3 was used to examine the influence of 

reaction temperature on vanillin HDO.  In conformity with the theory that reaction rates 

generally increases with temperature, the plot of initial rate of vanillin disappearance (r0) against 

reaction temperature for each of the catalyst presented in Figures 5.8Aa, 5.8Ab, and 5.8Ac 

shows that increase in the reaction temperature enhances r0. 
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Fig.5.8A. Effect of changes in reaction temperature on initial rate of vanillin disappearance. (a) 

commercial 10 wt % Pd/C catalyst at 1000 rpm, PH = 1.0 MPa, CVL0 = 35.0 mM, and ω = 0.1 

kg/m3, (b) commercial 5 wt % Pd/Al2O3 catalyst at 1000 rpm, PH = 2.0 MPa, CVL0 = 350.0 mM, 

and ω = 5.0 kg/m3
, and (c) prepared 6.5 wt % PdRh/Al2O3  catalyst at 1000 rpm, PH = 2.0 MPa, 

CVL0 = 263.0 mM, and ω = 5.0 kg/m3. Lines represent best polynomial fit to the data.    

As expected from Arrhenius equation, Figures 5.8Aa and 5.8Ab shows that in the presence 

of mono-metal catalysts, r0 increases exponentially with the reaction temperature.  Conversely, 

Figure 5.8Ac shows that under the prepared bimetallic PdRh/Al2O3 catalyst, r0 increases linearly 

with the reaction temperature.  Hence, a 10 K change in the reaction temperature resulted into 

an average change of 90% in r0 for reactions carried out with the monometallic Pd-based 

catalysts and 32% for those catalysed by the prepared bimetallic PdRh/Al2O3 particles.  From 

slope of the plots of natural logarithm of initial rate of vanillin disappearance (r0) versus 

reciprocal of the absolute temperature for the reactions in Figures 5.8Ba, 5.8Bb and 5.8Bc, the 
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estimated experimental activation energy (EA) for vanillin HDO reaction was 59.2 kJ/mol using 

Pd/C catalyst, 51.9 kJ/mol using Pd/Al2O3 catalyst, and 23.2 kJ/mol using the prepared 

PdRh/Al2O3 catalyst.  When compared to typical values of 12 to 21 kJ/mol reported as activation 

energy for reactions conducted under transport limitation, the estimated experimental activation 

energy values reaffirms the absence of transport limitation and collection of the experimental 

data in the kinetically controlled regime. 70, 289–291   

 

Fig.5.8B. ln – ln plot of catalyst activity against reaction temperature for vanillin HDO reaction 

over (a) commercial 10 wt % Pd/C catalyst, (b) commercial 5 wt % Pd/Al2O3 catalyst, and (c) 

synthesised 6.5 wt % PdRh/Al2O3 catalyst.  

In agreement with the claim in Section 5.4, the experimental activation energy estimated for 

the reaction under the prepared bimetallic PdRh/Al2O3 catalyst was remarkably lower than those 

measured using the mono-metal catalysts.  The ligand effect between Pd and Rh metals on the 
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alumina support possibly encouraged an alternative reaction path with significantly reduced 

activation energy.  Figures 5.9A and 5.9B summarises changes in selectivity toward vanillyl 

alcohol and creosol as the reaction progresses at different temperatures under each of the 

catalysts.  

 

Fig.5.9A. Vanillyl alcohol selectivity as function of the reaction time and temperature. (a ) 

commercial 10 wt % Pd/C catalyst at 1000 rpm, T = 318 K and 338 K, PH = 1.0 MPa, CVL0 = 

35.0 mM, and ω = 0.1 kg/m3   (b) commercial 5 wt % Pd/Al2O3 catalyst at 1000 rpm, T = 308 

K and 328 K, PH = 2.0 MPa, CVL0 = 350.0 mM, and ω = 5.0 kg/m3, and (c) prepared 6.5 wt % 

PdRh/Al2O3 catalyst at 1000 rpm, T = 308 K and 328 K, PH = 2.0 MPa, CVL0 = 263.0 mM, and 

ω = 5.0 kg/m3.  Reaction solvent is ethyl acetate.  Lines represent best polynomial fit to the 

data. 
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Fig.5.9B. Creosol selectivity as function of the reaction time and temperature. (a ) commercial 

10 wt % Pd/C catalyst at 1000 rpm, T = 318 K and 338 K, PH = 1.0 MPa, CVL0 = 35.0 mM, and 

ω = 0.1 kg/m3   (b) commercial 5 wt % Pd/Al2O3 catalyst at 1000 rpm, T = 308 K and 328 K, 

PH = 2.0 MPa, CVL0 = 350.0 mM, and ω = 5.0 kg/m3, and (c) prepared 6.5 wt % PdRh/Al2O3 

catalyst at 1000 rpm, T = 308 K and 328 K, PH = 2.0 MPa, CVL0 = 263.0 mM, and ω = 5.0 kg/m3.  

Reaction solvent is ethyl acetate.  Lines represent best polynomial fit to the data. 

As shown in Figure 5.9Aa which represent the change in selectivity toward vanillyl alcohol 

over time for reactions carried out using Pd/C catalyst, the selectivity toward vanillyl alcohol 

marginally increased from t = 0 mins to t = 10 mins and remained relatively unchanged from t 

= 10 mins to t = 40 mins at T = 318 K.  Conversely, the selectivity toward vanillyl alcohol 

diminished from t = 10 mins to t = 40 mins at T = 338 K.  In the case of vanillin HDO reaction 

under Pd/Al2O3 catalyst, Figure 5.9Ab shows that selectivity toward vanillyl alcohol from t = 0 

mins to t = 40 mins at T = 308 K marginally increased.  While at higher reaction temperature 
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of 318 K, the selectivity toward vanillyl alcohol marginally increased from t = 0 mins to t = 20 

mins and then decreased from t = 20 mins to t = 40 mins.  Under the prepared bimetallic 

PdRh/Al2O3 catalyst in Figure 5.9Ac, it can be seen that the selectivity toward vanillyl alcohol 

increased from t = 0 mins to t = 10 mins and then diminished from t = 10 mins to t = 50 mins 

at T = 308 K and T = 328 K.  As expected for consecutive reactions, Figures 5.9Ba to 5.9Bc 

which represent the selectivity toward creosol are mirror images of Figures 5.9Aa to 5.9Ac.  

Notably, Figure 5.9Ba shows that under the commercial Pd/C catalyst, selectivity toward the 

deoxygenated product creosol remained relatively constant after t = 10 mins at T = 318 K. 

While at T = 338 K, the selectivity toward creosol increased with time from t = 10 mins to t = 

40 mins.  Likewise, Figure 5.9Bc which represent the selectivity toward creosol from VL HDO 

reactions under the prepared bimetallic PdRh/Al2O3 catalyst, it can be seen that selectivity 

toward creosol increased from t = 10 mins to t = 50 mins at T = 308 K and T = 328 K.  On the 

basis of this analysis, increase in the reaction temperature favoured selectivity toward creosol 

from VL HDO reactions conducted using either the commercial Pd/C catalyst or the prepared 

bimetallic PdRh/Al2O3 catalyst.  Interestingly, Mahfud et al., 176 reported the same change in 

distribution of products following alteration in the reaction temperature for vanillin HDO.  

However, Figure 5.9Bb shows marginal decrease in the selectivity toward creosol as the 

reaction temperature increases over the range of 308 K to 328 K.  Hence, it seems hydrogenation 

of vanillin to vanillyl alcohol was more favourable than hydrogenolysis of vanillyl alcohol to 

creosol when the reaction was catalysed by Pd/Al2O3 particles.  

5.8.   Effect of Reaction Products 

The procedure described in Section 3.3.8 of Chapter 3 was used to examine the effect of 

vanillyl alcohol and creosol on vanillin conversion.  Figures 5.10a and 5.10b depicts the effect 

of vanillyl alcohol and creosol on conversion respectively.   
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Fig.5.10. (a) Effect of vanillyl alcohol on conversion, and (b) Effect of creosol on conversion 

at 1000 rpm, T = 328 K, PH = 1.0 MPa, and ω = 0.1 kg/m3.  Reaction solvent is ethyl acetate, 

and catalyst type is commercial 10 wt % Pd/C catalyst. Lines represent best polynomial fit to 

the data. Note: VL represent vanillin, VA represent vanillyl alcohol, and CR represent creosol. 

As shown in Figure 5.10a, 76% conversion was achieved after 40 mins when the starting 

reaction mixture contained no vanillyl alcohol.  However, with starting reaction mixtures 

containing 10 mM and 55 mM vanillyl alcohol, conversion after 40 mins reaction under the 

same condition increased to 99.6% and 88.2% respectively.  This indicates that the presence of 

vanillyl alcohol in the starting reaction mixture improves the rate at which vanillin changes. 

Nonetheless, Figure 5.10a shows that the promoting effect from vanillyl alcohol reduces as the 

concentration of vanillyl alcohol in the starting reaction mixture increases from 10 mM to 55 

mM.  Interestingly, Figure 5.10b shows similar effect with conversions of 98.8% and 96.5% 

achieved after 40 mins when the starting reaction mixture contained 10 mM and 55 mM creosol 

respectively.  However, increase in the concentration of creosol in the starting reaction mixture 

from 10 mM to 55 mM had less effect on rate at which vanillin changes.  A plausible reason 

for the observed differences in effect of the products on conversion is their interaction with 

hydrogen.  The promoting effect of vanillyl alcohol diminishes with increase in concentration 

probably as a result of increased competition between vanillyl alcohol and vanillin for the 
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hydrogen available in the system.  While in contrast, increase in concentration of creosol had 

negligible impact on vanillin conversion because creosol do not undergo further hydrogenation 

under the condition examined.  This analysis reaffirms the proposed mechanism for vanillin 

HDO reaction in Section 5.3 (scheme 1), with vanillyl alcohol as the intermediate product and 

creosol as the final product.  To the best knowledge of this work author, the impact of the 

reaction products on conversion from vanillin HDO reaction is missing in the literature.   

 

5.9.   Model Development for Vanillin HDO Reaction Kinetics 

The reusability and stability of Pd/C, Pd/Al2O3, and PdRh/Al2O3 catalyst have been 

thoroughly examined and reported in Section 4.4.3 of Chapter 4.  It was found that conversion 

remained relatively unchanged throughout three consecutive cycles under each of these 

catalysts.  This suggest contributions from deactivation toward the estimated reaction rates are 

negligible.  Besides, since the reaction rates were calculated from conversion – time data, and 

the conversion achieved was relatively unchanged after three cycles, it follows that a 

deactivation term is not required in the model which describes the kinetics of vanillin HDO 

reaction at the conditions examined.  As previously mentioned in Section 2.7.2. of Chapter 2, 

dual site Langmuir – Hinshelwood – Hougen – Watson (LHHW) approach have been utilised 

in the literature to successfully model HDO reaction kinetics of compounds such as 

levoglucosan, lactic acid, propanoic acid, 2-butanone etc.221, 223,232,282 This approach offers a 

unique opportunity to consider all processes (i.e. adsorption, desorption, and surface reaction) 

which occur on the surface of the catalyst.  Besides, a rate equation derived via this method can 

be extrapolated to concentrations outside the experimental range with caution.242  Interestingly, 

simplified version of the LHHW approach has been used in the past to successfully model the 

kinetics of aqueous phase HDO reaction of vanillin over Ru/C catalyst.160 Notably, the 
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alternative approach of describing the reaction system by ordinary differential equations 

(ODEs) from mass balances on the reactants and products cannot offer the above-mentioned 

benefits provided by LHHW approach.  Moreover, the ODE approach often relies on 

assumption of first order dependence on both the reactants and the products.  On the basis of 

data presented so far, it will be misleading and technically wrong to assume first order 

dependence for the reactants.  Hence, in this study LHHW approach was used to model the 

kinetics of vanillin HDO reaction over the different catalysts.  

5.9.1   Mechanism of Vanillin HDO Reaction and Validation of Rate Expressions 

It is widely reported in the literature that hydrogen adsorption onto the surface of metals take 

place dissociatively.223, 284  As a result, it was assumed that hydrogen adsorption onto the surface 

of the catalysts occurred dissociatively.  The elementary steps used to derive rate expression 

for competitive adsorption of dissociatively chemisorbed hydrogen (H2) and vanillin (VL) are 

represented by equations 5.2 to 5.4.  While the sequence of elementary steps used to derive the 

rate expression for noncompetitive adsorption of dissociatively chemisorbed H2 and VL are 

represented by equations 5.5 to 5.7.  Additional information on derivation of these rate 

expressions is provided in appendix A5.3, while Table 5.3 summarises the two plausible rate 

expressions for modelling HDO reaction of vanillin.  

Competitive Adsorption of Dissociatively Chemisorbed H2 and VL (Model I)  

VL + S1  ↔  VLS1            (Fast)            (5.2) 

H2 + 2S1 ↔ 2HS1                     (Fast)            (5.3) 

2HS1 + VLS1 → Products  (Slow)            (5.4) 

NonCompetitive Adsorption of Dissociatively Chemisorbed H2 and VL (Model II) 

VL + S1    ↔ VLS1                (Fast)                                  (5.5) 

H2 + 2S2 ↔ 2HS2                             (Fast)                                    (5.6) 
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2HS2 + VLS1 → Products   (Slow)                                           (5.7) 

 

Table 5.3.  Rate Expressions for Plausible Kinetic Models  

Model Rate Expression Model Description 

I r =
ksKHKVLCHCVL

(1 +  √KHCH +  KVLCVL)
3 

Competitive adsorption 

of dissociative H2 and 

VL 

II r =  
ksKHKVLCHCVL

(1 +  √KHCH)
2

 (1 +  KVLCVL)
 

NonCompetitive 

adsorption of 

dissociative H2 and VL 

 

In both models I and II presented in Table 5.3, the surface reaction step was assumed to be 

the rate-determining step (RDS).  Hence, other plausible rate expressions derived from 

assuming adsorption processes as the rate-determining steps for competitive and 

noncompetitive dissociative chemisorbed H2 and VL presented in appendix A5.3 were 

evaluated and found to be unsuitable models for describing the kinetics of VL HDO reaction. 

The linearised formats of models I and II are represented by equations 5.8 and 5.9 respectively, 

where b represents  
1+ (KHCH)

1
2

(KsKHKVLCH)
1
3

 , m represents  
KVL

(KsKHKVLCH)
1
3

 , m* represents  
KVL(1 + √KHCH)

2

KsKHKVLCH
 

, and b* represents  
(1 + √KHCH)

2

KsKHKVLCH
 .  

                                                (
CVL

r
)

1

3
= mCVL + b  (5.8) 

                                                
CVL

r
=  m∗CVL  +  b∗  (5.9) 

At constant concentration of dissolved hydrogen gas (CH), the plot of (CVL0/r0)
1/3 vs CVL0 

should be linear for model I, while for model II the plot of (CVL0/r0) vs CVL0 should be linear. 

Figure 5.11A represent the fit of model I to the experimental data from VL HDO reaction under 

the different catalysts.  Indeed, the plots of (CVL0/r0)
1/3 vs CVL0 in Figures 5.11Aa to 5.11Ac are 

linear with R2 values in the range of 0.995 to 1.000.  
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Fig. 5.11A. Fit of linearised version of model I to experimental data. (a ) commercial 10 wt % 

Pd/C catalyst at 1000 rpm, T = 318 K and 338 K, PH = 1.0 MPa, and ω = 0.1 kg/m3 (b) 

commercial 5 wt % Pd/Al2O3 catalyst, at 1000 rpm, T = 318 K, PH = 2.0 MPa, and ω = 5.0 

kg/m3 and (c) prepared bimetallic 6.5 wt % PdRh/Al2O3 catalyst at 1000 rpm, T = 318 K, PH = 

2.0 MPa, and ω = 5.0 kg/m3.  

 

The R2 values which is better known as coefficient of determination, represent the proportion 

of variation in the dependent variable that can be predicted completely from the independent 

variable.  In theory R2 values are between 0 and 1, with a value of 1 indicating the dependent 

variable can be predicted without error from the independent variable.  While R2 value of 0 

means the dependent variable cannot be predicted from the independent variable.  Hence, with 

R2 values between 0.995 and 1.000, the dependent variable (CVL0/r0)
1/3 can be predicted reliably 

from CVL0.  Figure 5.11B depicts the fit of model II to the experimental data from VL HDO 
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reaction under the different catalysts.  It shows the plots of (CVL0/r0) vs CVL0 are indeed linear as 

expected, with R2 values between 0.961 and 0.992.      

 

Fig. 5.11B. Fit of linearised version of model II to experimental data. (a ) commercial 10 wt % 

Pd/C catalyst at 1000 rpm, T = 318 K and 338 K, PH = 1.0 MPa, and ω = 0.1 kg/m3 (b) 

commercial 5 wt % Pd/Al2O3 catalyst, at 1000 rpm, T = 318 K, PH = 2.0 MPa, and ω = 5.0 

kg/m3 and (c) prepared bimetallic 6.5 wt % PdRh/Al2O3 catalyst at 1000 rpm, T = 318 K, PH = 

2.0 MPa, and ω = 5.0 kg/m3. 

 

On the basis of the R2 values displayed in Figures 5.11A and 5.11B, it is clear that model I 

predicts the experimental data better than model II.  For this reason, model II was rejected in 

favour of model I.  This conclusion complements the initial claim in Section 5.6 that 

competition for active sites on the catalyst surface increases as the starting concentration of 

vanillin increases.  Interestingly, model I has been reported as the best fit in other studies on 

kinetics of bio-oil model compounds hydrogenation reaction.  For instance, model I was used 

in the work of Jain et al225 to successfully model the kinetics of aqueous-phase hydrogenation 

reactions of alcohols over a Ru/C catalyst.  Likewise, this same model was successfully used in 
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the work of Bindwal et al221 to model the kinetics of aqueous-phase hydrogenation reaction of 

levoglucosan over a Ru/C catalyst.    

5.9.2   Model Parameter Estimation 

In order to determine values of kinetic parameters such as surface reaction rate constant (KS), 

adsorption constants (KH and KVL), heat of adsorption (∆HH and ∆HVL), and  intrinsic activation 

energy (EA), a nonlinear generalized reduced gradient (GRG) solver in Microsoft Excel was 

used to minimize the objective function defined as residual sum of squares (RSS) in equation 

5.10.  Herein, rExp and rMod represents the experimental reaction rates and rates computed from 

model I rate expression in Table 5.3 respectively.  

                                              RSS =  ∑(rExp  −  rMod)
2
    (5.10) 

For vanillin HDO reaction over Pd/C catalyst, the estimated values for model I parameters are 

presented in Table 5.4.  While Table 5.5 and Table 5.6 summarises values of model I parameters 

for VL HDO reaction over Pd/Al2O3 catalyst and PdRh/Al2O3 catalyst respectively.  In 

conformity with chemical reaction kinetics theory, Table 5.4 shows that at 95% confidence 

level KS increased from 12.29 kmol/kgcatmin to 38.06 kmol/kgcatmin as the temperature for VL 

HDO reaction increased from 318 K to 338 K.  Likewise, for VL HDO reaction over Pd/Al2O3 

catalyst, Table 5.5 indicates that at 95% confidence level KS increased from 17.65 

kmol/kgcatmin at 308 K to 81.17 kmol/kgcatmin at 328 K.  In the case of VL HDO reaction over 

PdRh/Al2O3 catalyst, Table 5.6 shows that at 95% confidence level KS increased from 49.08 

kmol/kgcatmin at 308 K to 87.06 kmol/kgcatmin at 328 K.  Thus, the reported increase in the rate 

of VL HDO reactions over each of the catalyst as temperature increases in Section 5.7 can be 

attributed to increase in the rate constants.  Based on the observed trends in the reaction rate 

constants relative to temperature, it can be concluded that VL HDO reaction obeys the 

Arrhenius expression.  As a result, the intrinsic activation energies for VL HDO reaction over 
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the different catalysts were determined from the Arrhenius expression and presented in Table 

5.7.  As expected, Table 5.7 shows that at 95% confidence level the intrinsic activation energy 

for VL HDO reaction varies with the type of catalyst from 50.60 kJ/mol under Pd/C catalyst 

and 64.08 kJ/mol under Pd/Al2O3 catalyst to 24.10 kJ/mol under PdRh/Al2O3 catalyst.     

Table 5.4.   Estimated Values of Model Parameters for VL HDO Reaction over Pd/C Catalyst. 

Temperature  Model Parameters 95% confidence level  

318 K 

KS (kmol/kgcat min) 12.29 ± 4.93× 10-2 

K
H
 (m3/kmol) 10.25 ± 6.40 × 10-2 

K
VL

 (m3/kmol) 14.41 ± 1.48 × 10-2 

328 K 

Ks (kmol/kgcat min) 25.02 ± 9.41 × 10-1 

K
H
 (m3/kmol) 8.80 ± 3.99 × 10-1 

K
VL

 (m3/kmol) 11.21 ± 3.45 × 10-2 

338 K 

Ks (kmol/kgcat min) 38.06 ± 1.45 × 10-2 

K
H
 (m3/kmol) 5.35 ± 4.93 × 10-3 

K
VL

 (m3/kmol) 6.95 ± 9.85 × 10-2 

 

Table 5.5. Estimated Values of Model Parameters for VL HDO Reaction over Pd/Al2O3 

Catalyst. 

Temperature  Model Parameters 95% confidence level  

308 K 

KS (kmol/kgcat min) 17.65 ± 1.31× 10-1 

K
H
 (m3/kmol) 0.06 ± 4.67 × 10-4 

K
VL

 (m3/kmol) 1.40 ± 3.27 × 10-2 

318 K 

KS (kmol/kgcat min) 39.15 ± 4.63 × 10-1 

K
H
 (m3/kmol) 0.05 ± 3.27 × 10-4 

K
VL

 (m3/kmol) 1.23 ± 9.35 × 10-3 

328 K 

KS (kmol/kgcat min) 81.17 ± 1.96 × 10-1 

K
H
 (m3/kmol) 0.04 ± 1.87 × 10-4 

K
VL

 (m3/kmol) 1.08 ± 4.67 × 10-3 
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Table 5.6. Estimated Values of Model Parameters for VL HDO Reaction over PdRh/Al2O3 

Catalyst. 

Temperature  Model Parameters 95% confidence level 

308 K 

KS (kmol/kgcatmin) 49.08 ± 13.37× 10-1 

K
H
 (m3/kmol)           4.80 × 10-2  ± 2.80 × 10-3 

K
VL

 (m3/kmol) 2.21 ± 1.40 × 10-2 

318 K 

KS (kmol/kgcatmin) 68.03 ± 8.83 × 10-1 

K
H
 (m3/kmol)          4.30 × 10-2 ± 1.87 × 10-3 

K
VL

 (m3/kmol) 1.99 ± 8.41 × 10-2 

328 K 

KS (kmol/kgcatmin)     87.06 ± 15.33 × 10-1 

K
H
 (m3/kmol)             3.96 × 10-2  ± 1.40 × 10-3 

K
VL

 (m3/kmol) 1.61 ± 2.34 × 10-2 

 

Table 5.7. Estimated Values of Kinetic Constants for VL HDO Reaction over Different 

Catalysts. 

 95% Confidence Level 

Kinetic Constants Pd/C Catalyst Pd/Al2O3 Catalyst PdRh/Al2O3 Catalyst 

EA (kJ/mol) 50.60 ±  9.26 × 10-1 64.08 ±  2.36 × 10-1   24.10 ±  20.34 × 10-1 

∆HH (kJ/mol) −28.56 ±  6.42 × 10-2 −10.36 ±  5.03 × 10-4 −7.77 ±  3.14 × 10-3 

∆HVL (kJ/mol) −32.52 ±  9.96 × 10-2 −10.90 ±  3.30 × 10-2 −13.37 ±  2.73 × 10-2 

∆SH (kJ/mol k) −71.03 ±  5.91 × 10-2 −78.47 ±  21.12 × 10-1 −51.46 ±  3.41 × 10-1 

∆SVL (kJ/mol k) −79.58 ±  1.77 × 10-1 −32.65 ±  12.10 × 10-1 −36.26 ±  6.59 × 10-1 

 

In comparison to a value of 41.2 kJ/mol reported in the work of Bindwal et al160 as the 

activation energy for VL HDO reaction over monometallic Ru/C catalyst, the intrinsic 

activation energies for the reaction over monometallic Pd/C and Pd/Al2O3 catalyst in Table 5.7 

are higher but still within the same order of magnitude.  To examine and compare the effect of 

10 K change in the reaction temperature on the rate of VL HDO reaction over the different 
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catalysts, equation 5.11 derived from combining linearised Arrhenius expressions at different 

temperatures was employed.  By substituting the estimated activation energies in Table 5.7 into 

equation 5.11, a 10 K change in the reaction temperature is expected to cause approximately 

80% change in the rate of reaction using Pd/C catalyst, 109% under Pd/Al2O3 catalyst, and 32% 

under PdRh/Al2O3 catalyst.  These predictions are consistent with the reported changes of 90% 

under monometallic catalysts and 32% under the bimetallic catalyst in Section 5.7.  The little 

discrepancies between the actual and predicted effect of change in temperature on rate of VL 

HDO reaction can be attributed to uncertainties in the rate constants used to determine the 

intrinsic activation energies.  

ln (
KS2

KS1
) = −

EA

R
[

1

T2
 −

1

T1
]                   (5.11) 

Herein, KS1 represent rate constant at temperature 1 (T1), KS2 represent rate constant at 

temperature 2 (T2), EA represent the activation energy, and R represent the universal gas 

constant.  From the result presented in Table 5.4, Table 5.5 and Table 5.6, the adsorption 

constant for the reactants (i.e. VL and H2) decreases as the temperature at which the reaction 

occurs increases.  This behaviour suggest increase in the reaction temperature favours 

desorption of VL and H2 from the monometallic and bimetallic catalyst surfaces.  A plausible 

reason for the observed behaviour is that increase in temperature increases oscillation of the 

reactants at the catalyst surface and this consequently lowers the possibility of strong 

adsorption.  In addition, the inverse relationship between the adsorption constant and reaction 

temperature reaffirms claim in the literature160 that VL HDO reaction is an exothermic process.  

As a result of the exothermic nature of VL HDO reaction, the classical Van’t Hoff isochore in 

equation 5.12 was used to estimate the changes in enthalpy and entropy of the reactants.   
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ln Kads  =  (
−∆Hads

RT
) + (

∆S

R
)    (5.12) 

Herein, Kads is the adsorption equilibrium constant, ΔHads is the enthalpy change due to 

adsorption, ΔS is the change in entropy of the system, R is the universal gas constant, and T is 

the reaction temperature.  The values of change in entropies and enthalpies determined are 

shown in Table 5.7.  In conformity with thermodynamics292, the estimated change in enthalpies 

and entropies reported in Table 5.7 are all negative.  Hence, model I is thermodynamically 

consistent and values of the kinetic parameters reported in this work are reasonable.  On the 

basis of the enthalpies of adsorption in Table 5.7, it can be concluded that the strength of 

adsorption of vanillin onto each of the catalyst surface was marginally stronger than that of 

hydrogen.  Nonetheless, it seems both reactants adsorbed weakly onto the surface of all the 

catalysts since significantly high values of enthalpy change represent strong interaction.  The 

extent to which rates predicted from model I matches the experimental rates was examined 

using parity plots in Figures 5.12a to 5.12c.  Clearly with R2 values greater than or equal to 

0.99, the predicted reaction rates strongly agree with the experimental reaction rates.   
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Fig. 5.12. Parity Plot of model I to compare predicted reaction rates and experimental reaction 

rates under different catalyst.  (a) commercial 10 wt % Pd/C catalyst, (b) commercial 5 wt % 

Pd/Al2O3 catalyst, and (c) prepared bimetallic 6.5 wt % PdRh/Al2O3 catalyst. Lines represent 

the best fit to data.  

The average absolute percentage error in predicting the rate of VL HDO reaction over the 

different catalysts was estimated using equation 5.13.  In the case of VL HDO reaction over 

Pd/C catalyst, the average absolute percentage error estimated was 4.35%.  While for VL HDO 

reaction over Pd/Al2O3 catalyst and PdRh/Al2O3 catalyst, the average absolute percentage error 

found was 12.53% and 20.84% respectively.  Noteworthy, the method used here to estimate the 

average percentage error amplifies little deviation at low reaction rates because reaction rates 

are weighed equally.  When the errors were measured relative to the average rate over all the 
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data points, the average absolute percentage errors found improved to 3.34% for Pd/C catalyst, 

7.15% for Pd/Al2O3 catalyst, and 10.43% for PdRh/Al2O3 catalyst.  In the literature223, average 

percentage errors less than 30% has been cited as acceptable in kinetic modelling.  As a result, 

the average percentage errors reported in the present work are within the acceptable range.   

                                    Error(%) =
∑ (

|rMod− rExp|

rExp ) n

n
 × 100                   (5.13) 

 Figures 5.13a to 5.13c illustrate the fit of vanillin concentration predicted from model I to the 

experimental concentration of vanillin at different reaction temperatures.  At all the 

temperatures considered, Figures 5.13a to 5.13c shows that VL concentrations predicted from 

model I matches the experimental VL concentrations.  Hence, it can be concluded that model I 

reliably describes the kinetics of vanillin HDO reaction in a batch system operated at mild 

conditions. 
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Fig.5.13. Comparison of the changes in predicted and experimental concentrations of vanillin 

over time during HDO reaction over (a) commercial 10 wt % Pd/C catalyst at 318 K, 328 K, 

and 338 K, (b) commercial 5 wt % Pd/Al2O3 catalyst at 308 K, 318 K, and 328 K, and (c) 

prepared bimetallic 6.5 wt % PdRh/Al2O3 catalyst at 308 K, 318 K, and 328 K. Lines represent 

fit of proposed kinetic model to the experimental data which are represented by the shapes.  

Figure 5.14 shows the changes in fractional coverage of hydrogen gas, vanillin and 

unoccupied sites on each of the catalysts with the reaction time.  From Figure 5.14, it is clear 

that the coverage of hydrogen gas was remarkably smaller in Pd/Al2O3 catalyst and PdRh/Al2O3 

catalyst compared to Pd/C catalyst.  This observation can be attributed to the significant 

difference in the area available for adsorption of hydrogen on the alumina supported catalysts 

compared to Pd/C catalyst.  However, as expected the trend in fractional coverage of the vanillin 
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mirrored that of the vacant sites under the different catalysts.  The fixed external supply of 

hydrogen gas applied during the experiments to maintain constant reaction pressure ensured the 

amount of dissolved hydrogen gas in the reaction solvent was fixed.  As a result, negligible 

changes occurred in fractional coverage of dissolved hydrogen gas over time under all the 

catalysts.  

 

Fig. 5.14. Changes in Fractional Coverage of vanillin, hydrogen gas, and vacant sites on (a) 

commercial 10 wt % Pd/C catalyst, (b) commercial 5 wt % Pd/Al2O3 catalyst, (c) prepared 

bimetallic 6.5 wt % PdRh/Al2O3 catalyst over time at 328 K. Lines represent best polynomial 

fit to the data.  
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5.10   Conclusions  

In summary, this chapter examines the kinetics of vanillin hydrodeoxygenation (HDO) 

reaction over commercial monometallic Pd-based catalysts (i.e. Pd/C and Pd/Al2O3) and a 

synthesised bimetallic PdRh/Al2O3 catalyst in a batch reactor operated at mild conditions using 

ethylacetate as the reaction solvent.  Transport limitations in the system were ruled out through 

Weisz − Prater criterion, agitation, and particle size test.  Interestingly, the investigation showed 

that vanillin HDO reaction occurred in two steps which include hydrogenation of vanillin to 

vanillyl alcohol followed by hydrogenolysis of vanillyl alcohol to the desired deoxygenated 

product creosol.  Under the different catalysts, nonfirst-order reaction kinetics with respect to 

vanillin concentration and hydrogen gas partial pressure was found.  The order of reaction with 

respect to vanillin concentration lies in the range of −1.2 to −0.6, while relative to hydrogen gas 

partial pressure the interval is 0.3 to 0.7.  As expected for reactions conducted under intrinsic 

kinetic controlled conditions, estimated values of slope from plots of natural logarithm of 

activity against surface metal concentrations were greater than 0.5 under the different catalysts. 

In addition, from this study it was established that increase in the reaction temperature favours 

production of creosol from vanillin HDO provided Pd/C or PdRh/Al2O3 particles are used to 

catalyse the reaction.  Conversely, selectivity toward creosol from the reaction diminished 

marginally as temperature increases under Pd/Al2O3 catalyst.  Interestingly, higher conversions 

were achieved when the starting feed mixture contained either vanillyl alcohol or creosol which 

are products from the reaction.  Langmuir – Hinshelwood – Hougen − Watson (LHHW) method 

was successfully used to derive plausible rate expressions to model the reaction.  However, rate 

expression obtained under the assumption of competitive dissociative hydrogen adsorption 

(model I) emerged as the best fit to the experimental data with R2 values greater than or equal 

to 99.5%.  For vanillin HDO reactions catalysed by Pd/C catalyst, at 95 % confidence level the 
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estimated values from the model include intrinsic activation energy of 50.6 kJ/mol, −28.9 

kJ/mol for the adsorption enthalpy of H2 gas, and −32.5 kJ/mol for the adsorption enthalpy of 

vanillin.  Likewise, for vanillin HDO reactions under Pd/Al2O3 catalyst, the values predicted at 

95% confidence level from the model include intrinsic activation energy of 64.1 kJ/mol, −10.9 

kJ/mol for the adsorption enthalpy of vanillin, and −10.4 kJ/mol for the H2 gas adsorption 

enthalpy.  In contrast, for reactions catalysed by the prepared bimetallic PdRh/Al2O3 catalyst 

values predicted at 95% confidence level for the kinetic parameters from the model include 

intrinsic activation energy of 24.1 kJ/mol, −13.4 kJ/mol enthalpy of adsorption for vanillin, and 

−7.8 kJ/mol enthalpy of adsorption for H2 gas.  Hence, it can be concluded that the energy 

barrier for vanillin HDO reaction reduces significantly in the presence of bimetallic PdRh/Al2O3 

catalyst.  
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Chapter 6 

Kinetics of Vanillin Hydrodeoxygenation Reaction in Different Solvents and 

Binary Environments. 

6.1.   Introduction 

The dramatic effect of solvents on kinetics of low temperature hydrogenation reactions are 

well documented in the literature on heterogeneous catalysis.293–300  In the work of Bertero et 

al., 301 on liquid-phase hydrogenation of acetophenone over Ni/SiO2 catalyst in different 

solvents, it was reported that the measured initial hydrogenation rate varied remarkably from 

2.75×10-5 mol/min.g in methanol to 1.09×10-3 mol/min.g in 2-propanol.  Likewise, in the work 

of Mukherjee et al., 293 the measured initial turn over frequencies of Pt/SiO2 catalyst during 

hydrogenation of citral in different solvents changed from 0.11/s in n-amyl acetate to 0.62/s in 

p-Dioxane.  However, the mechanism responsible for the reported changes in activity of various 

catalysts under different solvents remains unclear.  The effect of solvent on hydrogenation 

reactions has mostly been rationalised through correlation to properties such as solvent polarity 

or dielectric constant.183–186  Nonetheless, more work is required to quantitatively characterise 

and understand the effect of solvent on hydrogenation reactions.  Especially hydrogenation 

reactions involving the use of  supported noble metal catalysts.284 Vanillin (VL) 

hydrodeoxygenation (HDO) reaction is a typical example of hydrogenation reactions in which 

supported noble metal catalysts are often utilised.  Interestingly, Section 4.5.1 of Chapter 4 

showed that selectivity toward the deoxygenated product creosol from VL HDO reaction varied 

significantly from 100% in 2-propanol  to 3% in toluene.  In addition, it was found in Section 

4.5.2 of Chapter 4 that the amount of hydrogen consumed during the reaction varied appreciably 
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from 54 mmol in 2-propanol to 20 mmol in water.  Likewise, during vanillin hydrogenation 

over bimetallic Cu3Pd1 nanoalloy anchored on N-rich porous organic polymer catalyst in 

different solvents remarkable changes in selectivity toward creosol and conversion was reported 

in the work of Shit et al.73 With conversions ranging from 9.6% using water/oil mixture to 

99.3% using 2-propanol, while the selectivity toward creosol changed from 72.7% in 2-

propanol/water mixture to 98.3% in water.  Despite the well documented changes in conversion 

and selectivity toward the deoxygenated product from VL HDO reaction under different 

solvents, information on kinetics of this reaction in different solvents is missing in the literature.  

As a result, the first section of this chapter investigate the impact of changes in solvent on 

intrinsic kinetic parameters of VL HDO reaction such as activation energy, adsorption constant, 

and rate constant.  The solvents selected for this purpose include 2-propanol, to represent polar 

protic solvents; tetrahydrofuran, to represent aprotic polar solvents; and toluene, to represent 

aprotic apolar solvents.  Furthermore, past studies on kinetics of VL HDO reaction were 

conducted in pure environment containing only the solvent and vanillin.  However, real bio-oil 

contain over 400 different compounds, and how these compounds affects the kinetics of VL 

HDO reaction has not been reported anywhere.32, 46, 47  Considering that only a finite number of 

active sites are available on the catalyst surface, the presence of other compounds in the vicinity 

for VL HDO reaction will most certainly increase the energy barrier for the reaction due to the 

increased competition for vacant active sites.  Consequently, the second section of this chapter 

test the validity of this hypothesis by investigating the kinetics of VL HDO reaction in vanillin 

– acetic acid and vanillin – guaiacol environments.  It was established previously in Section 

5.2.1 and 5.2.2 of Chapter 5 that agitation speed above 900 rpm and catalyst particles smaller 

than 250 µm are needed to eliminate transport limitation.  Likewise it has been documented in 

the literature that diffusion through the film and pores occurs more rapidly compared to surface 
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reactions when heterogeneous reactions are carried out at low temperatures.190  Hence, to fulfil 

the objectives of this chapter, the experiments were conducted using catalyst particles smaller 

than 250 µm, 1000 rpm agitation speed and reaction temperatures less than 338 K.  

6.2.   Solvent Effect on Kinetics of Vanillin HDO Reaction  

This section examines the effect of changes in solvent on kinetics of vanillin HDO reaction 

over the prepared bimetallic PdRh/Al2O3 catalyst experimentally through the procedure 

described in Section 3.3.9 of Chapter 3.  The solvents employed in this investigation are 2-

propanol, toluene, and tetrahydrofuran.  This investigation is a follow-up to the solvent 

screening experiment reported in Section 4.5 of Chapter 4.  The rationale behind the 

representative solvents considered in the present investigation has been covered in Section 3.3.9 

of Chapter 3.  Likewise, details about the experimental conditions and procedures employed 

have been discussed in Section 3.3.9 of Chapter 3.  Figures 6.1a to 6.1c represent typical 

concentration – time profiles observed during vanillin HDO reaction over the synthesised 

bimetallic PdRh/Al2O3 catalyst with 2-propanol, tetrahydrofuran, and toluene as the reaction 

solvents.  In conformity with findings reported in Section 4.5.1 of Chapter 4, products from 

vanillin HDO reaction under the different solvents include vanillyl alcohol and creosol.  

Interestingly, they have been reported previously in the literature as the main products from 

vanillin HDO reaction over Pt/C catalyst in the presence of 2-propanol and tetrahydrofuran.116 

However, unwanted products such as ethyl vanillyl ether, pentanol, 1, 4-butanediol, and 

pentanol were also reported in the literature.75  The absence of these undesirable products in the 

present work can be attributed to the mild reaction temperature and the ligand effect between 

Pd and Rh metals discussed in Section 4.4.1 of Chapter 4.  
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Fig. 6.1. Typical concentration against time profile during vanillin HDO reaction over prepared 

bimetallic 6.5 wt % PdRh/Al2O3 catalyst under different solvents. (a) 2-propanol, (b) 

Tetrahydrofuran, and (c) Toluene. Lines represent best polynomial fit to the data and the shapes 

represent actual data points.  

6.2.1.   Effect of H2 gas Partial Pressure on Vanillin HDO Reaction  

It was established earlier in Section 4.5.2 of Chapter 4 that the amount of hydrogen consumed 

during vanillin HDO reaction changes appreciably with the type of solvent.  As a reminder, the 

initial turn over frequency of the prepared bimetallic PdRh/Al2O3 catalyst varied remarkably 

from 1.3 per min in water to 31.7 per min in 2-propanol.  To shed more light on the observed 
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changes, the present section examines the dependence of initial rate of VL disappearance (r0) 

on hydrogen gas partial pressure (PH).  Section 3.3.9 of Chapter 3 provides details on the 

experimental conditions and procedure used to investigate the effect of changes in PH on r0.  

Figure 6.2A summarises the observed variation in r0 as PH increases from 1.0 MPa to 4.0 MPa 

under the various solvents.   

 

 
 

Fig. 6.2A. Influence of H2 gas partial pressure (PH) on initial rates of VL disappearance during 

VL HDO reaction over 6.5 wt % PdRh/Al2O3 catalyst using (a ) 2-Propanol at 1000 rpm, T = 

318 K, CVL0 = 598.0 mM, and ω = 5.0 kg/m3, (b) Tetrahydrofuran at 1000 rpm, T = 318 K, CVL0 

= 175.0 mM, and ω = 5.0 kg/m3, and (c) Toluene at 1000 rpm, T = 318 K , CVL0 = 526.0 mM, 

and ω = 5.0 kg/m3. Lines represent best linear fit to the data and shapes represent actual data 

point.   
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In the case of VL HDO reactions in 2-propanol, Figure 6.2Aa shows that r0 increases from 

0.05 × 10-2 kmol/kgcatmin to 0.19 × 10-2 kmol/kgcatmin as PH increases from 1.0 MPa to 4.0 

MPa.  Likewise, following 3.0 MPa increase in PH, Figures 6.2Ab and 6.2Ac shows that r0 

increases from 0.09 × 10-2
 kmol/kgcatmin to 0.14 × 10-2 kmol/kgcatmin with tetrahydrofuran as 

the reaction solvent and 0.04 × 10-2
 kmol/kgcatmin to 0.08×10-2 kmol/kgcatmin under toluene.  

Hence, it can be concluded that under each of the solvents examined increase in PH enhances 

the initial rate of VL disappearance.  Interestingly, this conclusion is consistent with the finding 

in Section 5.5 of Chapter 5 that increase in PH improves r0 during VL HDO reaction in the 

presence of ethyl acetate.  This indicates that high hydrogen gas partial pressure generally 

ensures high rate of VL disappearance during the reaction under any class of solvent.  Notably, 

this conclusion is in agreement with the claim in literature that VL HDO reaction is highly 

sensitive to changes in PH, with the catalyst activity increasing with PH.173  To establish the 

order of reaction with respect to PH under the various solvents examined, the natural logarithm 

of r0 against natural logarithm of PH were plotted.  Figure 6.2B summarises the ln-ln plots of 

the catalyst activity against hydrogen gas partial pressure for VL HDO reaction under the 

different solvents.  It shows linear relationship between ln r0 and ln PH under each of the 

solvents, the slope of the lines displayed in Figure 6.2B represent the order of reaction with 

respect to PH.  Hence, the order of reaction with respect to PH found is 0.9 when the reaction 

solvent is 2-propanol, 0.3 under tetrahydrofuran, and 0.5 under toluene.  This analysis suggest 

vanillin HDO reaction exhibits nonfirst-order kinetics with respect to PH under aprotic polar 

and aprotic apolar solvents, while in contrast it shows an approximate first-order kinetics 

relative to PH in polar protic solvents.  Interestingly, Bindwal et al., 160 reported first-order 

kinetics with respect to PH during vanillin HDO reaction over Ru/C in water which is a well-

known polar protic solvent.  Hence, the dependence of vanillin HDO reaction rate on PH changes 
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remarkably with the solvent class.  This conclusion provides further insight to the claim in 

Section 4.5 of Chapter 4 that the amount of hydrogen consumed during vanillin HDO reaction 

changes remarkably with the type of solvent.  

 

Fig. 6.2B. ln – ln plot of r0 against PH for VL HDO reaction over 6.5 wt % PdRh/Al2O3 catalyst 

using (a) 2-propanol, (b) Tetrahydrofuran, and (c) Toluene. Lines represent best linear fit to the 

data and shapes represent actual data point.   

6.2.2.   Effect of Initial Vanillin Concentration 

The experimental conditions and procedure described in Section 3.3.9 of Chapter 3 was used 

to examine the effect of changes in starting concentration of vanillin (CVL0) on initial rate of 

vanillin (VL) disappearance (r0) during VL HDO under 2-propanol, tetrahydrofuran, and 
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toluene.  Figures 6.3Aa, 6.3Ab, and 6.3Ac summarises observed changes in r0 as CVL0 increases 

during VL HDO reaction under each of the solvents.   

 

Fig. 6.3A. Effect of initial VL concentration (CVL0) on initial rate of VL disappearance over 6.5 

wt % PdRh/Al2O3 catalyst using (a) 2-Propanol at 1000 rpm, T = 318 K, PH = 2.0 MPa, and ω 

= 5.0 kg/m3, (b) Toluene at 1000 rpm, T = 318 K, PH = 2.0 MPa, and ω = 5.0 kg/m3, and   (c) 

Tetrahydrofuran at 1000 rpm, T = 318 K, PH = 2.0 MPa, and ω = 5.0 kg/m3. Lines represent 

best fit to the data and shapes represent actual data point.   

With 2-propanol as the reaction solvent, Figure 6.3Aa shows that r0 decreases from 18.5 × 

10-4 kmol/kgcatmin to 10.9 × 10-4 kmol/kgcatmin as CVL0 increases from 248 mM to 531 mM.  

Under tetrahydrofuran, it can be seen in Figure 6.3Ac that r0 decreases from 16.2 × 10-4 

kmol/kgcatmin to 6.7 × 10-4 kmol/kgcatmin as CVL0 increases from 69 mM to 335 mM.  Likewise 
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with toluene as the reaction solvent, Figure 6.3Ab shows that as CVL0 increases from 243 mM 

to 384 mM, r0 decreases from 12.1 × 10-4 kmol/kgcatmin to 5.2 × 10-4 kmol/kgcatmin. On the 

basis of the trends observed, it can be concluded that activity of the prepared bimetallic 

PdRh/Al2O3 catalyst diminished as CVL0 increases under the various solvents considered.  This 

reaffirms the conclusion in Section 5.6 of Chapter 5 that available sites on the catalyst for 

hydrogen adsorption or product formation reduces as the concentration of vanillin increases.  

The natural logarithm of r0 against CVL0 were plotted to determine the order of reaction relative 

to VL concentration under each of the solvents.  Figure 6.3B summarises the ln – ln plot of r0 

against CVL0 for VL HDO reaction under different solvents.   

 

Fig. 6.3B. ln – ln plot of r0 against CVL0 for VL HDO reaction over 6.5 wt % PdRh/Al2O3 

catalyst using (a) 2-propanol, (b) Toluene, and (c) Tetrahydrofuran.  
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As expected the ln – ln plots of r0 versus CVL0 displayed in Figure 6.3B are all linear.  From 

the slope of the ln – ln plots presented in Figures 6.3Ba, 6.3Bb, and 6.3Bc, the order of reaction 

with respect to VL concentrations found is −0.7 under 2-propanol, −1.9 under toluene, and −0.6 

under tetrahydrofuran.  Notably, the order of reaction with respect to VL concentration under 

tetrahydrofuran is identical to the values reported in Section 5.6 of Chapter 5 with ethylacetate 

as the reaction solvent.  Both ethylacetate and tetrahydrofuran are aprotic polar solvents, this 

possibly explains the similarity in the order of reaction with respect to VL concentration under 

these solvents.  Interestingly in the presence of aprotic apolar solvent such as toluene, distinctly 

different order of reaction with respect to VL concentration was found.  However, surprisingly 

the order of reaction with respect to VL concentration found in 2-propanol which is a polar 

protic solvent is identical to those obtained under aprotic polar solvents.  From this analysis it 

can be concluded that the dependence of r0 on CVL0 is the same in polar protic solvents and 

aprotic polar solvents.  However, r0 depends on CVL0 in a different way in aprotic apolar 

solvents.  According to Wan et al., 232 hydrogenation reactions involving aprotic apolar solvents 

are not affected by any interactions, while in contrast aprotic polar solvents adsorb strongly to 

the catalyst active sites.  This consequently blocks the active sites of the catalyst from the 

substrates.  The altered solvent – catalyst interaction possibly explains the observed differences 

in the dependence of r0 on CVL0 in aprotic apolar solvent compared to aprotic polar solvents.  

According to the literature 232, negative reaction orders suggest substrate inhibition.  Hence, the 

unusual order of reaction found under the various solvents can in general be attributed to 

substrate inhibition.  Earlier in Section 5.6 of chapter 5, it was postulated that as CVL0 goes up, 

the catalyst active sites are blocked by vanillin.  As a result of the blocked active sites, the 

adsorption of hydrogen gas which is the limiting reactant was hindered and this possibly led to 

reduced catalyst activity at high CVL0. 
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6.2.3.   Effect of Reaction Temperature 

The experimental conditions and procedure used to investigate the effect of changes in 

reaction temperature on vanillin (VL) HDO reaction under the different solvents is provided in 

Section 3.3.9 of Chapter 3.  Figure 6.4A summarises the dependence of VL initial disappearance 

rate (r0) on the reaction temperature (T) during VL HDO reaction under the different solvents.  

                                 

Fig. 6.4A. Influence of reaction temperature (T) on initial rate of VL disappearance (r0) during 

VL HDO reaction over PdRh/Al2O3 catalyst in various solvents [(a) 2-Propanol at 1000 rpm, 

PH = 2.0 MPa, CVL0 = 351.0 mM, and ω = 5.0 kg/m3, (b) Toluene at 1000 rpm, PH = 2.0 MPa, 

CVL0 = 272.0 mM, and ω = 5.0 kg/m3, and (c) Tetrahydrofuran at 1000 rpm, PH = 2.0 MPa, CVL0 

= 250.0 mM]. Lines represent best linear fit to the data and shapes represent actual data points. 
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In conformity with the Arrhenius equation, Figure 6.4A shows that r0 increases as T increases 

from 298 K to 318 K under each of the solvents.  With 2-propanol as the reaction solvent,  

Figure 6.4Aa shows that r0 increases linearly from 10.9 × 10-4 kmol/kgcatmin to 16.5 × 10-4 

kmol/kgcatmin as T increases from 298 K to 318 K.  Likewise, with tetrahydrofuran as the 

solvent, Figure 6.4Ac shows that r0 increases linearly from 4.2 ×10-4 kmol/kgcatmin to 8.5×10-4 

kmol/kgcatmin as T increases from 298 K to 318 K.  While from Figure 6.4Ab it can be seen 

that r0 increases linearly from 7.2 × 10-4 kmol/kgcatmin to 10.7 × 10-4 kmol/kgcatmin following 

increase in T from 298 K to 318 K when toluene is the reaction solvent.  The ln – ln plots of 

catalyst activity against temperature under the different solvents are presented in Figure 6.4B.   

 

Fig.6.4B. ln – ln plot of PdRh/Al2O3 catalyst activity against reaction temperature for vanillin 

HDO reaction under (a) 2-Propanol, (b) Toluene, and (c) Tetrahydrofuran. Lines represent best 

linear fit to the data and shapes represent actual data points.  
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From the ln – ln plots of catalyst activity against temperature in Figures 6.4Ba, 6.4Bb, and 

6.4Bc, the experimental activation energies estimated are (16.3 ± 0.14) kJ/mol in 2-propanol, 

(16.2 ± 1.16) kJ/mol in toluene, and (27.2 ± 0.17) kJ/mol in tetrahydrofuran.  Figures 6.5A and 

6.5B summarises changes in selectivity toward vanillyl alcohol and creosol as the reaction 

progressed under the various solvents at different temperatures.   

 

Fig.6.5A. Vanillyl alcohol selectivity  as function of the reaction time and temperature during 

VL HDO reaction using prepared bimetallic 6.5 wt % PdRh/Al2O3 catalyst under different 

solvents. (a) 2-Propanol at 1000 rpm, T = 298 K and 318 K, PH = 2.0 MPa, CVL0 = 351.0 mM, 

and ω = 5.0 kg/m3, (b) Toluene at 1000 rpm, T = 298 K and 318 K, PH = 2.0 MPa, CVL0 = 272.0 

mM, and ω = 5.0 kg/m3, and (c) Tetrahydrofuran at 1000 rpm, T = 298 K and 318 K, PH = 2.0 

MPa, CVL0 = 250.0 mM, and ω = 3.0 kg/m3 . Lines represent best fit to the data and shapes 

represent actual data points.  
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Figure 6.5Aa shows that for VL HDO reaction over the prepared bimetallic PdRh/Al2O3 catalyst 

using 2-propanol as the solvent, selectivity toward vanillyl alcohol decreases from 55% to 0% 

after 40 mins at 298 K.  Likewise, from Figure 6.5Aa it can be seen that selectivity toward 

vanillyl alcohol decreases from 31% to 0% at 318 K after 40 mins.  Hence, increase in the 

reaction temperature and time suppresses the selectivity toward vanillyl alcohol when 2-

propanol is the reaction solvent for VL HDO over PdRh/Al2O3 catalyst.  In contrast, for VL 

HDO reaction over PdRh/Al2O3 catalyst using toluene as the solvent, Figure 6.5Ab shows that 

vanillyl alcohol selectivity decreases from 32.9% to 4.1% at 298 K and 45.6% to 9.8% at 318 

K after 100 mins.  This suggest increase in the reaction temperature improves selectivity toward 

vanillyl alcohol when VL HDO reaction over PdRh/Al2O3 catalyst is conducted in toluene.  

Interestingly, the trend in selectivity toward vanillyl alcohol from the reaction is the same under 

tetrahydrofuran and 2-propanol (see Figure 6.5Ac and 6.5Aa).  Figure 6.5Ac shows that from 

VL HDO reaction under tetrahydrofuran, the selectivity toward vanillyl alcohol dropped to 

82.2% at 298 K and 32.5% at 318 K after 100 mins.  Hence, increase in the reaction temperature 

also suppresses the selectivity toward vanillyl alcohol during VL HDO reaction over 

PdRh/Al2O3 catalyst when the reaction solvent is tetrahydrofuran.  As expected for consecutive 

reactions, Figure 6.5B shows that the trends in selectivity toward creosol from VL HDO 

reaction under the various solvents are mirror images of the trends displayed in Figure 6.5A.  

Consequently, in conformity with findings in Section 5.7 of Chapter 5, it was concluded that 

increase in temperature enhances selectivity toward creosol at the expense of selectivity toward 

vanillyl alcohol when 2-propanol or tetrahydrofuran is the reaction solvent.  While under 

toluene, increase in temperature marginally enhances selectivity toward vanillyl alcohol at the 

expense of creosol.   
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Fig.6.5B. Creosol selectivity  as function of the reaction time and temperature during VL HDO 

reaction using prepared bimetallic 6.5 wt% PdRh/Al2O3 catalyst under different solvents. (a) 2-

Propanol at 1000 rpm, T = 298 K and 318 K, PH = 2.0 MPa, CVL0 = 351.0 mM, and ω = 5.0 

kg/m3, (b) Toluene at 1000 rpm, T = 298 K and 318 K, PH = 2.0 MPa, CVL0 = 272.0 mM, and ω 

= 5.0 kg/m3, and (c) Tetrahydrofuran at 1000 rpm, T = 298 K and 318 K, PH = 2.0 MPa, CVL0 = 

250.0 mM, and ω = 3.0 kg/m3 . Lines represent best fit to the data and shapes represent actual 

data points.  

6.2.4.   Kinetic Modelling of Vanillin HDO Reaction under Different Solvents  

The kinetics of vanillin (VL) HDO reaction in ethylacetate was modelled successfully in 

Section 5.9.2 of Chapter 5 under the assumption of competitive adsorption of dissociatively 

chemisorbed H2 and VL using nonlinear Generalized Reduced Gradient (GRG) solver function 

in Microsoft Excel to minimize the residual sum of squares (RSS).  As a reminder, equation 6.1 
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represent the derived rate expression used in Section 5.9.2 of Chapter 5 to model kinetics of VL 

HDO reaction over the prepared bimetallic PdRh/Al2O catalyst with ethyl acetate as the solvent.  

Consequently, this rate expression and the described approach in Section 5.9.2 of Chapter 5 is 

used in this section to model the kinetics of VL HDO reaction over the bimetallic PdRh/Al2O3 

catalyst with 2-propanol, tetrahydrofuran, and toluene as the solvent. 

   

r =
ksKHKVLCHCVL

(1 + √KHCH + KVLCVL)
3    (6.1) 

Table 6.1, Table 6.2, and Table 6.3 summarises obtained values of the model parameters for 

VL HDO reaction over the synthesised PdRh/Al2O3 catalyst using 2-propanol, toluene and 

tetrahydrofuran as the solvent.  Under 2-propanol, Table 6.1 shows that at 95% confidence level 

the rate constant for the reaction increased from 26.62 kmol/kgcatmin at 298 K to 48.50 

kmol/kgcatmin at 318 K.  Likewise, from Table 6.2 it can be seen that at 95% confidence level 

the rate constant for VL HDO reaction under toluene increased from 12.69 kmol/kgcatmin at 

298 K to 52.80 kmol/kgcatmin at 318 K.  With tetrahydrofuran as the reaction solvent, Table 6.3 

shows that at 95% confidence level the rate constant increased from 11.91 kmol/kgcatmin at 298 

K to 29.58 kmol/kgcatmin at 318 K.  Interestingly, the rate constant increased with temperature 

during VL HDO reaction in each of the solvents considered.  As a result, it can be concluded 

that VL HDO reaction in the different solvents obeys the Arrhenius expression and this explains 

the described trends in Section 6.2.3.  Using the Arrhenius expression, the intrinsic activation 

energies for VL HDO reaction over PdRh/Al2O3 catalyst in different solvents were determined 

and presented in Table 6.4.  As expected, Table 6.4 shows that at 95% confidence level the 

intrinsic activation energy for VL HDO reaction over PdRh/Al2O3 catalyst varies with the 

solvent class from 23.60 kJ/mol in 2-propanol to 56.30 kJ/mol in toluene, and 35.80 kJ/mol in 
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tetrahydrofuran.  On the basis of these activation energies, it can be concluded that VL HDO 

reaction occurs more readily in 2-propanol followed by tetrahydrofuran and then toluene.  

Interestingly, this trend is consistent with the order in performance reported in Section 4.5.1 of 

Chapter 4.  As a reminder, it was established in Section 4.5.1 of Chapter 4 that performance in 

terms of conversion and selectivity toward creosol from VL HDO reaction in different solvents 

follows the order 2-propanol > tetrahydrofuran > toluene.  

Table 6.1. Estimated Values of Model Parameters for VL HDO Reaction over PdRh/Al2O3 

Catalyst using 2-propanol as solvent. 

Temperature  Model Parameters 95% confidence level 

298 K 

KS (kmol/kgcatmin) 26.62 ± 2.21× 10-1 

K
H
 (m3/kmol) 1.00 × 10-1  ± 9.35 × 10-4 

K
VL

 (m3/kmol) 1.34 ± 1.40 × 10-2 

308 K 

KS (kmol/kgcatmin) 35.70 ± 1.31 × 10-1 

K
H
 (m3/kmol) 8.00 × 10-2 ± 1.40 × 10-3 

K
VL

 (m3/kmol) 1.13 ± 4.67 × 10-3 

318 K 

KS (kmol/kgcatmin) 48.50 ± 2.66 × 10-1 

K
H
 (m3/kmol) 7.00 × 10-2  ± 9.35 × 10-4 

K
VL

 (m3/kmol) 0.98 ± 4.67 × 10-3 

 

Table 6.2. Estimated Values of Model Parameters for VL HDO Reaction over PdRh/Al2O3 

Catalyst using toluene as solvent. 

Temperature  Model Parameters 95% confidence level 

298 K 

KS (kmol/kgcatmin) 12.69 ± 1.36× 10-1 

K
H
 (m3/kmol) 0.31  ± 1.87 × 10-3 

K
VL

 (m3/kmol) 0.35 ± 4.67 × 10-3 

308 K 

KS (kmol/kgcatmin) 29.61 ± 1.87 × 10-1 

K
H
 (m3/kmol) 0.22 ± 3.27 × 10-3 

K
VL

 (m3/kmol) 0.22 ± 4.67 × 10-3 

318 K 

KS (kmol/kgcatmin) 52.80 ± 5.94 × 10-1 

K
H
 (m3/kmol) 0.18  ± 4.67 × 10-4 

K
VL

 (m3/kmol) 0.18 ± 1.87 × 10-3 
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Table 6.3. Estimated Values of Model Parameters for VL HDO Reaction over PdRh/Al2O3 

Catalyst using tetrahydrofuran as solvent. 

Temperature  Model Parameters 95% confidence level 

298 K 

KS (kmol/kgcat min) 11.91 ± 3.74× 10-2 

K
H
 (m3/kmol) 9.20 × 10-2  ± 1.87 × 10-4 

K
VL

 (m3/kmol) 1.40 ± 3.27 × 10-2 

308 K 

KS (kmol/kgcat min) 18.72 ± 1.64 × 10-1 

K
H
 (m3/kmol) 8.50 × 10-2 ± 9.35 × 10-4 

K
VL

 (m3/kmol) 1.23 ± 9.35 × 10-3 

318 K 

KS (kmol/kgcat min) 29.58 ± 7.01 × 10-2 

K
H
 (m3/kmol) 7.80 × 10-2  ± 1.40 × 10-3 

K
VL

 (m3/kmol) 1.08 ± 4.67 × 10-3 

 

Table 6.4. Estimated Values of Kinetic Constants for VL HDO Reaction over PdRh/Al2O3 

catalyst using different solvents. 

                          95% Confidence Level 

Kinetic Constants 2-Propanol Toluene Tetrahydrofuran 

EA (kJ/mol) 23.60 ±  3.51 × 10-1 56.30 ±  6.09 × 10-1   35.80 ±  7.94 × 10-2 

∆HH (kJ/mol) −13.20 ±  1.32 × 10-3 −21.70 ±  1.93 × 10-3 −6.60 ± 1.41 × 10-3 

∆HVL (kJ/mol) −12.30 ±  1.48 × 10-2 −26.60 ± 5.03 × 10-3 −6.70 ± 3.30 × 10-2 

∆SH (kJ/mol k) −63.40 ±  2.68 × 10-2 −82.60  ± 14.36 × 10-1 −41.90 ±  7.26 × 10-1 

∆SVL (kJ/mol k) −38.70 ± 3.92 × 10-2 −98.30  ±  16.32 × 10-1 −22.30 ± 3.87 × 10-1 

 

In conformity with findings in Section 5.9.2 of Chapter 5, Tables 6.1, 6.2, and 6.3 shows that 

the equilibrium adsorption constant for the reactants (i.e. VL and H2) reduces as the reaction 

temperature increases for VL HDO reaction under 2-propanol, toluene, and tetrahydrofuran.  

This result reaffirms the conclusion in Section 5.9.2 of Chapter 5 that VL HDO reaction is 

exothermic and high temperature favours desorption of the reactants from the surface of the 
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prepared bimetallic PdRh/Al2O3 catalyst.  From the Van’t Hoff expression in equation 6.2, 

changes in enthalpy of adsorption and entropy were determined for VL HDO reaction under 

the different solvents.  The results are presented in Table 6.4.        

ln Kads  =  (
−∆Hads

RT
) + (

∆S

R
)      (6.2) 

Herein, Kads is the adsorption equilibrium constant, ΔHads is the enthalpy change due to 

adsorption, ΔS is the change in entropy of the system, R is the universal gas constant, and T is 

the reaction temperature.  As expected for a thermodynamically consistent model, the values of 

enthalpy and entropy changes reported in Table 6.4 are all negative.  Hence, values obtained 

from the model are reasonable.  Table 6.4 shows that at 95% confidence level the estimated 

enthalpy change due to adsorption of hydrogen varies from −6.60 kJ/mol under tetrahydrofuran 

to −13.20 kJ/mol under 2-propanol and then −21.70 kJ/mol under toluene.  Likewise, from 

Table 4.6 it is clear that change in enthalpy due to adsorption of vanillin at 95% confidence 

level varies from −6.70 kJ/mol under tetrahydrofuran to −12.30 kJ/mol under 2-propanol and 

then −26.60 kJ/mol under toluene.  Based on this result, it can be concluded that changes in the 

reaction solvent alters the manner in which the reactants interacts with the prepared bimetallic 

PdRh/Al2O3 catalyst surface.   Looking at the magnitude of the change in enthalpy of adsorption 

for hydrogen and vanillin under the various solvents, it appears the strength of adsorption of 

vanillin onto the catalyst surface was marginally stronger than that of hydrogen when the 

solvent in use is toluene or tetrahydrofuran.  This is consistent with the finding reported in 

Section 5.9.2 of Chapter 5.  However, when the reaction solvent is 2-propanol, it appears 

hydrogen adsorbed slightly stronger than vanillin onto the catalyst surface.  In comparison to 

values of −61.60 kJ/mol for ∆HH and −39.20 kJ/mol for ∆HLevoglucosan in the literature, 221 it can 

be concluded that both vanillin and hydrogen generally adsorbs weakly onto the bimetallic 

PdRh/Al2O3 catalyst surface.  The extent to which the rates predicted from model I matches the 
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experimental rates from VL HDO reaction under the different solvents was examined through 

the parity plots presented in Figure 6.6.  

 

Fig. 6.6. Parity Plot of model I to compare predicted reaction rates and experimental reaction 

rates under different solvents using the prepared bimetallic 6.5 wt % PdRh/Al2O3 catalyst. (a) 

2-Propanol, (b) Toluene, and (c) Tetrahydrofuran. Lines represent best fit to data.  

Clearly, with R2 values greater than or equal to 0.98, model I reliably described the kinetics of 

VL HDO reaction under the various solvents in a batch reactor.  Using equation 6.3, the average 

absolute percentage error in the estimates of rates predicted from the model compared to the 

experimental rates was 9.01% with 2-propanol as solvent, 8.12% under toluene, and 4.20% 

when the solvent is tetrahydrofuran.  These values are well below the acceptable limit of 30% 
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in the literature223 for kinetics modelling, therefore the proposed model is reliable and 

acceptable.   

                                    Error(%) =
∑ (

|rMod− rExp|

rExp
AVG

) n

n
 × 100                   (6.3) 

Herein, rMod is the rate predicted from the model, rExp is the experimental rate, rExp
AVG is the 

average experimental rate, and n is the number of data points.  Figures 6.7a to 6.7c further 

reaffirms the fit of the proposed model to the experimental data because they showed strong 

agreement between the predicted and experimental VL concentrations at different reaction 

temperatures under each of the solvents.  
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Fig.6.7. Comparison of the changes in predicted and experimental concentrations of vanillin 

over time during HDO reaction over 6.5 wt %PdRh/Al2O3 catalyst in (a) 2-Propanol, (b) 

Toluene, and (c) Tetrahydrofuran at 298 K, 308 K, and 318 K. Lines represent fit of the 

proposed kinetic model to the actual experimental data points represented by the shapes.  

6.3.   Kinetics of Vanillin HDO Reaction in Binary Environments 

Preliminary experiments involving HDO reaction of vanillin in the presence of other well-

documented compounds found in real bio-oil were conducted through the procedure described 

in Section 3.4 of Chapter 3 to establish the inhibitory effect of these compounds.  Table 3.11 of 

Section 3.4 in Chapter 3 provides the details on the concentration of vanillin (VL) and other 

compounds such as furfural, acetaldehyde, guaiacol, and acetic acid selected for this 
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investigation.  The concentration ratios of the selected secondary compounds to vanillin reflects 

the actual relative proportions of these compounds to vanillin in typical bio-oil.234  Figure 6.8 

represents the influence of additional model compounds on VL conversion; it clearly shows 

that the rate at which VL changes decreases when the starting reaction mixture contained other 

compounds.  This result confirms the inhibitory effect caused by increased competition for 

finite number of active sites on the surface of PdRh/Al2O3 catalyst following the addition of a 

second compound to the starting mixture.  On the basis of the data displayed in Figure 6.8, the 

inhibitory effect of compounds considered follows the order:  Furfural > Acetaldehyde > 

Guaiacol > Acetic Acid.  The observed variation in inhibitory effects of these compounds can 

be attributed to differences in their reactivity relative to vanillin. 

 
 Fig. 6.8. Influence of guaiacol, acetic acid, furfural, and acetaldehyde on rates of VL 

conversion using the prepared bimetallic 6.5 wt % PdRh/Al2O3 catalyst at 1000 rpm, T = 318 

K, PH = 2.0 MPa and ω = 5.0 kg/m3. Reaction solvent is ethyl acetate. Lines represent best 

polynomial fit to data points and shapes represent actual data points.   

Interestingly, Huang et al., 71 reported that both furfural and acetaldehyde are more reactive 

than vanillin.  Conversely, hydrogenation reactions of acetic acid and guaiacol reported in the 

literature were conducted at temperatures significantly higher than 318 K which suggest both 

compounds are relatively more stable than vanillin.22, 239,241,292,302 Hence, acetic acid and 
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guaiacol with greater stability and minimal inhibitory effects are deemed suitable as secondary 

model compounds in the binary environment for VL HDO reaction kinetics investigation.  

Moreover, these compounds are known to be major components of real bio-oil.303–305  

6.3.1.   Effect of H2 gas Partial Pressure on VL HDO Reaction in Binary Environment      

The effect of changes in hydrogen gas partial pressure (PH) from 1.0 to 4.0 MPa on initial 

rates of VL disappearance (r0) was investigated in vanillin − acetic acid environment and 

vanillin − guaiacol environment following the procedure described in Section 3.4 of Chapter 3.  

Figures 6.9a and 6.9b depict the observed variation in r0 following changes in PH in both 

environments.  As shown in Figure 6.9a, r0 increases from 5.9 × 10-4 kmol/kgcatmin to 14.3 × 

10-4 kmol/kgcatmin following changes in PH from 1.0 to 4.0 MPa in vanillin − acetic acid 

environment.  Likewise, Figure 6.9b clearly indicates that r0 increases from 5.2 × 10-4 

kmol/kgcatmin to 11.4 × 10-4 kmol/kgcatmin as PH increases from 1.0 to 4.0 MPa in vanillin − 

guaiacol mixture.  Hence, in both vanillin − acetic acid and vanillin − guaiacol environments 

increase in PH enhances the rate of VL disappearance.  This conclusion is in line with findings 

reported in Section 5.5 of Chapter 5 on effect of PH on r0 in vanillin-only environment.  From 

the slope of the ln − ln plots presented in Figures 6.9c and 6.9d, the order of reaction with 

respect to PH in both vanillin − acetic acid and vanillin − guaiacol environments is 0.6.  This 

value is higher than the 0.4 found in vanillin-only environment investigation, however, it shows 

that VL HDO reaction exhibits nonfirst-order kinetics with respect to PH in both the pure and 

binary environments.  Despite the similarity in the order of reaction with respect to PH in the 

binary environments, further analysis of the data presented in Figures 6.9a and 6.9b shows that 

r0 is more sensitive to changes in PH when the reaction occurs in the presence of acetic acid.  In 

the presence of acetic acid, 1 MPa change in PH is expected to induce a change of 2.7 × 10-4 

kmol/kgcatmin in r0.  While in the presence of guaiacol, 1 MPa change in PH is expected to cause 
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a corresponding change of 2.1 × 10-4 kmol/kgcatmin in r0.  The observed variation in response 

of r0 to changes in PH suggest guaiacol and acetic acid inhibits VL HDO reaction differently. 

Based on the response of r0 to changes in PH, it seems guaiacol inhibits VL HDO reaction more 

strongly than acetic acid.  This conclusion is in agreement with the finding in Section 6.3. 

 

Fig. 6.9. (a) Influence of H2 gas partial pressure (PH) on initial rates of VL disappearance (r0) in 

vanillin − acetic acid environment at 1000 rpm, T = 318 K, CVL0 = 263.0 mM, CAA0 = 1166.0 

mM and ω = 5.0 kg/m3, (b) Influence of PH on r0 in vanillin − guaiacol environment at 1000 

rpm, T = 318 K, CVL0 = 263.0 mM, CGUA0 = 683.0 mM and ω = 5.0 kg/m3, (c) ln − ln plots of r0 

against PH for VL HDO reaction in vanillin – acetic acid environment, and (d) ln − ln plots of 

r0 against PH for VL HDO reaction in vanillin − guaiacol environment. Reaction solvent is ethyl 

acetate and catalyst is 6.5 wt % PdRh/Al2O3 catalyst. Lines represent best linear fit to the data 

and shapes represent actual data point.   
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6.3.2.   Effect of Initial Vanillin Concentration on VL HDO Reaction in Binary 

Environment. 

The procedure described in Section 3.4 of Chapter 3 was used to examine the influence of 

starting VL concentration (CVL0) on the initial rate of VL disappearance (r0) in the binary 

environments.  Figures 6.10a and 6.10b summarises observed variation in r0 following changes 

in CVL0.  

 

Fig. 6.10. (a) Influence of starting VL concentration (CVL0) on initial rates of VL disappearance 

(r0) using the prepared bimetallic 6.5 wt % PdRh/Al2O3 catalyst in vanillin − acetic acid 

environment at 1000 rpm, T = 318 K, PH = 2.0 MPa, and ω = 5.0 kg/m3, (b) Influence of CVL0 

on r0 using the prepared bimetallic 6.5 wt % PdRh/Al2O3 catalyst in vanillin − guaiacol 

environment at 1000 rpm, T = 318 K, PH = 2.0 MPa, and ω = 5.0 kg/m3, (c) ln − ln plots of r0 

against CVL0 for vanillin – acetic acid environment, and (d) ln − ln plots of r0 against CVL0 for 

vanillin − guaiacol environment. Reaction solvent is ethyl acetate. Lines represent best linear 

fit to the data and shapes represent actual data point.   
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As shown in Figure 6.10a, r0 decreases from 9.2 × 10-4 kmol/kgcatmin to 4.2 × 10-4 

kmol/kgcatmin as CVL0 increases from 263 mM to 526 mM in vanillin − acetic acid environment.  

Likewise, Figure 6.10b indicates that r0 decreases from 8.1 × 10-4 kmol/kgcatmin to 5.3 × 10-4 

kmol/kgcatmin as CVL0 increases from 240 mM to 435 mM in vanillin − guaiacol environment.  

Notably, these trends are in agreement with findings from the vanillin-only environment study 

reported in Section 5.6 of Chapter 5.  Nonetheless, the dependence of r0 on CVL0 in vanillin − 

guaiacol environment differs from that in vanillin − acetic acid environment and vanillin-only 

environment.  For every mM increase in CVL0, r0 decreases by 1.5 × 10-6 kmol/kgcatmin in 

vanillin − guaiacol environment and 2.0 × 10-6 kmol/kgcatmin in vanillin − acetic acid 

environment and vanillin-only environment.  Hence, presence of acetic acid in the starting 

mixture failed to alter the dependence of r0 on CVL0.  On the contrary, the presence of guaiacol 

in the starting mixture slightly alter the dependence of r0 on CVL0.  The orders of reaction with 

respect to VL concentration found from the slope of the ln-ln plots presented in Figures 6.10c 

and 6.10d are −1.1 in vanillin − acetic acid environment and −0.7 in vanillin − guaiacol 

environment.  These values compare well to the −0.7 reported in Section 5.6 of Chapter 5 as 

the order of reaction with respect to VL concentration in vanillin-only environment.  

Consequently, it can be concluded that VL HDO reaction over the prepared bimetallic 

PdRh/Al2O3 catalyst exhibits nonfirst-order reaction kinetics with respect to the starting vanillin 

concentration in both pure and binary environments.      

6.3.3.   Influence of Temperature on Product Distribution from VL HDO Reaction in 

Binary Environments. 

The effect of changes in reaction temperature on product distribution from VL HDO reaction 

in vanillin − acetic acid and vanillin − guaiacol environments are presented in Figures 6.11a to 

6.11d.   
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Fig.6.11. Product distribution as function of the reaction time and temperature in binary 

environment using the prepared bimetallic 6.5 wt % PdRh/Al2O3 catalyst. (a – b) vanillin – 

acetic acid environment at 1000 rpm, T = 308 K and 328 K, PH = 2.0 MPa, CVL0 = 263.0 mM, 

CAA0 = 1166.0 mM, and ω = 5.0 kg/m3, (c – d) vanillin – guaiacol environment at 1000 rpm, T 

= 308 K and 328 K, PH = 2.0 MPa, CVL0 = 263.0 mM, CGUA0 = 683.0 mM and ω = 5.0 kg/m3. 

Reaction solvent is ethyl acetate. Lines represent best polynomial fit to the data.  

Figure 6.11a shows that during VL HDO reaction in vanillin − acetic acid environment, 

selectivity toward vanillyl alcohol increases from t = 0 mins to t = 20 mins and then decreases 

from t = 20 mins to t = 60 mins at the different reaction temperatures.  Conversely, Figure 6.11b 

shows that selectivity toward creosol decreases from t = 0 mins to t = 20 mins and then increases 

from t = 20 mins to t = 60 mins during the reaction in vanillin − acetic acid environment.  Figure 

6.11c shows that during VL HDO reaction in vanillin − guaiacol environment, the selectivity 

toward vanillyl alcohol increases from t = 0 mins to t = 20 mins and then decreases from t = 20 



211 | P a g e  

 

mins to t = 60 mins at T = 308 K.  In contrast, Figure 6.11d shows that during the same reaction 

at T = 308 K in vanillin − guaiacol environment, selectivity toward creosol decreases from t = 

0 mins to t = 20 mins and then increases from t = 20 mins to t = 60 mins.  Hence, it can be 

concluded that in both vanillin – acetic acid and vanillin − guaiacol environments the trends in 

selectivity toward vanillyl alcohol over time mirrored the trends in selectivity toward creosol 

over time.  The data displayed in Figures 6.11a and 6.11c indicates that increase in reaction 

temperature suppresses selectivity toward vanillyl alcohol.  Conversely, Figures 6.11b and 

6.11d shows that increase in the reaction temperature enhances the selectivity toward creosol.  

Notably, the trends described here are in line with observations from vanillin HDO reaction in 

pure environment reported in Section 5.7 of Chapter 5.  Hence, it can be concluded that the 

effect of time and temperature on selectivity toward the products from vanillin HDO reaction 

in pure and binary environments are the same.    

6.3.4.   Kinetic Modelling of Vanillin (VL) HDO Reaction in Binary Environment 

In order to model the reaction kinetics of VL HDO in binary environment, Langmuir – 

Hinshelwood – Hougen – Watson (LHHW) approach was used to derive suitable rate 

expression from the series of elementary steps represented by equations 6.4 to 6.7.  The 

derivation was based on assumption of competitive adsorption of dissociatively chemisorbed 

H2, VL, and the secondary model compounds which include acetic acid and guaiacol.  

Additional information on derivation of the rate expression represented by equation 6.8 is 

provided in appendix A6.1.     

VL + S1  ↔  VLS1            (Fast)            (6.4) 

M + S1    ↔  MS1            (Fast)            (6.5) 

H2 + 2S1 ↔ 2HS1                     (Fast)            (6.6) 

2HS1 + VLS1 → Products  (Slow)            (6.7) 
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Herein, H2 denotes molecular hydrogen, H is atomic hydrogen, MS1 represents adsorbed 

intermediate species of the secondary model compound, M is the secondary model compound, 

HS1 denotes adsorbed atomic hydrogen, VLS1 stands for adsorbed vanillin intermediate, VL 

represent vanillin and S1 denotes the catalyst vacant site.  

 r =  
ksKHKVLCHCVL

(1 + KVLCVL+ KMCM+ √KHCH)
3       (6.8) 

Following the approach used to determine the kinetic parameters for vanillin-only environment 

HDO reaction model in Section 5.9.2 of Chapter 5, the parameters for describing the kinetics 

of VL HDO reaction in vanillin – acetic acid and vanillin – guaiacol environments were 

determined and presented in Table 6.5 and Table 6.6.   

Table 6.5. Estimated Values of Model Parameters for VL HDO Reaction in Vanillin – Acetic 

Acid Environment using PdRh/Al2O3 Catalyst. 

Temperature  Model Parameters 95% confidence level  

308 K 

KS (kmol/kgcat min) 10.13 ± 3.74× 10-2 

K
H
 (m3/kmol) 0.20  ± 1.40 × 10-2 

K
VL

 (m3/kmol) 0.80 ± 2.34 × 10-2 

K
M

 (m3/kmol) 6.00 × 10-3 ± 1.87 × 10-4 

318 K 

KS (kmol/kgcat min) 24.03 ± 3.88 × 10-1 

K
H
 (m3/kmol) 0.15 ± 2.34 × 10-3 

K
VL

 (m3/kmol) 0.70 ± 5.61 × 10-2 

K
M

 (m3/kmol) 1.00 × 10-3 ± 9.35 × 10-5 

328 K 

KS (kmol/kgcat min) 33.99 ± 7.48 × 10-2 

K
H
 (m3/kmol) 9.60 × 10-2  ± 3.74 × 10-3 

K
VL

 (m3/kmol) 0.58 ± 1.40 × 10-2 

K
M

 (m3/kmol) 5.00 × 10-4 ± 3.74 × 10-5 
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Table 6.6. Estimated Values of Model Parameters for VL HDO Reaction in Vanillin – Guaiacol 

Environment using PdRh/Al2O3 Catalyst. 

Temperature  Model Parameters 95% confidence level  

308 K 

KS (kmol/kgcat min) 8.44 ± 7.48× 10-2 

K
H
 (m3/kmol) 0.19  ± 4.67 × 10-3 

K
VL

 (m3/kmol) 0.78 ± 9.35 × 10-3 

K
M

 (m3/kmol) 6.00 × 10-3 ± 1.40 × 10-4 

318 K 

KS (kmol/kgcat min) 13.73 ± 9.81 × 10-2 

K
H
 (m3/kmol) 0.17 ± 1.87 × 10-3 

K
VL

 (m3/kmol) 0.64 ± 1.40 × 10-2 

K
M

 (m3/kmol) 4.00 × 10-3 ± 1.40 × 10-4 

328 K 

KS (kmol/kgcat min) 19.00 ± 1.40 × 10-2 

K
H
 (m3/kmol) 0.13  ± 4.67 × 10-4 

K
VL

 (m3/kmol) 0.52 ± 1.40 × 10-3 

K
M

 (m3/kmol) 2.00 × 10-3 ± 4.21 × 10-5 

 

Table 6.5 shows that at 95% confidence level, the value of KS increased from 10.13 

kmol/kgcatmin at 308 K to 33.99 kmol/kgcatmin at 328 K.  Likewise, from Table 6.6 it can be 

seen that at 95% confidence level, the value of KS increased from 8.44 kmol/kgcatmin at 308 K 

to 19.00 kmol/kgcatmin at 328 K.  Hence, with acetic acid or guaiacol in the starting mixture the 

rate constant for VL HDO reaction increases with the reaction temperature.  This suggest VL 

HDO reaction in the presence of either acetic acid or guaiacol obeys the Arrhenius expression.  

Using the Arrhenius expression, the intrinsic activation energies for VL HDO reaction in 

vanillin – acetic acid and vanillin – guaiacol environments were estimated and presented in 

Table 6.7.  Table 6.7 shows that at 95% confidence level, the intrinsic activation energy for VL 

HDO reaction in vanillin – acetic acid environment is 51.0 kJ/mol, while in vanillin – guaiacol 

environment the estimated intrinsic activation energy for VL HDO reaction at 95% confidence 

level is 34.10 kJ/mol.  These values are remarkably different from each other, which suggest 
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the barrier to VL HDO reaction changes with the type of secondary model compounds present 

in the starting mixture.   

Table 6.7. Estimated Values of Kinetic Constants for VL HDO Reaction in Vanillin – Acetic 

acid and Vanillin – Guaiacol Environments using PdRh/Al2O3 catalyst. 

95% Confidence Limit 

Kinetic Constants Vanillin – acetic acid environment Vanillin – guaiacol environment 

EA (kJ/mol)    51.00 ± 8.36 × 10-2   34.10 ± 7.61 × 10-2 

ΔHH(kJ/mol) −30.80 ± 1.45 × 10-2 −16.60 ± 4.70 × 10-3 

ΔHVL(kJ/mol) −13.80 ± 2.73 × 10-2 −17.50 ± 9.45 × 10-3 

ΔHM(kJ/mol) −104.80 ± 1.91 × 10-4 −47.40 ± 1.46 × 10-4 

ΔSH(kJ/mol) −113.00 ± 4.56 × 10-3 −67.70 ± 3.18 × 10-3 

ΔSVL(kJ/mol) −46.60 ± 1.17× 10-4 −58.80 ± 6.32 × 10-4 

ΔSM(kJ/mol) −384.20 ± 2.45 × 10-4 −196.30 ± 1.08× 10-4 

In comparison to a value of 24.1 kJ/mol reported as the intrinsic activation energy for VL HDO 

reaction in vanillin-only environment in Section 5.9.2. of Chapter 5, the intrinsic activation 

energies for the reaction in binary environments are significantly higher.  Hence, it can be 

concluded that the presence of either acetic acid or guaiacol in the starting mixture increases 

the barrier to VL HDO reaction.  This conclusion validates earlier hypothesis in Section 6.1 

that the barrier to VL HDO reaction will be higher in real bio-oil environment than the pure 

environment which contains only vanillin and the solvent.  Despite the differences between the 

activation energy for VL HDO reaction in binary environments and the pure environment, Table 

6.5 and 6.6 shows that the adsorption constants for VL and H2 continue to decrease with increase 

in the reaction temperature.  This indicates that VL HDO reaction remained exothermic, and 

therefore obeys the classical Van’t Hoff expression.  Using the Van’t Hoff expression in 

equation 6.2, the changes in enthalpy and entropy of the reactants during VL HDO reaction in 

vanillin – acetic acid and vanillin – guaiacol environments were estimated and presented in 

Table 6.7.  Notably, all the values are negative and thus confirms thermodynamic consistency 
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of the model fitted to the experimental data.  Table 6.7 shows that change in enthalpy due to 

VL or H2 adsorption is remarkably smaller than the change in enthalpy due to acetic acid or 

guaiacol adsorption.  This suggest both acetic acid and guaiacol adsorbs relatively stronger to 

the bimetallic PdRh/Al2O3 catalyst surface than VL or H2.  The strong interaction between 

PdRh/Al2O3 catalyst surface and the secondary model compounds (i.e. acetic acid and guaiacol) 

increases the competition between VL and H2 for vacant active sites.  This possibly explains 

the increase in barrier to VL HDO reaction in the binary environments compared to vanillin-

only environment.  The extent to which the rates predicted from the derived model agrees with 

the experimental data from vanillin – acetic acid and vanillin – guaiacol environments are 

illustrated by the parity plots in Figures 6.12a and 6.12b.  Clearly, with R2 values greater than 

or equal to 0.98 in the parity plots for vanillin – acetic acid and vanillin – guaiacol environments, 

the proposed model reliably described VL HDO reaction in binary environments.  Applying 

equation 6.3, the average percentage error found was 7.27% in the case of VL HDO reaction in 

vanillin – acetic acid environment and 3.42% for VL HDO reaction in vanillin – guaiacol 

environment.  

 
Fig. 6.12. Parity Plots comparing predicted and experimental reaction rates for VL HDO 

reaction over the prepared bimetallic 6.5 wt% PdRh/Al2O3 catalyst in (a) vanillin – acetic acid, 

and (b) vanillin – guaiacol environments.  
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Figures 6.13a and 6.13b further reaffirms the reliability of the proposed model because they 

showed strong agreement between the experimental and predicted VL concentrations at all the 

reaction temperatures considered.  

 

Fig. 6.13. Comparison between predicted and experimental VL concentration from VL HDO 

reaction using the synthesised 6.5 wt% PdRh/Al2O3 catalyst  in (a) vanillin – acetic acid, and 

(b) vanillin – guaiacol environments.  

Table 6.8 summarises changes in fractional coverage of hydrogen gas (θH), vanillin (θVL), 

acetic acid (θA), guaiacol (θG) and vacant sites (θV) over time in vanillin – acetic acid and vanillin 

– guaiacol environments at 318 K.  It shows that the fractional coverage of vanillin reduces 

over time, while in contrast the fractional coverage of hydrogen, acetic acid and guaiacol 

remained relatively unchanged throughout.  The negligible change in fractional coverage of 

guaiacol and acetic acid can be attributed to the difficulty in converting these compounds at the 

mild reaction temperature used in the study.  Likewise, the fixed external H2 gas supply applied 

during the experiments to maintain constant reaction pressure can be held responsible for the 

insignificant change in hydrogen gas fractional coverage over time.     
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Table 6.8.  Changes in Fractional Coverage of VL, H2, Acetic Acid, Guaiacol and Vacant Site 

over Time at 318K.  

Vanillin – Guaiacol Environment  Vanillin – Acetic Acid Environment 

t θV θVL θH θG θV θVL θH θA 

0 0.844 0.134 0.018 0.004 0.844 0.138 0.017 0.001 

10 0.873 0.105 0.019 0.004 0.891 0.090 0.018 0.001 

30 0.918 0.058 0.020 0.004 0.955 0.025 0.019 0.001 

50 0.944 0.032 0.020 0.004 0.970 0.009 0.019 0.001 

 

6.4.   Conclusions  

In this chapter the kinetics of vanillin hydrodeoxygenation (HDO) reaction over the prepared 

bimetallic 6.5 wt % PdRh/Al2O3 catalyst was examined under different solvents which include 

2-propanol, tetrahydrofuran, and toluene.  The investigation revealed the reaction products are 

the same under these solvents.  However, notable differences were observed in the reaction 

rates dependence on hydrogen gas partial pressure and starting vanillin concentration.  The 

orders of reaction with respect to hydrogen gas partial pressure found was 0.9 in 2-propanol, 

0.3 in tetrahydrofuran, and 0.5 in toluene, while relative to vanillin concentration the orders of 

reaction found was −0.7 in 2-propanol, −0.6 in tetrahydrofuran, and −1.9 in toluene.  

Additionally, the intrinsic activation energies and other intrinsic parameters such as adsorption 

enthalpies for vanillin and hydrogen gas estimated from model I describing the reaction varied 

significantly following changes in the solvent.  The estimated values of intrinsic activation 

energies for the reaction at 95% confidence level were 23.6 kJ/mol in 2-propanol, 35.8 kJ/mol 

in tetrahydrofuran, and 56.3 kJ/mol in toluene.  As a result, it was concluded that changes in 

the reaction solvent alters the energy barrier for vanillin hydrodeoxygenation.  The second part 

of this chapter probed the inhibitory effect of other common model compounds such as acetic 

acid and guaiacol on the kinetics of vanillin hydrodeoxygenation reaction using ethylacetate as 
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the solvent.  It was found that the presence of guaiacol in the starting mixture slightly alter the 

reaction rate dependence on starting vanillin concentration.  In contrast, presence of acetic acid 

in the starting mixture failed to affect the reaction rate dependence on starting vanillin 

concentration.  The orders of reaction with respect to vanillin concentration found were −1.1 in 

vanillin – acetic acid environment and −0.7 in vanillin – guaiacol environment.  Interestingly, 

a nonfirst-order reaction kinetics with respect to hydrogen gas partial pressure was found in 

both vanillin – acetic acid environment and vanillin – guaiacol environment.  It was found that 

the order of reaction with respect to hydrogen gas partial pressure increased from 0.4 in vanillin-

only environment to 0.6 in both vanillin – acetic acid and vanillin – guaiacol environments.  

The reaction kinetics of vanillin hydrodeoxygenation in both vanillin – acetic acid and vanillin 

– guaiacol environments was then successfully modelled through the Langmuir – Hinshelwood 

– Hougen – Watson (LHHW) approach under the assumption of competitive adsorption of 

dissociatively chemisorbed hydrogen and the model compounds.  As expected the model 

parameters which include rate constant, equilibrium adsorption constant for hydrogen, vanillin, 

guaiacol, and acetic acid varied with the reaction temperature and environment.  The estimated 

values from the model at 95% confidence level for vanillin – acetic acid environment were 51.0 

kJ/mol for the intrinsic activation energy, −13.8 kJ/mol for VL adsorption enthalpy, −30.8 

kJ/mol for hydrogen gas adsorption enthalpy, and −104.8kJ/mol for acetic acid adsorption 

enthalpy.  Likewise for vanillin hydrodeoxygenation reaction in the presence of guaiacol, the 

corresponding values at 95% confidence level calculated from the model were 34.2 kJ/mol for 

the intrinsic activation energy, −17.5 kJ/mol for VL adsorption enthalpy, −16.6 kJ/mol for 

hydrogen gas adsorption enthalpy, and −47.4 kJ/mol for guaiacol adsorption enthalpy.  Hence, 

the investigation showed that the presence of either acetic acid or guaiacol in the starting 
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mixture altered the energy barrier for vanillin hydrodeoxygenation reaction and the strength of 

adsorption of the reactants.  
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Chapter 7 

Conclusions and Recommendations. 

The work completed in this thesis explored the role of solvent, processing conditions, 

catalytic support, and active element on the hydrodeoxygenation reaction using vanillin a less 

reported compound as the probe molecule.  In addition, studies carried out in this thesis probe 

the kinetics of vanillin hydrodeoxygenation reaction over monometallic and bimetallic Pd-

based catalysts.  More importantly, valuable information on impact of solvent and other 

significant model compounds on intrinsic parameters such as rate constant, adsorption constant, 

and activation energy is reported in this thesis.  Past studies on kinetics of model compounds 

of bio-oil, in particular vanillin were conducted in environments which contain no other 

compound.  However, over 400 compounds are present in real bio-oil environment.  This thesis 

reports the kinetics of vanillin hydrodeoxygenation reaction in the presence of acetic acid and 

guaiacol.  Acetic acid and guaiacol were selected as the secondary compounds for the kinetic 

investigation of vanillin hydrodeoxygenation in binary environments because of their relative 

stability compared to vanillin and significant presence in real bio-oil.  

7.1.   Effect of Catalyst, Solvent, and Operating Condition on Vanillin Upgrading via 

Hydrodeoxygenation Reaction. 

In the completed research work, blank experiments were carried out to investigate non-

catalytic and support-only effect on vanillin hydrodeoxygenation reaction.  Interestingly, both 

had negligible impact on the reaction.  Conversely, changes in active element of the catalyst 

significantly altered the conversion and selectivity toward the desired reaction product creosol. 

To highlight the differences under the various active element, 99% conversion and 71% 
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selectivity toward creosol was achieved from the reaction using 5 wt % Pd/C catalyst.  While 

in the presence of 5 wt % Pt/C catalyst, 42% conversion and 2% selectivity toward creosol was 

achieved.  In summary, the order in performance of the active elements based on conversion 

follows Pd > Pt > Rh.  However, in terms of selectivity toward creosol the order in performance 

found is Pd > Rh > Pt.  From further investigation, it was concluded that differences in hydrogen 

consumption and physicochemical properties such as metal dispersion and specific surface area 

are responsible for the observed changes in performance under the various active elements. 

Notably, the use of in-house prepared bimetallic PdRh/Al2O3 catalyst improved the selectivity 

toward creosol from the maximum of 71% under mono-metals to 99% and maintained 

conversion as high as 98%.  The improvement in performance under the prepared bimetallic 

PdRh/Al2O3 catalyst was attributed to the ligand effect between Pd and Rh on the alumina 

support.  Additional test conducted to examine the stability and reusability of the various 

catalysts showed that the most and least stable among the commercial mono-metals examined 

is Pd/C and Pt/SiO2 respectively.  The in-house prepared bimetallic catalyst demonstrated 

excellent stability with conversion above 99% and selectivity toward creosol above 80% after 

three consecutive cycles.  Hence, on the basis of the short and long term results on selectivity 

toward creosol, it was found that the in-house prepared bimetallic catalyst outperformed the 

commercial mono-metal catalysts.  From the comparative studies on the influence of solvent 

on vanillin hydrodeoxygenation reaction, it was established that changes in solvent class 

significantly affects both the distribution of products and conversion.  Among the solvents 

considered, water emerged as the most efficient medium for the reaction with the highest ratio 

of vanillin converted and creosol formed per moles of hydrogen consumed.  However, activity 

of the prepared bimetallic catalyst was remarkably low in water compared to the other reaction 

media because of losses in the catalytic support.  The lowest conversion and selectivity toward 
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creosol of 70% and 3% respectively was achieved using toluene as the reaction solvent. 

Likewise, significantly high amount of hydrogen was consumed to convert vanillin to creosol 

under toluene.  Hence, it was concluded that among the solvents examined, toluene is the least 

efficient medium for vanillin hydrodeoxygenation reaction.  On the basis of results obtained 

from experiments conducted under the conditions established by Taguchi method of 

experimental design, it was found that changes in processing condition significantly influences 

conversion and product selectivity from vanillin hydrodeoxygenation.  Over the operational 

range of 318 K to 338 K reaction temperature, 1.0 MPa to 3.0 MPa hydrogen gas pressure, 0.1 

to 0.5 kg/m3 catalyst loading, and 500 rpm to 900 rpm agitation speed; the condition which 

maximises the selectivity toward creosol and conversion was found to be 338 K, 3.0 MPa, 0.5 

kg/m3, and 500 rpm.  Among the processing parameters considered, catalyst loading emerged 

as the most influential parameter accounting for 77% of variation in performance.  While in 

contrast, agitation speed was responsible for less than 1% of the variation in performance and 

therefore emerged as the least influential parameter.  

7.2.   Kinetics of Vanillin Hydrodeoxygenation Reaction Using Monometallic and 

Bimetallic Pd-Based Catalysts. 

In order to probe further the observed differences in vanillin hydrodeoxygenation reaction 

over different catalysts, experiments were conducted at mild conditions in the kinetically 

controlled regime using mono-metal and bi-metal Pd-based catalysts which include Pd/C, 

Pd/Al2O3, and PdRh/Al2O3 in a batch reactor with ethylacetate as the solvent.  The experiments 

shows that nonfirst-order reaction kinetics with respect to vanillin concentration and hydrogen 

gas partial pressure fit best to the reaction rate data under the various catalysts considered.  To 

be precise the estimated order of reaction with respect to vanillin concentration ranges from 

−1.2 to −0.6, while relative to hydrogen gas partial pressure the order lies in the range of 0.3 to 
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0.7.  The nonfirst-order dependence suggest inhibitory effects possibly as a result of strong 

adsorption of vanillin onto the catalysts active sites which consequently prevented the 

adsorption of hydrogen gas.  From transport limitation analysis, hydrogen gas was established 

to be the limiting reactant in the system.  Hence, the decline in adsorption of hydrogen gas 

possibly explains the decrease in activity of the catalysts as concentration of vanillin increases. 

In addition, from the kinetic measurements it was found that increase in the reaction 

temperature enhances selectivity toward creosol provided the reaction is catalysed by Pd/C or 

PdRh/Al2O3 particles.  While in the presence of Pd/Al2O3 particles, increase in the reaction 

temperature marginally increase selectivity toward vanillyl alcohol at the expense of creosol. 

The experimental data obtained from the kinetic studies was successfully modelled using a 

Langmuir – Hinshelwood – Hougen – Watson (LHHW) expression derived under the 

assumption of competitive adsorption of vanillin and dissociative hydrogen.  With values of the 

measured coefficient of determination (R2) ≥ 99.5%, the developed model reliably predicts the 

actual rate of reaction under the various catalysts.  It was found that the intrinsic kinetic 

parameters for the reaction varied remarkably with the type of catalyst in use.  Thus, explains 

the observed significant variation in performance following changes in the catalyst for the 

reaction.  At 95% confidence level, the estimated intrinsic kinetic parameters for the reaction 

under Pd/C catalyst were 50.6 kJ/mol for the intrinsic activation energy, −28.9 kJ/mol for the 

adsorption enthalpy of H2 gas, and −32.5 kJ/mol for the adsorption enthalpy of vanillin.  

However, for reactions conducted using Pd/Al2O3 catalyst, the obtained values for intrinsic 

kinetic parameters at 95% confidence level include 64.1 kJ/mol for the activation energy, −10.4 

kJ/mol for the adsorption enthalpy of H2 gas, and −10.9 kJ/mol for the adsorption enthalpy of 

vanillin.  In the case of reactions catalysed by bimetallic PdRh/Al2O3 particles, the value 

obtained at 95% confidence level for the intrinsic kinetic parameters include intrinsic activation 
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energy of 24.1 kJ/mol, −7.8 kJ/mol for the adsorption enthalpy of H2 gas, and −13.4 kJ/mol for 

the adsorption enthalpy of vanillin.  On the basis of the estimated intrinsic activation energies 

for the reaction under the various catalysts, it can be concluded that barrier to the reaction was 

significantly higher under the monometallic catalysts compared to the prepared bimetallic 

PdRh/Al2O3 catalyst.  In addition, the estimated enthalpy of adsorption for the reactants showed 

remarkable variation in the strength of interactions of the reactants with the surface of alumina 

and activated carbon supported catalysts.  The values obtained indicates the reactants which 

include hydrogen and vanillin adsorbed more strongly to the surface of activated carbon 

supported catalyst than alumina supported catalysts.  

7.3.   Kinetics of Vanillin Hydrodeoxygenation Reaction Using Different Solvents. 

In an attempt to provide additional reasons for the observed differences in conversion and 

distribution of products from vanillin (VL) hydrodeoxygenation (HDO) reaction under different 

solvents, VL HDO experiments were conducted under kinetically controlled regime using the 

in-house prepared bimetallic PdRh/Al2O3 catalyst and different classes of solvents.  Nonfirst-

order reaction kinetics with respect to hydrogen gas partial pressure and starting vanillin 

concentration was found under each of the solvents.  Nonetheless, notable differences was 

observed in the estimated reaction orders.  With respect to hydrogen gas partial pressure, the 

calculated orders of reaction include 0.9 under 2-propanol, 0.3 under tetrahydrofuran, and 0.5 

under toluene. While relative to the starting vanillin concentration, the estimated reaction orders 

are −0.7 under 2-propanol, −0.6 under tetrahydrofuran, and −1.9 under toluene. In addition, 

modelling of the reaction kinetics data obtained from experiments under different solvents 

showed remarkable changes in values of intrinsic parameters such as activation energies and 

adsorption enthalpies of the reactants.  With 2-propanol as the solvent, the estimated values of 

intrinsic parameters at 95% confidence level found include 23.6 kJ/mol for the intrinsic 
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activation energy, −13.2 kJ/mol for the adsorption enthalpy of H2 gas, and −12.3 kJ/mol for the 

adsorption enthalpy of vanillin.  While under tetrahydrofuran, the intrinsic parameters 

calculated values at 95% confidence level are 35.8 kJ/mol for the intrinsic activation energy, 

−6.6 kJ/mol for the adsorption enthalpy of H2 gas, and −6.7 kJ/mol for the adsorption enthalpy 

of vanillin.  For reactions conducted using toluene as the solvent, the estimated values of 

intrinsic parameters at 95% confidence level are 56.3 kJ/mol for the intrinsic activation energy, 

−21.7 kJ/mol for the adsorption enthalpy of H2 gas, and −26.6 kJ/mol for the adsorption 

enthalpy of vanillin.  Hence, changes in intrinsic parameters and reaction rate dependence on 

the two reactants possibly explain the observed variation in product distribution and conversion 

following changes in the reaction solvent. 

7.4.   Kinetics of Vanillin Hydrodeoxygenation Reaction in Binary Environments. 

In order to understand the effect of prominent compounds present in bio-oil on rate of vanillin 

(VL) hydrodeoxygenation (HDO), HDO experiments were conducted in the kinetically 

controlled regime using reaction mixtures containing VL as the primary compound and either 

acetic acid or guaiacol as the secondary compound.  The results obtained from the investigation 

showed that the relationship between the rate of vanillin disappearance and starting vanillin 

concentration is affected slightly by the presence of guaiacol in the reaction environment. 

Interestingly, nonfirst-order reaction kinetics with respect to vanillin concentration was found 

in both vanillin – acetic acid and vanillin – guaiacol environments.  It was found that the order 

of reaction with respect to hydrogen gas partial pressure increases from 0.4 in pure environment 

to 0.6 in the binary environments.  The kinetics of VL HDO reaction in both vanillin – acetic 

acid and vanillin – guaiacol environments were successfully modelled through a modified 

Langmuir – Hinshelwood – Hougen – Watson (LHHW) method.  Notably, the presence of 

acetic acid or guaiacol in the reaction environment altered the intrinsic kinetic parameters.  The 



226 | P a g e  

 

estimated values of the intrinsic kinetic parameters for VL HDO reaction in vanillin – acetic 

acid environment at 95% confidence level were 51.0 kJ/mol for the intrinsic activation energy, 

−13.8 kJ/mol for VL adsorption enthalpy, −30.8 kJ/mol for hydrogen gas adsorption enthalpy, 

and −104.8 kJ/mol for acetic acid adsorption enthalpy.  While in vanillin – guaiacol 

environment, values of the intrinsic kinetic parameters for VL HDO reaction estimated from 

the model at 95% confidence level are 34.2 kJ/mol for reaction activation energy, −17.5 kJ/mol 

for VL adsorption enthalpy, −16.6 kJ/mol for hydrogen gas adsorption enthalpy, and −47.4 

kJ/mol for guaiacol adsorption enthalpy.  On the basis of results presented, the presence of 

acetic acid or guaiacol in the reaction environment increases the adsorption enthalpies for the 

reactants and the intrinsic activation energy for VL HDO reaction. 

7.5.   Recommendations. 

In conformity with past studies on bio-oil and model compounds upgrading, the present work 

successfully used a probe molecule vanillin to demonstrate the importance of catalyst, solvent, 

and operating condition in hydrodeoxygenation reaction.  Nonetheless, shortcomings of this 

work present opportunities for further research studies.  The present work utilised noble metal 

catalysts which are known to be expensive. Although, limitations on resources available for 

catalyst characterisation ultimately confined the present work to commercial catalysts, 

experimenting with cheap alternative catalysts is highly desirable to improve the process 

economics. Amorphous catalysts such as Ni–Mo–B, Co–Ni–Mo–B etc. represent attractive 

alternatives to noble metal catalysts. However, highly sophisticated characterisation tools will 

be required to relate their properties to catalytic performance.  Likewise, metal loadings of the 

catalysts employed in the present work could be reduced to lessen economic concern around 

their use.  This could be achieved by conducting additional experiments to evaluate 

performance under catalysts with different metal loadings.  In addition, it is unusual to design 
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a bimetallic containing two noble metals such as Pd and Rh, often the second metal is a non-

noble metal such as Fe, Cu, Ag, Zn, Sn e.t.c.  Therefore, additional experiments using non-

noble metal catalysts will provide in-depth information on activity of non-noble metals for 

vanillin hydrodeoxygenation and facilitate improvement in the bimetallic catalyst utilised in the 

present work.  In particular, bimetallic alloy catalysts such as Ni–Co, Ni–Mo, Ni–Re, Ni–W 

e.t.c that have shown promising hydrogenating performance in past studies on 

hydrodeoxygenation could be synthesised and tested to completely eliminate the need for Pd–

Rh combination.  Undoubtedly, the hydrothermal stability of the bimetallic catalyst employed 

in the present work needs improvement because its activity diminished significantly when water 

was the reaction solvent.  Improvement in the hydrothermal stability of the bimetallic catalyst 

synthesised could be achieved through additional screening experiments on promising 

alternative supports such as Zirconia (ZrO2), Titania (TiO2), and Ceria (CeO2).  As expected 

the screening experiments together with the kinetic studies conducted in this work clearly 

showcase the superiority of the prepared bimetallic PdRh/Al2O3catalyst over the contemporary 

commercial mono-metal catalysts.  However, insufficient characterisation made it extremely 

challenging to explain the observed differences in performance under the mono-metal catalysts 

and bimetallic catalyst.  This problem illustrate the importance of characterisation in 

understanding the chemistry of heterogeneous reactions.  For instance, performing additional 

characterisation experiments such as X-ray photoelectron spectroscopy (XPS), Ammonia 

Temperature-Programmed Desorption (NH3-TPD), Temperature-Programmed Reduction 

(TPR), CO chemisorption, and Extended X-ray absorption fine structure (EXAFS) will 

certainly improve the existing knowledge on changes in the precursor commercial Rh/Al2O3 

catalyst following addition of the Pd dopant.  Likewise, from these experiments valuable 

supplementary data on the various catalysts examined in Section 4.4 of Chapter 4 could be 
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deduce and use to interpret observed differences in performance.  The X-ray diffraction (XRD) 

and Scanning Electron Microscopy (SEM)-Energy Dispersive X-ray (EDX) techniques 

employed in the present work to examine the surface morphologies of the catalysts post reaction 

are sufficient.  However, to ascertain any possible changes in surface properties of the catalysts 

post reaction, thermogravimetric analysis (TGA) and Brunauer – Emmett – Teller (BET) 

analysis could be employed in conjunction with the techniques used in the present work.  The 

kinetic studies completed in this research work benefits the industry because it shed light on 

ways in which the choice of solvent, catalyst, and other processing parameters affects upgrading 

of oxygenates present in bio-oil during hydrodeoxygenation reaction under mild conditions. 

Likewise, findings from these studies are valuable to the industry because they can be used to 

guide the selection of processing parameters to ensure high rates and selectivity toward the 

deoxygenated product.  The framework employed in this work can be adopted in other academic 

environment to probe the kinetics of liquid-phase catalytic reaction.  At the same time, findings 

from the kinetic studies conducted add to existing knowledge on the upgrading of vanillin via 

hydrodeoxygenation reaction.  Hence, both the industry and the academic sector can benefit 

from the findings reported in this thesis.  In general, the kinetic studies conducted can be 

improved by repeating the investigation for different catalysts, solvents and binary environment 

under the same conditions.  Likewise, the work on kinetics over different catalysts could be 

improved by performing additional experiments using the precursor commercial Rh/Al2O3 

catalyst.  This way it would be easier to completely understand the role of the Pd dopant in the 

reaction.  To enhance understanding of the steps involve in vanillin hydrodeoxygenation 

reaction, additional experiments could be performed with vanillyl alcohol as the starting 

material using different catalysts and solvents.  This will shed more light on the influence of 

solvent and catalyst in the reaction steps and improve knowledge on the rate determining step 
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during vanillin hydrodeoxygenation reaction over different catalysts and under different 

solvents.  Of course with a clearer knowledge of the rate determining step, modelling of the 

reaction can be improved.  Ideally, the effect of changes in catalyst loading should be examined 

following changes in the solvent and shift in the kinetic studies from pure system to binary 

system.  This way it would be possible to confirm the absence of mass transfer limitation in the 

subsequent studies rather than inferring it from previous experiments under pure environment. 

Likewise, the present work could have benefited from using catalysts with identical metal 

loading rather than adjusting for the differences.  For this reason, it is highly recommended in 

future studies to utilise synthesised catalysts with the same metal loadings for the investigation 

on vanillin hydrodeoxygenation reaction over different catalysts.  It is worth highlighting that 

continuous operations are often preferred in the industry to batch processes. Therefore, the 

relevance of work completed in this thesis could be improved through additional experiments 

with a continuous reactor.  This idea was removed from the initial project plan because of the 

challenges encountered in the process of recommissioning the fixed bed reactor available in the 

laboratory used to conduct this research work.  Finally, it is recommended to conduct a series 

of adsorption experiments using different solvents to shed light on possible changes in 

adsorption affinity of the reactant, intermediate, and the desired product.  
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APPENDIX A3.1. 

BET PLOTS AND SAMPLE CALCULATION 

 

Fig. A3.1. BET Plot for (a) Pd/C catalyst, (b) Pt/C catalyst, (c) Pd/Al2O3 catalyst, (d) Rh/Al2O3 

catalyst, (e) PdRh/Al2O3 catalyst, and (f) Pt/SiO2 catalyst.   

 



266 | P a g e  

 

A3.1.   SAMPLE CALCULATION OF SPECIFIC SURFACE AREA, AVERAGE 

PORE SIZE, AND PORE VOLUME FROM BET PLOT.    

Using the BET Plot for Pd/C catalyst, the following approach illustrates the technique used to 

obtain the specific surface area (SBET), average pore size (dAVG), and the total specific pore 

volume (V) from the different plots presented in Figure A3.1. From Figure A3.1a, the slope of 

the line (s) representing BET plot of Pd/C catalyst is 0.0044 and the intercept (i) is 6×10-6. As 

explained in Section 3.4, i is related to the monolayer volume (Vm) and BET constant (C) 

through equation 3.7 and s relates to both Vm and C through equation 3.6.  

s =
(C −1)

VmC
      (3.6) 

i =
1

VmC
      (3.7) 

It follows that Vm can be calculated from equation 3.8 and C from equation 3.9.  

Vm =
1

s + i
      (3.8) 

C =
s

 i 
 + 1      (3.9) 

Substituting the value of 0.0044 for s and 6×10-6 for i in equation 3.8 and 3.9 yield 

corresponding values of 227 cm3/g for Vm and 734 for C. Consequently, substituting values of 

227 cm3/g for Vm, 6.022 × 1023 molecules/mol for na, 0.162 nm2 for am and 0.0224 m3/mol for 

mV in equation 3.10 lead to a SBET value of 989 m2/g for Pd/C catalyst.  

SBET  =   
Vmnaam

mV
     (3.10)  

From equation 3.11, substituting 34.6 ×10-6 m3/mol for VN and 430.7 cm3/g for Vgas yield a 

value of 0.659 cm3/g as the total specific pore volume of Pd/C catalyst.  

V = Vliq  =  
Vgas×VN

mV
     (3.11) 
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The average pore size (dAVG) was estimated from equation 3.12 to be 2.67 nm by substituting 

0.659×10-6  m3/g for V and 989 m2/g for SBET in equation 3.12.  

dAVG  =  
4V

SBET
       (3.12) 
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APPENDIX A3.2. 

CALIBRATION CURVES 

   

 

Fig. A3.2. Calibration Curves for (a) Vanillin, (b) Vanillyl Alcohol, (c) Creosol, and (d) 

Guaiacol.   
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APPENDIX A4.1. 

SCANNING ELECTRON MICROSCOPY (SEM)-ENERGY DISPERSIVE 

X-RAY (EDX) ANALYSIS. 

 
Fig. A4.1. SEM image and elemental mapping of Fresh 5 wt % Pd/Al2O3 catalyst [(a) SEM 

micrograph, (b) Pd mapping, (c) O mapping, and (d) Al mapping].  

 

 

 

 

 

 

(a)

(b)

(c)

(d)
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Fig. A4.2. SEM image and elemental mapping  of Fresh 5 wt % Pd/C catalyst [ (a) SEM 

micrograph, (b) C mapping, and (c) Pd mapping]. 

 

 

(a)

(b)

(c)
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Fig. A4.3. SEM image and elemental mapping  of Fresh 5 wt % Pt/C catalyst [(a) SEM 

micrograph, (b) C mapping, and (c) Pt mapping].   

 

 

(a)

(b)

(c)



272 | P a g e  

 

 
Fig. A4.4. SEM image and elemental mapping  of Fresh 5 wt % Pt/SiO2 catalyst [(a) SEM 

micrograph, (b) Si mapping, (c) Pt mapping, and (d) O mapping].  
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Table A4.1. Summary of degree of deoxygenation, signal to noise ratio and square of 

deviations.  

Run T(K) P(bar) CL(kg/m3) 
Agitation 

Speed(RPM) 
DOD S/N (n-m)2 

1 318 10 0.5 500 14.77793856 23.3922771 7.56884585 

2 318 20 0.3 700 7.528932051 17.5346676 9.65006907 

3 318 30 0.1 900 6.548225742 16.3224729 18.6507441 

4 328 10 0.3 900 8.282689367 18.3634275 5.18789955 

5 328 20 0.1 500 5.759798993 15.2081466 29.5172394 

6 328 30 0.5 700 19.64801363 25.866373 27.3032316 

7 338 10 0.1 700 8.121297774 18.1925087 5.99571489 

8 338 20 0.5 900 22.37536166 26.9954013 40.376845 

9 338 30 0.3 500 15.65820177 23.8948377 10.5866556 

      Total 154.837245 

 

Note: T is the reaction temperature, P is the hydrogen gas pressure, CL is the catalyst loading 

measured as weight of catalyst in kg per unit volume of solvent in m3, DOD is the degree of 

deoxygenation, S/N is the signal to noise ratio and (n-m) 2 is square of the difference between 

individual (n) and mean (m) signal to noise ratio.  

 

The mean signal to noise ratio (m) was calculated as follows:  

m =  
(23.3922771+17.5346676+⋯+23.8948377)

9
= 20.6411       

The total sum of squares deviation (SST) was computed using equation A4.1.  

SST  =  ∑ (n − m)29
i=1                                            (A4.1) 

Calculation of Average S/N ratios per level for parameters e.g. temperature at Level 1:  

m𝑇1 =  
(23.3922771+17.5346676+16.3224729)

3
= 19.0831                             

Calculation of the standard deviation of S/N ratios per level for parameters e.g. temperature at 

Level 1:  
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SD𝑇1

= √
(23.3923 − 19.0831)2 + (17.5247 − 19.0831)2 + (23.3923 − 19.0831)2

3
 

= 3.7807 

Table A4.2: Summary of the average and standard deviations of S/N ratios per level for all the 

parameters.  

Levels 
Temperature Pressure Catalyst loading Agitation Speed 

mij SDij mij SDij mij SDij mij SDij 

1 19.08 3.78 19.98 2.95 25.42 1.84 20.83 4.88 

2 19.81 5.47 19.91 6.24 19.93 3.46 20.53 4.63 

3 23.03 4.47 22.03 5.03 16.57 1.51 20.56 5.67 

Note: mij represents average of signal to noise ratio for specific parameter i at level j, and SDij 

represents standard deviation of signal to noise ratio for specific parameter i at level j. 

 

Calculation of sum of square deviations and mean variance for specific parameter e.g. 

Temperature is as follows:  

(SS)Temp = 3(19.08 − 20.64)2  + 3(19.81 − 20.64)2  +  3(23.03 − 20.64)2  = 26.4   

Degree of freedom = n -1 = 3 – 1 = 2  

Mean variance =
(SS)Temp

2
 = 13.2     

The percentage contribution (P %) of the parameters e.g. Temperature is as follows:  

P% =
13.2

77.4
 × 100 = 17.1%     

(SS)Error = (SS)Temp  + (SS)Press  +  (SS)Catalyst  +  (SS)Agitation   − SST   = 0   
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APPENDIX A5.1. 

ZWIETERING CORRELATION AND REACTOR DATA. 

The Zwietering Correlation used to estimate the minimum agitation speed is represented 

below in equation A5.1.  

Njs  =  s′ .
ν 0.1 dp

0.5 (
g∆ρ

ρL
)

0.45

 X0.13

D0.85
    (A5.1) 

Herein, Njs represent just suspended agitation speed, dp denotes characteristic length of the 

particle, ν represent the kinematic viscosity of the solvent, g represent acceleration due to 

gravity, Δρ denotes difference between the catalyst and solvent densities, ρL represent the 

solvent density, X denotes the solid loading, D represent diameter of the stirrer, and s’ is the 

system configuration constant calculated from equation A5.2.  

s′  = 2 (
DI

D
)

1.33

       (A5.2) 

Where DI is the internal diameter of the reactor.  The reactor data include 3.30 cm for DI and 

2.06 cm for D. While the solvent density is 0.902 g/ml and kinematic viscosity is 0.00428 cm2/s.   
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APPENDIX A5.2. 

CALCULATION OF INITIAL REACTION RATE FROM CONVERSION-

TIME PLOT. 

Figure A5.2 represent the conversion-time plot obtained from vanillin HDO reaction over the 

prepared bimetallic PdRh/Al2O3 catalyst with the agitation speed fixed at 900 rpm. As shown 

in Figure A5.2, a third order polynomial with R2 value of 0.999 reliably fit the experimental 

conversion-time data. Consequently, the third order polynomial expression was differentiated 

with respect to time to determine suitable expression for the rate at which vanillin is converted.  

The initial reaction rate was then estimated from the derived vanillin conversion rate expression 

by substituting t = 0.  

 

Fig. A5.2. Conversion-Time plot at T = 318 K, PH = 2.0 MPa, ω = 3.4 kg/m3, agitation speed = 

900rpm, and CVL, 0 = 263.0 mM. 
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APPENDIX A5.2. 
 

SAMPLE CALCULATION OF INITIAL TURN OVER FREQUENCY.  

The initial turn over frequency (TOF) was estimated from equation A5.3. It requires 

information about the metal dispersion (D), initial reaction rate (r0), and the molecular weight 

of the metal (Mmetal). For the monometallic catalysts, the molecular weight of Pd which is 

106.42 kg/kmol was used, while average molecular weight of 102.11 kg/kmol was used for the 

bimetallic catalyst.   

                                                 TOF =  (
r0Mmetal

D
)                                                (A5.3)             

For instance, substituting values of 0.281 for D, 106.42 kg/kmol for Mmetal, and 304.4 kmol/kg 

min for r0 produces the maximum initial TOF of 12 per min under Pd/C catalyst.  
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APPENDIX A5.3. 

RATE EXPRESSIONS DERIVATION AND TEST. 

Competitive dissociative chemisorbed H2 and VL Derivation (Model I) 

VL + S1 ↔ VL S1                (1) 

H2 + 2S1 ↔ 2HS1                (2) 

VLS1 + 2HS1   → P              (3) 

Let ri denote the overall reaction rate for step i where i = 1…3.  

Assuming the adsorption steps occurred rapidly so that step 3 is the rate determining step 

(RDS) and only irreversible step in the mechanism.  

From equation 1:   k1CVLθv − k−1θVL = 0         (4)  

                 ↔    θVL  =  KVLCVLθV         (5)  

From equation 2:  k2CHθV
2 −  k−2θH

2  = 0           (6) 

                                  ↔   θH  =  √KHCH θV                (7)  

From equation 3:  rs  =  KSθVLθH
2
           (8)  

Site Balance:                θV  +  θVL  + θH   = 1           (9) 

Replacing ϴVL by the expression in equation 5 and ϴH by the expression in equation 7 gives:  

   θV =  
1

1 + KVLCVL+ √KHCH 
                  (10) 

Substitute eq. 10 into eq.7 to get:  

   θH =  
√KH CH

1 + KVLCVL+ √KHCH 
                  (11) 

Substitute eq. 11 and eq. 5 into eq.8 to get:  

rS  =  
KSKHKVL CVLCH

[1 + KVLCVL + √KHCH ]
3                 (12)  
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Non-Competitive dissociative chemisorbed H2 and VL Derivation (Model II) 

VL + S1 ↔ VL S1               (13) 

H2 + 2S2 ↔ 2HS2             (14) 

VLS1 + 2HS2   → P             (15) 

Assuming the RDS is again step 3 and the only irreversible step in the mechanism.  

From equation 13:   k1CVLθv − k−1θVL = 0        (16)  

                 ↔    θVL  =  KVLCVLθV1        (17)  

From equation 14:  k2CHθV
2 −  k−2θH

2  = 0          (18) 

      ↔   θH  =  √KHCH θV               (19)  

From equation 15:  rs  =  KSθVLθH
2
          (20)  

Site 1 Balance:                θV1  +  θVL    = 1         (21) 

Site 2 Balance:                θV2  +  θH    = 1         (22) 

Substitute   eq. 17 into eq. 21 to get:  

              θV1  =
1

1+KVLCVL
             (23) 

Substitute   eq. 19 into eq. 22 to get:  

   θH  =
1

1+√KHCH
             (24) 

Substitute eq. 23 into eq. 17 to get:  

θVL  =
KVLCVL

1+KVLCVL
             (25) 

Substitute eq. 25 and eq. 24 into eq. 20 to get:  

rS  =  
KSKHKVL CVLCH

[1 + √KHCH ]
2

[1+ KVLCVL]
      (26) 

 

Competitive dissociative chemisorbed H2 and VL (Hydrogen adsorption as RDS) Derivation 
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VL + S1 ↔ VL S1                 (27) 

H2 + 2S1→2HS1               (28) 

VLS1 + 2HS1   ↔ P             (29) 

Assuming step 2 is the rate determining step (RDS) and only irreversible step in the 

mechanism.  

From equation 27:   k1CVLθv − k−1θVL = 0        (30)  

                     θVL  =  KVLCVLθV        (31)  

From equation 28:   rH = kHCHθV
2             (32) 

From equation 29:  k3θH
2θVL −  k−3Cp  = 0          (33) 

θH
2  =  

Cp

ksθVL
         (34) 

Site Balance:                θV  +  θVL  + θH   = 1         (35) 

θV =  
[1 − 

Cp

(ksθVL)
2]

1 + kVLCVL
         (36) 

Assuming (KsθVL) 2 >>>> Cp then  

θV  =  
1

1 + kVLCVL
         (37) 

θV 2 =  
1

(1 + kVLCVL)2        (38) 

Substituting eq. 38 into eq. 32 lead to:  

rH  =  
kHCH

[1 + kVLCVL]2
         (39) 

Competitive dissociative chemisorbed H2 and VL (VL adsorption as RDS) Derivation 

VL + S1 → VL S1               (40) 

H2 + 2S1 ↔ 2HS1               (41) 

VLS1 + 2HS1   ↔ P             (42) 
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Assuming step 1 is the rate determining step (RDS) and only irreversible step in the 

mechanism. 

From equation 40:      rVL  =  kVLCVLθV     (43) 

From equation 41:   θH =  √kHCHθV      (44) 

From equation 42:   k3θH
2θVL  − k−3Cp  = 0    (45) 

θVL  =  
Cp

kskHCHθV
2        (46) 

Site Balance:                θV  +  θVL  + θH   = 1        (47) 

θV  =  
1 − 

Cp

kskHCHθV
2

1 + √kHCH
        (48) 

Assuming kskHCHθV
2 >>>> Cp then  

θV  =  
1 

1 + √kHCH
        (49) 

Substitute eq. 49 into eq. 43 to get: 

rVL  =  
kVLCVL

1 + √kHCH
        (50) 

Non - Competitive dissociative chemisorbed H2 and VL (VL adsorption as RDS) Derivation 

VL + S1 → VL S1              (51) 

H2 + 2S1 ↔ 2HS1              (52) 

VLS1 + 2HS1   ↔ P            (53) 

Assuming step 1 is the rate determining step (RDS) and only irreversible step in the 

mechanism. 

From equation 51:      rVL  =  kVLCVLθV1     (54) 

From equation 52:     k2CHθV2
2  −  k−2θH

2  = 0   (55) 

θH =  √kHCHθV2         (56) 

From equation 53:  θVL  =  
Cp

ksθH
2     (57) 
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Site 1 balance:   θV1  +  θVL  = 1   (58) 

θV1 = 1 −  
Cp

ksθH
2        (60) 

Assuming (KsθH
2)  >>>> Cp then θV1 ~ 1, therefore eq. 54 reduces to: 

rVL  =  kVLCVL        (61) 

Non-Competitive dissociative chemisorbed H2 and VL (Hydrogen adsorption as RDS) 

Derivation 

VL + S1 ↔ VL S1              (62) 

H2 + 2S1→2HS1              (63) 

VLS1 + 2HS1   ↔ P            (64) 

Assuming step 2 is the rate determining step (RDS) and only irreversible step in the 

mechanism. 

From equation 62:    θVL  =  kVLCVLθV1   (65) 

From equation 63:    rH  =  kHCHθV2
2
   (66) 

From equation 64:   θH  =  
Cp

1
2

√ksθVL
    (67) 

Site balance 1:    θV1  +  θVL  = 1   (68) 

θV1  =  
1 

1 + kVLCVL
        (69) 

Site balance 2:    θV2  +  θH  = 1   (70) 

θV2  = 1 −  
Cp

1
2

√ksθVL
        (71) 

Assuming (ksθVL) 1/2 >>>> Cp
1/2   then θV2 ~ 1, therefore eq. 66 reduces to: 

rH  =  kHCH        (72) 
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Fig. A5.3. Plot of 1/√r0 against CVL0 at 318 K, 328 K and 338 K. 
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APPENDIX A6.1. 

BINARY ENVIRONMENT RATE EXPRESSION DERIVATION. 

Competitive dissociative chemisorbed H2 , VL, and M Derivation  

VL + S ↔ VL S     (fast)         (73) 

M + S ↔ AA S     (fast)         (74) 

H2 + 2S ↔ 2HS    (fast)         (75) 

2HS   + VLS → P   (slow)         (76) 

Let ri denote the overall reaction rate for step i where i = 1…4.  

Assuming the adsorption steps occurred rapidly so that step 4 is the rate determining step 

(RDS) and only irreversible step in the mechanism.  

From equation 73:   k1CVLθv − k−1θVL = 0        (77)  

                 ↔    θVL  =  KVLCVLθV        (78)  

From equation 74:   k2CMθv −  k−2θM = 0        (79)  

                 ↔    θM  =  KMCMθV        (80)  

From equation 75:  k3CHθV
2 −  k−3θH

2  = 0           (81) 

                                  ↔   θH  =  √KHCH θV               (82)  

From equation 76:  rs  =  KSθVLθH
2
           (83)  

Site Balance:                θV  +  θVL  + θH + θM   = 1         (84) 

Replacing ϴVL by the expression in equation 78, ϴH by the expression in equation 82, and 

ϴM by the expression in equation 80 gives:  

   θV =  
1

1 + KVLCVL+ √KHCH+ KMCM 
                  (85) 

Substitute eq. 85 into eq.82 to get:  
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   θH =  
√KH CH

1 + KVLCVL+ √KHCH + KMCM
                (86) 

Substitute eq. 86 and eq. 78 into eq.83 to get:  

rS  =  
KSKHKVL CVLCH

[1 + KVLCVL + √KHCH + KMCM ]
3               (87)  
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